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PREFACE 


With the publication of the eleventh volume of Advances in Chemical 
Engineering the Board of Editors takes pleasure in piping aboard a new 
and able captain: James Wei, the Warren Kendall Lewis Professor of 
Chemical Engineering at the Massachusetts Institute of Technology. The 
senior members of the present Board have served as pilots since 1956; it is 
time for them to rest upon their oars. They are most happy that the 
publishers have accepted as the new Editor in Chief the man they have 
recommended. 

Professor Wei will announce the new Board. We wish them well and feel 
sure that they will enjoy the voyage as much as we have. 

Thomas B. Drew 
John W. Hoopes, Jr. 
Giles R. Cokelet 
Theodore Vermeulen 
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I. Introduction 

Gas-liquid reactions and absorptions widely used in four main fields of 
the chemical industry are: 

(1) Liquid-phase processes: oxidation, hydrogenation, sulfonation, ni¬ 
tration, halogenation, alkylation, sulfation, poly condensation, and 
polymerization (B5, B 6 , P14). 

(2) Gas scrubbing: C0 2 , H 2 S, CO, S0 2 , NO, N0 2 , N x O v , HF, SiF 4 , 
Cl 2 , P 2 O 5 , and hydrocarbons (very often to combat air pollution)* 

(3) Manufacture of pure products: H 2 S0 4 , HN0 3 , BaC0 3 , BaCl 2 , 
adipic acid, nitrates, phosphates, and so on. 

(4) Biological systems: fermentation, oxidation of sludges, production 
of proteins from hydrocarbons, and biological oxidations. 

At the heart of these processes is the absorber or the reactor of a particular 
configuration best suited to the chemical absorption or reaction being 
carried out. Its selection, design, sizing, and performance depend on the 
hydrodynamics and axial dispersion, mass and heat transfer, and reaction 
kinetics. 

Two books deal almost exclusively with the subject of mass transfer 
with chemical reaction, the admirably clear expositions of Astarita (A 6 ) 
and Danckwerts (D 2 ). Since then a flood of theoretical and experimental 
work has been reported on gas absorption and related separations. The 
principal object of this chapter is to present techniques, results, and opin¬ 
ions published mainly during the last 6 or 7 years on mass-transfer coeffi¬ 
cients and interfacial areas in most types of absorbers and reactors. This 
necessitates some review of mass transfer with and without chemical 
reaction in the first section, and comments about the simulation of in¬ 
dustrial reactors by laboratory-scale apparatus in the concluding section. 
Although many gas-liquid reactions are accompanied by a rise in tempera¬ 
ture that may be great enough to affect the rate of gas absorption, our 
attention here is confined to cases where the rise in temperature does not 
affect the absorption rate. This latter topic (treated by references B20, 
T10, S3, T3, V5) could justify another complete chapter. 


II. Mass Transfer in Gas-Liquid Reactors 

In this section we consider the rate of absorption of gases into liquids 
that are agitated so that dissolved gas is transported from the interfacial 
surface to the interior by convective motion. The next section, based on 
this one, treats chemical methods for determining interfacial areas and 
mass-transfer coefficients in agitated gas-liquid reactors. 
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When a soluble gas is mixed with an insoluble one, it must first diffuse 
through the latter to reach the interfacial surface. As a result, the partial 
pressure of the soluble gas at the interface is generally less than in the bulk 
of the gas. The liquid in which the soluble gas is absorbed may be agitated 
in different ways: 

( 1 ) The liquid may flow in a turbulent layer over an inclined or vertical 
surface (wetted columns, Votator). Discontinuities in the surface may 
cause periodic mixing of the liquid layer during its flow (packed columns). 

(2) The gas may be sparged through the liquid as a stream or cloud of 
bubbles (bubble columns, plate columns, and sparged vessel). 

(3) The liquid may be stirred by a mechanically driven agitator. 

(4) The liquid may be sprayed through the gas as drops or jets (spray 
columns, jets, ejector reactor, and venturi). 

To study gas-liquid mass-transfer phenomena it is convenient to con¬ 
sider, first of all, steady-state situations in which the composition of the 
gas and the liquid are statistically constant when averaged over time in a 
specified region, such as a short, vertical slice of a tubular column or the 
entire volume of a single-compartment agitated vessel. In such a situation, 
diffusion, convection, and reaction often proceed simultaneously, and the 
convective movement of both gas and liquid is ill defined. Nevertheless, 
useful predictions have been developed for describing the behavior of 
complicated systems, using highly simplified models that simulate the 
situation for practical purposes without introducing a large number of 
parameters. The procedure differs depending on whether physical or 
chemical absorption is involved. 

A. Physical Absorption 

If we consider first physical absorption, whereby gas dissolves in the 
liquid without reacting, the basic representation for transport of the solute 
gas is based upon the concept of additivity of a gas-phase resistance and a 
liquid-phase resistance, assuming that the interfacial resistance can be 
neglected. The rate of absorption is then 

<& = <pa = k G a{p - pO = k h a(C% - C A0 ) (1) 

Here a is the interfacial area between gas and liquid per unit volume of the 
system, <p is the average rate of transfer of gas per unit area, p and Pi are 
the partial pressures of soluble gas in the bulk gas and at the interface, C\ 
is the concentration of dissolved gas corresponding to equilibrium withpi, 
and C A0 is the average concentration of dissolved gas in the bulk liquid. 

k G is the “true” gas-side mass-transfer coefficient. It is possible to refer 
to the gas film resistance, which implies a stagnant film of gas of finite 
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thickness 8 G across which the soluble gas is transported by molecular 
diffusion alone (while the bulk of the gas has a uniform composition). 

k L is the physical liquid-side mass-transfer coefficient that applies in the 
absence of chemical reaction, Absorption is physical when the dissolved 
gas molecules cannot be divided into reacted and unreacted categories. 
For liquid-side processes, three models based on three distinct hypothesis 
about the behavior of the liquid lead to different expressions for k h . 


1. The Film Model 

This model assumes a stagnant film of thickness 8 L at the surface of the 
liquid next to the gas, while the rest of the liquid below the film boundary 
is kept uniform in composition by turbulent agitation (W5). Convection is 
assumed absent in the liquid film, within which the transport of the soluble 
gas takes place by molecular diffusion alone. The concentration in the film 
falls from C* A at the interface to C A0 at the inner edge of the film, that is, in 
the bulk liquid. This simple model leads to 

<P = (D a /8 l )(C£ - C A0 ), k L = D a /8 l (2) 

where Z> A is the diffusivity of the dissolved gas in the liquid. 

The hydrodynamic properties of the gas-liquid system are taken into 
account by the film thickness 8 L , which depends on the geometry, physical 
properties, and liquid agitation. Though this model is not very realistic 
(experimentally k L is often found to vary as £> A 5 ), it has the advantage of 
simplicity. Predictions based on it, especially when a chemical reaction 
occurs, are usually similar to those based on more sophisticated models. 

2. Surface-Renewal Models 

Here we assume the periodic replacement of elements of liquid at the 
interface by liquid from the interior, of mean bulk composition. While the 
element of liquid is at the interface and is exposed to the gas, it absorbs 
gas as if it were a stagnant layer of infinite depth. The rate of absorption is 
a function of the time of exposure of the element, being rapid initially and 
decreasing with time. Such a replacement of liquid at the interface by 
fresh liquid of the bulk composition can be brought about in a reactor by 
turbulent circulation of the liquid, or in a laminar flow system by flow 
discontinuity. The form of the surface-renewal model originally proposed 
by Higbie (H6) assumes that every element of the surface is exposed to 
the gas for the same length of time 6 before being replaced by liquid of the 
bulk composition. During this time, every element of the liquid absorbs 
the same amount Q of gas per unit area, and the average rate of absorption 
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is QIO . The relations between 6 and£ L are derived from the equations for 
physical absorption into quiescent liquids (Dl): 


Q = 2(CX - C ao )(D a 6/ 77) 1 ' 2 

(3) 

<P= Q/6 = 2 (C* A - C AO )(£> A /7T0r 

(4) 

k L = 2(D a /tt6)' 12 

(5) 


The hydrodynamic properties of the system are accounted for by the 
exposure time 0; thus k L is defined here as the mean value of the mass- 
transfer coefficient during the time interval from t = 0 up to t = 6. 
Equation (5) shows that the liquid-side mass-transfer coefficient is propor¬ 
tional to the square root of the diffusivity, in accord with experimental 
evidence. 

Higbie’s assumption of equal times of exposure may apply, for exam¬ 
ple, for the absorption of gas in the movement of separate gas bubbles, in 
swarms of rigid liquid droplets, in jets of liquid, and in laminar liquid films 
(see Section III,B). However, the uniform-time model is unrealistic for 
industrial gas-liquid contactors such as packed columns, plate columns, 
and mechanically agitated vessels. Danckwerts’ model (Dl) supposes in¬ 
stead that the probability of an element of an interface being replaced by a 
fresh eddy is independent of the length of time for which it has been 
exposed. This leads to a stationary distribution of surface ages. Instead of 
the exposure time 6 , the rate of surface renewal s is introduced. Writing 
that the probability that the interface element will disappear in the time 
between t and t + dt equals the probability that this element will still be 
there at time t , s dt , leads to the following relation between s and k h : 

<P = ( D a s )‘« = k L (Ct - C A0 ) (6) 

with 

k L = (D A sy* (7) 

Here again the hydrodynamic properties of the system are accounted for 
by a single parameter s, the surface renewal frequency; 1/s may be re¬ 
garded as the average life of interface elements. Equation (7) shows also 
that k L is proportional to the square root of the diffusivity. Practical use of 
Danckwerts’ model is restricted to cases where something is known a 
priori about the renewal frequency (as in gas absorption in packed col¬ 
umns with the liquid flowing over the packing elements being completely 
mixed at each point of contact between two packing elements). 

3. Comments on Use of the Models 

The physical significance given to k h is different in each of these three 
models, as can be seen in Fig. 1. However, they lead to the same predic- 
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Fig. 1. Mass-transfer models for the liquid side. 


tion concerning the effect of the driving force C* A - C A0 in the liquid phase 
on the average rate of transfer <p. The models of Higbie and Danckwerts 
predict that k L is proportional to (Z) A ) l/2 , which agrees well with many 
experimental observations, while the film model predicts that& L varies as 
D a . But it is difficult to make an accurate test of this dependence, because 
the diffusivities of solute gases are difficult to determine (see Section 
II,C). 

Apart from this, each model contains an empirical parameter: effective 
film thickness S L , effective exposure time 6 , and effective rate of surface 
renewals. Consequently, when predicting the average rate of purely phys¬ 
ical absorption for large-scale conditions, one cannot expect better results 
from refined models than from the empirical mass-transfer coefficient first 
defined by Whitman (W5). 

In fact the three models can be regarded as interchangeable for many 
purposes, and it is mainly a question of convenience which of the three is 
used. As explained by Danckwerts (D2), in certain cases the mathematical 
solution may be found analytically for one model, while for another it 
must be computed numerically. Computations relating to the film model 
are the simplest, since they involve only ordinary differential equations. 
Analytical expressions for average absorption rate ^ derived from the 
Higbie model are generally more complicated than those from the 
Danckwerts model. Also computed values of for the film and Higbie 
models are generally almost equal, except insofar as the diffusivities of 
dissolved reactants are very different from those of the dissolved gas. 

To describe gas absorption with simultaneous chemical reaction, the 
film theory will be used for purposes of illustration, because the predic¬ 
tions based on the three models are quite similar (except in regard to the 
effect of solute gas and reactant diffusivities on the rate of absorption). 
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When necessary, results of surface-renewal theories will be presented 
simultaneously, as these models may be applied directly to determine 
interfacial area and mass-transfer coefficients in the laboratory apparatus 
considered in Sections III,B and V. 


B. Mass Transfer with Chemical Reaction 

The type of chemical system that has received the most attention is the 
one in which the dissolved gas (component A) undergoes an irreversible 
second-order reaction with a reactant (component B) dissolved in the 
liquid. For the present, the gas will be taken as consisting of pure A, so 
that complications arising from gas film resistance can be avoided. The 
stoichiometry of the reaction is represented by 

A + zB products 

with the rate equations 

r A = k 2 C A C B , r B = zr A (8) 

If steady-state conditions are assumed in the film, material balances for 
the two are 


D A (d 2 C A /dx 2 ) - k 2 C A C B = 0 (9) 

D B (d*C B /dx 2 ) - zk 2 C A C B = 0 (10) 

Here* is the distance in the liquid from the interface, andD A and/) B are 
the diffusivities of A and B in the liquid. 

Boundary conditions at the gas-liquid interface are 

C A = C* A at x = 0 (11) 

dC B /dx = 0 at * = 0 (12) 

At the inner edge of the liquid film (* = Sl), the boundary condition for 
component B is 

C B = c bo? x = 8l 

To obtain the boundary condition for component A, it must be indicated that 
some amount of A reacts within the film while the rest is transferred 
across the film and reacts in the bulk of the liquid. If a is the specific 
interfacial area (per unit volume of reactor space) and p is the liquid 
holdup, the volume of this bulk of liquid may be written as (p/a) - S L , and 
the boundary condition for component A will thus be 

—D A (dC A /dx) x= ^ = k 2 C AO C BO (p/a — Sl) 

Typical forms of the concentration profiles are shown in Fig. 2. 


( 13 ) 
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<. Interface Interface 



Fig. 2. Liquid-phase concentration profiles for mass transfer with chemical reaction: 
film theory. 


A complete analytical solution of Eqs. (9)—(13) is not possible, but an 
approximate set of numerical and analytical solutions may be computed 
for part of the range of variables (D2). The results of these solutions are 
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discussed in terms of an enhancement factor E (or reaction factor) defined 
by 

<P = Ek L C* A (14) 

This may be compared with Eq. (2) which applies in the absence of a 
reaction. When greater than 1 ,E represents the ratio of the average rate of 
absorption into an agitated liquid, in the presence of a reaction, to the 
average rate of pure physical absorption with a zero concentration of 
component A in the bulk liquid. 

A graphical plot of the complete solution of the set of equations is 
presented in Fig. 3 in which the enhancement factor E is plotted as a 
function of the dimensionless parameter (Hatta number) 

Ha = (D a * 2 C B0 ) 1/2 Al (15) 

of the concentration-diffusion parameter 

Z D = (D b / zD a )(C b0 /C%) (16) 

and of the ratio between the volume of liquid associated with unit inter- 


Fast 



Fig. 3. Enhancement factor for second-order reaction, plotted against Hatta number 
(C17). Ordinate scale is linear below 1, logarithmic above. Region A: very slow reaction in 
bulk; C A0 ~ C Ai ; /3 K L /aD A = 10 4 . Region B: moderate reaction in bulk; C A0 ~ 0; /3 k L /aD A = 
10 2 . Region C: moderate reaction in film; fast reaction in bulk; C A0 = 0. Region D: fast 
reaction in film; pseudo-first-order curves are asymptotic to = Z D + 1. 
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face area and the film thickness parameter 

OB /a)(k L /D A ) (17) 

The physical significance of the regions covered by Fig. 3 is best ap¬ 
preciated by considering the corresponding profiles. This figure is very 
important for the choice of the type of gas-liquid reactor or absorber, as 
the value of the Hatta number provides an important indication of 
whether a large specific interfacial area a or a large liquid holdup /3 is 
required for a particular reaction of rate constant k 2 . Four regions are 
considered in the following paragraphs. 

1. Very Slow Reaction in Bulk Liquid: Ha < 0.02 {Region A) 

No reaction occurs in the film; mass transfer is used to keep the bulk 
concentration of component A (C A0 ) close to the saturation value C% (Fig. 
2a), and sufficient interfacial area is necessary for this purpose. A high 
liquid holdup is the more important requirement; the use of a bubble 
column would be suitable. If C A0 — C%, then the rate of transformation of 
component A by unit volume of reactor is 

R a = k 2 CtC B0 p (18) 

Near the limit between regions A and B in Fig. 3, where actually no 
reaction occurs in the film, the concentration of component A in the bulk 
of the liquid C A0 is determined by indicating that the amount of A trans¬ 
ported across the film reacts in the bulk: 

= (pa — k L a(C A — C A0 ) = R A ~ k 2 C aq C B qI3 (19) 

Hence 

C A0 = CX[ 1 + {Pk 2 C B0 /k h a)]~ l (19a) 

and 

<t>= <pa = k L aC%{ 1 + k L a/pk 2 C B0 )-' = C*J[{k h a)-' + {pk 2 C B J>~'} (20) 

Equation (19) signifies that, in the case of a very slow chemical reaction 
(C A0 = C% ), the rate of the transport process is completely determined by 
the rate of the chemical reaction. As seen in Eq. (19a), the condition for a 
very slow reaction is that 

pk 2 C B0 /k L a« 1 (21) 


2. Slow Reaction in Bulk Liquid: 0.02 < Ha <0.3 {Region B) 

In this case an appreciable amount of the absorbed gas reacts before 
leaving the reactor, but a negligible proportion of component A reacts in 
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the diffusion film. The process is essentially one of physical absorption 
followed by reaction in the bulk liquid. The governing equations are again 
Eqs. (19) and (19a). The condition now, so that the reaction will be suffi¬ 
ciently fast to hold C A0 close to zero in the bulk liquid (Fig. 2b), is deduced 
from Eq. (19a): 

pk 2 C E0 /k L a » 1 (22) 

Moreover, the liquid holdup must be large. When the condition 

!3k L /aD A > 10 2 or aD A /pk L < 10' 2 (23) 

is not verified, the enhancement factor E is substantially smaller than 1 in 
the part of region B (Fig. 3) where Ha < 0.1. So, for the important 
situation of a slow reaction with C A0 = 0 and E = 1 , that is, when condi¬ 
tions (22) and (23) are fulfilled, 


4> = <pa = k L a(Ct - 0) = k L aC A = R A (24) 

thus both interfacial area and liquid holdup should be high; the use of 
mechanically agitated tank would be suitable. Equation (24) means that 
the rate of the transport process is completely determined by the mass 
transport across the liquid film. The mass flux through the interface is 
proportional to k L a. As seen in Section III,B, this result is the basis for 
using chemical reaction to measure k h a directly from the rate of absorp¬ 
tion when C* A is known, whatever the degree of mixing of the liquid phase. 

3. Moderately Fast Reaction: 0.3 < Ha < 3 ( Region C) 

In this case, the reaction is fast enough for a substantial amount of 
component A to react in the film rather than be transferred unreacted to 
the bulk liquid where, because of fast reaction, C A0 is very low (Fig. 2c). 
When the reaction undergone by the dissolved gas was slow, in the sense 
of Sections II,B,1 and 2, the rate at which unreacted component A dif¬ 
fused out of the film into the bulk liquid was the same as the rate at which 
it diffused across the film from the interface. The concentration profile of 
A in the diffusion film was a straight line ((/). 

Now as a substantial amount of component A reacts in the film, the 
profile becomes curved, so that the concentration gradient at the surface 
(//') is greater than that at the inner edge of the film (Jj '). The ratio of the 
rate of absorption to the rate of transfer of unreacted gas into the bulk 
liquid is the ratio of the slopes of ii f and jj’. The enhancement factor E is 
the ratio of the slopes of iV and (/. So, if E is appreciably greater than 1, the 
reaction has an appreciable effect on the rate of absorption, which is given 
by Eq. (25) in the next section. In this case, the surface area of the 
interface begins to outweigh the volume of the reaction phase in control¬ 
ling the total conversion rate. 



12 


JEAN-CLAUDE CHARPENT1ER 


4. Fast Reaction in the Diffusion Film: Ha > 3 ( Region D) 

The reaction is fast and occurs completely in the liquid film during the 
transport of component A (Fig. 2d). The concentration of A in the bulk 
liquid is virtually zero. Thus 


$ = <pa = Ek h aCt (25) 

Therefore, for such reactions, the rate of absorption will be large if the 
interfacial area is large. So a high interfacial area is required in the reac¬ 
tor, but the liquid holdup is not important; the use of a packed column or a 
plate column would be suitable. 

Van Krevelen and Hoftyzer(V4) have computed an approximate set of 
solutions indicating that the enhancement factor can be expressed as a 
function of the Hatta number [Eq. (15)] and the concentration-diffusion 
parameter [Eq. (16)]. The relation between E, Ha, andZ D = E ( - 1 (given 
in Fig. 3, region D, or in detail in Fig. 4) is expressed mathematically by 


HaKE, ~ £)/(£, ~ 1)1 1/2 

tanh{Ha[(£, - £)/(£, - l)] 1 ' 2 } 


(26) 


where E { is the enhancement factor corresponding to an instantaneous 
reaction. For a given value of E x (or Z D + 1), an increase in Ha brings 
about an increase in E until a limiting value is approached where E = E t : 

E x = 1 + (D b /zD a )(C bo /CX) (27) 

Several limiting types of behavior may be identified in Fig. 4. 

a. Fast Pseudo-First-Order: 3 < Ha < EJ2. If the concentration of 
component B in the bulk liquid is much greater than C% (see Fig. 2e), the 
kinetics of the reaction becomes pseudo-first order (k t = k 2 C B0 ). Equation 
(9) with boundary condition (11) and with C A = C A0 at x = Sl yields 


C A 


1 

sinh Ha 




C A0 sinh x 



+ C% sinh 


i? 

1 

< 

/^C B oV ,2 1 

\k L V 

\ Da ) J 


The average absorption rate is 


<P = 




C A Q \ 
cosh Ha/ 


Ha 

tanh Ha 


(28) 


If Ha < EJ2, the point representing the enhancement factor falls very 
close to the limiting diagonal in Fig. 4. Physically this means that reactant 
B diffuses toward the surface fast enough to prevent the reaction from 
causing any significant depletion there, so that is kept virtually con¬ 
stant. The local rate of reaction of dissolved gas is k 2 C B0 C A . 
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Fig. 4. Enhancement factor for second-order reaction for Hatta number greater than 3 
(Ha > 3) (V4). 


As also Ha > 3, the dissolved gas all reacts in the diffusion film and none 
diffuses unreacted into the bulk liquid (C A0 = 0). The concentration profile 
is sketched in Fig. 2e. Thus 

<P = £ L Q(Ha/tanh Ha) = Ha k L C% (29) 

and, as can be seen from Fig. 4, to a close approximation, 

E = Ha 


that is, 


(30) 
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(31) 

(31a) 


<P = Ct(D A k 2 C m ) m 
= <pa = aC%(D A k 2 C B0 y 12 


This corresponds to absorption with fast pseudo-first-order kinetics. Thus 
the film thickness, or the value of k L , is irrelevant and does not appear in 
the expression for the average rate of absorption <p or for the rate of 
absorption per unit volume of reactor <£. This important case will be the 
basis of a chemical method for measuring the interfacial area directly from 
the rate of absorption when C%(D A k 2 C E 0 y 12 is known. 

b. Instantaneous Reaction , Ha > 10£j. It may be seen from Fig. 4 
that, for a given value of E x (that is, for given values of z, D A , D B , C%, and 
C B0 ) when Ha > lQE i? an increase in the Hatta number leads to a limiting 
value of E = E { . The reaction rate constant is high, the concentration of 
reactant B is substantially less than the solubility of the gas, or the physi¬ 
cal mass-transfer rate is low; the dissolved gas A reacts instantaneously 
with component B. There is a plane beneath the interface at a distance ^ 
where the concentration of both components is zero and the rate of reac¬ 
tion is equal to the rate at which the two components can diffuse to the 
reaction plane. The actual kinetics of the reaction is then immaterial. The 
concentration profile is similar to that shown in Fig. 2f. The reactant B is 
depleted in the neighborhood of the interface, to the extent that the rate of 
reaction is determined by diffusion alone. 

The rate at which both components reach the reaction plane is 


z£>a[(CS - 0)78,] = £>b[(Cbo - <>)/(*. - 8f)] 


Therefore, from the average rate of absorption, 


that is, 



DkCX 

8l 


(> 


Db Cbo \ 
z£>a Ct ) 



1 + 


Cbo \ 

z£a Ct) 


= kctE, 


(32) 


and 


3> = <pa = k h aC%E; (32a) 

This important case will be the basis of a chemical method for measuring 
either k G a , for solute gas mixed with insoluble gas (with the reaction plane 
at the interface) or k L a (when C% « C B0 ). 
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5. Surface-Renewal Models 

Transient absorption of gas, followed by irreversible second-order reac¬ 
tion, has been studied extensively by Brian et al. (B26) and Danckwerts 
(Dl). The average rate of absorption for a contact time 6 is also given in 
terms of the enhancement factor 


E = ( Q/2Ct)(7T/D A ey 2 (33) 

where Q is the amount of gas absorbed per unit surface area. 

According to the Higbie model, these values ofE can be used to find the 
average rate of absorption into an agitated liquid: 

<p = Ek h C% 


and can be expressed as a function of Hatta number Ha' and an instan¬ 
taneous enhancement factor E[ defined as 


Ha' = 



El = 





1/2 


(34) 


The result is approximated well by Eq. (26), using Ha = Ha' and 
E,=E[. 

So the computed values of E for the Higbie and the film models are 
almost equal for given values of Ha or Ha' and E { or E[. Therefore the 
same diagram (that is, Fig. 4, showing E as a function of Ha within as a 
parameter), with the results of Sections II,B,l-4, can be used for either 
with sufficient accuracy. 

Turning to Danckwerts’ model, we observe that irreversible second- 
order reactions are not conveniently dealt with except where the reaction 
is pseudo-first-order based on component A. In this case (D2), it is found 
for 


= ^ + pjc^Bo y 2 


. (1+ Ha! ,.«(£ r+ (35) 


that the average rate of absorption is 


<p = k L C% 

(1 + k 2 c m y 2 


= k L C% | 

[l + Da ^ 2 Cbo ) 12 =A: l CJ(1 + Ha 2 ) 1 ' 2 

(36) 


whence 



16 


JEAN-CLAUDE CHARPENTIER 


4> = <pa = k L aCt( 1 + Ha 2 ) ,/2 (36a) 

If Ha 1 (rapid pseudo-first-order), <p = & L C£ Ha and E = Ha. 

Therefore, from a comparison with Eq. (29), the three models give 
nearly comparable results in this case. Also, when D x = D B , the instan¬ 
taneous enhancement factor E { has the same form for the film and the 
surface-renewal models (D2). Recently De Coursey (DIO) derived an ap¬ 
proximate solution for the Danckwerts model, given in the next section, 
which can help considerably when this model is used for design. There¬ 
fore, even though analytical expressions for the average rate of absorption 
based on the three models look very different, nevertheless the three will 
give the same value of the enhancement factor to within a few percent for 
all values of Ha between 0.1 and °°. 


6. Other Correlations for an Irreversible Second-Order Reaction 


As explained in Section II,B,4, Van Krevelen and Hoftijzer (V4) com¬ 
puted approximated solutions for the film model, expressed by Eq. (26). It 
is interesting to note that other correlations giving implicit or explicit 
dependence between the enhancement factor E and the parameters Ha 
and E, have been developed. Hikita and Asai (H7) have proposed an 
implicit expression for the Higbie model: 


E = 


rHa[(Ej -E)/(E, - PI 1 ' 2 +i?r 
L Ha[(£, - E)/(E, - 1)P' 2 

. 1 ( 4 u - E\ 



Ha 2 


E, - E V' 2 
E, - 1 ) 


There are also explicit solutions. Thus Porter (P9) has suggested: 
E » 1 + (E, - 1){1 - exp[-(Ha - 1)/(E, - 1)]} 


and Kishinevskii et al. (K6): 

E = 1 + (Ha/a)[l - exp(-0.65 Ha V^)] 

with 


a = 


Ha T0.68 0.45 Hal 

rn + "'w - et^tj 


De Coursey (DIO), using the Danckwerts model, has given 


E = - 


Ha 2 


2 (E, - 1) 


' Ha 4 
,4(E| - 


+ 1 ^ + 1 


1 ) ! - 1 


1/2 


and recently Baldi and Sicardi (B2) have modified Porter’s equation: 
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E -, +(E| -, ) [ l - exp (- ( . % Ha.) T - 1 )] 

All these equations fit Fig. 4 and lead to very close numerical values. 

7. Other Types of Reactions 

Van Krevelen and Hoftijzer (V4) developed Eq. (26) or Fig. 4 originally 
only for irreversible second-order reactions that are first-order in each 
reactant. Later it was applied successfully to other situations. Brian et al. 
(B27, B28) generalized it for other mass-transfer models, and also for 
reactions of general order n, and showed that it agreed reasonably with 
numerical solutions. Hikita and Asai and Onda et al. developed the ap¬ 
proximate application to gas absorption accompanied by an (m,/i)-th- 
order irreversible chemical reaction (H7), (m,n)-(p,q)- th reversible (04), 
consecutive (05), and parallel (06). Again, the approximate solutions agree 
with numerical and analytical solutions within a few percent. Onda et al. 
(07) have developed this approximate treatment for other orders using the 
surface-renewal models, with agreement also within a few percent. Very 
useful tables for approximate solutions, based on the three models for 
many types of kinetics, published by Onda et al. (07), are recommended 
for reactor design. 

All these studies lead to an analytical implicit relation or a graphical plot 
of the enhancement factor E as a function of the concentration-diffusion 
parameter (or E,) and Hatta number. In the case of an irreversible (m,n)- 
th-order reaction, where 

r A = fcmnCTCg 

Hikita and Asai (H7) have shown that, approximately, 

F = Ha[(E, - E)/(E, - l)]"' 2 n7) 

tanh{Ha[(Ei - £)/(E, - l)] n/2 } 1 ’ 

where the Hatta number is defined as 

Ha = (IAJ{[2 /(m + iy]k ma D A CX m ~ t W (38) 

and £i is given by Eq. (27). Thus knowledge of Ha and Et, with use of the 
Van Krevelen-Hoftijzer diagram, will lead to the value of E. 

When the concentration of component B has negligible variation 
throughout the liquid phase (that is, when Ha « Ej), the reaction is then 
pseudo-mth-order with k m = k mn Cg 0 - Thus Hikita and Asai have also 
shown that Eq. (29), valid for m = 1 (with C A0 = 0), 

E = Ha/(tanh Ha) 


(39) 
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can be used for the cases m- 0, 2, and 3 with results correct to within 
6%. The expression 

E = (1 + Ha 2 ) 1/2 (40) 

also gives results correct to within 8% for m > 1. Furthermore, when 
1 « Ha « Ei, it develops that E = Ha, and the average rate of absorp¬ 
tion is then 

<P = Ek h ct = {[2 /(m + m mn D A C*r+'CZ 0 Y 12 (41) 

This is the fast pseudo-mth-order regime, where the average rate of ab¬ 
sorption is independent of k L > 


8. Mass Transfer with Gas-Side Resistance 


As explained in Section II,A, when a soluble gas is mixed with an 
insoluble gas, it must diffuse through the latter to reach the interface. It is 
usual to refer to a gas film resistance. This implies a stagnant film of gas 
across which the soluble gas is transferred by molecular diffusion from the 
bulk gas with partial pressure p to the interface where the partial pressure 
is Pj. If the component B has negligible vapor pressure, the reaction will 
proceed only in the liquid phase. 

If we now adopt the film model to describe the phenomena occurring on 
both liquid and gas sides of the interface, we arrive at the two-film model. 
The soluble gas is being transported across both films by a steady-state 
process, and the rate of absorption is expressed by 

$ = (pa = k G a(p - a) = Ek L a(C% - C A0 ) (42) 


For a system obeying Henry’s law for equilibrium at the interface 

(Pi = HC%\ 


, a(p — HC a0 ) _ a[(p/H) — C A0 ] 

^ (*g)- 1 + (H/Ek l) (Ek L )-' + (. Hk G )-' 


(43) 


or 

<D = <pa = K G a(p ~ HC A0 ) = EK L (p/H - C A0 ) (44) 

where 

(Kg)- 1 = (ko)- 1 + H/Ek hi (K L y i = (HkG)- 1 + (£*l) _1 

Thus the overall resistance, (A^g)" 1 or ( K L is the sum of the resistances 
referring to the two films. As already explained, in reality the situation is 
more complicated, with Ek h and k G likely to vary from point to point. 
However, for practical engineering purposes, we treat the quantities k G 
and Ek L as if they had uniform values on all parts of the surface. 
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In the overall picture, different expressions are proposed for the rate of 
gas absorption with chemical reaction, depending on the forms of the 
enhancement factor E corresponding to different kinetic regimes, going 
from reaction-controlling to mass transfer-controlling. Typical cases are: 

(1) Slow irreversible second-order reaction in the bulk liquid, with 
C A0 t* 0 (Section II,B,2): 


h — |45) 

Here the two films and the main body of liquid act as resistances in 
series, and the interfacial area and liquid holdup (or the surface/volume 
ratio) enter this expression. 

(2) Pseudo-mth-order reaction in the liquid phase, C A0 = 0 (Section 
II,B,7): 

E = Ha = (l/k L m/(m + l)]k mn D A C* A m -'C% 0 } m 


3> = <pa = 


1 

k G a 


H 


(46) 


a{[2/{m + 1 )]k mn D A Cr*-'Ci 


>} 1/2 


Here the two films only act as resistances in series; the film thickness (or 
a//3>) does not enter into this expression, since component A disappears 
within the film and does not penetrate the main body of liquid. 

(3) Instantaneous irreversible reaction (Section II,B,4,b): 


<t> = = 


P + (HD h C b JzD a ) 
0 k G a ])-■ + (H/k L a) 


(47) 


Equations (45)—(47) are used intensively in the chemical method of 
measuring mass-transfer parameters. Intermediate rates with more com¬ 
plex reaction kinetics are discussed in texts devoted to this subject (A6, 
D2). 


9. Conclusions: Film Conversion Parameter; Significance of 
the Hatta Number 

In using the film model in the absence of gas-phase resistance to tell 
whether the reaction is slow, fast, or intermediate, it is interesting to focus 
on a unit surface of the gas-liquid interface and to define a film conversion 
parameter: 

M _ maximum possible conversion in film 
maximum diffusion transport through film 
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^2^A^B0^L _ ^2^BO^L _ A-\^2^B0 _ yr 2 

D A [(C% - o)AJ D a kl 


( 48 ) 


If Ha 2 » 1, all reaction occurs within the film, and the surface area is the 
controlling factor. On the contrary, if Ha 2 « 1, no reaction occurs within 
the film, and the bulk volume controls the rate with no benefit from an 
increase in interfacial area. Therefore, as seen in previous sections, the 
Hatta number is actually the criterion for whether the reaction occurs 
completely in the bulk of the liquid (Ha < 0.3) necessitating a large vol¬ 
ume of liquid, completely in the boundary layer (Ha > 3) necessitating 
contacting devices that create a large interfacial area, or in both the bulk 
and the film necessitating both a large volume of liquid and a large interfa¬ 
cial area. Table XVIII presents typical data for a and ft in various gas- 
liquid contacting devices. 

Mass transfer and kinetics are both taken into consideration in the Hatta 
number. In a reactor designed for a particular reaction with a rate constant 
k mn , the value of Ha is a significant indicator of whether a large specific 
interfacial area or a large liquid holdup is needed. Conversely, in a given 
designed reactor, it indicates the extent to which reaction kinetics on the 
one hand, or the mass-transfer coefficient and the interfacial area on the 
other, will control the overall rate. These questions are fully explored in 
Section III. 


C. Solubility and Diffusivity of Gases in Liquids 

The design of equipment for diffusional separation of gas-liquid mix¬ 
tures is determined by two major considerations: the distribution of com¬ 
ponents between phases in a state of thermodynamic equilibrium (solubil¬ 
ity of gases in a liquid) and the rate at which mass transfer occurs under 
the prevailing conditions (liquid diffusivity and chemical reaction). There¬ 
fore solubilities and diffusivities of gases in liquids are practically always 
required for design. Obtaining the data is often a challenging problem, so 
wide is the range of solutes and solvents the chemical engineer or re¬ 
searcher may encounter. 

Although theory on solubility and diffusivity has not yet progressed to 
the point where purely theoretical predictions are possible, many strides 
have been made in this direction. We give here only the most representa¬ 
tive correlations and references. The reader should always keep in mind 
that such relationships are to be used only in the absence of experimental 
data and after careful study of the conditions of validity. 

1. Solubility of Gases in Liquids 

Different approaches have been made, depending upon whether the 
solutions are electrolytic or nonelectrolytic. 
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The main sources for gas solubility data are Linke and Seidell’s hand¬ 
book (L21, inorganic compounds) and Seidell and Linke’s handbook (S13, 
inorganic and organic compounds) which do not contain thermodynamic 
data; Appendix 3 in Hildebrand et aL ’s excellent book (H9); Wilhem and 
Battino’s paper (W6), which surveyed the literature through the end of 
1970; and more recent papers by Prausnitz^Ta/. (P 15, C18, C9), BattinoeT 
al. (W7, F3, B34, C15), Hildebrand and Lamoreaux (H10), and Fleury and 
Hayduck (F4). Battino and Clever (BIO) give a comprehensive review of 
the physicochemical aspects of gas solubilities in liquids, including even 
molten salts and liquid metals; they also provide many references to solu¬ 
bility determinations: 

a. Nonelectrolytes. A popular way to express the solubility of a gas in 
a liquid is to use the Ostwald coefficient: 

q s _ Va _ volume of gas absorbed at temperature T 

V B volume of absorbing liquid at temperature T y 

Another is to use the Henry constant (A^o or H) in the relation 

Pa = K m Xt = HC% (50) 

where p A is the partial pressure of the gas over the solution in equilibrium 
with the mole fraction X% (also called the mole fraction gas solubility) or 
with the concentration CJ of the solute in solution. 

If ideal-gas behavior is assumed, the mole fraction of the dissolved gas 
is 

xt = [(/?r/os • p A vg) + i]-> (5i) 

where R is the gas constant, T is the Kelvin temperature, and Vg is the 
molar volume of the pure solvent. 

Equation (50) is the low-pressure approximation of the general ther¬ 
modynamic equation 

/a = K n Xt (52) 

Because f A becomes equal to p A at low pressures, 

K ho = lim A h (53) 

x% -o 

where f A is the fugacity of the gas solute, measured in the gas phase. K H 
generally increases with an increase in temperature, while the solubility of 
the gas generally decreases. In an ideal solution, which is the case for very 
few gas-liquid systems, K H is constant for a given solute-solvent pair at a 
given temperature. When the gas-phase mole fraction Y A is used instead of 
the partial pressure p A , the equilibrium constant is K H /P, and the equilib¬ 
rium term then depends also on the total pressure P. 
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When temperature and pressure are constant, the equilibrium values 
corresponding to a constant K H are expressed graphically by a straight 
“equilibrium line” passing through the origin with a slope of A'ho or H. 

Thermodynamics remind us that Henry’s law is applicable only over a 
restricted range for dilute solutions, which means in practice that it is a 
limiting law for sparingly soluble gases and for readily soluble gases at low 
concentrations. For the limiting cases, values of K H0 and H for aqueous 
solutions of different gases can be found for instance in references such as 
Perry’s handbook (P5, p. 3-96) and Ramm’s book (Rl). For higher con¬ 
centrations, the solubility is generally lower than that given by Henry’s 
law. (Gas nonideality overrides the change in solution nonideality.) In 
such cases K HQ or H depends on the composition of the liquid, and the 
equilibrium line becomes an equilibrium curve. 

The limiting Henry constant can be predicted from nonideal solution 
behavior through the relation 

Ia ~ Ta^sa^a or = Ta^sa 

where P SA is the extrapolated vapor pressure of component A, and y A is its 
activity coefficient (here, at infinite dilution). In accordance with the 
theory of regular solutions (H9), this activity coefficient can be calculated 
from the relation 

In y A = to[(« W(**)«.i] = {V%/RT)( 8 A - 5b) 2 (54) 

Here V A is the partial molar volume of the solute gas, and 8 A and 8 b are the 
solubility parameter values of the solute and the bulk liquid. The solubility 
parameter is also cohesive-energy density, a measure of the forces be¬ 
tween the molecules given by 

8 = (A£/V°) 1/2 

where AE is the molar energy of vaporization, and V°is the molar volume. 

VI is often assumed as the value for a liquid at 25°C, but it may also be 
considered linearly variable with T/T c (R5). When water is the solvent, V% 
is determined approximately as the molar volume of the gaseous compo¬ 
nent at its atmospheric boiling point if the given temperature is above the 
critical. 

Values of 8 A , 8 b, and Vg can be obtained either from Reid and Sher¬ 
wood’s book (R5) or for 59 compounds from the article by Wilhem and 
Battino (W6) in which solubility data for 16 gases in 39 solvents at 25°C are 
presented (also included in this paper are data for several fluorine- 
containing gases). A detailed analysis of the cohesive energies of 31 
hydrocarbons of different families enabled Maffiolo et al. (M5) to propose 
a simple correlation for predicting the cohesive energy of any liquid 
hydrocarbon from its molar volume and the polarizabilities and Van der 
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Waals volume of the group forming it. Also, in the case of hydrocarbons, 
it is important to consult the set of equations derived by Meisner (Ml 3) to 
calculate molar volumes from carbon number and temperature for 
homologous unbranched hydrocarbons in the liquid state. 

If the size of the molecules of the gas solute differs greatly from that of 
the molecules of the solvent, the following equation may be used: 

In y A = (Vl/RT)(8 A - 6b) 2 + ln(V*/V8) + (1 - VJ/Vg) (55) 

Equations (54) and (55) have proved to be remarkably satisfactory for 
solutions where both solvent and solute are nonpolar, and for slightly 
polar solvents. A more thorough discussion of these equations, with refer¬ 
ences to gas-liquid systems, is given by Battino and Clever (BIO). More¬ 
over, Hildebrand and Lamoreaux (H10) recently published an interesting 
empirical linear relationship and a graphical plot allowing calculation of 
the solubility of any inert gas except H 2 , in any nonpolar solvent except 
fluorochemicals, from the energy of vaporization of the gas at its boiling 
point and the solvent cohesive-energy density. Complementary and alter¬ 
nate results were then produced by Fleury and Hayduck (F4), which even 
apply to perfluorinated gases and solvents. 

For gas solutes in large-molecule solvents, Chappelow and Prausnitz 
(C9), have recently proposed a modified equation for y A in which both the 
size and shape of the molecules are taken into consideration. They pro¬ 
vide accurate gas solubility data for 26 hydrocarbon gas-liquid systems in 
the temperature range 25°-200°C in the vicinity of 1 atm pressure. Com¬ 
plementary information on the solubility of organic solutes in polymers 
has also been given recently by Maloney and Prausnitz (M6) and by Stiel 
and Harnish (S39). 

The temperature dependence of solubility has often been used to obtain 
the molar heat of solution A//, the difference between the partial molar 
enthalpy of a solute at infinite dilution in a solvent, and the enthalpy of a 
solute as an ideal gas at the same temperature. In this case, plots of In X% 
against 1 IT are usually linear to within the accuracy of measurement, 
indicating a temperature-independent A H which can be calculated from 
the slope. However, for several binary systems, a plot of gas solubility 
versus termperature goes through a minimum. For instance, by measuring 
the solubilities of hydrogen, methane, and ethane in hexadecane, bicyc¬ 
lohexyl, and diphenylmethane, respectively, in the range 25°-200°C, 
Cukor and Prausnitz (C18) have observed that the solubility of hydrogen 
rises and that of ethane falls with increasing temperature, while that of 
methane goes through a minimum near 150°C. It is likely that a minimum 
may be observed in low-pressure solubility for any gas in any nonpolar 
solvent, provided the range of temperature is wide enough (PI5, C9). 

The foregoing laws are obeyed to only moderate pressures, and consid- 
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erable deviation from the experimental results occurs if the pressure is 
high, even if A'* is small. Battino and Clever (BIO) have provided a term to 
fit high-pressure gas solubility in water, methanol, and hydrocarbons gen¬ 
erally, and hydrogen solubility in binary and ternary mixed hydrocarbon 
solvents. Also, in addition to the effect of total pressure, Orentlicher and 
Prausnitz (OlO) have added a term taking into account the effect of com¬ 
position. The combined equation is 


In — = 

XI 


In K h + 


YUP - Ps b ) . MXl - 1) 

RT RT 


(56) 


where P SB is the solvent saturation vapor pressure, P is the total pressure, 
and K h is the Henry constant related to the partial molar fugacity of the 
solute at the solvent saturation pressure; A is an empirical coefficient 
corresponding usually to V1(8 A ~ 8 b) 2 in Eq. (54) and depending only on 
temperature for a given solute-solvent system. A correlation essentially 
identical to Eq. (56) has been proposed by Kritchevsky and Ilniskaya 
(K11) to fit the solubility of mixtures of gases. For gas solubilities in mixed 
nonelectrolyte solvents, Battino and Clever (BIO) have presented numer¬ 
ous references for different systems, and O’Connell and Prausnitz (01) 
have proposed an equation for a gas dissolved in any number of miscible 
solvents. 

Atmospheric pressure solubilities of many gases in water range from 
about 0.000007 mole fraction for helium to about 0.3 for ammonia at 25°C. 
The correlations given above for nonpolar solvents are not satisfactory for 
predicting gas solubilities in polar associating solvents such as water and 
alcohols. Using solubilities of 20 gases (Fig. 5) in water, methanol, 
ethanol, butanol, acetone, methyl acetate, acetic acid, ethylene glycol, 
and chlorobenzene, selected from the available literature, Hayduck and 
Laudie (H4) developed a systematic correlation in terms of association or 
hydrogen bonding. Strong hydrogen bonding appears to have the effect of 
excluding solute molecules. Hydrogen bonding factors were defined by 
Hayduck and Laudie (H4) for each gas, based on the ratio of its actual 
solubility to its ideal solubility. The hydrogen-bonding factors for gases in 
water are related to those in the primary normal alcohols. Similarly, 
hydrogen-bonding factors in acetone are related to those in methyl ace¬ 
tate, acetic acid, and ethylene glycol. Except where the dissolved gas 
reacts chemically with the solvent, gas solubilities can be predicted from 
relations between hydrogen-bonding factors in the solvents, provided the 
gas solubility is known in at least one of them. As for nonpolar solvents, 
solubilities of all gases in water tend toward a constant molar concentra¬ 
tion at the solvent critical temperature (Fig. 5), confirming a similar trend 
for other associated solvents. This makes it possible to estimate the tern- 
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perature coefficient of solubility for any gas in any one solvent from data 
for other gases in this solvent (H4). 

For associating solutions, a comprehensive and credible model has been 
presented by Tamir and Wisniak (T2) for the case of binary mixtures 
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containing two associating species and undergoing heterodimerization in 
the vapor phase (between two fatty acids, for example). This interesting 
model has not yet been generalized. 

An interesting empirical correlation for nonpolar gas solubilities in 
mixed aqueous alcohol solutions (such as methanol, ethanol, and iso¬ 
propanol) has been also recently presented by Tokunaga (T7) in terms of an 
excess quantity of gas solubility, defined as 

In K = ln(Os) m - <t> ln(Os) a — (1 - 4>) ln(Os) w 

= <D(1 - 3>)(A + B0> + C<t> 2 + D<&) (57) 

where <I> is the alcohol volume fraction in the liquid phase and (Os) m , 
(Os) a , and (Os) w are the Ostwald coefficients for the solute gas in aqueous 
alcohol solution, alcohol, and water, respectively. The empirical coeffi¬ 
cients seem to depend only on the nature of the alcohol and temperature 
regardless of the kind of solute gas, for example, 0 2 , C0 2 , N 2 , or even CH 4 
(T7, T8). 

Last, for several systems, a linear relationship is found to exist between 
log Os and solvent surface tension <r for a gas in a series of solvents at a 
constant temperature (BIO). 

b. Electrolytes. The solubility of electrolyte solutions can be esti¬ 
mated by the empirical method of Van Krevelen and Hoftijzer (V4), which 
relates solubility in solution to that in pure solvent at the same tempera¬ 
ture: 


log l0 (H/H B ) = hi (58) 

where H B is the value in pure solvent and / is the ionic strength of the 
solution: 


/ = * 2 QZf 

where C x is the concentration of ions of valency The salting coefficient 
h is the sum of contributions referring to the species of gas h G and to the 
species of positive and negative ions present: 

h = h G + h+ + h- 

Van Krevelen and Hoftijzer (V4), Barrett (B7), and Onda et al. (08) have 
evaluated h for various species. The values presented in Tables I and II, 
which extend to ionic strengths of 2 M and greater, are characteristic of 
industrial systems. The effect of pressure on h G values is small up to 200 
atm (08). 

More recently, Tiepel and Gubbins (T4, T5) have presented a theory for 
salt effects on gas solubility based on perturbation theory for mixtures. 
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TABLE I 


Salting Coefficients h + and h- for Inorganic Ions 


Ion 

h + (liters/gm mole) 

Ion 

/?_ (liters/gm mole) 

H + 

-0.1110 

Cl" 

0.3416 

Na + 

-0.0183 

Br~ 

0.3310 

K + 

-0.0362 

I" 

0.3124 

nh 4 + 

-0.0737 

no 3 - 

0.3230 

Sr + 

-0.0445 

OH" 

0.3875 

Li + 

-0.0416 

CNS- 

0.2612 

Cs + 

-0.0584 

hso 3 

0.3869 

Rb + 

-0.0449 

HS~ 

0.3718 

Mg 2+ 

-0.0568 

hco 3 - 

0.4286 

Zn 2+ 

-0.0590 

CO? 

0.3754 

Ca 2+ 

-0.0547 

sor 

0.3446 

Ba 2+ 

-0.0473 

SO§- 

0.3275 

Mn 2+ 

-0.0624 

por 

0.3265 

Fe 2+ 

-0.0602 

c 6 h 5 0- 

0.4084 

Co 2+ 

-0.0534 

Mn0 4 

0.2600 

Ni 2+ 

-0.0520 



Cd 2+ 

-0.0062 



Cr 3+ 

-0.0986 




This theory satisfactorily predicts the heat of solution and the concentra¬ 
tion and pressure dependence of activity coefficients of nonpolar solutes 
as a salting-out effect, when the molecules and ions are not very large and 
chemical association between ions and solute does not occur. When the 

TABLE II 

Salting Coefficients for Various Gases 0 


T (°C) 

h 2 

o 2 

co 2 

n 2 o 

H 2 S 

nh 3 

C 2 H 2 

c 2 h 4 

so 2 

0 

_ 

-0.1653 

-0.2110 

_ 

_ 

_ 

_ 

_ 

_ 

10 

-0.2170 

— 

— 

-0.2156 

— 

— 

— 

— 

— 

15 

-0.2197 

-0.1786 

-0.2222 

-0.2118 

— 

— 

-0.2124 

-0.2003 

— 

20 

-0.2132 

-0.1771 

— 

-0.2128 

— 

— 

— 

— 

— 

25 

-0.2115 

0.1892 

-0.2277 

-0.2141 

-0.2551 

-0.2394 

-0.2240 

-0.1951 

-0.3154 

35 

— 

— 

— 

— 

— 

— 

— 

— 

-0.3122 

40 

— 

— 

-0.2327 

-0.2179 

— 

— 

— 

— 

— 

T (°C) 

n 2 

He 

Ne 

Ar 

Kr 

NO 




25 

-0.1904 

-0.2222 

-0.2240 

-0.1866 

-0.1762 

-0.1825 





Values are in liters/gm mole. 
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ions are large or when there are association forces, salting-in occurs, and 
the theory gives undependable results. Tiepel and Gubbins give data com¬ 
plementary to those of Tables I and II for salting coefficients for CH 4 , 
C 2 H 6 , SF 6 , and C 6 H 6 in LiCl, NaCl, and KI. 

In mixed electrolytes it may be assumed that H is given by an expres¬ 
sion of the form 


log l0 (H/H B ) = hj t + Wi + ■ • ■ (59) 

where/j is the ionic strength attributable to species 1 of electrolyte and h x 
is a coefficient characteristic of that electrolyte. This additive rule has 
been confirmed by Onda et al. (09) for salting-out parameters for the 
absorption of C0 2 , C 2 H 4 , and C 2 H 2 in three mixed-salt solutions. 

Finally, it is important to remember that the properties of solutions may 
change when gas reacts with the solution. In such cases the given equa¬ 
tions may be still applied to the concentration of the unreacted gas solute, 
provided one accounts for the ongoing reaction. 

2. Diffusivity in Liquids 

In contrast to the situation for gases, there are no satisfactory theoreti¬ 
cal methods for predicting diffusivities in liquid systems. Different ap¬ 
proaches are needed, depending on whether the solutions are electrolytic 
or nonelectrolytic. Most studies have been devoted to the estimation of 
diffusion coefficients in very dilute solutions. However, some papers re¬ 
port substantial variations with increasing concentrations of the diffusing 
solute. The theories and the experimental methods available for estimat¬ 
ing diffusivities in liquids are well reviewed by Kamal and Canjar (Kl), 
Nienow (N8), Bretsznajder (B24), Tyn (T12), Dullien et al. (E4, G6), and 
Simons and Ponter (S29). 

a. Nonelectrolytes. Several correlations for dilute solutions are pre¬ 
sented in Table III with the average errors given by Reid and Sherwood 
(R5), Skelland (S31), and the just-cited authors. In this table, A is the 
solute (dissolved gas or reactant), B is the solvent, D A is the diffusion 
coefficient in cm 2 /sec, fi AB and fx B are the solution and the solvent vis¬ 
cosities in cP, T is the absolute temperature in °K, M B is the molecular 
weight of the solvent, and V mA and V mB are the solute and solvent molecu¬ 
lar volumes at the normal boiling point in cm 3 /gm mole. The molecular 
volumes of some simple substances are given in Table IV. Molecular 
volumes of complex substances are estimated by adding up the contribu¬ 
tions of the atoms in the molecule according to Table V and also, in the 
case of ring compounds, subtracting according to Table VI. 

For estimating diffusivity, a convenient relationship is that of Wilke and 



Equation 

number 


Equation 



in 


Dilute Binary Solutions of Nonelectrolytes 



Average error {%) 



Organic 

solvents 

Water 
as solvent 

Water 
as solute 

Overall 
(by authors) 

Reference 

27 

11 

Up to 250 

10 

Wilke and Chang (W8) 

25 

11 

Up to 250 

— 

Scheibel (SI 1) 

26 

12 

12 

13 

Sitaraman et aL (S30) 

15 

9 

— 

13.5 

Reddy and Doraiswamy 
(R4) 

18 

— 

26 

18 

Reddy and Doraiswamy 
(R4) 

16 

— 

— 

— 

Lusis and Ratcliff (L25) 

— 

— 

— 

5 

Othmer and Thakar 
(Oil) 
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TABLE IV 


Molecular Volume V m of Simple Substances (P5)° 



« Values are in cm 3 /gm mole. 


Chang (W8) based on the Stokes-Einstein equation. In this formula the 
association parameter* allows for differences in solvent behavior:* = 2.6 
for water, 1.9 for methanol, 1.5 for ethanol, and 1.0 for benzene, ether, 
heptane, and other unassociated solvents. The average error for systems 
surveyed by the authors was about 10%; the relationship cannot be used 
when a complex is formed between solute and solvent. For amyl alcohol, 


TABLE V 


Atomic Contributions to Molecular Volumes of Complex Substances (P5) 



Atom cm 3 /gm mole Atom cm 3 /gm mole 


Cl, terminal 

21.6 

N, tertiary amine 

10.8 

Cl, medial 

24.6 

0 (usual) 

7.4 

N, double-bonded 

15.6 

O, methyl esters and ethers 

9.1 

N, triple-bonded 

16.2 

0, ethyl esters and ethers 

9.9 

N, primary amine 

10.5 

O, higher esters and ethers 

11 

N, secondary amine 

12 

O, acids 

12 



0, joined to S, P, N 

8.3 
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TABLE VI 


Deduction of Molecular Volumes 
for Rings, (P5) 


Ring 

V m (cm 3 /gm mole) 

Three-membered 

6 

Four-membered 

8.5 

Five-membered 

11.5 

Six-membered 

15 

Naphthalene 

30 

Anthracene 

47.5 


isobutanol, ethylene glycol, and glycerol, Akgerman and Gainer (A2) have 
recently approximated the associated parameter by the relation 


_ / AE\ ap of hydrogen-bonded substance \ 0,6 
X \ A£ vap of homolog / ^ 

The homolog is defined by substituting a —CH 3 group for the —OH 
group. The uncertainty in assigning values to x has resulted in efforts to 
eliminate this factor. Scheibel (S11) and Lusis and Ratcliff (L25) have 
proposed equations introducing the ratio of the molar volumes of solvent 
and solute. Sitaraman et al. (S30) and Reddy and Doraiswamy (R4) re¬ 
placed x by functions of the latent heats of vaporization at the normal 
boiling temperature (in calories per gram) or of the molar volumes. Until 
these relations have been fully verified, our recommendation relative to 
Table III (particularly for the liquid reactant) is to use Eq. (2) or (4) when 
applicable, or Eq. (6) for diffusion in organic solvents (S31), or Eq. (7) of 
this table when water is the solvent. The monograph of Kuong (K14) 
expedites calculation of Eq. (2). These relationships have been confined to 
the temperature range 15°-25°C. In the range 25-90°C, it is judicious to 
use a linear relationship between In D A and 1/7 and between In D A and In fi 
(R13). 

For small solute gas molecules such as helium and H 2 , or for systems 
involving solvents having viscosities greater than 3 cP, we suggest using 
the relationship proposed by Akgerman and Gainer (A2): 


Da Mb _ 

7 6 


ZmeV ' 6 / N V /3 (Mb V ' 2 

V m J \ Vj \MJ 


exp 



£pAB 

RT 


) 


(61) 


with 
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E„ B - £dab = Ei B [1 - 

E{ a = 5875.3MX 0 - 186 


£ j bb 




^r 2 
t 2 - ^ 


= 6(V mA /V mB ) 1/6 


Equation (61) is less easy to handle than Wilke and Chang’s equation, but 
it uses only the physical properties of the constituents involved and is 
claimed to work equally well with associated and nonassociated systems 
and with water. Forty-nine gas-liquid systems have been tested in the 
range 0°-40°C. 

Moreover the diffusivity D JJ for dilute solute A in mixed solvents B and 
C may be determined by the equation of Leffler and Cullinan (L7); 

^aMabc = (^ab Mb)* b C®ac ^c) Xq (61a) 


where ju, ABC is the viscosity of the solvent mixture B and C, D AB and D AC 
are binary diffusivities estimated by one of the correlations in Table III, 
and and X c are the mole fractions of B and C. 

In thermodynamically nonideal solutions, the effect of concentration on 
diffusion coefficient (D A ) conc can be estimated in terms of the activity 
coefficient of the solute y A , the binary diffusivities D A andZ) B in very dilute 
solutions, and the mole fractions X A and X H of A and B (V8): 

(D A ) conc = (W^ll + [(d In y A )/{d In X A )]} (61b) 


This relationship has been modified by Leffler and Cullinan (L8) to ac¬ 
count for the viscosities of the solution and the pure components. The 
effect of pressure can usually be neglected. 

Before using one of the above relationships, it is judicious to check 
whether the gas-liquid system of interest is included in the tabulation of 
experimental diffusivities prepared by Johnson and Babb (J8) or in more 
recent but scattered tables presented by Davies et al . (D8), Dim et al. 
(D15), Tyn (T12), Akgerman and Gainer (A2), Perry (P5, p. 3-224), and 
De Kee and Laudie (Dll). 

b. Electrolytes. Diffusion of a dissolved ionized electrolyte involves 
the diffusion of both cations and anions which, because of their smaller 
size, diffuse more rapidly than the undissociated molecules. Both types of 
ions diffuse at the same rate, so that electrical neutrality of any solution is 
preserved. 

On the assumption of complete dissociation in a solution containing two 
species of ions, the diffusion coefficients of electrolytes can be predicted 
very accurately at infinite dilution using the equation 

D a = 8.931 x 10~ 10 J(AUVA°)[(Z + + Z_)/Z + Z_] 


(62) 
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where D A is the combined diffusivity of electrolyte in cm 2 /sec, Z_ and Z+ 
are the absolute values of the anion and cation valences, A 0 (=A!J. = A®) is 
the electrolyte conductance at infinite dilution in mho cm 2 /gm equivalent, 
A® and are the anionic and cationic conductances at infinite dilution in 
mho cm 2 /gm equivalent, A° and A+ are the anionic and cationic con¬ 
ductances at infinite dilution in mho cm 2 /gm equivalent, and T is the tem¬ 
perature in K. Useful tabulations of ionic conductances at infinite dilution 
in water are given in Perry (P5, p. 3-235) at 25°C and in Bretsznajder (B24, 
pp. 386-7) at other temperatures (0.18° and 100°C). 

Diffusion coefficients at higher concentrations (up to 2 N) may be evalu¬ 
ated from the relationship proposed by Gordon (G12): 


()c< 


£>A Mb L , m d In y ± \ 

Ggs MAB ' 


(63) 


where D A is the diffusivity at infinite dilution in cm 2 /sec, C BS is the gm 
moles of solvent/cm 3 of solution, V B is the partial molar volume of solvent 
in solution in cm 3 /gm mole, /jl b is the viscosity of solvent in P, m is the 
molarity in moles/1000 gm solvent, and y ± is the mean molar activity 
coefficient (G10). 

For the general case, where the solution contains more than two species 
of ions, Vinograd and McBain (V9) have proposed the relations 




-8.931.10" 10 x 



Z + C H 


S\ + G + /Z + - 2\_G_/Z_ 
2\ + C+ + 2\_C_ / 


2\ + GJZ + -'2k.Gjz \ 

2\ + c + + 2x_c_ / 

(63a) 

where Z+ andZ_ are the absolute values of the cation and anion valences, 
<p + and <p- are the diffusion fluxes of cation and anion in gm equivalents/ 
cm 2 sec, A+and A_ are the cationic and anionic conductances in mho 
cm 2 /gm equivalent, C + and are the concentrations in gm equivalents/ 
cm 3 , and G+ and G_ are the concentration gradients in the direction of 
diffusion in gm equivalents/cm 3 . These relationships have been used judi¬ 
ciously by several authors. Where a gas is absorbed and reaction with an 
ion in solution is second-order and irreversible, the various ionic species 
having different intrinsic diffusivities, Brian et al. (B27) have presented 
values of the enhancement factor significantly different from the behavior 
for un-ionized molecules. The system studied was a generalization of 
acetic acid vapor with NaOH solution. Similarly Sherwood and Wei (S25) 
have considered absorption of HC1 by a solution of NaOH, in which the 


Z_y_ = -8.931.10 10 x T~- 


G- + Z_C_ 
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reaction is instaneous and irreversible and reactants and products are 
ionized. Their results were recalculated by Danckwerts (D2, p. 143) to 
give the enhancement factor £ as a function of 

Cno/CX ~ C 0ii -/C^+ 

withC 0H ^C bNa + as a parameter, whereC bNa +is the concentration of Na + in 
the bulk liquid, as shown in Fig. 6. The line labeled “molecular diffusion” 
is calculated for a hypothetical reaction between the molecules HC1 and 
NaOH, withZ) H ci andD Na0H calculated by Eq. (62). The other lines allow 
for the fact that the reaction involves ions and account for different amounts 
of NaCl present in the bulk solution. The line labeled “C OH -/C bNa + = 0” 
corresponds to a very large excess of Na + and Cl" concentrations rela¬ 
tive to OH". The enhancement factors calculated for molecular diffu¬ 
sion are much lower than those for the more realistic basis of ions diffus¬ 
ing. The same considerations have been used by Nijsing et al . (N10, N11) 
for the absorption of C0 2 by solutions of KOH, NaOH, and LiOH, in 
which the irreversible reaction between C0 2 and OH“ is either rapid 
pseudo-first-order or instaneous, depending on the gas-liquid contactor 
used (laminar jet or falling film). 

In most investigations where gas absorption takes place into a liquid 
containing several species of ions, the investigators have ignored the need 
to use ionic diffusion coefficients. The relationships presented above 
should, of course, be used only in the absence of experimental data. A 
comprehensive tabulation of experimentally measured diffusivities for 
electrolytes has been presented by Robinson and Stokes (R12). 

In fact, for quick practical calculations, the formula of Wilke and Chang 
(W8) is often sufficient. It has been verified with many systems, both 
electrolyte and nonelectrolyte. For water at 10°-60°C, Shrier (S26) has 



Fig. 6. Enhancement factor for absorption of HC1 by aqueous hydroxide. Adapted from 
Sherwood and Wei (S25) by Danckwerts (D2). 
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examined the experimental results of Wise and Houghton (W9) on 10 
slightly soluble gases (H 2 , 0 2 , N 2 , air, helium, argon, CH 4 , C 2 H 6 , C 3 H 8 , 
«-C 4 H 13 ) and has found that the Wilke and Chang formula gives adequate 
predicted values except for H 2 and helium. From an examination of litera¬ 
ture data for diffusivity in aqueous solutions at 25°C, Hayduk and Laudie 
(H5) have suggested that a revised association parameter for water, 
x — 2.26 (instead of 2.6), improves the accuracy of the Wilke and Chang 
equation. So it is only for small solute gas molecules such as H 2 and 
helium, for viscous solutions (fx L > 3 cP), and for highly nonideal systems 
such as gas into an aqueous alcohol mixture that the theory developed by 
Akgerman and Gainer (A2) is required. 

In the case of C0 2 absorption, often used to determine interfacial pa¬ 
rameters in gas-liquid reactors, Ratcliff and Holdcroft (R2) have found 
that the diflfusivities in aqueous solutions of chlorides, nitrates, and sul¬ 
fates of sodium and magnesium vary roughly as 64 (rather than as /it 1 , 
in the Wilke and Chang formula). Nijsing^r al. (N11) and Danckwerts and 
Alper (D7) found the diffusivity of C0 2 in sulfates of sodium and mag¬ 
nesium, and in Na 2 C0 3 , to vary as /x“°- 85t ° -0 ' 82 . However, all these results 
were obtained for small variations in viscosities. 

Such difficulties of knowing the solubility or the diffusivity of gas with 
good accuracy are overcome by using a laboratory model, such as a 
laminar-jet or a wetted-wall column (Section III,C), for determination of 
the interfacial parameters. Only a mathematical combination of solubility 
and diffusivity such as is necessary, not the separate values of C% 

and D a . But for industrial design, separate knowledge of these two pa¬ 
rameters is often necessary. 

[Note that Takeuchi et al. (Tl) have recently published results for the 
diffusivity and solubility of C0 2 in nonelectrolytic liquids simultaneously 
measured in a diaphragm cell. The results satisfy the two-film models of 
Whitman and show good agreement with others in the literature.] 


III. Measurement of Interfacial Areas and Mass-Transfer Coefficients 

Gas holdup, interfacial area, and mass-transfer coefficients are the main 
variables determining the mass-transfer rates in gas-liquid contacting de¬ 
vices. The methods used to measure these parameters can be classified 
into two categories: local measurements with physical techniques such as 
light scattering or reflection, photography, or electric conductivity meth¬ 
ods, and global measurements with chemical techniques. Each method 
has its advantages and its drawbacks. 



36 


JEAN-CLAUDE CHARPENTIER 


A. Physical Methods 

Physical measurements can be made of gas holdup a, bubble size, and 
specific surface area a' in gas-liquid dispersions, as usually encountered 
in bubble columns, plate columns, mechanically agitated tanks, and spray 
towers. Any two of these interfacial parameters are sufficient to define all 
three, since they are interrelated: 

a' = 6a/^sM (64) 

where d SM is the volume surface mean diameter or Sauter mean diameter: 

= SM 3 b/2 M 2 b (65) 

d b is the diameter of a single bubble or drop, and n, is the number of 
bubbles or drops of diameter d b . 

1. Gas Holdup 

The gas holdup a is determined directly by measuring the height of the 
aerated liquid (Z a ) and that of the clear liquid without aeration (Z). The 
average gas holdup is then 

a = (Z a - Z)/Z a (66) 

This method, used for plate columns (G2), bubble columns (F2, M7, H13, 
Y4, A3, E3), and mechanically agitated tanks (R7, V3, Y3, M16), is rapid 
but only accurate to ± 15-20%, especially when waves or foam occur on 
top of the dispersion. 

A more accurate, manometric, technique has been used by Reithe? al. 
(RIO) and by Burgess and Calderbank (B32). The gas holdup in the disper¬ 
sion is computed from measurements of the clear liquid height in the 
dispersion at successive manometer taps on the side of the froth- 
containing vessel. If x f and x t -i are the clear liquid heights recorded on the 
manometer at vertical positions Z ( and Z,_, above the column floor, then 
the gas holdup at the midlevel (/, / - 1) is given by 

a = 1 - [(*, - Z ( ) - (*,_, - Z,_,)]/(Z ( - Z,_,) (67) 

Linek and Mayrhoferova (L16) have used electric conductivity to mea¬ 
sure the dispersion height, based on locating the surface elevation at 
certain selected points by means of an electrically conductive probe. The 
height is determined by the vertical position of the probe tip for which the 
integrated time of contact is exactly half the period of measurement. The 
accuracy of the measured value of the total surface elevation is claimed by 
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the authors to be ± 0.2 mm, and the gas holdup is then calculated from the 
total surface elevation and the cross section of the reactor. 

The 7 -ray transmission technique has been used to determine the point 
holdup of gas in mechanically agitated tanks by Calderbank (Cl); in plate 
columns by Calderbank and Rennie (C4), Vinokur and Dil’man (V10), 
Macmillan (M3), and Bernard and Sargent (B17); and in packed columns 
by Eisenklam and Ford (E2), Hwa and Beckmann (H14), and Saada (SI). 
The application of y-ray absorption to holdup measurements is based on 
the relationship 

ln(/ 0 /7) = kps ( 68 ) 

where /<>// is the intensity ratio between the incident beam of radiation (7 0 ) 
and the transmitted beam (/), k is the mass absorption coefficient, values 
of which have been published for most atoms (C7), p is the density to be 
measured (simply related to gas holdup), and s is the thickness of the 
absorbing medium. 

Thus Calderbank (Cl) used a cesium-137 source in conjunction with a 
scintillation counter and scaler. Traverses of the reactor were made, and 
readings taken of the y-rays transmitted through the empty reactor, the 
reactor filled with liquid, and the reactor containing the dispersion. The 
point gas holdup was then calculated by 


a = 


log(f 2 /<l) 

log(foAi) 


( 68 a) 


where t 0 , t u and t 2 are the times for a fixed number of counts, respectively, 
for the reactor empty, filled with liquid, and containing the dispersion. 


2. Bubble Size 

The Sauter mean particle size of dispersion [Eq. (65)] is evaluated di¬ 
rectly by a statistical analysis of high-speed flash photomicrographs when 
the dispersion is dynamically maintained. Photographs are taken through 
the wall of the transparent reactor (C4, T9, V3, V 6 , PI 1, R16, V12, A3, 
A5) or in the interior of the reactor with the aid of an intrascope (V3). 

To avoid any wall effect or perturbation effect that may occur with these 
methods, a sampling apparatus for the photographic technique has been 
proposed by Kawecki et al. (K5). Bubbles are extracted from the tank 
containing the dispersion by means of a tube connected to a small square- 
section column through which a continuous flow of liquid and bubbles 
rises. The flow rate is chosen high enough so that differences in the free- 
rise velocity of the bubbles do not affect the mean residence time of the 
bubbles in the column. The bubbles in the column are then photographed, 
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and their diameters are determined from the negatives by enlargement or 
by projection on a screen. The photographic technique for measurement 
of bubble size most often gives local values; it may miss a small number of 
large bubbles and is best used in the case of small gas holdup, that is, low 
gas velocity. 

An alternative sampling method has been used by Todtenhauft (T6), in 
which bubbles extracted from the dispersion are photographed through a 
calibrated capillary tube. A conductivity probe used by Ross and Curl for 
droplets should also prove suitable for sizing bubbles (R19). 


3. Interfacial Area 

The local interfacial contact area is determined directly by light trans¬ 
mission and reflection techniques. In the light transmission technique, a 
parallel beam of light is passed through the dispersion and a photocell is 
placed some distance from it. Light scattered by the bubbles passes out¬ 
side the photocell and is lost, while the unscattered part of the incident 
parallel beam is recorded by the photocell at the extremity of an internally 
blackened tube (V6). Calderbank (Cl) showed that, for scattering bub¬ 
bles, which are large in comparison with the wavelength of light, the 
scattering cross section was equal to its projected area. Furthermore, the 
total interfacial area per unit volume of the dispersion equals four times 
the projected area per unit volume, giving the equation 

ln(/ 0 //) = a 7/4 = In (t/t 0 ) (69) 

where / is the optical pathlength. By connecting the photocell to a light 
quantity meter and electric timer, it is possible to measure the times for a 
given quantity of light to be received by the photocell, when the light 
passes through the liquid (t 0 ) and through the dispersion (r). This tech¬ 
nique holds for values of a'l < 25 and for bubble diameters larger than 50 
/mi. 

With optically dense dispersions such as occur in plate columns, the 
transmission method may fail because of intense multiple scattering. In 
such cases a reflectivity probe may be used (C5), where the optical reflec¬ 
tivity or backward scattered light from the dispersion is measured. The 
specific interfacial area is calculated by 

(RJR) - 1 = 46.5/a' (70) 

where/? is the intensity of light back-reflected by the dispersion and/?* is 
the intensity of light reflected back when a ' is infinite (as obtained by 
extrapolation of a plot of MR against 1/a' to 1/a ' = 0). For a given disper¬ 
sion, /? 3 c is a function of the refractive index ratio (C5). 
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4. Complementing Physical Methods by Chemical Methods 

The specific surface area of contact for mass transfer in a gas-liquid 
dispersion (or in any type of gas-liquid reactor) is defined as the interfacial 
area of all the bubbles or drops (or phase elements such as films or 
rivulets) within a volume element divided by the volume of the element. It 
is necessary to distinguish between the overall specific contact area S for 
the whole reactor with volume V R and the local specific contact area S j for 
a small volume element A In practice AVj is directly determined by 
physical methods. The main difficulty in determining overall specific area 
from local specific areas is that S { varies strongly with the location of AVj 
in the reactor—a consequence of variations in local gas holdup and in the 
local Sauter mean diameter [Eq. (64)]. So there is a need for a direct 
determination of overall interfacial area, over the entire reactor, which is 
possible with use of the chemical technique. 

At the outset, we recognize that a technique that measures overall 
values cannot be used without the restrictions that arise from the results 
observed with physical methods. For example, the chemical method can 
hardly be used with fast-coalescing systems, since the presence of a 
chemical compound may well reduce the coalescence rates. In fast- 
coalescing systems, as observed with physical methods, the wide varia¬ 
tion of specific contact area at different locations in the reactor negates the 
meaning of an average value. In fact, physical and chemical techniques 
should be used simultaneously to identify more fully the phenomena that 
occur in gas-liquid reactors. While chemical methods provide overall 
values of interfacial area that are immediately usable for design, we must 
also know the variations in the local interfacial parameters (a, d SM ) within 
the reactor in order to deal competently with scale-up. These complemen¬ 
tary data, measured by physical methods, should be obtained from local 
simultaneous measurements of two of the three interfacial parameters as 
discussed above. 

The electroresistivity probe, recently proposed by Burgess and Calder- 
bank (B32, B33) for the measurement of bubble properties in bubble dis¬ 
persions, is a very promising apparatus. A three-dimensional resistivity 
probe with five channels was designed in order to sense the bubble ap¬ 
proach angle, as well as to measure bubble size and velocity in sieve tray 
froths. This probe system accepts only bubbles whose location and direc¬ 
tion coincide with the vertical probe axis, the discrimination function 
being achieved with the aid of an on-line computer which receives signals 
from five channels communicating with the probe array. Gas holdup, 
gas-flow specific interfacial area, and even gas and liquid-side mass- 
transfer efficiencies have been calculated directly from the local measured 
distributions of bubble size and velocity. The derived values of the disper- 
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sion parameter for the air-water system have been found to be in excellent 
agreement with independently observed and previously published data. 

This promising method has revealed an interesting result: The interfa¬ 
cial areas reported compare very favorably with those computed from 
experimental global measurements using liquid-phase-controlled chemical 
gas absorption but are lower than those measured using photography. 
Whereas photography through the container wall appears to truncate data 
above equivalent diameters of about 15 mm, the probe used by Burgess 
and Calderbank only deletes data below a diameter of 4 mm. So the 
difference between the interfacial values measured by the chemical and 
the photographic methods may be due to a small number fraction of large 
bubbles dominating the interfacial area parameters of an assembly of 
small and large bubbles, as in a sieve tray, and to their apparent in¬ 
advertent omission by photography. 

This is a good example of the limitation of the physical methods, where 
they provide one datum within a local volume (d sM ) and the other datum 
information a for the entire reactor volume. 


B. Chemical Methods 

Chemical methods for determining gas-liquid interfacial areas and 
mass-transfer coefficients have been intensively developed for the last 10 
years. The principles of these methods are deduced from the results pre¬ 
sented in Section III,B,2: A gas A is absorbed into a liquid where it 
undergoes a reaction with a dissolved reactant B: 

i( 

A + zB —► products 

By choosing a reactant having a suitable solubility and concentration 
along with an adequate rate of reaction, either the mass-transfer coeffi¬ 
cients or the interfacial area (or both) can be deduced from the overall rate 
of absorption. Generally a steady flow of each phase through the reactor is 
assumed. 

1 . Determination of k h a 

If the resistance to transfer of component A is entirely in the liquid 
phase (k L a « Hk G a) and no chemical reaction occurs, the rate of absorp¬ 
tion per unit volume of gas-liquid mixture is as stated initially: 

= <pa = k L a(C% - C A o) 

where C% and C A0 are the concentrations, respectively,.at the interface 
and in the bulk liquid. 
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The value of k L a can, in certain circumstances, be determined by purely 
physical experiments in the reactor. For instance, k h a may be evaluated 
from the observed total rate of absorption in the case of a piston-like 
countercurrent flow of the two phases, where C% becomes a known func¬ 
tion of C A0 , or where the gas and the liquid are well stirred, so that C% a nd 
are the same at all points. 

However, there are two possible difficulties in determining k L a by phys¬ 
ical absorption. First, the flow patterns and residence-time distributions of 
the phases may be undetermined (C A o is not a known function of CJ), hence 
the value of k L a cannot be deduced from 4>. Second, in efficient contacting 
devices the gas and liquid may approach equilibrium quite closely. The 
determination of k L a depends on the difference between the actual and the 
equilibrium extent and necessitates extremely accurate measurement of 
the flow rates. 

a. Irreversible Slow Reaction. The problem of approaching the liquid 
saturation can be avoided by using a solution that reacts with the dis¬ 
solved gas in the slow-reaction regime (Section II,B,2)—a reaction too 
slow to affect the rate of absorption directly but not too slow to reduce the 
bulk concentration of dissolved gas to effectively zero. If the contem¬ 
plated reaction is irreversible and second-order (first-order with respect to 
both A and B), the rate is 

= ipa = k L aC% = Ra = k 2 C%C B0 p (24) 

The conditions to be satisfied are 

k L a « /3/c 2 C B o (22 ) 

with 

aD A //3k L « 1 and D A k 2 C n0 /kl = Ha 2 « 1 (23) 

Thus the rate of absorption <t> is the same at all points in the reactor, and 
the residence-time distribution of the liquid is irrelevant. 

It is possible similarly to use a reaction that ismth-order with respect to 
component A and rtth-order with respect to component B, the local rate 
being thus k mn C™C g. The condition for C A0 = 0 to be zero is 

k L a«/3k mn C% m - 1 CS o (22a) 

and, for no reaction in the film, 

7 r> h r^*mu^n 

A , 2 a bo « 1 (23a) 

m 4- 1 kl 

It is not always easy to satisfy both conditions (22) or (22a) and (23) or 
(23a) simultaneously. Thus, if k mn C% is made large enough to satisfy 
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condition (22a) (C A0 = 0), it may become too large to satisfy condition 
(23a) (no reaction in the film). When condition (23a) is satisfied but condi¬ 
tion (22a) is not, Eq. (24) may be written 

= <pa = k R aC% (71) 

with 

(k R ay i = (k L a)~ l + (k^CZo'CUP)- 1 (72) 

If k mn Clo is varied, keeping k L a constant, a plot of \/k R a against l/k mn C R0 
will be a straight line of slope l/C A o l /3 with intercept 1 lk L a. This offers a 
method of determining k L a when it is not possible to satisfy condition 
(22a). 

Some suitable chemical systems for determining k L a in the slow- 
reaction regime are presented in Table VII. 

b. Determination of k L a with an Irreversible Instantaneous Chemical 
Reaction. Another quite different method of using a chemically reacting 
system to determine k L a involves an irreversible instantaneous reaction 
where the rate of absorption (Section II,B,4,b) is 

<I> = <pa = k h aC%E { = k L aC%[ 1 + (D B /zD A )(C B0 /C%)] (32a) 

The condition to be satisfied is Ha > lOE*. If, in addition, 

C B o« C£ (73) 


then the rate of absorption is 

<f = <pa = k L a(C B0 /z){D b /D a ) (74) 

TABLE VII 


Chemical Systems Used to Determine k L a in the 
Slow-Reaction Regime 


Solute 
gas A 

Reactant B 

Catalyst in 
the absorbent 

Reference 

C0 2 

k 2 co 3 + hkco 3 

NaCIO 

D4, D5 

0 2 diluted 
with air 

CuCl 

— 

J4 

0 2 diluted 
with air 

Na 2 S0 3 

CuS0 4 

D14, W3 
Yl, A7 

0 2 diluted 
with air 

Na 2 S 0 3 

C 0 SO 4 

Bll, S37 
L13, L17 
R7, 03 

o 2 

Glucose 

Glucose oxidase 

L19 
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TABLE VIII 

Chemical Systems Used to Determine k L a in 
the Instantaneous Reaction Regime 


Solute gas A 

Reactant B 

Reference 

nh 3 

h 2 so 4 

S22 

SO z , Cl 2 , HC1 

NaOH 

S22 

H 2 S, HC1, C0 2 

Amines 

S22 

0 2 diluted 

Na 2 S 2 0 4 

J5 

with air 




independent of the gas-phase concentration of component A. It is also 
independent of the gas-phase residence-time distribution. In practice Eq. 
(32a) can be used when£j > 4. Some suitable chemical systems for deter¬ 
mination of k L a in the instantaneous regime are given in Table VIII. 

2. Determination of a 

When the reaction between components A and B in the liquid phase is 
mth-order in A and nth order in B, it has been seen (Section II,B,7) that 
under certain circumstances the concentration of component B is 
everywhere the same as in the bulk solution (A m „Cgo is constant), and the 
reaction is said to be rapid pseudo-mth-order in A. This condition arises if 

3 < Ha - ± ')]^..P A Cr-'Cg,}'“ « Ei (?5) 

the rate of absorption 

<*> = tpa = Ek h aC% = Ha • k L aC% = a(^-^k mn D A Ct m+l C^y 2 (76) 

is independent of k L , that is, of the hydrodynamic conditions. Thus, pro¬ 
vided that the average rate of absorption 

<P = {[2/(m + l)]* m „D A Cr +1 Cg 0 } 1/2 (77) 

is known, and provided that and C B o each have effectively the same 
value in all parts of the system, the interfacial area is determined directly 
by measurement of the rate of absorption <I>. 

It is not always necessary to know the kinetics of the reaction to deter¬ 
mine <p. Indeed the values of <p may be measured by absorbing the com¬ 
ponent A into the same solution in some laboratory apparatus with a 
known interfacial area (Section III,C, 1), the agitation speed or the flow 
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rate being varied to confirm that <p is really independent of k L and /3. In 
reactors where the residence-time distribution of the gas phase is un¬ 
known, it is sometimes possible to choose conditions corresponding to a 
high gas flow rate and a low value of <p, so that there is practically no 
change in the partial pressure of the gas. Moreover, if component A is 
diluted by a carrier gas, it must be confirmed that the gas-side resistance is 
negligible. Some suitably aqueous, viscous, and organic chemical systems 
for the determination of a in the pseudo-mth-order regime are presented 
in Table IX. 

3. Determination of k G a 

If the resistance to transfer of component A is entirely in the gas phase 
(Hk G a k L a), as has been stated (Section II,A), in the absence of a 
chemical reaction the rate of absorption per unit volume of a gas-liquid 
system is 

<*> = <pa = k G a(p ~ Pi) 

where p and p i are the pressure, respectively, in the bulk gas and at the 
interface. In certain cases the value of k G a can be determined by purely 
physical experiments in the reactor, for instance in the case of piston-like 
countercurrent gas-liquid flow or when both phases are well stirred. 
However, the rate of absorption depends on the residence-time distribu¬ 
tions in both phases, which may be undetermined. Normally, in addition, 
an appreciable resistance on the liquid side must be taken into account. 

The liquid-side resistance can be eliminated and the rate of absorption 
can be made independent of the liquid-side residence-time distribution by 
using a solution that reacts instantaneously and irreversibly with the dis¬ 
solved gas and thus eliminates the back pressure. Therefore (Section 
II,B,4,b) 

<*> = *« = k G a(P ~ A) = * L aC*(l + ^ ) = k L aC%E l (78) 

The condition for satisfying is Ha > 10 in this case, dissolved gas A 
reacts instaneously with component B in a plane beneath the interface at 
which the concentration of both components is effectively zero. If the 
reaction plane is moved to the interface, the surface reaction provides the 
relation 


where 


Pi = HC% 


H[k G ap k L a{D B /zD A )C m ] « 

Hk G + k L U 


(79) 


<*> = k G ap = k L a{D B /zD A )C E0 


( 80 ) 
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TABLE IX 


Chemical Systems Used for the Determination of a in 
Rapid Pseudo-wth-Order Regime 


Solute 
gas A 

Reactant 

B 

Catalyst 

References 

C0 2 diluted 

NajCOs + HNaC0 3 , 

As (0H) 2 0-, CIO' 

D4, Rll, S17 

with air 

K 2 C0 3 + HKCO 3 


S19, R3 


Aqueous or organic 
solutions of amine 

— 

D4, S18 


LiOH-NaOH, 

KOH-Ba(OH ) 2 

— 

Rll, N10, D3 


Na 2 S 

— 

S22 

COS diluted 
with air 

Aqueous solutions 
of amine 

— 

S18 

0 2 in air 

Na 2 S 2 0 3 

— 

J5 

0 2 diluted 
with air 

NaaSOg 

CoS0 4 , CuS0 4 

D13, W3, Y1 
A7, B7, S37 
L13, L17, R7 
03 

Isobutylene in 

C 4 fraction or air 

h 2 so 4 

— 

G5 

C0 2 diluted 
with air 

Cyclohexylamine 
in toluene or xylene 
containing 10 % 
isopropanolamine 



C0 2 and 0 2 
diluted with air 

Cyclohexylamine in 
cyclohexanol 
Monoethanolamine in 
aqueous di- or 
polyethylene glycol 
Aqueous cuprous amine 
complex solution 

— 

S35 

0 2 diluted 
with air or N 2 

Propionaldehyde 

Manganese 

propionate 

G18 

0 2 in air 

C,o trialkylaluminum 
dissolved in organic 
solvents 


B20 

Cl 2 

p-Cresol dissolved in 
dichlorobenze 

— 

PI 

h 2 

Edible oil 

Ziegler-Natta 

G1 

Desorption of 
isoamylene into 

n 2 

n -Heptane, toluene 


S4 
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In this situation, the dissolved component B reaches the interface by 
diffusion through the liquid as fast as the gaseous component A reaches it 
by diffusion through the gas; the transfer process is controlled by diffusion 
in both phases. 

If at all points in the reactor the condition is satisfied that 

k G ap ~ k G a(D^/zD^)C^a < 0 (79a) 

the rate of absorption will remain equal to k^p but the interfacial concen¬ 
tration of component B will be greater than zero. In this case, the absorp¬ 
tion process is entirely by the transport of component A across the gas 
film: 


$ = k G ap (80a) 

This forms the basis of methods for measuring k^a. If, at both entrance 
and exit, low partial pressures of the soluble gasp e andp s are measured for 
a reactor of length h, k^a is calculated by 

k G a = ( GJPh) In (p e /p s ) (80b) 

where G m is the superficial molar mass flow rate of the insoluble gas in gm 
moles/cm 2 sec and P is the total pressure in atm. 

In all cases, the calculation of k G a should be based on analysis of the gas 
stream, as a small error in analysis of the liquid stream can lead to large 
errors in k 0 a. Some suitable chemical systems for determination of k G a in 
the instantaneous regime are given in Table X. 

4. Simultaneous Measurement of Mass-Transfer Coefficients and 
Interfacial Area 

In certain cases, significant mass-transfer resistances may occur in both 
phases, requiring knowledge of both k G a and k L a. Moreover, for the pur¬ 
pose of calculating the effect of chemical reaction on the rate of absorption 
of a gas, it is generally necessary to know parameters k L and a separately. 
Not only in the two-film model but also in the surface-renewal model, the 
separate mass-transfer parameters can be determined by chemical meth¬ 
ods with a pseudo-first-order regime or an instantaneous regime. 

Thus the condition for satisfying the pseudo-first-order behavior in 
component A, using Danckwerts’ model (Section II,B,5), is 

(1 + Ha 2 ) 1 ' 2 < ( D A /D B y> 2 + (DJDJ'HCm/zCX) = E X (DJDJ<* (35) 

With mass-transfer resistance in both phases, Eq. (35) gives 

+ * [fl (i + Ha 2 ) 1 ' 2 ) 


(81) 
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TABLE X 

Chemical Systems Used to Determine k G a in Instantaneous 
and Surface Regimes 


Solute 
gas A 

Insoluble 
gas diluent 

Reactant B 

References 

S0 2 or Cl 2 

Air, Freon 12, 

Freon 22, Freon 114 

NaOH 

V7 

nh 3 

Air, Freon 12, 

Freon 22, Freon 114 

h 2 so 4 

V7, S27 

Triethylamine 

Air, Freon 12, 

Freon 22, Freon 114 

h 2 so 4 

V7 

I 2 

Air 

NaOH 

L25 

S0 2 

Air 

Na 2 SO s 

P12 

Propylene, CO 

Air 

Cuprous amine 

S36 


complex solution 


Several important cases are now presented, depending on whether k L and 
a or k G and a are needed. 

a. Determination ofk L and a. When the gas-phase resistance is negli¬ 
gible, the rate of absorption is given by Eq. (81) with k G a = 00 : 

d> = <pa = (p/ff)k L a( 1 + Ha 2 ) 1/2 = aC* A (D A k 2 C m + *D 1/2 (82) 

If the rate of absorption is measured with different values of& 2 C B o anc * 
hydrodynamic conditions remain constant, a plot of against £ 2 C B0 
give a straight line with slope D A a 2 C% 2 and intercept (k L aC%) 2 . This is 
called the Danckwerts plot. If C% and D A are known, both k L a and a can be 
determined. A similar result is obtained in using the double-film model to 
interpret an irreversible (ra,/zth)-order, when the condition Ha <K E { is 
satisfied but not the condition Ha > 3 [Section II,B,7, Eq. (40)]. 

In using the Danckwerts plot, the physical properties of the system 
should not vary as k 2 C m is changed. For this reason it is convenient to use 
a catalytic reaction and to change k 2 by adding small amounts of catalyst. 
If the catalyst is sufficiently active, the reaction rate can be varied over a 
wide range without much alteration ip the concentration of the solution. 
The rate of absorption is thus 

* = <pa = aC* A (D A k c C cat + k fj 1 ' 2 (82a) 

The concentration C cat of the catalyst can be varied, and a and k L deter¬ 
mined by plotting d ) 2 against C cat . Some suitable chemical systems for the 
determination of k L and a with the use of the Danckwerts plot are pre¬ 
sented in Table XI. 
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TABLE XI 


Chemical Systems for Determination of k L and a , with Use of 
Danckwerts Plot 


Solute 
gas A 

Reactant B 

Catalyst 

References 

C0 2 diluted 

HNaC0 3 + Na 2 C0 3 

Arsenite 

R3, M9 

with air 

C0 2 diluted 

HNaCOg + Na 2 C0 3 

Hypochlorite 

D5, M4 

with air 

0 2 in air 

CuCl 

— 

J5, L23 

0 2 in air 

Na 2 S0 3 

coso 4 

D13 


It is interesting to know that the hydrodynamic conditions (that is, k L ) 
may be influenced by the chemical reaction, causing a change in a and k L 
with a change in the reaction rate. Thus information complementary to 
that given by the Danckwerts plot can be provided when the rates of 
simultaneous chemisorption of one gas (giving a with a pseudo-mth-order 
reaction) and of physical absorption or desorption of another (giving k L or 
k L a) are determined experimentally (G9, L15, R14, Bll, P13). 

b. Simultaneous Determination of k G and a . Even if the gas-side resis¬ 
tance is not negligible, it is still possible to determine k G and a by use 
of a fast irreversible pseudo-mth-order reaction (Ha » 1 and 
(1 + Ha 2 ) 1/2 = Ha). Then the rate of absorption expressed by Eq. (81) 
becomes 

<D = <pa = pHk Q ar l + H/(k L a • Ha)" 1 ]" 1 (83) 


whence 


P_ 

<D 



H \ 
k L • Ha/ 


I [± + _ « _ 

a Ug {[2/(m + l)]* m „D A Cr-‘CSo} 0 ' i 


(84) 


Thus, if£ 2 C B0 or k mn C'&o is varied, a plot ofp/<& against H/\ / D A k A C B0 or 
against H/{[2/(m + l)]& m n£ ) ACA m_1 CBo} 0 ' s will give a straight line of 
intercept \/k G a and of slope 1/a, so that a and k G can be calculated 
simultaneously. A convenient system for this method is the absorption of 
dilute C0 2 into an aqueous solution of NaOH or amines (S22, Wl). 

c. Simultaneous Measurement of k G a, k L a, and a. When there is a 
mass-transfer resistance in both phases, it is possible, first, to measure 
k G a in the reactor by use of an irreversible instantaneous surface chemical 
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reaction. Thus the values of k G a with the actual gas-liquid system will be 
calculated in assuming that this parameter varies as the power 0.5 of the 
solute gas diffusivity. Then measurement of the rate of absorption given 
by Eq. (81) will yield the values of k L a (S23). 

Similarly, separate mass-transfer parameters can be determined from 
several measurements with a simple chemical system. In the case of an 
irreversible pseudo-first-order reaction, Eq. (81) may be written 

* = ^ = P {kTa + (84a) 

If it is assumed that D A k 2 C m and are variable, whereas the other param¬ 
eters p, H , k L , and k G are kept constant, differentiation of Eq. (84a) will 
lead to 

bo) = a ™D A k 2 C B0 + a 2l3 kl (85) 

Values of the differential term are obtained from the curves k 2 D A C m ver¬ 
sus d>. Thus a plot of the left side of Eq. (85) against D A k 2 C m will yield the 
values of a and k L . Then the obtained values are used in Eq. (84a) where 
graphical analysis will give/: G . This chemical method for the simultaneous 
measurement of k L , a, and& G has been applied by Bartholomai et aL (HI, 
B9) to an agitated tank and a plate column. 

It is also theoretically possible to measure these parameters simulta¬ 
neously, using a similar sequence for interpretation of Eq. (47), that is, 
using an irreversible instantaneous reaction (S35). 


C. Apparatus for Determining the Physicochemical 
Parameters 

It was seen in Section III,B that chemical determination of the interfa¬ 
cial mass-transfer parameters required knowledge of 

(1) Kinetics of the chosen chemical gas-liquid system 

(2) Diflfusivities of the soluble gas or gases, and the reactant or reac¬ 
tants, in the liquid 

(3) Solubility of the gas or gases 

Eventually these parameters are combined in the terms 

ClVDl and {[2/(m + l)]k mn C n m C% m+l Y 12 

The physicochemical parameters are determined in a laboratory ap¬ 
paratus that allows careful control of gas-liquid contact time and of the 
interfacial area. The recommended technique and its application to the 
oxidation of aqueous Na 2 SQ 3 solution will now be discussed. 
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1. Determination of the Kinetic Regime 

We again consider the irreversible second-order reaction 

k 2 

A + zB —> products 

Eight kinetic regimes are identified in terms of the two-film theory, as seen 
in Section II,B. The interface concentration profiles and the correspond¬ 
ing absorption rate forms are shown in Fig. 7. The noticeable differences 
in form of the rate equations aid in identifying the separate regimes. As 
explained by Levenspiel and Godfrey (L11), Table XII shows which fac¬ 
tors affect the rate in each regime: + indicates that a change in a particular 
variable affects the rate; — indicates that it does not; and ? indicates a 
probable effect, but that the defining rate equations are unavailable. Going 
further, the schematic of Table XIII shows how to identify the kinetic 
regime for a given gas-liquid reaction from a series of systematic experi¬ 
ments where the variables are changed independently (L2, Lll). Very 
often the corresponding rate is a function of the physicochemical param¬ 
eters that must therefore be determined. 

2. Experiments and Interpretation 

The physicochemical parameters are determined in the apparatus of 
Fig. 8 by a dynamic method. A jet or film of liquid moves continuously 
through the gas to which it is exposed for a known time interval lying 


TABLE XII 

Factors Affecting the Overall Rate of Absorption-Reaction (Lll) 







Kinetic regime 




Variable 

Symbol 

A 

B 

C 

D 

E 

F 

G 

H 

Concentration of reactant B 

Cuo 

+ 

_ 

+ 

+ 

? 

7 

+ 

+ 

in the bulk of the liquid 

Partial pressure of component 

P 

+ 

-1- 

+ 

+ 

? 

7 

+ 

+ 

A in the bulk of the gas 
Interfacial area 

a 

+ 

+ 

+ 

+ 

-1- 

+ 

+ 

_ 

Liquid holdup 

p 

- 

- 

- 

- 

+ 

+ 

+ 

+ 

Liquid-side mass-transfer 


+ 

- 

+ 

- 

7 

? 

+ 

- 

coefficient 

Gas-side mass-transfer 

*G 

+ 

+ 

+ 

+ 

7 

7 

+ 


coefficient 

Rate constant for 

*2 

_ 

_ 

+ 

+ 

7 

7 

+ 

+ 

second-order chemical reaction 
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Fig. 7. Interface concentration profiles for the eight distinct kinetic regimes for mass 
transfer with reaction. 


between 10 -4 and 10 sec. In these experiments, the interfacial area A m is 
known, and movement of the liquid is carefully controlled so that it can be 
considered quiescent during its passage through the gas. During the con¬ 
tact time 8 each element of liquid absorbs the same amount Q{8) of gas per 
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TABLE XIII 

Organigram for Identification of the Kinetic Regimes (LI 1) 



unit area as though it were stagnant and infinitely deep, as in the Higbie 
model. The different values of the contact time 6 are generally obtained by 
varying the liquid volumetric flow rate Q h and the length of the liquid film 
or jet h. Indeed the contact time is defined as 
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TYPE 

LAMINAR 

JET 

CYLINDRICAL 

WETTED 

WALL 

CONIC 

WETTED 

WALL 

spherical 

WETTED 

WALL 

STRING 

OF 

DISKS 

ROTATING 

DRUM 

STIRRED 

VESSEL 

STIRRED 

VESSEL 

SCHEME 

UQU 
GA5 | 

D 

u 

GAS 

? 

LIQUID 

goujD 

ft 

LIQUID 
, GAG 


LIQUID 
( G 

AG 

CAS 

Liquid film 

■©= 

LIQUID 

c 

— 


3 - 

c 

* 

"£ 



LIQUID 


[ LIQUID J 


K 

™/sec 

0.016 

-016 

3,6 TO" 3 
-0016 

5'IQ" 5 
-0011 

5-10- 5 

-0016 

16 ID' 3 
-0.016 

0-016 

-036 

1.6 TO' 3 
-0.02 

2-10 3 1 
“Q02 

CONTACT 

TIMES 

10r 3 ~10 J *t 

K3 J -2sk 

0.2-1 sec 

01 -1 sec 

10" 1 - 2 

2 IQ' 4 -IQ sec 

006 - 10 sk 

006 *10«c 

INTERFACJAL 

AREA 

03-10 un 2 

KigH prrcrjcm 

lO-lOW 

high prrciwn 

B0 cm 2 

high precision 

10 -40 cm 2 

high precision 

30-360cm 2 

■ "i! i 

prKiSOn 

(jumHH 1 10cm 
‘tngLhi 12cm 
high precision 

80 cm* 

ijoad 

premia!) 

diameLEf IGan 
ImgLh lScm 


Fig. 8. Principal types of laboratory equipment. 


0 = h/u s (86) 

where u s is the velocity at the surface, which is a function of Q h and the 
geometry of the equipment (diameter of the jet or film, angle of the cone, 
and so on). Expressions of 0 for different types of equipment are given in 
Table XIV. If Q (0) is the amount of gas absorbed per unit interfacial area 
during the contact time 0, the average rate of absorption during this time is 
Q (0)/0. Since the total area exposed in the laboratory equipment is A m , the 
measured rate of absorption <l>(0) into the film is related to Q(0) by 

Wh/A m = Q(O)/0 = <p (87) 

The absorption rate <&(0) (in gm moles/sec or cm 3 /sec of component A), is 
measured experimentally, and Q(0)/6 is calculated for different kinetic 
regimes from the Higbie theory. The contact time 0, calculated from Eq. 
(86), can be altered by altering Q L and the geometric parameters of the 
equipment. Thus, by carrying out experiments with the same chemical 
systems and with the same kinetic regime used to determine mass-transfer 
parameters in the industrial gas-liquid reactor, d>(0) can be determined as 
a function of 0 in the laboratory equipment and the variations of 6(0) = 
0^>(0)M m for different values of 0 serve to determine the parameters. 

For the case of purely physical absorption into liquid initially gas-free 
(C A0 = 0), the amount of component A absorbed per unit area during the 
time 0 is (Section III,A,2) 

0(0) = 2C a (D a 0/7t) 1/2 (88) 

It follows from Eq. (87) that 

<K0) = [Q(O)/0}A m = 2A m C%(Dj7Tdy ' 2 = y(d)C%VD2 (89) 




TABLE XIV 


Characteristic Parameters of Laboratory Equipment 0 


Equipment 


e 


y(e) 


Laminar jet 


7 T<Ph 




Cylindrical 
wetted wall 

Conic wetted 
wall 


Spherical 
wetted wall 

Rotating drum 


2 h / 3 m l \ 1 , 3 / 7 TdV 13 
3 W \QJ 

47 tR % / 3/n, \ W3 1 / sin a A 5/3 _ 

5 sin a \27rpg/? cos a) Qf 13 \ R ) 1 



Zr 

U 



2 (irP sin a + 2 nRl) QH* 
Vn V5 


6 = 4?r/?2 / \ im [7, 

5 sin a \27rpg/? cos a) |_\ 




a a, angle of the conic wetted wall; /, generating line of the cone; R, radius of the basis of the cone; R S1 radius of the spherical wetted wall; W T , 
belt width of the rotating drum; Z r , exposed belt length; 5 r , film thickness; 0, contact time. 
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where y{0) is a parameter characteristic of each apparatus. Values of y(0) 
for several types of equipment are shown in Table XIV. A plot of mea¬ 
sured <$(#) against y( 0 ) at various liquid flow rates and various film or jet 
lengths should give a straight line with slope C%VU2 through the origin. If 
the solubility of the gaseous species is known or determined separately 
(Section II,C,1) its diffusivity may be determined. 

For the case of absorption accompanied by chemical reaction, Q(0) is 
deduced from solution of the equation 

D A (d 2 C A /dx 2 ) - r( Jt, 0) = dC A /dO 

where r(x, 6) is the rate per unit volume of liquid at which the reaction 
consumes the solute gas at time 6 and at distance x from the interface. 
Analytical or numerical solutions of the diffusion reaction equations are 
available for a number of kinetic regimes. For an irreversible first- or 
pseudo-first-order reaction with 

Ha' = [(n/4)k 2 C H0 B] 112 «(D A /D B y 12 + (C m /zC%)(DJD A ) ]1/2 = £, (90) 

Danckwerts (D2) has proposed the following approximate solutions: 

Q(6) = C* A (D A k 2 C m ) ll2 lO + (2/^Cbo)- 1 ] (91) 

to within 3% when k 2 C BO 0 > 2, and 

Q(0) = 2C%(D A 0/ 7t) 1/2 [1 + Uk 2 C BO 0)] (92) 

to within 5% when k 2 C BO 0 < i Thus experimental determination of the 
amount <t>(0) of gas absorbed up to time 0 leads to the following results. 
For long contact times (0 > 2/k 2 C B0 ), a plot of Q(0) = against 6 

will give a straight line of slope C%(D A k 2 C B0 ) 112 and intercept 
iC^/V^Ceo) 1 ' 2 , an< ^ slope/intercept ratio will giveA: 2 C B o* For short 
contact times (0 < \/2k 2 C B0 ), a plot of Q(0)/\/d against 6 will give a 
straight line of slope M(& 2 C B 0 )]C£(D A / 7 r ) l/2 an ^ intercept 2 CX(D A / 7 r) 1/2 . 

In principle, both k 2 and C£VZ)^ can be estimated in either case. In 
practice, the measurements at long contact times give more accurate val¬ 
ues of C\{D A k 2 Y>\ while those at short contact times give more accurate 
values of C£VZ)^(D 2 ). 

If, in addition to Eq. (90), the following condition is satisfied, 

Ha' >3 or k 2 C m 0 > 12 (93) 

then, within 5%, 

Q{0) = 0C%(D A k 2 C m y> 2 (94) 

This is the fast pseudo-first-order case, where the rate of absorption Q(0)/0 
is the same at all points on the surface and therefore independent of the 
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hydrodynamics. Similar considerations apply to the fast psuedo-rath- 
order reaction of component A, in which case (D2) 

Q(6) = m/(m + l)]/> A ^nCr +1 Cg 0 } 1/2 (94a) 

Under these circumstances, measurements of Q(0) from experimental 
3>(0), through Eq. (87), do not lead to separate values of C% VD~ a and k 2 or of 
Cf m+1)l2 VDl and k mn . Nevertheless they lead to the value of the grouped 
parameters C%(D A k 2 C m ) m or [2 /{m 4- \)]D A k mn C% m+1 C^ 0 sufficient for de¬ 
termination of interfacial area in the gas-liquid reactor [Eq. (76)] without 
detailed knowledge of each physicochemical parameter. 

Last, for an irreversible instantaneous reaction (that is, when Ha' 
»£*), the diffusion reaction equations governing this case have been 
given by Danckwerts (D2). The solution is 


Q(0) = 2E,Ct (ff)" 2 



In this case, in addition to the quantities C %, D A , and C B0 as in the 
pseudo-first-order case, the diffusivity D B of the reactant B is also in¬ 
volved. Any one of these quantities can be deduced from the experimental 
<b(0) if the values of all the others are known or estimated. An interesting 
possibility is the reduction of C% to a value much less than C B0 , in which 
case (D B /D A )(C B o/zC%) may be much more than I. The diffusivity D B can 
then be determined without the same uncertainties as forC| andD A (S17). 
Thus the quantity of component A absorbed per unit area in the laboratory 
equipment in time 0 is 


Q(d) = 2 Cl 


(¥)“ ( 


i _i_ 5 _b C bo \ 

D a zCt) 



3. Use of Sodium Sulfite Oxidation 

The absorption of oxygen into sulfite solutions is very often used to 
measure interfacial areas in pilot plant or industrial reactors, as reviewed 
by Reith and Beek (R9) and Laurent et ai (L4). To illustrate the strategy 
outlined in the previous sections, a study of this reaction by Laurent (L2) 
will be discussed now in relation to the experimental conditions suitable 
for determining interfacial area in gas-liquid reactors. The reaction is 

0 2 + 2Na 2 S0 3 2Na 2 S0 4 
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with the rate 


r — * c C?CgQ — & c Co 2 CJ$a 2 so3^?:oso4 

To use the technique proposed earlier in this section for the kinetic regime 
the kinetic parameters are investigated with the following experimental 
conditions: 

0.2 < P 02 — 0.8-1 atm, 0.4 < C Na2S03 < 0.8 gm moles/liter 
10 -4 < C CoS04 ^ 1-2 x 10 -3 gm moles/liter, 

C^Naasoa C Na2S04 = const. (97) 

20 < t < 50°C, 7.5 < pH < 8.5 

Three types of laboratory equipment have been used (L2): a cylindrical 
wetted wall {d = 1.6 cm, h = 10 cm), a conic wetted wall (a = 14°, / = 14 
cm, 2= 3.8 cm), and a stirred vessel (D = 10.1 cm, V R = 1 liter, 
y L = 0.5 liter). 

a. Determination of the Kinetic Regime. The influence of interfacial 
area A m is given in Table XVA. For the same operating conditions, the 
volumetric absorption rate of oxygen <J>q 2 (in cm 3 /sec) varies propor¬ 
tionally with the interfacial area in the three equipment types. Thus this 
reaction can not be considered a very slow chemical process (regime H, 
Table XIII; Fig. 7). 

The influence of liquid holdup /3 is shown in Table XVB. For any given 
operating condition, the average volumetric rate of absorption of oxygen 

TABLE XVA 


Determination of the Kinetic Regime for the 
Oxidation of Aqueous Na 2 S0 3 : Variation in 
Interfacial Area 0 A m (L2) 


Laboratory 

Interfacial area 

^02 

apparatus 

A m (cm 2 ) 

(cm 3 /sec) 

Cylindrical 

49.8 

0.195 

wetted wall 



Conic wetted 

74 

0.296 

wall 



Stirred 

78 

0.308 

cell 




a t = 20°C;po 2 = 1 atm; pH = 8.5;C NaaS03 = 0.8 gm moles/ 
liter; C Co so-. = 0.1 gm/liter. 
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TABLE XVB 


Determination of the Kinetic Regime for the 
Oxidation of Aqueous Na 2 S0 3 : Variation in 
Liquid Holdup 0 fi = V L /V R 


Laboratory 

apparatus 

v h = pV R 

(cm 3 ) 

<POl 

(cm 3 /cm 2 sec) 

Cylindrical 

1.5 

2 x 10 -3 

wetted wall 



Conic wetted 

1 

2 x 10’ 3 

wall 



Stirred 

500 

2 x 10~ 3 

cell 




1000 

2 x 10 -3 


a t = 20°C; p o, = 1 atm; pH = 7.5; C Na2S0: , = 0.8 
gm/liter; C CoS04 = 0.1 gm/liter. 


( Pq 2 (in cm 3 /cm 2 sec) is independent of the liquid holdup. So the kinetic 
regimes E, F, and G (Table XIII; Fig. 7) can be eliminated. 

The influence of the liquid-side mass-transfer parameter k L , a function 
of apparatus hydrodynamics, is obtained from the different geometries of 
the three apparatuses (and also by varying the stirring speed N h in the 
stirred cell) and from the liquid flow rate Q h in each apparatus. The varia¬ 
tions in <p' = (Pq , 2 with Q L for the wetted-film equipment, and with N L for 
the stirred cell, are given in Fig. 9. In a certain range of these latter 
variables (that is, in a defined range of contact times for the three equip¬ 
ment types), values of <p' are independent of k L . Therefore, in this range of 
variables, kinetic regimes A and C (Table XIII; Fig. 7) can be eliminated. 

The influence of the reactant (Na 2 S0 3 ) concentration C B0 is also given in 
Fig. 9 as an example for the cylindrical wetted wall. Since <p ' is influenced 
by C B0 , the kinetic regime B (Table XIII; Fig. 7) can be eliminated and the 
reaction can be considered a rapid pseudo-mth-order type (regime D, 
Table XIII; Fig. 7). This deductive sequence has to be repeated for the 
different operating conditions previously given. 

b. Determination of Partial Orders of Reaction. If the gas-phase resis¬ 
tance is negligible, the rate equation corresponding to kinetic regime D is, 
within 5%, 

$ = <pa = a{[2/(m + l)p A A: mn Cr +1 Cg 0 C? at } 1/2 (98) 

That is, for any laboratory equipment, from Eqs. (87) and (94a), the 
specific equation for sulfite oxidation is 






Fig. 9. Influence of hydrodynamic conditions and sulfite concentration on volumetric average rate of absorption <p’ (L2). 
(a and b) Cylindrical wetted wall: effects of liquid flow rate, pH, sulfite concentration, (c) Stirred vessel, effect of stirrer 
speed, (d) Conic wetted wall, effect of liquid flow rate and pH. 
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m = a ,„ Qf- = <pA m 

= A/n _). J ^oj^mnPot j 1 C\ a2 so :i C?'()SO, (99) 

We remember that these equations are valid if 3 < Ha « E x . To deter¬ 
mine the interfacial area in a gas-liquid reactor, it is necessary to know 
the partial orders of reaction ra, n , and q in the range of the operating 
conditions. Values of these orders from the literature, given in Table XVI, 
show large discrepancies for closely similar experimental conditions. For 
example, the value of n may be 1 or 2, or may vary continuously from 1 
to 2. 

However, in kinetic regime D, the variations in the average rate of 
absorption with the concentration of each component should conform to 
Eq. (99), and the experimental values measured in equipment where the 
interfacial area A m is known should lead to the values of the partial orders. 
Examples of such variation in the average volumetric rate of absorption of 
oxygen <p ' (here in cm 3 /cm 2 sec), as a function of p Qz = HC$ 2 , in the three 
laboratory equipment types are shown in Fig. 10a. The reaction is 
second-order in oxygen, as indicated by the slope of the straight-line plots 
of log <p r versus logp 02 ,is £(m + 1) = 1.5 forp 02 in the range 0.2-0.8 atm. 
It was observed forp 02 = 0.8-1 atm and above that <p' increased less than 
would be expected for m = 2 (L2, A4). In practice, most of the experi¬ 
ments in pilot plants or in industrial reactors are carried out with air at 
atmospheric pressure, and under these conditions the order in oxygen 
appears to be m = 2. 

The influence of the sulfite concentration on <p’ is seen in Fig. 10b. As 
previously shown, the specific absorption rate decreases as the Na 2 S0 3 
concentration increases (curve a). However, experiments carried out 
keeping the initial sulfite plus sulfate concentration constant by the addi¬ 
tion of Na2S0 4 show a less marked decrease (curve b). More careful 
analysis reveals that the specific rate of absorption is independent of sul¬ 
fite concentration when the experiments are carried out keeping a con¬ 
stant total sulfite plus sulfate concentration. This is demonstrated by re¬ 
cycling a solution partially oxidized into sulfate through the equipment 
(curve c). This interpretation may explain the different values of n pub¬ 
lished in the literature. 

The residual decrease in curve b may perhaps be caused by variations 
in ionic strength, by impurities whose influence increases with sulfite con¬ 
centration (L17), or by reduction of the solubility of oxygen at high con¬ 
centrations of sulfite (W3). In the experiments corresponding to curve b, 
the ionic strength I is constant; the difference from curve a may be due to 



TABLE XVI 


Reported Orders of Reaction for Oxidation of Aqueous Sulfite Solutions 


^Najsoa Poi~ He Cq 2 ^coso 4 Temp. 

(gm mole/liter) (atm) (gm mole/liter) (°C) pH n mg Ref. 


0-0.08 

0.00375-1 

0.2 and 1 
0.1-1 

0-7 x 10“ 7 
10" 3 -10“ 4 

25-100 gm/liter 
0.4-0.8 

1 

0.1-1 

lO^-lO" 3 

4 x 10" 4 

100 gm/liter 
0.25-0.795 

0.2 

0.2-1 

10“ 3 

0-10" 3 

0.3-1 

© 

i 

5 x lO^-lO” 4 

50-100 gm/liter 
0.4-0.8 

© p 

1 1 

2 x l0‘ 5 -2 x 10 

3 x 10' 6 -3 x 10 

0.4-0.8 

0.8 

0.1-0.5 
0.3-7 

<10~ 4 

lO^-lO” 3 


20 

8.0-9.2 

1 



1 if [Na 2 SOa] < 0.06 

0 if [Na 2 S0 3 ] - 0.25 
<0 if 0.25 < [Na 2 S0 3 ] < 

15-33 

7.5-8.5 

0 if 50 < [Na 2 S0 3 ] < 100 

30 

7.5-8.5 

-1 


30 

— 

— 

15-35 

7.8-9.2 

0 

30 

8.5 

Variable order 

15-60 

7.5-8.0 

0 

15-60 

7.5-8.5 

0 

20 

7.5-8.0 

0 

30 

8.3 

0 


1 

1 

Y1 

0 

— 

A7 

1 

— 


2 

— 


1 

1 

D13 

2 

1 

W3 

Decreasing order 
if p 02 > l atm 
if [Na 2 SO a ] = 0.4 gm 
mole/liter 

— 

— 

W4 

1 if Po-> > 0*9 atm 

1 

L13, L16, L17 

2 if/?o 2 <0.9 atm 

Continuous 

— 

03 

variation 
from 2 to 1 

2 

1 

D2, L18, R8 

2 

1 

R9, L4, 

2 


B23, N15 

P2 

2 if p Q2 < 0.8 atm 

1 

A4 

1 ifpo* > 1.1 atm 







Fig. 10. Influence of component concentrations and of pH on average volumetric rate of absorption ip' (L2). (a and c) 
Effects of partial pressure and catalyst concentration, (b) Effects of sulfite and sulfate concentration, (d) Effects of pH and 
partial pressure. 
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a different solubility and diffusivity of 0 2 in the solution. In fact, curve c 
represents the actual variations in the sulfite oxidation system unden ac¬ 
tual operation of an industrial reactor for which, with fixed feed condi¬ 
tions, the sulfite concentration, produced sulfate, and impurities are all 
maintained constant during a run. Under such experimental conditions, 
the average rate of absorption is independent of the sulfite concentration 
in the range 0.4-0.8 M, giving n — 0. 

The influence of the catalyst concentration on <p ' is shown in Fig. 10c. 
The reaction order in catalyst is unity, as indicated by the slope of 0.5 or 
the slope of the straight lines of log ip ' versus log C CoSO ,, for cobalt concen¬ 
trations in the range 1 x 10~ 4 to 2 x 10 _3 M. Any cobalt concentration 
higher than these will form a solid precipitate with the sulfite. A gradual 
increase in the volumetric average rate of absorption with pH is illustrated 
in Fig. lOd. 

The partial orders for the defined operating conditions are sufficiently 
accurate for industrial practice, because only the rate of absorption per 
unit interfacial area needs to be known (without the rate constant and the 
activation energy). However, it is interesting to compare the values of 
these parameters as obtained by different authors to show the errors that 
could be made when different qualities of products are used. When w, n , 
q, and the diffusivity and the solubility of 0 2 are all known, the second- 
order reaction rate constant k mn (=k 2 ) and its variations with pH and 



Fig . 11. Second-order reaction rate constant k 2 as a function of cobalt concentration 
and pH. 
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temperature can be determined. The dependence of k 2 on cobalt concen¬ 
tration and on pH is shown in Fig. 11, based on the work of Reith and 
Beek (R7, R9) and of Laurent (L2), whose rates are systematically higher. 
Linek and Mayrhoferova (L17) measured a second-order reaction rate in 
0 2 but did not interpret their data in terms of a second-order rate constant. 

The Arrhenius relation, shown by a plot of log k 2 versus MT for different 
values of pH, gives straight lines. From their slope, values of E a reported 
by different authors are given in Table XVII. They show a large di¬ 
vergence and again indicate a strong influence of the purity of the solution. 

Thus the oxidation of aqueous Na 2 S0 3 solutions with C0SO4 as a 
catalyst proves to be a convenient model reaction for determining interfa¬ 
cial area in gas-liquid reactors. The kinetics of the reaction is not simple; 
many variables influence the reaction rate but, provided the range of 
cobalt and sulfite concentrations, pH values, and temperatures previously 
indicated is satisfied, the reaction is zero-order in sulfite, first-order in 
cobalt, and second-order in 0 2 . The specific rate of absorption is 

<P = 

if the following conditions are verified: 

3 < (D 02 k 2 C$ 2 y l */k L «\ + (D Na2 so 3 /^o)(C Na2 so3/2Cg 2 ) 

Under these conditions, the interfacial area in a given reactor can be 
found by measuring the rate of absorption of 0 2 with the same partial 
pressure of 0 2 , the same absorbent, and the same temperature and pH in 
laboratory equipment such as a wetted falling film, laminar jet, or stirred 
vessel in which the interfacial area A m is known. It is emphasized that 

TABLE XVII 


Reported Activation Energy E a for Oxidation of Na 2 S0 3 a 


/(°C) 


pH 


Reference 

7.5 

8 

8.5 

15-60 

18,421 

13,875 

12,918 

R7 

15-60 

— 

18,800 

— 

R9 

15-33 

12,000 

12,000 

12,000 

D13 

15-35 

12,000- 

12,000- 

12,000- 

L17 


13,000 

13,000 

13,000 


30 

— 

10,526 

— 

W3 

20-50 

12,250 

12,000 

12,250 

L2 


Values are in cal/gm mole. 






GAS—LIQUID ABSORPTIONS AND REACTIONS 


65 


exactly the same reactants must be used in both types of equipment, so 
that the influence of the catalyst and of trace impurities will be the same. 
Impurities such as traces of oil in the air, or from contact of the solution 
with metal, should be avoided. Phenomena such as foaming (reflecting the 
quality of the components used) should be carefully controlled. The litera¬ 
ture suggests that use of copper as a catalyst (instead of cobalt) leads to 
poor results, perhaps even to inhibition. 

Compared with the more common model reaction of C0 2 absorption, 
sulfite oxidation is moderated by the low solubility of 0 2 . It can be used 
when gas-phase conversion is very fast, as in a stirred tank. The results 
are typical of ionic solutions, whose properties may differ from those of 
other process liquids. 

The equation just given becomes inaccurate at 0 2 pressures above 
about 0.8 atm, because the reaction shifts from second-order to first-order 
as the pressure increases above this value. Alper (A4) has observed first- 
order dependence on 0 2 pressure in the range from near 1 to 7 atm. 


D. Mass-Transfer Rates with Chemical and Purely Physical 
Processes 

To characterize the gas-liquid mass-transfer performance of a reactor, 
k L a , k G a , and a can be determined as described above. The question then 
arises how the parameters so evaluated can be extrapolated to other 
operating conditions, for example, from chemical absorption to physical 
absorption, or vaporization. In other words, is the value of k L or a for the 
hydrodynamic conditions of chemical absorption the same as for the hy¬ 
drodynamic conditions of physical absorption? 

In a packed column, some zones of liquid in the packing are almost 
motionless, becoming saturated by the absorbing gas during physical ab¬ 
sorption, hence almost ineffective to mass transfer. When the absorbing 
capacity of the liquid is increased by a chemical reactant, these zones may 
still be effective, and measurement of the amount of gas absorbed may 
give the impression that k L and a have greater values. Also, in a mechan¬ 
ically agitated reactor, the effective interfacial area in a reacting system 
may not equal the area in a physical absorption or desorption, where the 
absorbing capacity of the liquid is not increased. In the case of absorption 
with a fast chemical reaction, the mass-transfer coefficient is independent 
of the hydrodynamics and equal at every point in the vessel, and the 
interfacial areas in all parts of the agitated vessel contribute equally to 
mass transfer. But in the case of physical desorption or absorption, the 
mass-transfer coefficient can have quite different values, for example, 
around the agitator and far away from it, or similarly for any gas-liquid 
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reactor that exhibits hydrodynamic inhomogeneity; and the interfacial 
regions in different parts of the reactor do not contribute equally to the 
mass transfer. 

Thus assumption of the same value for interfacial area in physical and 
chemical absorption leads to uncertainty, especially if the mass transfer 
coefficient is deduced from k L a measured by physical absorption or de¬ 
sorption and from a in chemical absorption. The effective interfacial area 
in the case of a fast-reaction system where the absorbing capacity is 
increased by a chemical reactant is substantially larger than the effective 
interfacial area for physical absorption or desorption, as pointed out by 
Joosten and Danckwerts (J10). These authors introduced a correction 
factor y, the ratio between the increase in liquid absorption capacity and 
the increase in mass transfer due to chemical reaction: 

_ i + (c B0 /zCi) 

E 

Experimental results showed that, for physical absorption (y = 1) and 
absorption with instantaneous chemical reaction (y ~ 1), the effective 
areas were the same; while for y » 1 , the interfacial area increased. The 
different effective areas found by Ratcliff et aL (R3), Joosten and 
Danckwerts (J10), and Laurent (L2), using similar packing and similar 
absorbing solutions, can be explained by the different y values in the 
different cases. 

The different values of k L a depending on the type of mass-transfer pro¬ 
cess (vaporization, chemical, or physical absorption) are due not only to 
variations of the liquid areas involved in mass transfer operation (J10, 
P16), but also to variations in the local mass-transfer coefficients within 
these zones (B2, B3, P13), for example, those due to the effect of interfa¬ 
cial turbulence which may accompany chemical absorption (L15). 

The technique of simultaneous absorption with fast pseudo-rath-order 
reaction and physical absorption or desorption concurrently, used by 
Wilke and Robinson (R14), Linek (L15), and Beenacker and Van Swaaij 
(Bit), is certainly a promising effort to understand the whole complex 
problem of transport in gas-liquid reactors, since it provides simultaneous 
measurement of k L a and a. But still it may leave some doubt as to a value 
of k Ll which can be changed by the occurrence of chemical reaction. As 
discussed by Prasher (P13), it will be even more promising to conduct 
such simultaneous experiments in a regime where both hydrodynamics 
and reaction have comparable effects. 

As explained in Section III, A,4, a perfect knowledge of mass-transfer 
data theoretically necessitates simultaneous measurements of mass- 
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transfer parameters by two methods: local physical measurement of a, k L , 
and k L a; and global chemical or physical measurement of a, k Li and/: L « to 
follow the effect of point-to-point variations. It is important to note that 
adequate techniques now exist, and the coming years should provide the 
data needed to clarify the picture. 


IV. Mass-Transfer Coefficients and Interfacial Areas in Absorber. Scale-up 

The choice of a suitable reactor for gas-liquid reaction or absorption is 
very often a question of matching the reaction kinetics with the capabil¬ 
ities of the proposed reactor. The specific interfacial area a , liquid holdup 
/3, and mass-transfer coefficients k L and k G (or k L a and k L a) are the most 
significant characteristics of a reactor. A synthesis of published values of 
the mass-transfer parameters will be given in this section. 

Our objective here is to try to answer the following questions: For a 
proposed type of gas-liquid contactor compatible with the properties and 
flow rates of the phases and with the reaction type, what are the likely 
values of the specific interfacial area and the gas and liquid mass-transfer 
coefficients by which the contact performance can be predicted? And 
what is the expected accuracy of these values? Table XVIII gives typical 
values of these parameters in typical contactors shown in Fig. 12 for fluids 
with properties not very different from those of air and water (especially, 
liquid viscosity under 5 cP where the liquid is nonfoaming). Because this 
review is especially concerned with the chemical method of determining 
these parameters, experimental data obtained by this method will be given 
in subsequent tables and figures. 

A. Packed Columns 

Packed columns are used conventionally to obtain a low pressure drop 
or low liquid holdup when there is practically no heat to remove or supply 
or when the gas or the liquid is corrosive. They are not used when solids 
are present in the feed or are formed in the reaction. Although packed 
columns or reactors can be operated cocurrently, their operation is usu¬ 
ally countercurrent. In particular, countercurrent use is preferred when a 
higher concentration driving force is needed, that is, for distillation or for 
most physical absorption. However, when irreversible reaction occurs 
between dissolved gases and the absorbent, the mean concentration driv¬ 
ing force is the same for both modes of operation. In this case the capacity 
of cocurrent columns is not limited by flooding, and at any given flow rates 



TABLE XVIII 


Mass-Transfer Coefficients and Effective Interfacial Areas in Gas-Liquid Reactors 


Type of reactor 

P 

{% gas-liquid 
volume) 

(gm moles/cm 2 
sec atm) x 10* 

*L 

(cm/sec) x 10 2 

a 

(cm 2 /cm 3 reactor) 

k L a 

(sec -1 x 10 2 ) 

Packed columns 

Countercurrent 

2-25 

0.03-2 

0.4-2 

0.1-3.5 

0.04-7 

Cocurrent 

2-95 

0.1-3 

0.4-6 

0.1-17 

0.04-102 

Plate columns 

Bubble cap 

10-95 

0.5-2 

1-5 

1-4 

1-20 

Sieve plates 

10-95 

0.5-6 

1-20 

1-2 

1-40 

Bubble columns 

60-98 

0.5-2 

1-4 

0.5-6 

0.5-24 

Packed bubble columns 

60-98 

0.5-2 

1-4 

0.5-3 

0.5-12 

Tube reactors 

Horizontal and coiled 

5-95 

0.5-4 

1-10 

0.5-7 

0.5-70 

Vertical 

5-95 

0.5-8 

2-5 

1-20 

2-100 

Spray columns 

2-20 

0.5-2 

0.7-1.5 

0.1-1 

0.07-1.5 

Mechanically agitated 

bubble reactors 

20-95 

— 

0.3-4 

1-20 

0.3-80 

Submerged and plunging jet 

94-99 

— 

0.15-0.5 

0.2-1.2 

0.03-0.6 

Hydrocyclone 

70-93 

— 

10-30 

0.2-0.5 

2-15 

Ejector reactor 

— 

— 

— 

1-20 

— 

Venturi 

5-30 

2-10 

5-10 

1.6-25 

8-25 
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reactor 



f L 

Ejector reactor 



Fig. 12. Principal types of industrial equipment. 


of gas and liquid the pressure drop in a cocurrent column is less. Also, in 
some three-phase reactors, with packing serving as a catalyst, it is advan¬ 
tageous to use cocurrent operation (S9, CIO). 

1. Countercurrent Packed Columns 

A great number of published values of interfacial area per unit packed 
volume a and true liquid-side mass-transfer coefficient k h for different 
packings have been compiled in Fig. 13. Also shown are the variations in a 
and k L with superficial liquid velocity w L . The compilation covers columns 
operating in the trickle-flow regime, that is, with gas and liquid rates 
insufficient to reach the loading state. For the chemical gas-liquid systems 
covered (mostly aqueous solutions of electrolytes), the interfacial area is 
independent of the chemical system to within ±20% (J5, V7, D6; (curves 
E, L, N). The interfacial area depends on the type and size of the packing 
and is independent of the column height when reported per unit packed 
volume (D6). For any type of packing, a decreases when the size of the 
packing increases. In large-scale columns, Eckert (El) has suggested that 
2-in. packings are the most economical. The interfacial area is independent 
of the gas superficial velocity u G when the column operates below the 
loading condition (D14, B13). Also, the interfacial area depends on the 
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column diameter (curves D, E, J, K). For a given value of packing 
diameter, Pall rings give the highest interfacial area. 

For a given packing shape, plastic materials often offer the smallest 
interfacial area. However, plastics are now much used as material for 
packings, their main advantages being low specific weight, resistance to 
breakage, easy shaping, low cost, corrosion resistance, and temperature 
stability to as high as 130°C. Their main drawback is their contact behav¬ 
ior with the process liquid; they may withstand the liquid phase but not be 
wetted by it, or they may be well wetted and also be swollen and softened 
by it. To overcome these drawbacks, an interesting study has been re¬ 
ported by Lineker al. (L20), using 15-mm Raschig rings made of ceramic, 
polyethylene, and polypropylene. It was found that the effective interfa¬ 
cial area of plastic packings was about 40% of that of geometrically similar 
ceramic packing. The area of the plastic packing was then increased about 
2.5 times (Fig. 14) by chemical oxidation [with H 2 S0 4 , K 2 Cr 2 0 7 , and 
Cr 2 (S0 4 ) 3 at about 90°C] to form a hydrophilic layer. Such surface treat¬ 
ment is inexpensive but provides significant improvement in mass trans¬ 
fer. 

When the results of Fig. 13 do not apply, a suitable equation may be 
used. Among several formulas proposed for correlating interfacial areas 
(02, J1, M17), the most general one is probably the relationship of Onda et 
al. (02) 



Fig. 13. Interfacial areas (a) and true liquid-side mass-transfer coefficients (b) in coun¬ 
tercurrent packed columns. (See tabulation on p. 71.) 




Tabulation for Figure 13 



Packing 




No. of 
particules 
by unit of 
packed vol. 

Packing 

surface 

area 

(cm 1 ) 


Curve 

Type 

Nominal 

diam. 

(in.) 

Temp. 

(°C) 

Column 

diam. 

D 

Chemical systems 

A 

Ceramic Intalox saddles 

i 

25 

4 in. 

640,000 

4.7 

Absorption C0 2 

B 

Ceramic Pall rings 

i 

25 

4 in. 

360,000 

4.2 

Absorption C0 2 

C 

Steel Pall rings 

* 

25 

6 in. 

220,000 

3.5 

Absorption C0 2 

D 

Ceramic Raschig rings 

i 

30 

10 and 20 

1,070,000 


COj-NaOH 

E 

Ceramic Raschig rings 

a 

30 

4.37 cm 

980,000 


9 different systems 

F 

Ceramic Intalox saddles 

i 

30 

10 cm 

385,000 


CO z -NaOH 

G 

Ceramic Raschig rings 

i 

25 

4 in. 

370,000 

3.8 

C0 2 -HNaC0 3 -Na 2 C0 3 - 

H 2 As0 2 

H, 

Ceramic Pall rings 

1 

25 

9 in. 

49,000 

2.2 

Absorption CO z 

Hj 

Inox Steel Pall rings 

1 

25 

20 cm 

49,000 

2.0 

C0 2 -Na0H 

Air-dithionite 

Ha 

Polypropylene Pall rings 

1 

25 

20 cm 

51,000 

2.0 

C0 2 -NaOH 


Ceramic Intalox saddles 

1 

25 

9 in. 

84,000 

2.5 

Absorption C0 2 

I 2 

Ceramic Intalox saddles 

1 

25 

20 cm 

75,300 

2.5 

C0 2 -NaOH 

C0 2 -DEA 

Air-dithionite 

U 

Polypropylene Intalox saddles 

1 

25 

20 cm 

53,500 

2.0 

C0 2 -Na0H 

J 

Ceramic Raschig rings 

1 

25 

12 in. 


2.03 

0 2 -Na 2 S0 3 -Co 2+ 

K 

Ceramic Raschig rings 

1 

25 

9 in. 

48,000 

1.8 

Absorption C0 2 


Ceramic Raschig rings 

1 

25 

20 cm 

50,600 

1.9 

Air + dithionite 


PVC Raschig rings 

1 

25 

20 cm 

51,400 

1.9 

Air + dithionite 

L 

Ceramic Raschig rings 

H 

20 

18 in. 

14,000 

1.3 

C0 2 -Na0H-C0 2 - 

hkco 3 -k 2 co 3 -cio- 

M 

Ceramic Intalox saddles 

li 

11-34 

0.5 m 

21,000 

1.6 

0 2 -Na 2 S0 3 -Co 2+ 

N 

Ceramic Raschig rings 

1* 

11-34 

0.5 m 

13,000 

1.3 

0 2 -Na 2 S0 3 -Co 2+ 

O 

Polypropylene Pall rings 

n 

11-34 

0.5 m 

15,500 

1.3 

0 2 -Na 2 S0 3 -Co 2+ 

P 

Polypropylene Intalox saddles 

2 

11-34 

0.5 m 

6200 

1.1 

0 2 -Na 2 S0 3 -Co 2+ 




72 


JEAN-CLAUDE CHARPENTIER 



Fig. 14. Wetted surface area of packing as a function of superficial liquid velocity (L20): 
(1) plastic; (2) ceramic; (3) plastic coated with a hydrophilic layer (corresponding to solid 
symbols). 


£ = % 
a c a c 


1 - exp 


r . /W ’ 75 ( L \ 0 ' (L 2 a c \ _0 05 ( L 2 \ 02 ' 

[ ' 5 \(t) \OcMl) (pig) (pL<ra c ) . 


( 100 ) 


where a w is the wetted area per unit of packed volume, a g is the specific 
surface area of the packing, a 0 is the total dry area of the packing per unit 
of packed volume [a c = a g ( 1 — c)], L is the mass superficial liquid flow 
rate, € is the void fraction, and /x L are the density and viscosity of 
liquid, <t is the surface tension of liquid and, cr c is the critical surface 
tension of liquid for a particular packing material. This equation correlates 
results within a maximum uncertainty of ±20%, except in the case of Pall 
rings where it is conservative, the reason being that here the match of 
interfacial area with wetted area does not fit. The construction of the Pall 
rings disperses part of the liquid as small droplets not taken into account, 
and this effect may double the values of « w * 

An alternate correlation has been proposed by Puranik and Vogelpohl 
(P16) for the values of effective interfacial area a v (during vaporization), 
a AC (absorption with reaction), a AP (without reaction), and corresponding 
values of the wetted surface area a w . The effective interfacial area is then 
divided into static and dynamic areas (a st + a dyn ) for vaporization and 
absorption with chemical reaction. For absorption without reaction, the 
effective interfacial area is only the dynamic area. Thus 

a/a c = (a sl + a Ayn )/a c = a AC /a c = a^/a c = a A /a Q 

a/a c = 1.05(L/a c /u. L ) 0 04 l (i<VpLO'a c ) 0133 (o-/o - c ) _0182 (101) 

flat A*c = (a - a AV )/a c = 0.229 - 0.091 Xnip^g feral) (102) 

Equations (101) and (102) have been used to correlate a large body of 
experimental data, again within a maximum error of ±20%. The range of 
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TABLE XIX 


Range of Variables and Physical 
Properties for Eqs. (100)-(102) 


Variable 

Range 

L = p L w L 

0.25-12 kg/m sec 

Ml 

0.5-13 cP 

<T 

25-75 dyn/cm 

Pl 

800-1900 kg/m 3 

d 

10-37.5 mm 

(r/(T c 

0.3-1.3 

a/a c 

0.08-0.8 


variables and the physical properties covered by Eqs. (100)-( 102) are given 
in Table XIX. 

The true liquid-side mass-transfer coefficients k L all lie between 
4 x 10~ 3 and 2 x 10 -2 cm/sec (Fig. 13) and may be considered indepen¬ 
dent of u G . The most representative relationship for the liquid-side mass- 
transfer coefficient, accurate within a range of ±20%, is probably the one 
contributed by Mohuntap/ al. (Ml7): 




ttlggST ”/ Ml V 0 - 5 
fpt ) \plPj 


(sec 1 ) 
(103) 


The range of variables and physical properties tested with this equation is 
given in Table XX. 

Most of the reported mass-transfer data are confined to aqueous sys¬ 
tems. It is interesting to underline the recent work of Sridharan and 


TABLE xx 


Range of Variables and Physical 
Properties for Eq. (103) 


Variable 

Range 

L 

0.1-42 kg/m 2 sec 

G 

0.015-1.22 kg/m 2 sec 

Ml 

0.7-1.5 cP 

Ml/Pi.A. 

140-1030 

d 

6-50 mm 

D 

6-50 cm 





74 


JEAN-CLAUDE CHARPENTIER 


Sharma (S35), including the use of organic solvents (such as toluene, 
xylene, diethylene glycol, and polyethylene glycol) for the measurement 
of a and& L by the chemical method. In each case, the reaction between 
C0 2 and selected amines is employed to determine a . For example, values 
of interfacial areas obtained in a reaction of C0 2 with cyclohexylamine in 
xylene plus 10% isopropanol, in a 10-cm-i.d. column packed with 0.5 in. 
ceramic Raschig rings, are reported in Fig. 15. A comparison with the 
values for aqueous systems shows a 50% improvement attributable to the 
lower surface tension of xylene (cr L = 26.8 dyn/cm). 

Data on k L a and a obtained by absorption of C0 2 and of propylene in 
cuprous amine solutions (containing complexed NH 3 ) are reported in the 
same figure (V7). 

Finally, the true gas-side mass-transfer k G values as measured by the 
chemical method (V7, M10) may be correlated with the use of dimensional 
analysis (D2), within a range of ±30%, by 

k^P/G = (C/MXae^-W//^ (104) 

where P is the total pressure in atm, M is the gas molecular weight in 
gm/mole, G is the mass superficial gas flow rate in gm/cm 2 sec, D G is the 
solute gas diffusivity, C = 2.3 for d < 1.5 cm and C = 5.23 for d > 1.5 
cm, and p G and are the density and viscosity of gas. Additional results 



Fig. 15. Mass-transfer data for C0 2 in an amine, alkali, or NH 3 solution (S35). 
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Tabulation for Figure 15 


Packing Column 


Curve 

d 

(in.) 

£ 

D 

(cm) 

Z 

(cm) 

Gas-liquid system 

(cm/sec) 

Ref. 

A 

i 

0.52 

10 

61 

C0 2 -cyclohexylamine in xylene + 10% 

40 

S35 






isopropanol 



G 

1 

2 


10 


C0 2 -aqueous NaHC0 3 + Na 2 C0 3 with 


D4 






H 2 As 0 3 as a catalyst 



B 

3 

R 

0.64 

5 

27 

C0 2 -aqueous cuprous amine-NH 3 

25 

S35 






solution 



C 

ii 

8 

0.64 

5 

27 

propylene—aqueous cuprous 

4 

S35 






amine-NH 3 solution 




complementary to the above have been developed by Fellinger and are 
included in Perry’s handbook (P5, pp. 18-41). 

2. Packed Bubble Columns (Liquid Flow Negligible) 

As shown in Section IV,C, bubble columns are frequently operated as 
absorbers and reactors because of their low cost, simplicity of operation, 
and the ease with which the liquid residence time can be varied. However, 
they involve the disadvantage of severe gas back-mixing and bubble 
coalescence phenomena, which can be reduced substantially by packing 
the column. Packed bubble columns show 15-100% improvement in effec¬ 
tive interfacial area a d and liquid-side mass-transfer coefficients ( k L a ) d , 
based on void volume, over those for empty bubble columns under oth¬ 
erwise similar conditions (M8, M9). However, when mass-transfer results 
are based on total column volume (that is, the actual design volume), the 
improvement over an empty bubble column is less (at times the interfacial 
area in a packed bubble column is actually smaller), because of the sub¬ 
stantial part of the column volume occupied by solid. To avoid this effect 
while keeping the advantages of packed bubble columns, it is desirable to 
use packings with high porosities, such as screen packings (V13, C14, Al) 
for which the interfacial areas may be two to four times as great as in 
unpacked vessels. 

Sahay and Sharma (S2) have reported a detailed study for 10- to 38-cm- 
i.d. columns with packings of different sizes and shape (ceramic, plastic, 
metal). The sparger design for introduction of gas is unimportant in the 
range of superficial gas velocities covered, 10-25 cm/sec. Also, the pack¬ 
ing type and size have no effect on a d and give a maximum variation of 
about 50% in (/c L u) d for any given packing size. 

Both a d and {k v a) A vary as the 0.5 power of the superficial gas velocity 
(Fig. 16), which indicates that k L is independent of u G . In Fig. 16, one 
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column in each pair. Lower curve, areas: air-dithionite + TCP, 1-in. ceramic Intalox sad¬ 
dles, column heights 20 cm (c = 0.75) and 38.5 cm (€ = 0.77). Middle curve, k h a: C0 2 - 
Na 2 C0 3 + NaHCOg + TCP, 1-in. stainless steel Pall rings, heights 10 cm (c = 0.84) and 20 
cm (c = 0.90) also air-CuCl -I- NaCl + HC1 + TCP, 1-in. ceramic Raschig rings heights 20 cm 
(c = 0.73) and 38.5 cm (e = 0.79). Upper curve, k L a: air-CuCl + HCl, 1-in. ceramic Intalox 
saddles, heights 20 cm (c - 0.77) and 38.5 cm (« = 0.73). 

curve applies to tricresyl phosphate, (TCP) employed as an antifoaming 
agent. This behavior has been confirmed by Pexidr and Charpentier (P6) 
for low values of « G (<5 cm/sec) and for a greater range of liquid velocity 
(up to 1.75 cm/sec) in a 10-cm-i.d. column packed with 6.4- or 10-mm 
Raschig rings. 

3. Cocurrent Packed Columns 

As explained above, cocurrent gas-liquid flow in packed beds, packing 
being either catalytic or inert, is advantageously employed in the petro¬ 
leum and chemical industries. Successful modeling of mass transfer in 
packed-bed reactors requires careful study of the three-phase 
hydrodynamics—fluid flow patterns, pressure drops, and liquid holdup. 

Because cocurrent flow is not bounded by the phenomenon of flooding, 
it offers a greater range of hydrodynamic patterns, which must be 
specified before considering the mass-transfer behavior. 

a. Hydrodynamics. In the case of cocurrent downflow, the packed- 
bed reactor works in two main regimes: first, the trickle-flow regime in 
which for initially a zero gas rate the liquid phase trickles over the packing 
in a network of films, rivulets, and drops adjacent to a stagnant continuous 
gas phase; and second, the single-phase liquid regime in which for initially 
a zero gas rate the liquid phase fills the packing voids. When the liquid 
mass flow rate L is kept constant and the mass gas flow rate G is started 
and increased, the following flow patterns are observed. 
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The initial trickle flow of liquid (L < 20 kg/m 2 sec) through beds of 
spheres, beads, and pellets, as the gas flow increases, gives way to an 
alternate gas-rich or liquid-rich flow downward through the column (pulse 
flow) and finally to a turbulent state which appears to involve a continuous 
gas phase with part of the liquid suspended as a mist and with the other 
part covering the packing as a film (spray flow). For small values of L 
(L < 2—5 kg/m 2 sec), there is not enough liquid to wet the whole packing 
surface, and pulse flow caused by the liquid obstructing the gas flow is 
not encountered. When the liquid phase foams during gas flow, two new 
flow regimes arise, foaming flow and foaming, pulsing flow, which appear 
between trickling flow and pulsing flow. 

Flow patterns, and transitions from one pattern to another as the flow 
rates change, have been described by several authors. This behavior is 
summarized in Fig. 17 for various gases, with water and different foaming 



PC_ 

Pwai pair 

System 


«wat f M /Pwat VI 0-1 


Water-air 

Cyclohexane-air 

Woter-air 

Cyclohexane-nitrogen 
Gasoline-carbon dioxide 
Gasoline-nitrogen 
Gasoline-helium 
Petroleum ether-nitrogen 
Petroleum ether carbon dioxide 


Spherical catalyst G 

Spherical catalyst C 

Cylindrical cotoiyst 1 □ 

Cylindrical catalyst 2 A 

Cylindrical catalyst 2 • 

Cylindrical catalyst 2 ■ 

Cylindrical catalyst 2 A 

Cylindrical catalyst 2 j 

Cylindrical cotoiyst 2 i 


System Pocking Key 

Kerosene-air Spherical catalyst (9 

Desulfurized gas oil carbon dioxide Cylindrical catalyst 2 + 

Desulfurized gas oil-air Cylindrical catalyst 2 X 

Desulfurized gas oil-helium Cylindrical catalyst 2 A 

Nondesulfurized gas oil-carbon dioxide Cylindrical catalyst 2 * 

Nondesulfurized gas oil-air Cylindrical catalyst 2 /\ 

Nondesulfurized 90s oil-helium Cylindrical catalyst 2 

Kerosene-oir Cylindrical catalyst 2 0 

Kerosene-nitrogen Cylindrical cotalyst 2 ♦ 


Fig. 17. Flow pattern diagrams in gas-liquid downward flow in packed beds (C12). (a) 
Nonfoamable liquid, (b) foamable liquid. 
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and nonfoaming hydrocarbons, in beds of 3-mm glass spheres, 3-mm 
alumina spheres, and 1.8 x 6 mm and 1.5 x 5 mm alumina pellets (C12). 
Diagrams are given in the literature (Til, B12, S6) for other shapes and 
sizes of packings, mostly confined to the water-air system. 

Starting from a liquid-full system at constant liquid flow (L > 20 kg/m 2 
sec downward, or at any L upward), the following patterns are observed 
as the gas flow increases: first, bubble flow, in which small bubbles appear 
unbroken in the continuous liquid phase; then, distorted bubble flow in 
which the bubbles begin to coalesce and to surround several packing 
elements; then pulse flow; and finally spray flow. 

These different flow patterns provide several different ^gas-liquid 
geometric configurations. Hence the mass-transfer properties in down¬ 
ward cocurrent flow are related to gas and liquid energy dissipation rates 
and depend on pressure drop A P lG and liquid holdup /?. There are several 
correlations for predicting these parameters, the most famous being pro¬ 
posed by Larkins et al. (L1) for cocurrent bubble-packed reactors (±20%): 

log[AP LC /(A/Y + A P G )] = 0.416/[(log X) 2 + 0.666] (105) 

log $ = -0.774 + 0.525 log* - 0.109(log X) 2 (105a) 

where X = (&PjAP c y 12 , for values of X between 0.05 and 30. AP L and A P G 
are the pressure drops that would exist if the liquid and the gas were to 
flow separately at the same rates as those in two-phase flow. For design, 
values for AF\ and A P G may be obtained by an Ergun-type relationship: 


f= ^ e 3 
2 Z pu 2 a g ( 1 - e) 


pu 


(106) 


where a g is the specific surface area of the packing, with different values of 
h K and h B for different packings (C13, S7, R6). However, a quick experi¬ 
mental measurement of h K and h B for the packing to be used will lead to 
better values (C12). Note that Larkin’s relationship does not apply to 
trickling liquid. 

For air-water flows through beds of spheres, Sato et al. (S7) proposed 
two related expressions valid over nearly the same range of X and in¬ 
tended to include the trickle-flow regime: 


and 


log 


AF lo 

A P L + A P G 


0.70 

[log(Af/1.2)] 2 + 1.00 


(107) 


(AP lg /AP l ) 0 - 5 = 1.30 + 1.85AT 0 ' 85 (108) 


Charpentier et al. (Cl3) have compared the pressure drop AP L0 in two- 
phase flow with that in single-phase flow of each phase (trickle flow or 
single-phase flow of liquid when the gas rate is zero, and single-phase flow 
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of gas with no liquid in the packed bed). This comparison was made in 
terms of a nondimensional energy ratio, accurate only to ±50%, and the 
relationship proposed is only valid for foaming, pulsing, and spray flow. A 
more complete review of pressure drop and liquid holdup correlations for 
gas-liquid downflow, with foaming and nonfoaming liquids, has been pub¬ 
lished by Midoux et al. (M15). 

For a quick first approximation in the case of trickle flow, pressure loss 
may be expressed by an Ergun-type relationship in which the porosity e is 
replaced by e(l — y8), the total liquid extraparticle holdup fi being calcu¬ 
lated either by the correlation proposed by Sato et al. for spheres (S7) of 
diameter 2 mm or larger: 

j8 = 0.42[flg(l - €)] 0 33 X 0 - 22 (109) 

with a $ in mm -1 ; or by the correlation proposed by Charpentier et al. (B1, 
C12) for Raschig rings, spheres, and pellets with diameters of more than 2 
mm: 

log 0 = P + Q log X' + R (log X') 2 (110) 

with 

0.05 < A" = (L/G) m l(p G g c )- 1 (AP G /Z) + I]" 1 ' 2 < 100 

AP 0 is in N/m 2 . Also, P = -0.570, Q = 0.165, R = -0.095 for Raschig 
rings; P = -0.280, Q = 0.175, R = -0.047 for spherical packings; and 
P = -0.363, Q = 0.168,/? = -0.043 for pellets. These equations under¬ 
estimate i8 for particles below 2 mm in diameter. 

Two points should be emphasized: First, the previous relationships for 
pressure drop and holdup are not valid for saddles and Pall rings, but data 
for these packings in specific situations are found in the literature (R6, 
D16, W2). Second, as a rough approximation, the equations for downward 
flow in a packed bubble reactor are still valid for upward flow. [The 
upflow data for pellets and spheres from T\irpin and Huntington (T11) and 
Sato et al. (S8) will be useful for specific cases.] 

b. Gas-Liquid Mass Transfer. Numerous published studies are re¬ 
ported in Table XXI. 

The liquid-phase mass-transfer coefficient k L a is affected by both gas 
and liquid rates. The following correlation is recommended by Reiss (R6) 
and Satterfield (S9) for downflow systems: 

k L a = 0.0173 Eg 5 [D A /(2.4 x lO" 9 )] 03 (111) 

where E t is an energy dissipation term in W/m 3 for liquid flow evaluated 
as « L AP lg /Z, w l is the superficial liquid velocity in m/sec, and D k is the 
diffusivity of solute gas in the liquid in m 2 /sec. If the viscosity of the liquid 
differs much from that of water, a complementary correction should be 



TABLE XXI 


Experimental Data Available in Literature for Cocurrent Gas-Liquid Downward Flow in Packed Bed 

Superficial 

velocity 

Packing Column (10 ‘ 2 m/sec) 


Reference 

d(mm) 

e 

£>(cm) 

Z(m) 

Gas 

Solute 

Liquid 

u, 

U t , 

Z 

/3 

k t a (sec ') 

Reiss (1967) 

12.5" 

0.72-0.78 



Air 

NH;, 

H 2 0 







25" 

0.79-0.88 

7.5-10 

0.5 




4-30 

60-450 

+ 

+ 

0.1-3 


76" 

0.79 



Air 

O* 

h 2 o 







25 4 

0.68 

41 










Gianetto et al. 





Air 

co 2 

NaOH 

0.08-4.4 

40-230 




(1970, 1973) 

W 

0.41 


0.2 



(0.5-2 N) 





0 . 011 - 1.6 


6 " 

0.59 

8 

0.4 

Air 

NH ;i 

Na*S0 4 

0.25-4.3 

40-220 

+ 

_ 

0.009-0.9 


6 " 

0.50 


0.6 



(IN) 





0 . 012 - 1.2 


6 " 

0.71 



Air 

o 2 

NaOH 

0.25-4.3 

40.220 



0.007-0.6 








( 2 N) 






Nagel et al. 

y 

0.41 

11 

3.2 









(1972) 





Air 

CO* 

Na*SO, 

0.3-3 

1.5-33 

- 

- 

— 


5" 

0.64 






0.3-3 

1.5-60 

+ 

- 


Ufford and Perona 

6.3" 

_ 


0.25 









(1973) 

12.7" 


10 

0.30 

Air 

O 

O 

H*0 

0.4-8.3 

4.3-12 

- 

- 

0.006-0.13 


Sato et al. 
(1974) 


2.6 r 0.37 

5.6 r 0.39 


Relationships (MKS units) 

k r .a = 2.0 + 0.1 E,‘! w 
M = 0.0143 

a.(l - €) = °' 27 [(tL «„(I - . 

Experimental curves: 

— 77 ——- versus for u t = const 

fl«(l “ €) 

JtjO = I3.5«,.M, t ! 75 

k,a ~ 2.96«J’ 93 i/ ( 'J 42 
= 2.73«i Mti « ( '! w 

^ = 0.074 (y) " b Ei!' 3 ' 




1-20 


5-100 


0.02-3 


H*0 

NaOH 1-10 1-100 

(0.1-1 jV) 


j * (1 - 0)ET 



SjO^Na^ 0.1-3.5 50-300 

S 2 0 4 N &2 


Experimental curves: 
a versus u { , and w, 
k u a = Augu" 

k { ,a in gm mole/cm 3 sec -1 atm 




10" A 

m 

n 


25.4 ft 

1.64 

0.64 

0.38 


25.4" 

1.57 

0.65 

0.40 

NaOH 

16" 

0.61 

0.87 

0.34 


H 2 0 0.002-0.00 = U4 n (PM \ ct 4 '7 Mi. 3 

0.05-0.5 0-0.8 + D s V p, ) \fj t Dj 

H 2 0 0.005-0.01 

k,a/D x = 9080( Pl tt L /p,r «Vl/PlA.) 0S 

H 2 0 1.2-4 27-55 - — M vs E L 

for pulsing flow only 
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applied (see Section II,C). Reiss’s relationship is based mainly on pulse 
and spray flow (E L > 80 W/m 3 ). 

For lower gas and liquid rates, corresponding to trickle flow of liquid, 
the reported values of k L a (varying from 0.01 to 0.1 sec -1 ) are smaller than 
predicted by Eq. (Ill) (U2, G13). Comparison of the different experimen¬ 
tal data has led Charpentier (CIO) to propose as a first approximation (Fig. 
18). 

k L a = 0.001 1E l [D a /(2.4 x lO" 9 )] (112) 

for 5 < E l < 100 W/m 3 , with a complementary correction for viscosity 
when needed. For smaller values of w L and Uq, AP/Z is only a few cen¬ 
timeters of water per meter of packing, and the energy dissipation term is 
irrelevant. In this case, a mean value of 0.008 sec -1 applies for packing 
with d > 2 mm. For more precise results, see the experimental data of 
Goto et ai (G13, G14). 

Finally, at very high flow rates of both gas and liquid, k L a may exceed 1 
sec -1 , a level difficult to attain in other types of gas-liquid contactors 
such as bubble columns or agitated vessels. In contrast to this, when the 
liquid is trickling over the packing, k^a values are of the same magnitude 
as those obtained countercurrently under the same working conditions. 

The gas-phase mass-transfer coefficient k^a is also affected by both gas 
and liquid flow rates. Extensive results have been reported by Reiss (R6) 
for 12.5-, 25-, and 76-mm polyethylene Raschig rings and 25-mm Intalox 
saddles; by Gianetto et al. (G8) for 6-mm spheres, Berl saddles, and glass 
and ceramic Raschig rings; and by Shende and Sharma (S24) for 25-mm 

JO 

\ 

_i 

1 


0.1 


Q01 



Fig. 18. Correlations for k L a values for cocurrent downward flow in packed beds (CIO). 
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ceramic Intalox saddles and polypropylene Pall rings and 16-mm 
stainless-steel Pall rings. In these different studies, the value of k^a vary 
between 2 and 70 sec -1 for liquid rates ranging from 0.5 to 30 cm/sec and 
gas rates from 40 to 450 cm/sec. However, discrepancies exist in repre¬ 
senting the results. For packings not studied by the previous workers, 
Reiss’s relationship will be a first approximation for any flow pattern 
except for trickle flow of liquid: 

k^a = 2.0 + O.lEg- 66 (112a) 

where Eq is an energy dissipation term in W/m 3 for gas flow evaluated as 
Wq APlg/Z* As in the trickle-flow regime, the k^a values for concurrent 
flow are higher than those for countercurrent flow, when comparable; 
therefore use of the correlations for countercurrent flow will give conser¬ 
vative results. 

The effective interfacial area a increases with either gas or liquid super¬ 
ficial velocity, in contrast to countercurrent operation where effective area 
up to the loading point is independent of superficial gas velocity. The 
values of effective area for different packings vary substantially. As 
shown by Shende and Sharma (S24), polypropylene Pall rings perform 
better than polypropylene Intalox saddles, and stainless steel Pall rings for 
each given size of packing are still better. The areas for cocurrent flow are 
much larger than with countercurrent flow, and also much larger than the 
geometric packing area Og(l — e) at high liquid and gas flow rates. For 
pulse and spray flow (G7) where much of the liquid phase is in droplet 
form, there exists a relationship between the area a and the prsssure 
gradient gravity (excluding gravity effects) for 6-mm packings: 

tf/ag(l - €) = 0.25{(AP/Z) LG [e/«g(1 - e)]} 05 (113) 

Unfortunately most other authors have not given pressure drop data to 
match their interfacial area data. To use flow pattern diagrams (C13, B12, 
S6, C12) and to calculate pressure drop from energy relationships (see 
Section IV,A,3,a) Charpentier (CIO) has shown that Eq. (113) fits the 
experimental results for other packing shapes and sizes (Fig. 19) for both 
pulse flow and spray flow. 

However, Eq. (113) fails completely for trickle flow of liquid. In this 
case, the data fit the equation 

a/ajt 1 - e( = 0.25{(AP/Z) LG [€/a g (l - e)]}+* (114) 

for 


(AP/Z^c/Ogd - €)]< 12 N/m 2 

Equation (114) is proposed mainly for sphere and pellet packings with 
€ < 0.50. 
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Fig. 19. Correlations for a values for cocurrent downward flow in packed beds (CIO). 

c. Mass-Transfer Rates for Upward Cocurrent Flow . A few mass- 
transfer results for upward cocurrent flow have been published recently 
(SI, S32, S34, B22). For 6-mm packings, Gianetto et ah (G8) have found 
that upflow values of k L a average 100% greater than downflow values, in 
the pulse-flow and spray-flow regimes given by Eq. (Ill), because gravita¬ 
tional forces lead to a higher liquid holdup and a higher pressure drop. In 
these regimes, interfacial areas may be three times as large as the geomet¬ 
ric packing area. Both k L and a increase with u L and Uq and correlate with 
the pressure drop. Unfortunately it is difficult to generalize these results; 
pressure drop correlations, needed as input, depend upon knowledge of 
the flow regimes for which data are lacking. Moreover such correlations 
are not valid for the bubble flow regime, where experimental values of k L a 
lie between 0.08 and 0.4 sec -1 (S32, S34). 

Nevertheless, as a first approximation for design, use of Eq. (Ill) is 
recommended with the coefficient doubled for a gas-liquid reaction in 
pulse or spray flow over inert packing. For the bubble flow regime, with G 
> 0.01 kg/m 2 sec, it is conservative to assume k^ = 0.15 sec -1 for any 
gas-liquid reaction. For the dependence of effective interfacial area, de¬ 
spite the lack of a general correlation, it is judicious to consider that 
this area will vary with the 0.5 power of superficial gas velocity regard¬ 
less of packing size and type, column diameter, and liquid superficial 
velocity. 

d. Liquid-to-Solid Mass Transfer. Where both the gas absorption and 
particle resistances are significant, the overall transfer coefficient should 
take into account the particle external mass-transfer coefficient k$a. Four 
recent studies on solid-liquid mass transfer under two-phase downflow 
conditions are summarized in Table XXII. Sato et al. (S5) reported ks 
values from the benzoic acid-water system for 5.5- and 12.2-mm-diameter 




GAS-LIQUID ABSORPTIONS AND REACTIONS 


85 


solids in gas and liquid flow rate ranges corresponding to trickle, pulse, 
and dispersed bubble flow. At low gas flows (G < 0.1 kg/m 2 sec), the 
results seem to agree with an extrapolation of Van Krevelen and Krekel’s 
correlation for filmlike flow: 


k s 

flgU - 


= 1.8 


Pl«l 1° 

V Ml. V 33 

.Og(l - e)fi h _ 

U.A./ 


(115) 


Actually Sato et al . expressed their particle mass-transfer coefficients in 
terms of an enhancement factor representing the ratio of ks with two- 
phase flow to k$ at the same liquid flow rate in single-phase flow. For 
pulsing and dispersed bubble flow this enhancement factor was found to 
be inversely proportional to liquid holdup /3, which in turn is a function of 
the two-phase parameter A" or A" (see Section IV,A,3,a). For comparison, 
the data for single-phase liquid flow are best represented by an equation of 
the same form as Eq. (115) but with a constant of 0.8. 

Values of k$ for 6.3-mm-diameter benzoic acid spheres in water, mea¬ 
sured by use of a fluorescent dye (rhodamine B) introduced as a 1.0 wt % 
solution in molten benzoic acid before casting the spheres, have been 
reported by Ruether et al. (L9). Their results suggest that ks is practically 
insensitive to radial position. The data, lying in the pulse flow regime, 
agree well with the Sato correlation. However, Ruether et al. fiave pro¬ 
posed an alternate representation with a term for power dissipation per 
unit mass of liquid holdup (see Table XXII) that requires the two-phase 
pressure drop and liquid holdup as inputs. The results of Sylvester and 
Pitayagulsarn (S40) for 3.2-mm pellets of benzoic acid, although higher 
than in the two previous studies by a factor between 4 and 12, seem still in 
reasonably good agreement because of different particle shape and size. 

Goto and Smith (G13) measured mass transfer from particle to liquid for 
short beds of /3-naphthol spheres and pellets. Runs were made with 
smaller particle diameters (0.54 and 2.41 mm) and smaller flow rates than 
in the three previous studies. Not all the external surface is effective for 
mass transfer in trickle beds containing very small packings, and the effect 
of particle size on k$a appears to change for particles smaller than about 2 
mm. Goto and Smith proposed two equations specific for a particular size 
and shape of packing (Table XXII); these relationships are independent of 
the gas flow rate because that rate is so low. 

To sum up, the particle external mass-transfer coefficients for particle 
diameters larger than 3 mm may be determined with the relationships 
proposed by Sato et al. or Ruether al. for G > 0.01 kg/m 2 sec; that is, 
when the gas-liquid interaction is significant. For trickle flow, Eq. (115) 
with a constant of 0.8 will give reasonable values. For particle diameters 
smaller than 3 mm, the specific relations proposed by Goto (G13) should 
be used. 
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TABLE 


Reported Experimental Data on Liquid-to-Solid Mass Transfer 


Reference 

Packing 

d 

(I0- S m) e 

Column 

D Z 

(10~ 2 m) (m) 

Solute 

Liquid 

Sato et al. 

(1972) 

5.5" 

0.41 c 

6.6 

0.05 

Benzoic 

acid 

H 2 0 


12.2 C 

0.45" 

6.6 

0.20 

Benzoic 

acid 

h 2 o 

Goto and Smith 
(1975) 

0.54" 

0.52" 

2.6 

0.020 

/3-naphtol 

h 2 o 


2A d 

0.48" 

2.6 

0.026 

/3-naphthol 

h 2 o 

Ruether et al. 

(1975) 

6.3" 

0.45" 

7.6 

0.20 

Benzoic 

acid with 
rhodamine 

B as dye 

h 2 o 

Sylvester and 

Pitayagulsarm 

(1975) 

3.2* 

— 

15 

0.026 

Benzoic 

acid 

h 2 o 


a a is calculated by assuming that the particles have a spherical diameter d: 
a = a c = 6(1 - €)/d ~ a g ( 1 - c). 

6 Re = pi juJay^ Sc - p-i./piA- 


Note that all these data concern experiments in the absence of reaction 
and in conditions where it can be assumed that all surfaces of the packing 
are wetted (dissolution of solid particles). However, when a reaction is 
occurring, mass transfer may be constrained to a region close to the pore 
openings on the outer surface of the particles and hence the effective 
surface area for mass transfer could be considerably less than the external 
surface of the catalyst, leading to lower values k^a. More studies are 
needed on porous catalysts at conditions where external transport is im¬ 
portant. 
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XXII 


for Cocurrent Gas-Liquid Downward Flow in Packed Beds 


Superficial 
velocity 
(10~ 2 m/sec) 






*s 


Relationships 




«L 

«c 

(10 2 m/sec) 

(sec ')° 

(international units) 6 

1-20 

1-100 

0.003-0.05 

it = 15-27°C) 

0.02-0.16 

-^rr = ^Re <"Sc r, a 
aD L /} 

1-20 

1-100 

0.002-0.03 

0.006-0.05 




(t = 15-27°C) 



0.05-0.5 

0-0.8 

0.008-0.04 

0.04-0.2 

= 69.9 x 10 : > x a~ l • M /?^•"• r • 7 5c n • : ' :, 

! for 2.4-mm particles 



II 

L/l 

n 


0.05-0.5 

0-0.8 

0.001-0.003 

0.01-0.03 

^- = 34.1 x I0» x a -' Ai Re" M Sc" m 

! for 2.4-mm particles 



(/ = 25°C) 


1.2-4 

27-55 

0.007-0.012 

0.04-0.07 

k s = 0.25c“ (M"* 



(/ = 24°C) 







L ( Zfu, frK 

0.3-1.8 

18-72 

0.016-0.07 

0.01-0.07 

k s = 0.13 x 10- J 





xg- j] 





y - L and G in lb/hr ft -2 


' Spheres of benzoic acid. 

/3-Naphthol and naphthalene pellets and particles. 
1 Benzoic acid pellets. 


B. Plate Columns 

Plate columns are used for operations requiring a large number of trans¬ 
fer units, high pressure, high gas flow rates and low liquid flow rates, when 
it is necessary to supply or to remove heat, when solids are present in the 
liquid (or gas), and when the diameter is greater than 70 cm. They have 
the ability to handle large variations in gas and liquid flow rates. Mass- 
transfer data will be presented here for the most common designs— 
bubble-cap plates and sieve plates. 
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1. Bubble-Cap Plates 

For systematic study of several gas-liquid chemical reactions using a 
laboratory model bubble-cap column, Sharma et al . (S23) have shown that 
the presence of electrolytes, size of caps, type of slots, ionic strength, 
liquid viscosity, and presence of solids do not affect the mass-transfer 
rates. These rates chiefly depend on the gas and liquid flow rates (S23, 
M2). The influence of the superficial gas flow rate on k L and k G is indicated 
in Fig. 20. Interfacial area a" per unit area of plate (or per unit floor area) 
for plate diameters varying between 0.15 and 1.20 m have been grouped in 
Fig. 21, which with the following correlations (S23) can be used to scale 
up bubble-cap plates up to 2 or 3 m in diameter: 

k^a! = 6.2m£ ,75 S“°’ 67 D£- 5 ’ k L a' = 7wg- 75 5~°’ 67 D2- 5 

k g = 11.5 wg- 25 5-°- 3 Dg- 5 *, d ' = 0.54wg- 5 S 0 - 83 
k L = 13wg- 25 5"°- 5 Dp- 5 

k G a f and k L a ' are in sec -1 , k G is in cm/sec, and a” is in cm 2 /cm 2 ; S is 
the submergence in cm, defined as the height of the bubble travel and 
measured from halfway up the slot height to the top of the dispersion; 
and a ' is the interfacial area per unit volume of dispersion in cm 2 /cm 3 
(a" = a' x 5). 

2. Sieve Plates 

On a perforated plate the liquid-side mass-transfer coefficient k L a and 
gas-side mass-transfer coefficient based on the column volume, vary 



log Ug 

Fig. 20. Effect of superficial gas velocity on k L and k G in 22.5-cm model bubble-cap plate 
column (S23). 
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Fig. 21. Influence of u G on the interfacial area per unit floor area in a bubble-cap plate 
column (L3). 

linearly with the dispersion height. The true liquid- and gas-side mass- 
transfer coefficients k L and ka first increase with the dispersion height and 
then go through a maximum and decrease slightly (S23, S3 3, R17). 
Sharma and Gupta (S20) attribute this to different behavior of the density 
of dispersion and the average bubble size with increase in gas flow rate, 
which leads to a phase inversion point. These authors correlate their 
experimental data for 10-cm-i.d. perforated plates without downcomers 
by the following expressions: 

kaa = 2.6 x jo -*F-' n L 0 - 6 u^- 2 , k L a = 4.2 x 10 

k G a is in moles/sec atm cm 3 , k L a is in sec -1 , u G is in m/sec, L is in kg/m 2 
hr, and Fis the percentage free area of the plate (14-30%). 

We note that l^a and k^a are nearly independent of the free area of the 
plate if the gas and liquid velocities are based on perforated area rather 
than column cross-sectional area. Moreover the values of the volumetric 
gas and liquid-side mass-transfer coefficients based on disperson volume, 
k,a' and k L a , are each practically constant whatever the gas and liquid 
mass flow rate. Perforated plates, especially those with a high free area, 
can handle relatively higher liquid and gas flow rates and provide higher 
values of overall mass-transfer coefficients than at corresponding flow 
rates through bubble-cap plate columns. However, discrepancies exist 
between different reported values of k^ (S20, B9, P3, H3) because of 
varying ionic strength and the presence of solids and antifoaming agents. 
Therefore the formulas proposed by different authors should be carefully 
studied before use. 
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Ug (« •«'') 

Fig. 22. Variation in interfacial area per unit volume of dispersion with u G for sieve 
plates (L3). 


The data on interfacial area are more homogeneous. Interfacial area a' 
based on dispersion volume is in the range of 2-2.5 cm 2 /cm 3 for dispersion 
heights of 8-16 cm; it is not influenced much by the liquid flow rate, 
especially for sieve plates without downcomers. Values of a' increase 
with increasing gas velocity, percentage free area, ionic strength, and 
liquid viscosity (S20, S33, R17, P8, B33). Laurent and Charpentier (L3) 
have regrouped the literature data for plates with and without downcom¬ 
ers, and for turbogrid plates, in Fig. 22, which applies for a mean value of 
the dispersion height of 12 cm. 

In conclusion, reliable values of interfacial area per unit floor area (N12) 
are given by the equation 

a" = 30G 0S Pg°' 25 (U6) 

where a" is in m 2 /m 2 , G is in kg/m 2 sec, and pc is in kg/m 3 . 

C. Bubble Columns 

Bubble columns where a gas is dispersed through a deep pool of liquid 
are commonly used in industry as absorbers, strippers, or reactors when a 
large liquid holdup, large liquid residence time, or large heat transfer is 
needed. They may be operated either countercurrently, cocurrently, or 
semibatch. Other advantages of bubble columns are the absence of mov¬ 
ing parts, minimum maintenance, small floor space, ability to handle sol- 
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ids, relatively low cost, large interfacial area, and large mass-transfer 
coefficient. 

The principal disadvantages of bubble columns are a large extent of 
liquid-phase back-mixing, a high pressure drop of the gas due to the high 
static head of liquid, and a decrease in the specific interfacial area for 
length/diameter ratios greater than 12-15 because of coalescence. 
Coalescence may be minimized by inserting fixed or fluidized packings, 
grids, or perforated plates (K2), or by pulsation. 

A systematic study of mass transfer in bubble columns by Mashelkar 
and Sharma (M8, M9, S23) is summarized in Fig. 23. Increasing the sup¬ 
erficial gas velocity increases the gas holdup a , the volumetric mass- 
transfer coefficients, and the interfacial area per unit volume of dispersion, 
but not the true mass-transfer coefficients. Correlations proposed for k L 
seem too specific to be extended to practical systems (H13, FI, A3). 
Sharma and Mashelkar (S21) found good agreement between their ex¬ 
perimental values of Aq and the values from Geddes’ stagnant sphere 
model equation (G3): 





VI 

Wb/2) 2 )] 


(116a) 


in using the first term of that series ( t c = Z/v B where % is the velocity of 
the bubble rising through a height Z). The interfacial area (G4) is in¬ 
creased by an increase in viscosity or in temperature, the presence of 
solids, a decrease in surface tension, or the presence of electrolytes. 
However, the physical properties of the gas appear to have no effect. 

As bubble column hydrodynamics depends on the physicochemical 
properties of the gas-liquid system, a generalized correlation for k L and 
a' is not attempted. However, small-scale experiments with the system 
of interest will allow scale-up on the basis of equal superficial velocity 
of the gas. So the data in Fig. 23 or of specific experiments can be used, 
noting that k G a ', k L a', and a' vary as wfr 8 (K2, D9). 

The preceding discussion refers to mass-transfer rates based on the unit 
volume of dispersion. But the interfacial area per unit volume of liquid a'" 
is often required. To convert a' to a'", one must know the gas holdup a, 
with a' = (1 - a) a'". A correlation covering a wide range of column 
dimensions, flow conditions, and system properties has been developed 
by Hughmark (H13) and modified by Mashelkar (M8): 

a = [m g /(30 + 2 MG )][(l/ Pi )(72/<T t )] 033 (117) 

This equation is valid for 0.6 < Pl < 1.3 gm/cm 3 , 0.9 < /x L < 150 cP, and 
25 < <t l < 76 dyn/cm, for bubble diameters greater than 0.1 cm and for 
column diameters up to 1.5 m. However, electrolytes or foaming systems 
can give holdup values 30% higher than those of nonelectrolyte systems 
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predicted by Eq. (117), as shown by Akita and Yoshida (A3). Equation 
(117) applies for a stationary liquid. Although the superficial liquid veloc¬ 
ity u L does not have a large effect, it can easily be taken into account. For 
example, in the case of cocurrent flow, a from Eq. (117) is corrected to the 
true holdup a f by the relation u G /a = u G /a f - uj{ 1 - a ') or by the 
relations given by Nicklin et al. (N7a) where the terminal velocity is taken 
into account. An alternate, and general correlation, that has been tested 
in industrial equipment for the oxidation of toluene, cyclohexane, and 
alipharic acids under pressure, has been proposed by Van Dierendonck 
et al. (V3): 

a = 1.2 (/i l m g /ct i ) 3/4 (pipi/g/4.) 1 ' 8 

for a < 0.45; 3 < u G < 40 cm/sec; 0 < u x < 2 cm/sec; 0.8 < p L < 1.3 
gm/cm 3 ; 0.5 < fi L < 5 cP; 20 < cr h < 75 dyn/cm; andD > 15 cm. 

D. Tube Reactors 

Reactors slightly different from bubble columns are the cocurrent gas- 
liquid horizontal and vertical pipeline reactors and the coiled reactor, with 
diameters generally less than 5 cm. These tube reactors are advantageous 
for compactness, high flow rates of both gas and liquid, and wide range of 
operating temperature and pressure. An interesting feature is the variety 
of two-phase flow regimes—bubble flow, plug flow, slug flow, froth flow, 
annular flow, and spray flow. Design is complicated by the fact that differ¬ 
ent flow regimes exhibit different mass-transfer efficiencies. Mass-transfer 
rates increase as the gas and liquid flow rates increase, that is, when the 
flow regime varies from bubble flow to annular and annular spray flow, 
where values of a can be found to be 10 cm 2 /cm 3 and k L a to be 0.7 sec -1 . 
Several general studies on mass transfer have been published by Scott and 
Hayduck (SI2), Jepsen (J3), and Gregory and Scott (G17) for horizontal 
reactors; and by Banerjee et al. (B4), Jepsen (J3), and Kulic and Rhodes 
(K12) for coil reactors. As a first approximation for design, for any 
two-phase flow except bubble flow and plug flow in horizontal and 
coiled reactors, k L a depends strongly on the energy dissipation e' = 
(A P/Z) LG (u L + u G ). Using this idea, Jepsen has given the following 
correlations: 

k h a = 3.5D«' 5 o*^ 05 D 0 - 6 V 0 - 40 for e' < 0.05 atm/sec (118) 

k L a = 18.7D° a V?;Vl 05 €' 0 ‘ 80 for e' > 0.05 atm/sec (118a) 

where k L a is in sec -1 , A P LG /Z is in atm/m, 0.5 < D < 4 in., 0.6 < p L < 27 
cP, 24 < <t, < 74 dyn/cm, and 0.1 < D A < 5.10 -5 cm 2 /sec. Gregory and 
Scott (G17) and Kulic and Rhodes (K12) have proposed other coefficients 
for specific cases. The true liquid-side mass-transfer coefficient is well 



94 


JEAN-CLAUDE CHARPENTIER 


represented by the modified Baneijee model: 

k L = DWibP/Zko x (Da 0i /4^n)T- 5 (119) 

where the factors has been defined by Gregory and Scott (G16): 

n = 10V(Re G L)'- 7 = 10 9 x [(1 - aK/DaHL] 1 ' 7 (120) 

These correlations require both pressure-drop and gas-holdup values 
which may be predicted by the Lockhart-Martinelli correlation (L22) or 
the Hughmark correlation (H13). 

For bubble flow and plug flow in horizontal tubes, the following correla¬ 
tion is proposed by Scott and Hayduk (S12) and Shah and Sharma (S16): 

Ka = (2.3 x 10 -<KK/(«g + «L)] 0 ' 7 V' 5 a 009 ^^ _1 ' 9 (121) 

with the same units as in previous equations, except that D is in cm. 

The literature on measurement of mass transfer in vertical tubular reac¬ 
tors is very sparse. Kasturi and Stepanek (K3, K4) have presented data 
for a, k L a, and k^a measured under identical conditions in the case of 
annular flow, annular spray flow, and slug flow. For the aqueous systems 
used (C0 2 , air, NaOH) they have proposed the following correlation for 
the interfacial area: a = 0.23[(1 - a)/Qi](AP /Z)l^ where is incm 3 /sec 
and AP/Z is in N/m 3 . Correlations for true liquid-side and gas-side 
mass-transfer coefficients by the same authors are difficult to generalize, 
as viscosity and surface tension were not varied. 

Values of l<Ga have been measured by Golding and Mah (G11) for ab¬ 
sorption of dilute hexane into paraffin oils (o- L = 36dyn/cm, 40 < < 140 

cP), in vertical slug flow. 

However, no general correlation is yet available for k L a and l^a in 
vertical tubular reactors when the two-phase flow regime is different from 
bubble flow. So for design, scale-up should be based on laboratory data 
for mass-transfer coefficients and on the ratio of energy dissipation terms 
e', as in the method defined by Jepsen (J3). For any tubular reactor, great 
care must be taken with the distributor design and with the size of the inlet 
section so as to minimize the entrance effects. 

E. Spray Towers 

Spray towers are of particular interest because of their ability to handle 
corrosive and solid-laden fluids when only one or at most two theoretical 
stages of contact are required or when the gas pressure drop must be kept 
to a minimum. They are also used for exothermic chemical reactions or 
for the absorption of highly soluble gases, where large volumes of liquid 
must flow through the column to avoid an excessive temperature rise. The 
disadvantages of spray towers lie in the power consumption needed for 
pressuring the absorbing liquid through spray nozzles, in the height neces- 
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sary to achieve one theoretical stage of absorption, and in the need for 
installing mist eliminators. 

The large number of variables, variety in methods of operation, and 
differences in mechanical details such as spray nozzle design have led to 
scattered mass-transfer data (K9, Rl). Mass-transfer correlations for 
single drops or even clouds of drops do not apply because normal produc¬ 
tion of the sprays introduces effects that cannot be interpreted quantita¬ 
tively. In order to obtain good contact and avoid bypassing of upflowing 
gas, the spray must cover the entire tower cross section. Part of the liquid 
spray impinges on the tower wall and trickles down as a film, which 
reduces the mass-transfer efficiency that would be predicted from drop- 
type contact. Also, as no spray nozzle produces perfectly uniform drops, 
drop coalescence occurs as the drops fall through the tower. Mehta and 
Sharma (Mil) are the only ones to report comprehensive research into the 
effect of commercial nozzles, column height, gas and liquid flow rates, and 
physical properties of the liquid on spray column performance, with di¬ 
ameters up to 0.4 m. These studies provide the following conclusions 
useful for design. 

The values of k L a are practically independent of the gas velocity up to a 
critical value which depends on nozzle type, column diameter, and physi¬ 
cal properties (P7, Mil); then k L a increases with increasing gas velocity. 
Typical results are given in Fig. 24 for a shower nozzle. Moreover k^a, k G , 
and a all increase as the gas velocity increases independently of the type 
of nozzle, the column size, the liquid flow rate, and probably the physical 
properties, as shown in Fig. 25. The interfacial area and true liquid-side 
coefficient increase with the liquid flow rate L (Fig. 24), owing to in¬ 
creased surface area, higher drop velocity, and increased circulation or 


o 
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Uq (cm/wc) U 6 (cm/wc) 

Fig. 25, Influence of gas velocity on k G and a in spray towers (Mil), 

turbulence within the drops. The interfacial area varies exponentially with 
the liquid flow rate, the exponent increasing with decreases in the nozzle 
orifice diameter, that is, decreases in droplet size. In contrast, Icq is not 
influenced by the liquid rate. 

The values of interfacial area and of overall mass-transfer coefficient 
increase with decreasing distance S' between the spray nozzle and gas 
inlet, whatever the nozzle type, column dimensions, and flow rates. In¬ 
deed the spray provides a large interfacial area in the vicinity of the 
nozzle, where there is intensive circulation. Then a decreases quickly 
away from the nozzle, as a result of both coalescence of droplets and 
collection of liquid on the column walls. k G a and a are approximately 
proportional to (S') -0 * 4 (P7, H12, Mil) for absorption and desorption pro¬ 
cesses, which shows that k G is practically independent of the column 
height. Moreover Mehta and Sharma (Mil) indicate that a is unaffected 
by ionic strength and viscosity but may decrease about 20% when solids 
are generated by the reaction of gas with the liquid. Thus the following 
correlations may be used for design (Mil): 

a = (122) 

k G = mu° G b (122a) 

where a is in cm 2 /cm 3 , k G is in gm moles/cm 2 sec atm,L is in kg/m 2 hr, u G 
is in cm/sec, and S' is in cm. Constants a', /T, and m are listed in Table 
XXIII for nozzle type, orifice diameter, and other variables investigated 
by Mehta and Sharma. For other specific cases, the books of Ramm (Rl) 
and Kohl and Riesenfeld (K9) will be of help. Scale-up often utilizes a 
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TABLE XXIII 


Values of and m for the Spray Tower Mass-Transfer Equation (Mil) 


D( cm) 

S'( m) 

Type of 
nozzle 

Orifice 

diameter 

(mm) 

a'(x 10 4 ) 


m(x 10 5 ) 

8 

1.3 

Shower 

69 holes 

246 

0.38 

1.02 




of 1.2 mm 




21 

1.2 

Solid cone 

5.5 

2.12 

0.81 

0.95 

21 

1.2 

Solid cone 

4.4 

0.51 

0.93 

2.2 

39 

2.8 

Solid cone 

5.5 

8.97 

0.62 

2.2 

39 

2.8 

Solid cone 

4.4 

4.9 

0.70 

2.2 

39 

2.8 

Solid cone 

8.4 

42.8 

0.47 

2.2 


general correlation in which the number of transfer units k G aH/G is pro¬ 
portional to ( PJPg 1 ), where P L and P G are the power introduced in the 
liquid and in the gas, H is the height, and G is the superficial molar gas 
flow rate. 

Values of the true liquid-side coefficient k L are comparable to those in 
packed columns. 

F. Mechanically Agitated Bubble Reactors 

Mechanically agitated bubble contractors are very effective with vis¬ 
cous liquids or slurries and at very low gas flow rates and large liquid 
volumes. They are also noted for the ease with which the intensity of 
agitation can be varied and the heat can be removed. Their principal 
disadvantage is that both the liquid and the gas phase are almost com¬ 
pletely back-mixed. Among the many types of agitators employed, the 
most common are paddles with straight or inclined blades, and turbines. 
Gas may be introduced through a perforated tube or through a porous or 
perforated plate. 

A considerable amount of information is available in the literature on 
these contractors, and comprehensive reviews have been published by 
Sideman et al. (S28), Valentin (VI), Nagata (Nl), and L’Homme (L12). 
The most systematic experimental work has been carried out by Wester- 
terp et al. (W4), Reith (R7), Mehta and Sharma (M12), and Miller (M16), 
and a synthesis of the results presented in these studies will be reported 
now and compared with the sparse and more recent data for a sparged 
contracting system of dispersion. 

1. Aqueous Liquid 

At low stirrer speeds the gas holdup and specific interfacial area are 
essentially dependent on the gas flow rate, while at high stirrer speeds 
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these fundamental parameters depend more upon the stirrer speed. Thus 
it is only at high speeds of agitation that the stirrer is fully effective in 
dispersing the gas in small bubbles into the liquid. There is a transition 
region where both the gas flow rate and the stirrer speed are important. 
The minimum speed of agitation n 0 » sometimes called the critical speed, 
beyond which stirring is fully effective and agitator speed is the dominant 
factor, corresponds to a tip velocity of about 2.25 m/sec and is given by 

nodJ{a L g/ Pl f •« = A + B(D/d A ) (123) 

where n 0 is in sec -1 , agitator diameter d A is in m, reactor diameter D is in 
m, liquid density p,. is in kg/m 3 , surface tension cr L is in kg/sec 2 , and 
acceleration of gravity g is in m/sec 2 . A and B are functions of the type of 
agitator. For various vessel diameters (14 < D < 90 cm) and 12 geometri¬ 
cally similar turbine impellers of different sizes (0.2 < d A /D < 0.7), Wes- 
terterp et al. (W4) have reported A = 1.22 and B = 1.25. This means that 
the linear tip velocity irn 0 d A must be at least 8-30 times higher than the 
rising velocity of the gas bubble for a good dispersion, depending on the 
ratio dJD. For two- and four-bladed agitators Westerterp et al. (W4) also 
reported A = 2.25 and# = 0.68. The existence of/i 0 is confirmed by recent 
studies on aqueous liquids (M12, M16) and organic liquids (Gl, S36). 
Moreover it appears that values oiH/D = 1, dJD in the range 0.4-0.5, 
and hJD in the range 0.33-0.5, with the gas superficial velocity u G limited 
to less than 5 cm/sec, are likely to be most desirable for gas-liquid con¬ 
tacting in a mechanically agitated bubble reactor with a single impeller. 

Above the minimum speed of agitation, the effective interfacial area a'" 
and liquid mass-transfer coefficient k L a"' (based on unit clear liquid vol¬ 
ume) increase linearly with the speed of the agitator n and are affected less 
by the gas velocity w G . Below the minimum speed, mass transfer depends 
more on gas flow rate and less on agitator speed. The experimental data of 
Sharma et al. (M12, J9) have been regrouped by Laurent and Charpentier 
(L3) into Figs. 26 and 27. With the present state of knowledge, these 
diagrams give a'" in aqueous liquids when the reactor has a standard 
configuration and the agitator does not suck in gas from the surface. 

The true liquid-side mass-transfer coefficient does not change signifi¬ 
cantly with agitator speed, depending only on the physicochemical proper¬ 
ties of the gas-liquid system. For bubbles smaller than 2.5 mm in diameter 
(typical industrially with impeller tip speeds of 2.25 m/sec or more), the 
correlation of Calderbank and Moo-Young (C3) is valid for k L (in cm/sec) 
in pure liquids or solutions of nonionic solutes: 

= 0.31( p h D A / Pl ) m [(Pi. ~ Pc)Wp 2 l] ,/3 (124) 

This relationship suggests that k L is independent of the power input. Such 
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is not the case in electrolyte solutions. In particular, here k L decreases 
with increasing power input per unit clear liquid volume P m /V L , corre¬ 
sponding to reduced bubble diameter d b , as shown by Robinson and Wilke 
(R14). Below a d b value of 2.5 mm, k L seems roughly proportional to d b . 
Such behavior is consistent with results for bubbles of the same size range 
dispersed in viscous Newtonian liquids and electrolyte-free aqueous solu¬ 
tions (C3). 

The effective interfacial area a'" is increased by increases in ionic 
strength, ion valence number, or viscosity, by the presence of a solid or 
immiscible liquid, and by a decrease in liquid surface tension. Thus it is 
nearly impossible to predict a priori the interfacial area. However, scale- 
up is practicable from experiments carried out with the actual gas-liquid 
system in a small agitated contactor (D = 10-20 cm). The experimental 
work of Sharma et al. (M12, S23) shows that a scale-up basis of equal 
ndjVD or (n - n 0 )d A /\/D (when dJD = 0.4-0.5) can be used with a fair 
degree of confidence (respectively, 10 and 16% average deviations) for 
agitated vessels with diameters up to 60 cm. 

At higher vessel diameters, to ensure the same specific interfacial area, 
scale-up should be based upon constant power input per unit volume of 
liquid, geometrically similar vessels, and the same superficial gas velocity. 
For example. Fig. 28 shows specific interfacial areas measured by Reith 
(R7, R8) in three geometrically similar mixing tanks, withD = 19, 45, and 
120 cm, at« G = 4.7 cm/sec. The use of n 3 d\ as an independent parameter, 
which is functionally related to dimensions of power input per unit mass 
and has the same dimensions, yields a reasonable correlation. At the left 
of Fig. 28, at lower agitator speeds and increasing tank diameter, the 
curves deviate from the general solid line toward lower values of a'". 
Consistent with the findings of Westerterp et al. (W4) and Reith (R7), 
stirring is effective only when the stirrer’s linear tip velocity irnd A exceeds 
2.25 m/sec for dJD in the range 0.4-0.5 (solid line in Fig. 28). 

2. Organic Liquids 

Results of Figs. 27 and 28 are confined to aqueous and/or electrolyte 
solutions. Many industrially important gas-liquid reactions involve polar 
or nonpolar organic media. Mass-transfer rates in agitated bubble reactors 
using viscous and organic solvents are substantially different from those 
using aqueous media, so data for the latter cannot be extended directly. 

Recent work with nonaqueous nonelectrolyte liquids, in reactors with 
diameters of 10-20 cm, has been published by Ganguli (Gl) and Sridharan 
(S36). Ganguli measured specific interfacial area and liquid-side mass- 
transfer coefficients for the hydrogenation of edible oil in a sparged me¬ 
chanically agitated hydrogenator using a Ziegler-Natta catalyst, with sol- 
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Fig. 28. Scale-up in mechanically agitated reactors: a'" as a function of n 3 d\ (R8). 


ids either present or absent. In the same type of contactor, Sridharan 
measured the absorption of C0 2 , with and without chemical reaction, into 
solvents such as xylene and toluene containing cyclohexylamine, benzyl 
alcohol containing diethanolamine and benzylamine, diethylene glycol 
containing mono- and diethanolamine, and cyclohexanol containing 
cyclohexylamine; also, into viscous aqueous solutions such as those of 
diethylene glycol or polyethylene glycol, containing mono- or dieth¬ 
anolamine. 

Organic solvents behave qualitatively the same as aqueous sol¬ 
vents. A critical speed n 0 exists, above which a'" and k L a"' depend 
only on n, and below which a'" and k L a"' depend on both n and 
w G ; n 0 - 1000 rpm for viscous solvents with /u. L > 10 cP, in vessels of small 
diameter. However, values of the mass-transfer parameters are quite dif¬ 
ferent from those in aqueous liquids (Figs. 27 and 28). As seen in Fig. 29, 
values of a'” in organic solvents (toluene, xylene) with nearly the same 
viscosity as water (jx L = 0.6-1.4 cP) are high compared with those in 
aqueous systems under similar conditions. The high values of k L a’" are 
explained by the low surface tension (o- L = 27 dyn/cm) which leads to a 
decrease in bubble coalescence and thus to smaller bubbles and to higher 
values of a"'. As expected, k L increases with increasing diffusivity of 
solute gas and with decreasing viscosity of the medium. 
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Ml (t l D v 02 D d A 

Symbol System (cP) (dyn/cm) 10 5 cm 2 /sec (cm) (cm) Ref. 


A C0 2 -cyclohexylamine in 0,6 27 4.35 13 5 S36 

xylene 

▲ C0 2 -xytene 0.6 27 4.35 13 5 S36 

x C0 2 -NaOH 1.4 72 1.8 13 5.8 M12 

+ C0 2 -Na 2 C0 3 -NaHC0a 1.4 72 1.5 20 8 M12 

O C0 2 -cyclohexylamine in 37 33 0.16 13 5 S36 

cyclohexanol 

• C0 2 -cyclohexanol 41 33 0.16 13 5 S36 

Fig. 29. Mass-transfer data for organic and viscous solvents in mechanically agitated 
reactors. 

The values of liquid-side mass-transfer coefficients fall drastically as the 
liquid viscosity increases, because of low values of both k L and a'" (Gl); 
k L and d b not vary significantly either with u G or with n. However, k L and 
a ,n are decreased by the presence of solids, which serve simultaneously 
to decrease the interface mobility and increase the effective viscosity, 
especially at low agitator speeds. Table XXIV gives some representative 
data. It is interesting to note that, even if the gas dispersion characteristics 
d h and a'" for aqueous solutions in agitated tanks are not systematically 
different from those of nonaqueous and viscous nonelectrolytic liquids, k L 
and k L a ,n will still depend on the physicochemical properties. 

It appears that the scale-up may again be done from experiments carried 
out with the actual gas-liquid system in a small, geometrically similar, 
agitated contactor (D = 10-20 cm) on the basis of equal total power input 
per unit volume of liquid in vessel and equal superficial gas flow. More- 




TABLE XXIV 


Typical Mass Transfer Data for Organic and Aqueous Liquids in Agitated Reactor with 

Six-Blade Turbines 


System 

n 

(rpm) 

T 

(°C) 

"g 

(cm/sec) 

d \ 

(mm) 

D 

(cm) 

(cm) 

D, 

(cm*/sec) x 10 s 

A. 

(gm/cm 3 ) 

Al 

(cP) 

cr | 

(dyn/cm) 

a'" 

(cm 1 ) 

*L 

(cm/sec) x 10 2 

k L a m 

sec -1 

Ref. 

H 2 -cdible oil 

900 

70 

3 

1.1 

21 

8.5 

5.8 

0.9 

12 

30 

7.5 

1.6 

0.12 

Ganguli 

(Gl) 

C0 2 -diethylene 

glycol 

900 

30 

3 


20 

8 

0.25 

1.1 

22 

48 

3.3 

0.6 

0.02 

Sridharan 

(S36) 

0 2 -Na 2 S0 3 

900 

30 

4.7 

1 

19 

7.6 

2.1 

1.1 

1.1 

69 

7.4 

4.2 

0.31 

Reith 

(R7) 
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over, the work of Perez and Sandall (P4) suggests that a correlation of k h a 
developed for Newtonian liquids holds also for non-Newtonian liquids 
when the liquid viscosity term is replaced by an effective viscosity taking 
into account a flow behavior index, a consistency index, and stirrer speed. 

3. Power Input and Gas Holdup 

When experiments on small agitated contactors are impractical, it is 
necessary to know the power dissipated per unit volume of liquid: 

PJV L = PM 1 - «)VJ 

where V R is the total volume of gas and liquid, for insertion in an equation 
for a specific interfacial area. Such a relation has been given by Calder- 
bank (Cl), for pure liquids without suction of gas from the surface, at high 
gas-sparging rates: 

(1 - a)a"' = 1.44( J P e /V L ) 0 - 4 p^E°- 6 [w G /(w t + «g )] 05 (125) 

Here w t is the terminal velocity of bubble rise in m/sec. The effective 
power input term P e combines both sparged gas ( P g) and mechanical 
energy (. P„) contributions in W (M16): 

Pe= P m + C,p s (126) 

= PgQ G (RT/M ) WPo/P) (126a) 

For six-bladed turbines or impellers centered both vertically and horizon¬ 
tally, by introducing a blade width term into the results of Rushton et al . 
(R20), Al Mojil et al. (A8) obtained the relations 

P m = YRP m0 (126b) 


with 


P m o = 20n 3 d\w A p/g c , R = 0.36 4- 0.64 exp (-2.0A") 

A’ = [( ndlp/fM)(d A /d T )(h/w A )f- 2s (n 2 dl/g c d T ) 

(126c) 

Y = exp [-90Z(M _130 Z 1 “ M ) 1,U+50Z) ] 

M = 22.4[(n 2 d A /g)(w x /h)] iKi (d A /d r f, Z = Ui{hdi/d x g) m (h /w x ) 213 

where R, X, Y, and M are all nondimensional functions; n 2 d A /g is the 
Froude number (dimensionless), w A is the impeller width, d K is the impel¬ 
ler diameter, h is the tank height, d T is the tank diameter, p G is the gas 
density in kg/m 3 , Q c is the gas flow rate in m 3 /sec, M is the gas molecular 
weight, T is the absolute temperature in K, R is the gas constant in Nm/kg 
mole K, P mo is the unaerated power input by mechanical agitation in W ,p 0 
is the pressure at the sparger in N/m 2 , and P is the absolute pressure. 
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An alternate correlation for P m has been reported by Michel and Miller 
(M14); in SI units, 

P m = C(P 2 w0 ^i/e& 56 ) 0 - 45 (126d) 

Coefficient C varies between 0.7 and 1.2, depending chiefly on the impeller 
geometry. Once C has been determined in a reactor volume of about 10 
liters, Eq. (126d) can be used with ±30% accuracy for scale-up to a 
geometrically similar volume of several cubic meters. 

Miller (M16) gives values of the correction term C t in Eq. (126) for 
spargers of vessel sizes in the range of 2.5-250 liters obtained by compar¬ 
ing mean bubble diameters for gas sparging with and without mechanical 
agitation. This means that agitation imposed in a sparged system aug¬ 
ments the energy content of the liquid phase, reduces the bubble size, and 
increases the specific interfacial area. Thus the separate power inputs of 
gas sparging and mechanical agitation combine into an effective overall 
value for predicting the interfacial area. The term C X P S is especially useful 
in the prediction of specific interfacial area at low agitator speeds (n < 250 
rpm), where gas sparging is in fact the stronger effect. Miller (M16) also 
proposed a further correction term to account for total gas input inclusive 
of both sparging and surface entrainment. 

As explained in Sections IV,F,2 and 3, a reliable design can be made 
from experiments carried out in a small-scale apparatus, with scale-up 
based on total power input (P T = P m 4- PX The scale-up rule is that the 
same specific interfacial area requires the same total power input per unit 
volume of liquid. Strictly speaking, for a given u G and geometric similar¬ 
ity, scale-up must be based onP T and not on n 3 d\ or onlyP m . For exam¬ 
ple, the specific interfacial areas for three gas-liquid systems are com¬ 
pared with n 3 d\ andPx/VL in Fig. 30. It is seen that the scatter of the 
experimental data is smaller for low values of n when the total power input 
is used. Practically, mechanically agitated reactors are operated at high 
values of n, where agitation is considered more effective and where P m is 
much larger thanP s ; this explains the good results with scale-up based on 
n 3 d\ (which varies withP m /V L instead of P T /Vi). 

Several relationships exist for predicting gas holdup a in mechanically 
agitated gas-liquid reactors (Cl, W4, V3, M16), but all seem inadequate in 
terms of the scatter of the data points relating interfacial area and bubble 
diameter. Gas holdup a varies linearly with the speed of agitation above 
the minimum speed to a maximum value. Then it remains independent of n 
and may even decrease when u G increases; the stirrer becomes ineffective 
because it rotates in a region containing mainly trapped gas. Below the 
minimum speed, a is more dependent on u G but may increase linearly with 
both u Ct and n . A satisfactory fit might result when holdup is plotted 
against P T /V U but this has not been tried. 
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n 5 d A (m 2 sec -3 ) 


0.5 1 2 5 10 20 50 



• 0 2 -Na 2 S0 3 1.5 61 1.08 19 6.4 0.64-5.50 8.33-25 L23 

▼ 0 2 -CuC1(HC1) 1.25 44 1.15 19 6.4 0.64-4.70 8.33-25 L23 

O 0 2 -Na 2 S0 3 1.3 61 1.09 29 12 0.28-1.62 3.33-10 L12 


Fig. 30. Scale-up in mechanically agitated reactors: a'" as a function of Pi/V L or n 3 d\. 


4. Some Comments on Gas-Side Mass-Transfer Coefficient and 
Particle-Liquid Mass Transfer 

Almost no quantitative information is available on the gas-side mass- 
transfer coefficient k G a m for mechanically agitated vessels. This reflects 
the uncertainty in the residence-time distribution of the gas phase during 
chemical mass transfer (M12). The gas-phase mass-transfer coefficient is 
usually quite high, leading to relatively negligible gas-phase resistance. 
The qualitative information available shows that, when u G is increased, 
k G a m increases to some extent, reaches a maximum, and then decreases. 
The rate of aeration at the maximum k G a seems to be larger at higher 
agitator speeds. There is no accurate method for predicting k G a m from u G 
and Pj/V L . Specific data for the absorption of air or oxygen into Na2S0 3 
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have been given by Coopers aL (C16) and Ramm (Rl), for absorption of 
C0 2 from air into aqueous NaOH or Na 2 C0 3 by Nagata (Nl), and for 
absorption of S0 2 from air into aqueous NaOH by Mehta and Sharma 
(M12). These data concern the overall mass-transfer coefficient and may 
be used for geometrically similar apparatus. 

Also, data on particle-liquid mass transfer from suspended solids in 
gas-liquid mechanically agitated vessels are practically nonexistent (R18). 
However, many studies have been published on mass-transfer experi¬ 
ments in the absence of gas , which give an idea of the magnitude of £ s . 
Recent reviews by Nienow (N9) and Blasinski and Pyc (B17, B18) indicate 
two fundamentally different approaches to the prediction of/c s : the Kol- 
mogoroff theory, which implies equal k & at equal power input per unit 
volume (B17) and the terminal velocity-slip velocity theory which relates 
k s to the value that would apply if the solid particle moved at its terminal 
velocity (H2). As explained by Nienow (N9), the resulting values of k s are 
approximately the same. Use may be made of the graphical correlation 
given by Brian et al. (B29). 

G. Jet Reactors 

During the last few years, interest has increased in reactors in which 
high mass transfer is realized by means of liquid jet or injection devices 
providing gas or liquid entrainment: jet reactors (N3, B30), hydrocyclones 
(Bll), venturis (S16, J2), and other high-velocity gas-liquid contactors. 

1. Submerged-Jet and Plunging-Jet Reactors 

The plunging liquid jet reactor utilizes the flow geometry of a coherent 
liquid jet plunging through a reactive gaseous atmosphere into a bath of 
the same liquid (Fig. 31). As explained by Burgess et ai (Ml, B30, B31), 
entrainment and subsequent reaction of the gas in the subsurface gas- 
liquid region is the phenomenon of interest. The area surrounding the jet 
plunge point in the receiving bath resembles a venturi formed by free 
liquid surfaces. The jet and bath surface interact at the “venturi throat” 
where cavitation and closure occur in the same manner as in a jet ejector 
pump with liquid drive. 

The physical entrainment rate of gas varies over orders of magnitude as 
a function of jet stability, which acts as the surface shape generator. The 
controllable parameters of the system are nozzle geometry, nozzle veloc¬ 
ity, nozzle height, jet length, and jet velocity. McCarthy et al (Ml) have 
analyzed gas entrainment in such contactors in terms of the surface 
roughness of the jet and have proposed an entrainment ratio: 

Qg/Ql = (djdvf — 1 
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where q G and q L are the volumetric flow rates, d E is the diameter of the gas 
envelope totally enclosing the jet, and d N is the diameter of the nozzle 
(Fig. 31). This equation fits three different types of nozzles with diameters 
in the range 2.5-12.5 mm, jet lengths in the range 1-25 cm (5- to 80-cm 
nozzle diameters), and jet velocities up to 30 m/sec. The entrainment 
ratios were varied between 0 and 3. Complementary data are found in the 
extensive work by Van de Sande and Smith (V2). 

In the bath, the gas-liquid mixture is assumed to occupy a conical 
volume in which the interfacial area depends on nozzle design, free jet 
length, and jet velocity. Burgess et al. (B30) showed that the interfacial 
area per unit conical volume was a function of the jet surface roughness 
d E /d N and jet superficial velocity Wj (Fig. 31); it was visually observed that 
the size distribution of bubbles in the bath was a function of these two 
factors. The highest values of the specific interfacial area so obtained (up 
to 7 cm -1 ) are of the same order of magnitude as in the sonic gas velocity 
bubble column. However, the conical gas-liquid volume has boundaries 
defined by the extremities of the submerged jet originating at the jet 
plunge point and the line at which total absorption of the gas occurs, 
which may be difficult to characterize other than visually. So the specific 
interfacial area based on that submerged column may not be very accu¬ 
rate. 

Burgess and Molloy (B31) have extended this technique to a system 
where the jet extends over the entire bath and the reactor volume is 
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defined by the solid walls of the container; that is, total absorption of the 
entrained gas does not occur in the vessel. In such a case the plunging jet 
reactor is analogous to a gas-sparged, stirred-tank contactor with the 
plunging jet acting as both reactor agitator and gas-bubble generator. Thus 
specific interfacial areas are in the range 0.2-1.1 cm -1 , smaller than those 
of the submerged jet contactor because of low values of gas holdup 
(a < 0.06). 

2. Ejector Reactor 

The ejector reactor conceptually is a bubble reactor into which a liquid 
jet entraining gas is injected (N2) (Fig. 32). The ejector provides high 
liquid velocities (over 20 m/sec) which entrain gas by suction through a 
mixer device placed inside the reactor where there is intense gas-liquid 
contact. Also, gas and liquid are circulated inside the reactor by a pump¬ 
ing effect in such equipment, and the ejector and mixer devices act jointly 
as the reactor agitator and gas bubble generator. The liquid leaves the 
equipment by overflow in the presence of the gas phase, and the two 
phases are then separated. Nagel et al. (N2, N5) have performed complete 
and detailed studies on this type of reactor, measuring the interfacial area 
by the chemical method. Simultaneous measurement of phase flow rates, 
entrainment, and pressure drop has enabled these authors to compare the 
values of interfacial area with those of stirred tanks (R7) in terms of same 
specific input power relative to the volume of the reactor (Fig. 32). Values 
obtained with the ejector are always higher for similar operating condi- 



Fig. 32. Interfacial area in ejector reactor: comparison with mechanically agitated reac¬ 
tor (N2, N5). 
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tions. Recently Zehner (Zl) has proposed mixer devices able to increase 
still more the interfacial area values for this type of contactor. 

3. Venturi Scrubber 

In venturi equipment, the liquid is injected through a nozzle into a 
high-velocity gas stream. The liquid is then atomized by the formation and 
subsequent shattering of attenuated, twisted filaments and thin cuplike 
films which provide a high degree of turbulence and large interfacial areas 
for heat and mass transfer. In the breakup, nearly spherical droplets are 
formed which also provide a large surface area per unit volume of liquid, 
but then the degree of turbulence is decreased. Venturi scrubbers are 
often used for simultaneous removal of gaseous and particulate pollut¬ 
ants. Their advantages are high volumetric flow rate; simplicity, com¬ 
pactness, and absence of moving parts, all leading to a low first cost of 
equipment; and the ability to handle slurry absorbents. Disadvantages are 
the short gas-liquid contact time, high pressure drop on the gas side, the 
need for a phase separator after the scrubber, and the limitation to appli¬ 
cations with large volumetric gas/liquid ratios (at small ratios, efficient 
atomization of the liquid does not occur.) 

Two principal modes of operation commonly employed are liquid injec¬ 
tion into the throat of the venturi and liquid introduction so as to wet the 
entire convergent section. The second mode of operation gives a lower 
pressure drop under similar operating conditions (S15). Excellent reviews 
of the literature pertaining to pressure drop, atomization, and efficiency of 
venturis are given by Uchida (Ul) and Wen and Fan (W10). Most of the 
experimental data are given in terms of gas absorption efficiency, and only 
a few studies lead to mass-transfer correlations. The overall pressure drop 
across the venturi scrubber is an important practical factor that must be 
considered in reactor design, since the mass-transfer rates are thus di¬ 
rectly related to the power consumed. The pressure drop can be estimated 
by considering friction along the wall, which depends largely upon the 
geometry of the scrubber, and acceleration of the injected liquid, which is 
insensitive to the geometry and is often predictable theoretically. Most of 
the available pressure-drop correlations have been obtained on relatively 
small-scale, specific equipment (V12, B15, N7). Only Calvert (C6) and 
Boll (B19) have developed equations applicable to venturi scrubbers in 
general. Calvert’s equation is 

A P w = 10" 8 x uf,r (127) 

where AFql is the pressure drop across the venturi in cm H 2 0, u G is the 
gas velocity relative to the duct in cm/sec, and r is the liquid/gas ratio in 
liters/m 3 . Though this equation neglects frictional loss at the wall, it pre- 
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diets the pressure drop with fair accuracy. If, for reactor design, it is 
necessary to estimate the pressure profile within the venturi, the more 
detailed equations of Boll (B19) and Uchida (Ul) can be used, which take 
into consideration the different terms of the momentum balance. 

Another important parameter is the mean surface-to-volume droplet 
diameter d s , which affects the velocity and the absorption behavior of the 
liquid phase. Among the available correlations the most widely used is 
that of Nukiyama and Tanasawa (N13), 

‘'•- 585 * ,r ”^) + 597 x ,os r (,27a> 

where d s is, in mm, q h and q G are the liquid and gas volumetric flow rates in 
cm 3 /sec, /x, is the liquid viscosity in P, p L is the liquid density in gm/cm 3 , 
tr L is the surface tension in dyn/cm, and v { is the relative velocity of gas 
and liquid at the throat in cm/sec. This correlation is suitable in the range 
of high relative velocities (100 m/sec to sonic), a large gas/liquid mass ratio 
(from 1 to 50), and viscosities up to 50 cP. 

As already mentioned, many studies have been reported on mass trans¬ 
fer in venturi scrubbers in terms of efficiencies for specific equipment and 
specific problems (absorption of S0 2 , N0 2 , NH 3 ; desorption of C0 2 , 0 2 , 
and so on). So only qualitative relations of a, k L a , and k^a to the flow 
parameters can be proposed. 

The gas-side mass-transfer coefficients k G a and k G increase with liquid 
feed rate or with gas velocity at each given position in the venturi scrubber 
and decrease at constant liquid rate and gas velocity with increasing dis¬ 
tance from the point of liquid injection (J7, VI1). The values of k L a gener¬ 
ally increase with increasing liquid flow rate or gas velocity (often referred 
to as the velocity at the throat). However, k h a will sometimes exhibit a 
maximum when the gas velocity increases; the explanation is that, at 
higher gas velocities, an increase in turbulence in the throat of the venturi 
results in the formation of droplets smaller than the thin filaments first 
formed at lower gas velocities. Internal circulation is reduced in these 
smaller droplets, and there is also a reduction in the size of the zone of 
intense turbulence. These two phenomena lead to a maximum for the 
values of/: L , as found experimentally by Kuznetsov and Oratovskii (K15) 
and Virkar and Sharma (V11). The values of the effective interfacial area a 
increase with both gas and liquid flow rates. 

Virkar and Sharma are the only investigators to have reported system¬ 
atic measurements of a, k L a , and k^x by the chemical method. Their work 
utilized laboratory-scale vertical venturis, operating with liquid injection 
either at the throat or ahead of the convergent section. For example, for 
wetted-approach operation, in the range of gas velocities from 50 to 90 
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m/sec and liquid flow rates from 7 to 30 cirf/sec, the following equations 
were proposed and are given here for illustration: 

a = 2(A/7A/i) + 0.65 (128) 

and 

x 10 +1 ° = 0.25 x 10~ 2 A/Vr + 1.56 (128a) 

where A P and A h are the pressure drops across the venturi and across the 
convergent section in N/m 2 , r is the liquid/gas ratio in liters/m 3 , a is in 
cirf/cmP, and&G0 is in kg moles/m N sec). The reactor volume is taken to 
be the volume of the divergent cone plus the volume of the spray zone in 
the separator. The venturi had a circular throat of 16 mm diameter and 9 
mm length, and the angles of the convergent and divergent sections were 
35° and 8°, respectively. The entrance and exit sections were each 5 cm in 
diameter. These equations are specific to one type of equipment of labora¬ 
tory scale and are of doubtful validity for other types and sizes. With the 
present state of knowledge, the mathematical model recently proposed by 
Wen and Fan (W10) and Uchida (U1) will be of great help in describing the 
hydrodynamics and heat and mass transfer in industrial-scale venturis. 

It is important to note that large extents of mass and heat transfer take 
place near the liquid nozzle. Usually the operation of the venturi scrubber 
is almost isothermal, except for a few centimeters from the point of liquid 
injection. The effect of any solid phase in the liquid may be considered 
negligible; the liquid residence time is so short that very little dissolution 
can take place. An interesting feature is that decreasing the surface ten¬ 
sion results in an increase in a because of a decrease in the mean droplet 
diameter. 

H. Conclusions Regarding Scale-Up Problems 

In this section, data for the mass-transfer parameters most often mea¬ 
sured by the chemical method, that is, the integral values of a, k h a , and 
k G a (and their dependence on fluid and equipment parameters), have been 
presented. In practice, their mode of use depends upon which of the 
following problems confronts the design engineer: 

1. The equipment has already been in operation , but the problem is to 
change the gas-liquid system in the existing reactor for economic reasons. 
Although the procedure is time-consuming, it seems reasonable to predict 
the performance from experiments carried out in a small-scale laboratory 
apparatus with the same k L , k G , and a/p as the existing industrial equip¬ 
ment (see Section V). In most practical cases, these laboratory experi¬ 
ments simultaneously will provide the needed knowledge of the reaction 
kinetics. 
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2. The type of gas-liquid reactor has been chosen (packed column, 
plate column, mechanically agitated tank, and so on), and the problem is 
to size the equipment, using published mass-transfer data. In such case, 
the diagrams and correlations given above for contactors with diameters 
smaller than 0.4 m can be used with a fair degree of confidence to scale up 
tubular packed, spray, and plate columns to 2 or 3 m in diameter. For 
mechanically agitated or bubble reactors, small-scale experiments are 
recommended with the given gas-liquid system in the laboratory ap¬ 
paratus {D = 5-20 cm) similar in shape, agitation, and contact time to the 
chosen reactor type; and then, to scale up the system, the same specific 
interfacial area is ensured by a constant total power input per unit liquid 
volume; that is, P T /a'"V L and u G are constant, in a mechanically agitated 
reactor, and p L g u G /a'"fi is constant, in a tubular bubble reactor without 
agitation. 

3. A suitable type of reactor has to be chosen prior to sizing. This is an 
economic problem, with competition between the value of the interfacial 
area and the energy expense required to create it. In such cases, Fig. 33 in 
Nagel et al. (N4) provides a comparison between the extents of interfacial 
area provided by the major types of equipment and their energy costs. 
Once the choice is made, the remaining part of the design can be carried 
out as in case 2. 


A Ejector reactor 

B Bubble column 

C Packed column 

(co. current) 

C 1 with Raschig rings 

C2 with spheres 

0 Venturi scrubber 

E Tubular ejector 

F Mechanically stirred reactor 
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Fig. 33. Interfacial area in several types of reactors (N4). 
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Axial Dispersion. In designing absorption columns, the common prac¬ 
tice is to assume plug flow, ignoring axial dispersion. As explained by 
Dunn et al. (D17), the phenomenon of axial mixing arises from the fact 
that, for various reasons, packets of fluids of one or both phases do not all 
move through the reactor at a constant and uniform velocity. This tends to 
reduce the concentration driving force for mass transfer from that which 
would exist for piston flow, and this can lead to unsafe designs; that is, to 
achieve a given separation more transfer units are required, or for a given 
column under conditions of axial mixing the overall mass transfer coeffi¬ 
cients based on a difference in the solute concentration measured in the 
inlet and outlet streams are smaller than the actual mass transfer coeffi¬ 
cients. 

The diffusion model is generally used to take the effect of axial disper¬ 
sion in mass-transfer equipment into account. When the dispersion is 
characterized in each phase, analytical solutions of the set of equations of 
this model, or tabulated numerical results or approximate equations, are 
proposed by Mecklenburgh and Hartland (M9a) and Miyauchi and Ver- 
meulen (M15a). Note that in many practical cases it is the dispersion in the 
phase where there is a large concentration change that is important. How¬ 
ever, Miyauchi and Vermeulen (M15a) have provided a calculation proce¬ 
dure with axial dispersion and concentration change in both phases that 
will be useful for the design of a gas-liquid reactor with backmixing in 
using the values of the mass-transfer coefficients presented in this section. 


V. Simulation of Absorbers in Laboratory-Scale Apparatus Using Chamical 

Reaction 

In this section, we are concerned with laboratory apparatus in which 
absorption experiments are carried out to simulate the behavior of indus¬ 
trial absorbers. Among the different steps in designing such equipment, 
the determination of solubility and diffusivity of one or several solutes in a 
reacting solution with unknown kinetics can be a challenging problem. 
These difficulties have justified making relatively simple laboratory mod¬ 
els with a well-defined interfacial area and carrying out experiments to 
obtain data directly applicable to design. The aim is thus to predict the 
effect of chemical reaction in an industrial absorber from tests in a labora¬ 
tory model with the same gas-liquid reactants, or to predict the reactor 
length for a specified task, using data from the laboratory model, even 
though the means of agitating the liquid in the two types of equipment is 
quite different. 
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A. Criteria for Simulating an Industrial Absorber 


Consider a small but representative volume element ft dh of an indus¬ 
trial tubular absorber in which a gas-liquid reaction occurs: 

A (dissolved solute) + zB (liquid reactant) products 

The material balance equations for this case, when the gas contains only 
one soluble component and the liquid only one reactant, are 

<p{k L ,k G ,Ct,C A0 ,C m )addh = - y^dp h 

= « L n dC A0 + r(c A0( C m )/3(l dh (129) 
WlU dC i5o = zr{C A o, Cbo))30 dh (130) 


where P is the pressure in the absorber, u L and u G are the superficial 
liquid and gas velocities, /3 is the liquid holdup, p b is the bulk partial 
pressure of solute gas at length h, V M is the molar volume of the gas, 
r(C A0 ,C B0 ) is the reaction rate, C A0 and C B0 are the bulk concentration 
of reactants, z is the moles of B reacting with each mole of gas, and 
if(k L , k G , C%, C A0 , C B o) is the rate of absorption per unit interfacial area in 
the volume element. 

Rearranging these two equations leads to double numerical integration 
over the length h of the absorber: 


f out a dh = f 
J in «L JI 


dC 




in ‘fiiku k G , C A , C A o, Cbo) 


_ l f 01 

zJln 


dC, 


SSL 


-u 


Uc,dp h 


in u L <p(k L , k G , C %, C A o, Ceo) 


<p{k b , k G , C* A , C A o, Cbo) 
(131) 



dh = 1 f ln dC M 
u l z J out r(C A o, Cbo) 


(132) 


Consider now a laboratory absorber in which the liquid and gas are agi¬ 
tated in a way that gives rise to mass-transfer coefficients k G and k L of the 
same magnitude as in the industrial absorber. Also assume that the ratio 
«g/«l, the concentrations C%, C A0 , and C B0 , the temperature, and the 
pressure in the laboratory absorber are the same as those of the volume 
element located at length h of the industrial absorber. Then the specific 
rate of absorption <p = (f(k L , k G , C%, C A0 , C B0 ) is the same in both ap¬ 
paratuses, and the right side of Eq. (131) is also the same, for the same 
concentration or partial pressure limits (that is, entrance and exit bulk 
concentrations). 

It follows that the ratio ah/u L is identical for both absorbers, hence 
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h _ u L /a 
h m ~(u L /a) m 


(133) 


where the subscript m refers to the laboratory model. Similar consid¬ 
erations applied to Eq. (132) lead to 

fih/ll l ifi m h m )/iJm 

which means that the space time is the same in the volume element of the 
industrial absorber and in the laboratory model. Combining Eqs. (133) and 
(134) gives 

a/p = ajf3 m = Ajp m V m = AJV l (135) 

where A m is the geometric interfacial area of the model, and V L is the 
liquid volume of the model having total volume V m . Equation (135) shows 
that, per unit volume of absorber or reactor, the ratio of interfacial area to 
liquid holdup is the same in the laboratory model and the industrial ab¬ 
sorber. 

Therefore the three criteria for simulation are identical values of k L , k G , 
and aji3 in the industrial and the laboratory absorbers. “Simulation” 
means that, if the bulk compositions of gas and liquid in the laboratory 
absorber are the same as in a volume element of the industrial absorber, 
the absorption rate per unit interfacial area <p in this element will be the 
same as in the laboratory model <p m , whatever the means of agitating the 
gas and the liquid in the two absorbers. Thus <p m = tp can be determined 
experimentally as a function of C A0 , C w , or p , and Eq. (130) can be 
integrated numerically step by step between the limit compositions at the 
entrance and the exit of the industrial absorber to find the length h of the 
absorber. 

The third criterion (constant a/f3 ) is required whenever the reaction 
between dissolved gas and a reactant in solution is slow. Indeed reactions 
will proceed in the bulk liquid, and the rate of absorption in the industrial 
or laboratory absorber will depend upon the volume of bulk liquid avail¬ 
able per unit area of interface. 

However, until now, published studies on this topic (D5, L4) have been 
confined to cases in which all the reactions that determine the rate of 
absorption occur essentially in the liquid diffusion film and the concentra¬ 
tion of dissolved gas in the bulk of the liquid is zero. 


B. Practical Selection of a Simulative Laboratory Model 

1. Absorption and Reaction with a Pure Gas 

The first criterion for simulation involves identical values of k L in both 
apparatuses. Indeed the average rate of absorption (per unit interfacial 
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areas) of a (pure) gas solute into a liquid with which it reacts is determined 
partly by physicochemical factors (solubility, diffusivity, kinetics) and 
partly by hydrodynamic factors (gas and liquid flow rates and shape and 
size of the absorber). It is known that simple theoretical models of absorp¬ 
tion with chemical reaction lead to conclusions about the effect of the 
chemical reaction that are numerically close, whether the film model or a 
surface-renewal model is used as the basis of calculation (Section II,B). 
This means that, for a fixed value of k L , the different theories give approx¬ 
imately the same value for the average rate of absorption. It follows that, 
to design a laboratory model of an industrial pure-gas absorber, the essen¬ 
tial feature to reproduce is the true liquid-side mass-transfer coefficient k L 
(that is, the same mean contact time). 

Several laboratory models for simulating large-scale absorbers are 
shown in Fig. 8. The ranges of contact time for different industrial and 
laboratory absorbers are given in Table XXV. This table should aid in the 
selection of laboratory equipment to give a contact time (or k L ) that simu¬ 
lates the industrial absorber. For instance, a wetted wall or stirred vessel 
can simulate a packed column. 


TABLE XXV 


Absorber Simulation Based on Equality of k h 


Laboratory 

model 

Contact time 
(sec) 

Industrial 

absorber 

Contact time 
(sec) 

Laboratory model 
for simulation 

Cylindrical 
wetted wall 

0.1-2 

Plate 

column 

0.019-0.04 

Laminar jet, 
rotating drum 

Spherical 
wetted wall 

0 . 1-1 

Packed 

column 

0.03-1 

Cylindrical wetted 
wall, string of 
disks or of 
spheres, stirred 
vessel 

Conical 
wetted wall 

0.2-1 

Venturi 

0.004 

Laminar jet 

Laminar jet 

0.001-0.1 

Spray 

column 

0.03-0.1 

Laminar jet, 
rotating drum 

String of disks 
or of spheres 

0.1-2 

Well- 

stirred tank 

0.01 

Laminar jet, 
rotating drum 

Rotating 

drum 

0.0002-0.1 

Bubble 

column 

0.01 

Laminar jet, 
rotating drum 

Stirred 

vessel 

0.06-10 
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2. Absorption and Reaction with a Dilute-Gas Solute 

When the absorption involves a. dilute solute in the gas phase, there is 
resistance in the gas phase as well. Then simulation also requires identical 
values of the true gas-side mass-transfer k G . In the laboratory model, the 
values of k G may be adjusted to that of the industrial equipment either by 
varying the gas flow rate (D2) or by stirring the gas phase (D2, D6, B16, 
H8). 

Experimental values of k G in laboratory models are listed in Table 
XXVI. An example of absorption with equal values of k L and k G in both 
apparatuses will be given in Section V,C. 

3. Absorption and Complex Reaction with a Dilute-Gas Solute 

In the two previous cases, reaction between the dissolved gas and the 
liquid reactant was assumed fast enough to occur only within the liquid 
film. But when the reaction and mass-transfer resistances are of the same 
magnitude, that is, when reaction occurs both within the film and within 
the bulk liquid (or only in the bulk liquid), the third criterion for simulation 
is necessary, that is, equality of the ratios of interfacial area to liquid 
holdup. This criterion may be. satisfied by the laboratory double-mixed 
contactor suggested by Levenspiel and Godfrey (LI 1) shown on the right 
side of Fig. 8—a steady-flow contactor with uniform gas and liquid com¬ 
positions maintained by stirring each phase independently, which pro¬ 
vides independent control of the interfacial area and the surface/volume 
ratio of the phases by using replaceable interface plates having holes 
which give from 2 to 30% open area. 

A string of spheres with holes full of liquid could be considered an 


TABLE XXVI 

Values of k G in Laboratory Models (L2) 


Laboratory 

model 

(10 5 moles/cm 2 sec atm) 

Varying 

parameter 

Reference 

String of disks 

7-25 

Relative velocity 

S38 

or spheres 


of the fluids 


Laminar 

10-40 

Stirrer speed in 

B16 

jet 


the gas phase 


Stirred 

1-15 

Stirrer speed in 

H8 

vessel 


the gas phase 


Cylindrical 

1-9 

Gas velocity and 

K13 

wetted 


stirrer speed in i 


wall 


the gas phase 
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alternative to this type of laboratory model (L2), which has been proposed 
for simultaneous absorption of several gases into a liquid containing sev¬ 
eral reactants. 

C. Example: Stirred Cell Simulating a Packed Column 

The use of a stirred cell to simulate a packed column is widespread (D5, 
K7, D7, Cl 1, L5). Let us consider its use in predicting absorption rates at 
different levels of a column, when absorption occurs with a fast second- 
order irreversible chemical reaction and with mass-transfer resistance in 
both phases. 

Variations in k L and k G with the respective phase stirring rates are de¬ 
termined first. Determination of k L as a function of liquid-side stirrer speed 
N l is carried out by physical absorption, absorption with slow chemical 
reaction, or absorption with an instantaneous chemical reaction of a pure 
gas for a well-known geometric interfacial area (generally the cross- 
sectional area of the stirred cell minus that of the blade-type stirrer). To 
determine k G as a function of gas-side stirrer speed JV G , absorption with 
instantaneous chemical reaction of a dilute solute is carried out. These 
values of k L and k G are specific to the geometry of the laboratory apparatus 
and to the solute gas. For other gases, k G under the same conditions can be 
estimated by assuming it to vary as the square root of the diffusivity D G of 
the solute gas. In the same way, k L for other liquids under the same 
conditions may be assumed to vary as the square root of the diffusivity D h 
of the dissolved gas. 

Similarly, when values of a, k L a , and k^a are known for the packed 
column, the variations in k L and k G can be determined as functions of the 
respective flow rates u L and m g , as discussed in Section IV,A. Various 
stirring speeds for each phase in the laboratory model can then be related 
to the phase flow rates (in the packed column) which have, respectively, 
identical k L and k G , as outlined in Fig. 34. Thus pairs of values of u L and w G 
are simulated by each couple N h and N G . 

The next step is measurement, or theoretical calculation when possible, 
of the average rates of absorption per unit interfacial area <p m of the chem¬ 
ical system in the laboratory model where k L and k G are adjusted to be the 
same as in the packed column. These measurements are carried out for 
different liquid and gas compositions representative of different levels in 
the column and are reported as plots of <p m versus p for different reactant 
concentration contours. Knowledge of these absorption rates is essential 
for predictive calculation of the column length h, as the consecutive 
values of <p m from the stirred cell must be used to integrate Eq. (131) 
between the inlet and outlet conditions: 
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Model 


Column 



Fig. 34. Schematic procedure for establishing model column couples for simulation 
between (t/ L , N L ) and (t/ G , W G ). 


h = 


U G 


aV m P 


r in 

J out n 


dp* 


l(^L> ^G> C&) 


= «L [ 

j zaj, 


in 


dC 


B0_ 


out^m(^L» ^G> CX.Cbo) 


(136) 


Laurent (L2) considers the use of a 10-cm-i.d. double-stirred cell to simu¬ 
late a 30-cm-i.d. column packed with 20-mm glass Raschig rings to a 
height of 1.92 m. The values of k L and k G of the model leading to the 
simulating couple N u m l , and 7V G , u G in Fig. 34 were determined by ab¬ 
sorption of pure C0 2 into different liquids (water, Na 2 S0 3 , NaOH) and 
absorption of dilute SO 2 into NaOH. Then CO 2 from air was absorbed into 
NaOH and Na 2 COh solutions, both in the stirred cell and in the packed 
column, so as to compare the predictions from the model with the 
packed-column results for different values ofw L , w G , and gas and reactant 
concentrations. The experimental values of <p m measured in the stirred cell 
for different bulk compositions of gas and liquid, given in Fig. 35, were 
used to integrate Eq. (136) for given feed and product conditions. The 
resulting values of h are the predicted height in the table accompanying 
Fig. 35. The predicted and actual heights differed by less than 20% in all 
cases, indicating that this method is quite sound. Danckwerts and Alper 
(D7) have obtained even better prediction (within 10%) using different 
packing heights in a 10-cm-i.d. column where the fluid flow rates were 
kept constant. 
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D. Applications 

It appears that laboratory equipment of the types shown in Fig. 8 can be 
used to predict the effects of chemical reaction on absorption rates in 
industrial absorbers with a degree of accuracy representing an improve¬ 
ment over present design procedures. This promising simulation method 
does not require detailed knowledge of solubilities, diffusivities, or reac¬ 
tion kinetics. Usually the method requires knowledge of k L and k G , which 
can be easily determined experimentally in a laboratory model. 

This technique, suggested by Peaceman (P3a) for absorption and de¬ 
sorption of chlorine in water in a packed column or a short wetted-wall 
column, and fully developed by Danckwerts and Gillham (D5), has been 
successively used by Jhaveri and Sharma (J6) for absorption of O 2 into 
solutions of sodium dithionite, by Yano et aL (Y2) for liquid-phase oxida- 



Fig. 35. Simulation of a packed column by a stirred cell (L2). (See tabulation on p. 122.) 



TABULATION FOR FIGURE 35 

Results of Absorption of C0 2 -Air into Aqueous Solutions of NaOH + NajCOs Experiments in a Packed Column 


Error 

Pcox x I® 2 Gro — C 0 H- in 

(atm) (moles/liter) f 0LT dcgp Predicted material 


«c 

(cm/sec) 

Inlet 

Outlet 

«L 

(cm/sec) 

Inlet 

Outlet 

IN 

(sec/cm) 

H 

(m) 

height 

(m) 

Difference 

(%) 

balance 

<%) 

7.5 

6.2 

0.4 

0.5 

0.60 

0.52 

654 


1.72 

10.4 

9.9 

7.5 

3.2 

0.01 

0.5 

0.60 

0.55 

578 


1.52 

20.8 

25 

6.9 

2.9 

0.05 

0.23 

0.59 

0.52 

1120 


1.84 

4!2 

4 

6.9 

5.5 

0.6 

0.23 

0.59 

0.47 

1102 


1.81 

5.7 

3.5 

6.9 

7.3 

0.75 

0.23 

0.59 

0.42 

1144 


1.88 

2.1 

2.4 

7.6 

2.5 

0.4 

0.5 

0.30 

0.27 

673 

1.92 

1.77 

7.8 

11.9 

7.5 

2.8 

0.45 

0.23 

0.30 

0.24 

1096 


1.80 

6.2 

6.7 

10.9 

2.0 

0.5 

0.23 

0.30 

0.24 

1145 


1.88 

2.1 

0 

7.5 

2.6 

0.3 

0.5 

0.28 

0.25 

692 


1.82 

5.2 

4 

7.4 

4.2 

0.4 

0.5 

0.28 

0.23 

722 


1.90 

1.0 

5.9 

a D = 

30 cm, d = 

20 mm, T = 

25°C, P = 1 atm 

; a, k lm . 

and k c , are 

experimentally determined. 
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tion of propylene with PdCl 2 , and by Gehlawat and Sharma (G5) and 
Shaffer et al. (S14) for absorption of butenes into H 2 S0 4 or into 
trifluoroacetic acid. In all cases reported, the chemical absorption rates 
measured for a pure gas in a stirred vessel as a model have made it 
possible to predict the rate in a packed column to within 20%. 

For the absorption of a dilute gas solute, this technique has been used 
for absorption of C0 2 into NaOH and Na 2 C0 3 solutions (D7, L2). Thus 
the path has been prepared for simulation to be used, whenever desired, 
for slow, complex, or simultaneous reactions whenever these are met in 
practice. For such systems, more elaborate laboratory equipment is re¬ 
quired that makes it possible to vary the ratios of interfacial area to liquid 
holdup (L11). 


VI. Nomenclature 

In particular equations, the units that apply to a variable may be differ¬ 
ent from the units shown here, and if so are indicated in each specific case. 
When correlations in the literature are dimensional, the units are some¬ 
times English and sometimes metric. 


A, B, C Components 

A m Geometric interfacial area of 
a laboratory model, cm 2 
a Effective interfacial area per 
unit packed volume, cm -1 
a ' Effective interfacial area per 
unit volume of froth, or 
dispersion, cm' 1 

a" Effective interfacial area per 
unit area of plate, cm 2 /cm 2 
a'" Effective interfacial area per 
unit volume of clear liquid, 
cm -1 

a c Total dry area of packing per 
unit of packed volume, 
cm -1 

n d Effective interfacial area 
based on dispersion vol¬ 
ume in packed bubble col¬ 
umns, cm -1 

a g Specific surface area of pack¬ 
ing, cm -1 

Ct Saturated concentration of 
gas A, moles/liter 

C A0 , C B0 Bulk concentration of dis¬ 
solved gas and of reactant, 
moles/liter 


D Diameter of reactor, cm 
D A Molecular dififusivity in very 
dilute solution, cm 2 /sec 
D% Molecular dififusivity in very 
dilute solution of mixed 
solvents, cm 2 /sec 

(AOconc Molecular dififusivity in con¬ 
centrated solutions, cm 2 / 
sec 

d Diameter of jet or tube, cm 
d A Diameter of agitator, cm 
d b Bubble diameter, cm 
d SM Sauter mean diameter, cm 
dr Tank diameter, cm 
E Enhancement factor 
E { Enhancement factor for in¬ 
stantaneous reaction 
F Percentage free area of the 
plate 

f A Fugacity of component A, 
atm 

G Gas mass superficial flow 
rate, kg/m 2 sec 

g Gravitational acceleration, 
cm/sec 2 

g c Gravitational conversion fac- 
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H,h 

H 


A* 

I 

k B 

kc 

K h 


km 


n 


k s 

L 

l 

M 

m 


N L9 n 


N g 

n 0 

Os 

P 

P 

P m 

Ps 


Q 


Qg 


tor, force/(mass)(acceler- 
ation) 

Length of reactor or depth of 
clear liquid 

Henry constant, atm cm 3 /gm 
mole 

Contributions of gas, posi¬ 
tive ion, and negative ion 
to salting coefficient h, 
liters/gm mole 

Height of agitator from base 
of reactor 

Ionic strength, gm moles/ 
liter 

Boltzmann’s constant 
Catalyst rate constant, 
liters/gm mole sec 
Henry constant, atm 
Rate constant; for first and 
second order, sec -1 and 
cnrVgm mole sec 
Rate constant for reaction 
with order in A, wth order 
in B, (cm 3 /gm rnole) m+n “V 
sec 

True gas liquid-side mass- 
transfer coefficient, cm/sec 
Liquid-to-solid mass transfer 
coefficient, cm/sec 
Liquid mass superficial flow 
rate, gm/cm 2 sec 
Length of the generatrice of 
a cone, cm 
Molecular weight 
Molality, moles/1000 gm sol¬ 
vent 

Rate of revolution of liquid 
stirrer, rpm 

Rate of revolution of gas stir¬ 
rer, rpm 

Minimum speed of agitator 
Ostwald coefficient 
Partial pressure, atm 
Total pressure, atm 
Mechanical agitation power, 
W 

Vapor pressure, atm, or 
power expense to sparge 
the gas, W 

Amount of gas absorbed by 
unit area during time of 
contact 0, gm moles/cm 2 
Gas flow rate, cm 3 /sec 


Gl 


R 


S 


T 

T c 




V° 

V B 

V L 

V m 


Vr 


Xa&Jc 


Xt 


x 

z 

Za 

Z D 

1 

Z - 

a 

j3 

7a 

y± 

A E 
A H 
A P 


Liquid flow rate, cm 3 /sec 
Rate of reaction, gm moles/ 
cm 3 sec 

Rate of transformation in the 
bulk of liquid, gm moles/ 
cm 3 sec 

Submergence, cm 
Fractional rate of surface re¬ 
newal, sec -1 

Absolute temperature, K 
Absolute critical tempera¬ 
ture, K 

Liquid and gas superficial ve¬ 
locity, cm/sec 

Molecular liquid volume, 
cnrVgm mole 

Partial molecular volume of 
solvent in solution, cm 3 /gm 
mole 

Volume of liquid held in a 
laboratory model or in a 
reactor, m 3 

Molecular volume of pure 
liquid component at its 
normal boiling tempera¬ 
ture, cm 3 /gm mole 
Aerated volume or reactor 
volume, m 3 

Mole fractions of A, B, and 
C 

Mole fraction solubility of 
gas in solution 
Associated factor for the sol¬ 
vent 

Height of clear liquid, cm 
Height of aerated liquid, cm 
Concentration diffusion pa¬ 
rameter 

Number of moles of B react¬ 
ing with 1 mole of A 
Absolute values of cation 
and anion valences 
Gas holdup 
Liquid holdup 

Activity coefficient of the 
solute 

Mean molar activity coeffi¬ 
cient 

Latent heat of vaporization, 
cal/gm or cal/gm mole 
Heat of solution, cal/gm or 
cal/gm mole 

Pressure loss: A P LG for two- 
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phase flow, A P L for 
single-phase flow of liquid, 
A P G for single-phase flow 
of gas, N/m 2 or mH 2 0/m 
8 Solubility parameter, (cal/ 
cm 3 ) 1/2 

Sl, 5 g Thickness of diffusion film in 
liquid and in gas, cm 
8 r Distance from interface to 
reaction plane, cm 
e Porosity (void fraction) 

6 Time of exposure of liquid to 
gas, sec 

X+, X- Electrolytic conductance at 
infinite dilution, mho 
cm 2 /gm equivalent 

Mab> Pabc Viscosity of the solution, cP 
fi B Viscosity of the solvent, cP 


/Lt W T Viscosity of water at T, cP 
a Surface tension, dyn/cm 
cr c Critical surface tension of 
liquid for a particular 
packing material, dyn/cm 
<t> Rate of absorption per unit 
volume of reactor, gm 
moles/cm 3 sec 

O' Volumetric rate of absorp¬ 
tion, cm 3 /sec 

tp Average rate of absorption 
per unit interfacial area, 
gm moles/cm 2 sec 
V?' Volumetric average rate of 
absorption, cm 3 /cm 2 sec 
D Cross-sectional area of the 
column, cm 2 
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In India the development of chemistry, chemical technology, and chem¬ 
ical engineering has taken place over a vast span of time. The industry has 
developed from the realm of secret practice and magic to the use of the 
latest technology and the ability to export this technology and its asso¬ 
ciated equipment to lands where development has not proceeded as rap¬ 
idly or as far. 

The progress in chemical engineering stems not so much from the ex- 
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tension of theory into new fields, or from the discovery of new ideas, but 
from adaptation to the conditions, materials, and methods available in a 
developing country. Innovation consists of changing capital-intensive 
practice to labor-intensive practice, of finding a path through the network 
of regulations, of training workers, engineers, and individuals who have 
had little association with technology in everyday life, and of adaptation. 

Few people outside India are aware of the progress being made in that 
country and in the rapid advance of technology, education, and attain¬ 
ment of self-sufficiency. It is this progress and attainment that will be 
described in this report. 


I. Summary 

A study of archeological findings and records indicates that chemistry 
has been applied for the betterment of humanity in India for over 4000 yr. 
However, this use of chemistry has been based on a technological rather 
than a scientific standpoint. The earliest users concerned themselves with 
metals for use in war and as money, ceramics for many and varied uses, 
and mixtures of herbs for the betterment of health. 

Applied chemistry wifi be considered here in its widest possible conno¬ 
tation. The discussion will include not only chemistry but also mineralogy, 
metallurgy, and pharmacology. Chemical developments from ancient 
times to the present are considered, each of which has contributed to the 
overall use of chemistry and chemical technology. 

India, because of its location, climate, and people, has always been a 
rich source of raw material. The British, like all the previous conquerors, 
exploited these resources by taking raw materials to their own country for 
processing rather than by developing industry within India itself. As a 
result of the conquerors’ entering and leaving India, the culture absorbed 
the traits and characteristics of the conquering people, so that technology 
and science, too, were assimilated. The industrial revolution in England 
made it more profitable to use the low-cost labor and mechanization of 
England rather than the bountiful low-cost labor of India; and as a conse¬ 
quence the British used tariffs and other governmental actions to suppress 
development of the industrial capacity of India. 

The real history of the chemical industry in India began with the inde¬ 
pendence of the country in 1947. Initially growth was slow, but later it 
became very rapid as the effects of advanced planning began to be felt. An 
understanding of this development requires a knowledge of the structure 
of industry within India. The interrelationships among research, devel¬ 
opment, and production, the control exercised by the government, and the 
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financial control exercised both by the government and by private indus¬ 
try all have a critical bearing on the ability of the industry to progress. 

Up to the present, the chemical industry has tended to concentrate in 
several areas within India rather than being generally distributed. Plant 
location is complicated by the lack of a proper water supply, even on the 
plains of the Ganges. The amount of water in the Ganges is great, but its 
location is not always fixed because the river wanders. For this reason, 
elaborate means have to be provided to ensure a water supply for a 
chemical plant. Thus, even though social planning dictates that plant loca¬ 
tion benefit the overall development of the country, a geographical con¬ 
centration of industry has occurred. 

The needs of the chemical industry are discussed in regard to the educa¬ 
tional system, research and development, changes in the structure of the 
industry, and so on. Among the outstanding needs are a change in the 
educational setup, the development of more self-sufficiency in the con¬ 
struction of chemical plants, and the development of chemical processes. 
As part of a great effort in this direction, study groups have published 
documents (S4, S5, S6) summarizing the findings in regard to the research 
needs of the country. 

The bulk of research and development work is done by government 
laboratories. Changes need to be made to encourage private companies to 
carry out research. This will require a change in licensing and tax policies. 
The appropriate independent technology is being developed and will re¬ 
sult in phenomenal growth. The per capita consumption of chemical- 
related products today is relatively small within India. For this reason 
growth of the chemical industry over the coming years will be rapid, much 
greater than throughout the world as a whole. 


II. Development to 1800 

India is an ancient country with a long and glorious history. Chemistry, 
in its many ramifications, was one of the sciences used extensively by the 
ancient inhabitants. Well-documented and comprehensive treatments of 
the use of chemical technology in India are available (Bl, B2, B3, C2, 
Wl), on which the material presented here is heavily based. A great deal 
can be inferred as to the technical capability of the early inhabitants from 
the archeological sites being excavated throughout India. Neither ar¬ 
cheological records nor more recent written records actually describe the 
technology, so that inferences have to be made as to its usage in everyday 
life. 

For the purpose of study, the Indian historical scene is divided into 
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several different ages or periods. The first of these is the pre-Vedic age 
which includes all time prior to 1500 bc, an age of which our knowledge 
depends almost exclusively on archeological findings. The pre-Vedic era 
was followed by the Vedic, from 1500 to 600 bc. During this period 
Aryans entered from the north and eventually settled over most of the 
northern part of India, bringing with them their culture, technology, and 
science where they mixed with the prevailing culture. 

The Vedic period was followed by the classic period extending from 600 
bc to ad 1200. During this period, the country was continually overrun by 
outsiders whose cultures were assimilated into the Indian pattern. The 
classic period was followed by the medieval, running from approximately 
1200 ad to the end of the eighteenth century by which time the British 
began to have a major influence in India. The nineteenth century saw 
many changes take place in India, as in the rest of the world, in regard to 
the development of sciences and their use for the aid of humanity. The 
early twentieth century is classified as the preindependence period, and 
the time since 1947 as the postindependence period. 

The rise and fall of Indian industry in general and the chemical industry 
in particular have been caused by many competing factors. India’s loca¬ 
tion and climate have made it a veritable storehouse of raw materials— 
both natural and agricultural—valuable for the development of humanity. 
The people were peace-loving and not warlike. For this reason, envious 
neighbors moved in and conquered and exploited the resources and the 
people. These influences brought new ideas, new sciences, and a new 
technology which were assimilated and improved upon by the local in¬ 
habitants. Because India lived so long under foreign rule, there was little 
freedom to choose the direction of expansion, growth, and development. 
Under these conditions, the technological progress made in ancient India 
is remarkable. 

Humans have used chemical technology since the beginning of re¬ 
corded history. The first evidences of the use of chemistry as a practical 
and purposeful art are found in the use of clay which was fashioned into 
useful articles and hardened by fire. The development and improvement 
of the potter, from the standpoint of both artistic skill and use, led the 
chemical technologist to develop processes involving prolonged heating, 
fusion, evaporation, and often the treatment of minerals (B3). 

The preservation and maintenance of health has also been a subject of 
concern to humanity since early times. Archeological evidence from 
about 4000 bc shows that in city planning the inhabitants were well aware 
of the problems of health and sanitation and therefore were probably also 
aware of the treatment necessary to cure certain diseases. Written records 
from later times show they were well informed as to the operations used in 
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the manufacture of various chemicals, drugs, pharmaceuticals, and dyes. 
These included emulsification, filtration, decantation, sedimentation, con¬ 
centration, precipitation, dehydration, evaporation, and chemical combi¬ 
nation. These were carried out on a small scale, not on the huge manufac¬ 
turing scale of modern chemical industries. Other early chemical 
technologies were in the areas of brewing, dyeing, metalworking, 
glassmaking, the use of pigments, and the preparation of building mate¬ 
rials such as burnt limestone and cement. 

In the earliest times, pottery was made without benefit of the potter’s 
wheel and was baked without adequate kilns. The low firing temperatures 
made it impossible to develop high strength or elaborate designs. The 
pottery was somewhat porous and was evidently the subject of continued 
experimentation. During the Harappan period which lasted from about 
2300 to 1750 bc in northern India, or just preceding this era, the potter’s 
wheel was developed and most vessels were made by this method. The 
firing procedure had been developed to take place under either oxidizing 
or reducing conditions, and the many colors show an understanding of the 
use of chemical change in developing the required colors. Many furnace 
designs have been found indicating that wood and charcoal were used as 
fuels. 

Some of the earliest examples of glazed pottery appeared in India dur¬ 
ing the Harappan period. (They did not appear in other countries, such as 
Mesopotamia, until about 1500 yr later.) The use of terracotta was also 
well known in early India. With the coming of the Indo-Aryans and the 
Vedic age, pottery became refined in shape, size, color, and strength, 
indicating an increasing awareness of the quality control needed to de¬ 
velop utensils for use. 

From the evidence available, the glass industry was well established in 
the period from 1000 to 750 bc. By the post-Vedic, classic age the devel¬ 
opment of pottery had reached a stage that included glasses and ceramics. 
Glass was made in many different colors and molded for many different 
uses. (Glass may have been introduced into India from Egypt, and some 
Indian glass objects have been determined to be of Roman origin.) The 
earliest uses of glass were for ornamentation; this was later followed by 
use as vessels. Some evidence has been found of glass factories; blocks of 
glass up to 120 lb have been discovered. It was also during this period that 
northern black polished ware made its appearance. Its production indi¬ 
cates a degree of technology that allowed firing under both oxidizing and 
reducing conditions so as to obtain the desired colors. 

The ability to control temperature in a furnace or oven as exemplified 
by the appearance of high-fired ceramics and glasswork was also evi¬ 
denced in the flourishing trade and production of metals that began in 



140 


DEE H. BARKER AND C. R. MITRA 


ancient times. The earliest metal used was copper. There is also evidence 
of the use of bronze, lead, silver, and gold, although some of these metal 
objects may have been manufactured outside India and brought in by 
traders and conquerors. Most of the earlier finds are copper or bronze 
implements, tools, and weapons of warfare. The refining of copper was so 
carried out that almost pure copper could be obtained, as analysis of some 
copper ingots shows. Melting was carried out near the mines in relatively 
small furnaces. There are many places in India today where slag deposits 
can be seen, but no remains of a furnace. In the early nineteenth century 
copper smelting furnaces were described which were evidently much like 
the earlier furnaces. These consisted of a small vertical cylinder about 15 
in. in diameter and 3 ft tall, operated with two leather bellows which 
supplied the blast air. 

Copper and its alloys continued to be important commercial products 
throughout all of India’s earlier history. Today the ancient skills are being 
reactivated, and the production of copper is becoming an important indus¬ 
try. During the classic age metal workers were sufficiently skillful and 
technically educated to construct a copper image of Buddha 80 ft high and 
temple bells 100 ft high. They were well versed in casting methods, includ¬ 
ing the lost wax casting process. By the Mogul period, techniques had 
developed to such an extent that a brass cannon over 14 ft long and 
weighing 53 tons could be cast. 

Iron was apparently unknown in the earliest of the Indian cultures. 
However, by the Vedic age, it had been introduced or developed in India, 
and there is evidence of slag piles and furnaces. The iron objects found 
encompass the entire range of tools, weapons, and utensils and extend 
throughout India. Following 800 bc, Indian iron and steel objects were 
recognized and praised for their quality throughout the Western world. 
When Alexander reached India, one of the gifts to him was 100 talents of 
steel, a prized commodity. The Indians were also adept in using steel in 
cutlery and for armor. 

The production of iron and steel in India progressed rapidly, and during 
the classic age some of the largest castings in the world were made. An 
outstanding example is an iron pillar located near New Delhi, which is 
over 24 ft high and weighs over 6 tons. By chance or by design this pillar 
was made of nonrusting iron. It is a marvel to behold, standing after 
centuries with no sign of rust and covered uniformly with a blackish 
coating except near the base where it has become bright and shiny after 
being touched by the hands of countless visitors. Iron was used for con¬ 
struction purposes, as shown in the temple at Konarak in Orissa. Over 239 
iron beams were used in its construction, some as long as 35 ft and 1 ft sq, 
which in most cases have rusted. Another pillar located at Dhar was 
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probably over 43 ft long. In most cases the remains of blast furnaces show 
them to have been very small, and it is difficult to understand how the 
large pieces were cast. 

Evidence indicates that the ancient people of India from as early as 4000 
bc were well acquainted with the production of building materials such as 
lime and plaster. By using crude equipment they fashioned the materials 
they needed, some of which have lasted until the present day. Present-day 
methods used in India probably resemble those used in ancient times. In 
the production of bricks, it is still not uncommon to find that sun-dried 
bricks are heaped or stacked in piles alternating with coal and arranged in 
the form of a beehive oven for firing. 

The production of pigments in ancient times was also well known and is 
evident in the remains of paintings in various ruins throughout India. In 
later times the development and exportation of dyes and pigments was an 
important segment of the industry, particularly in regard to the native 
indigo. 

Another example of the development of Indian chemical technology lies 
in the production of pharmaceuticals, cosmetics, and perfumes. Early 
chemical endeavors in India, as in the rest of the world, revolved around 
the purposes of seeking an elixir for life and changing base metals into 
gold. However, many developments in medicine werd also made. Many of 
the preparations in India depended on mercury, and it is small wonder that 
these compounds did not kill more people than they cured. The prepara¬ 
tion of pharmaceutical compounds primarily depended on the collection of 
plants and herbs. These were used either individually or in elaborate 
compounds. Many of them are still used today; investigation of the plants 
used in medicine is being made, with the result that many new drugs and 
preparations are being found. 

The use of pottery led to the development of a large amount of special- 
purpose laboratory equipment for the preparation of cosmetics, medi¬ 
cines, metals, and so on. Drawings show the existence of equipment for 
evaporation, sublimation, prolonged heating, steeping, and distillation, all 
made from pottery vessels of various sizes and shapes. Sometimes the 
equipment was fired from below and sometimes from above. In all cases a 
high degree of skill in chemical and laboratory preparation was indicated. 

By the eleventh century ad, the art of making paper was well developed 
in India. Indian artisans were highly skilled, and their paper was in great 
demand throughout the world. Although much of the paper was made of 
rags, a great deal of effort went into using many types of plants, some of 
which are still grown in India but are not now used in paper manufacture. 
Perhaps with the present shortage of paper some of these techniques 
should be revived. 
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A later development, occurring in the beginning of the fifteenth century 
ad, was the introduction of gunpowder and pyrotechnics, probably from 
China. Indians became very skilled in their use and compounded many 
different kinds of gunpowder for various applications such as in fireworks, 
rockets, and cannons. They developed many formulas; in the literature, 
98 different formulas for 20 different types of fireworks are given. They 
were adept at using metal dust and other chemicals to give color and light 
to fireworks. 

The ancient history of Indian chemical technology mostly concerns the 
production of small amounts of material in many different places. How¬ 
ever, in the case of iron, as shown above, the ability to cast larger objects 
was not exceeded elsewhere in the world. Exports in early times included 
salt, sugar, and some metal products. Under the British during the 
nineteenth century, both a development of and a decline in industrial 
chemistry took place. Only after the departure of the British did the 
chemical industry really begin to flourish in India. 


111. Development from 1800 to 1947 

Although the British occupied parts of India during the eighteenth cen¬ 
tury, it was not until the nineteenth century that their influence spread to 
such an extent that it had a marked effect on the industrialization of the 
country. As will be shown, several attempts were made in specific indus¬ 
tries to establish chemical processing, but without success. Except for one 
or two products, the chemical industry did not flourish until World War I 
which created a necessity for developing certain chemical industries in 
India. The period of British rule in India was much like that of other ages 
during which the people of the country were exploited. (In fairness to the 
British, however, it is recognized that British rule was a major factor in 
welding India into a united nation.) India was considered to be primarily a 
source of raw materials, agriculturally produced (jute, raw cotton, raw 
silk, indigo, and raw drugs such as opium), and in some cases minerals. In 
the eighteenth century the Indian people became highly skilled in their 
ability to spin thread and weave textiles, and India exported a consider¬ 
able quantity of finished goods, particularly cotton and silk textiles. The 
manufacture of textiles was “the most widespread industry of the coun¬ 
try. The tropical climate made this article [cotton] suitable as a garment of 
the vast majority of the people. On the Coast of Coromandel and in the 
Province of Bengal, when at some distance from a high road or principal 
town, it was difficult to find a village in which every man, woman or child 
was not employed in making a piece of cloth.” (C2) 
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As a measure of the decline in industry, in 1880 approximately 60% of 
the people were engaged in agriculture, while in 1921 73% were thus 
engaged. In the eighteenth century, the weaving industry in England had 
not advanced to such stages that it required protection. With the advent of 
steam power and mechanization, the cheap labor available in India was 
offset by the combined cheap labor and mechanical power in England. For 
this reason, the British instituted a program that strangled the developing 
Indian industries. This was done primarily by imposing high tariffs on the 
importation of Indian-made goods into Britain. It was only in fields such 
as indigo, salt, and sugar that any chemical industrial development oc¬ 
curred during this period. Basu (Bl) gives the following reasons for the 
decline in all Indian industries: “Forcing of British free trade in India; 
imposing heavy duties on Indian manufacturers in England; export of raw 
products from India; exacting factory acts; transit and customs duties; 
special privileges to Britishers in India; compelling Indian artisans to 
divulge their trade secrets.” As another example, steel and iron were 
exported at the beginning of the British period, while later only ore was 
exported. 

The iron and steel industry did not again become an important manufac¬ 
turing process until after India gained independence. Much earlier the 
direct process for the production of iron cementation had been developed 
in India (Wl), which was utilized in Europe only several centuries later. 
Damascus steel was derived from India. 

The blast furnaces used in India were small, 3-4 ft in height and 2-3 ft in 
external diameter, with the blast furnished by goat skin bellows. Two to 
three hours’ operation yielded about 50% iron (B3). The charge consisted 
primarily of iron ore and charcoal, sometimes with flux and sometimes 
without. The use of charcoal proved in the long run to be uneconomical, 
especially in view of the rapid advances in steel production in England. 
The largest native blast furnaces were capable of producing about 1500 lb 
of iron per week. At one location (in 1852) there were 70 furnaces in 
operation, which were capable of producing about 1700 tons of iron per 
year. The native steel and iron industry was virtually wiped out soon after 
this time. 

In about 1830 attempts to introduce steel and iron manufacture based on 
European practice were at first unsuccessful, the main problem being a 
short supply of high-quality iron and of coking coal. The first successful 
steel mill was established in 1889 by a company that is still in operation. In 
1902 the Tata Iron and Steel Company (TISCO) came into being and 
produced the first steel in India in 1913. In order to encourage growth of 
the Indian iron and steel industry, protective tariffs were imposed in 1923, 
which aided in development of the industry. By 1930 four companies were 
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producing steel, with pig iron production reaching about 1.6 million tons in 
1939 and about 500,000 tons being exported to Japan. Some early investi¬ 
gations indicated that shipping iron ore to England for processing would 
be uneconomical because of the low iron content (Wl). However, this was 
later shown to be a mistake in sampling rather than in the quality of the 
ore. Like the British earlier, the Japanese soon found it better to import 
the ore and export iron and steel; hence today Japan is a major importer of 
Indian iron ore. 

Sugarcane is native to India, and the process of extracting sugar from 
the cane originated early in Indian history. Early methods consisted of 
crushing the cane in stone or wooden mortars and then processing the 
juice by boiling. Gradually the crushing process was developed to include 
the use of stone or iron rollers to express the juice. Boiling was still 
carried out in open pans, the product (gur) needing very little subsequent 
refining. 

The sugar industry flourished in India up until about the time of Napo¬ 
leon (Ml). At that time the development of sugar beets in Europe inter¬ 
fered with the growth of cane sugar manufacturing in India. Sugarcane 
plants were exported from India to the West Indies, where the climate and 
the labor supply made it possible to supply sugar at a cheaper rate to 
England than from India. In addition, the British Empire imposed tax 
duties that favored the West Indian merchants and utilized slave labor in 
the West Indies. In 1903, however, attempts were made in India to start a 
sugar factory, and in 1920 the government formed a sugar committee. By 
1929, it was recognized that a tariff reduction by England would be re¬ 
quired to help the Indian industry grow. 

Sugar was available in India during this period in approximately seven 
different grades from cane juice through refined sugar. The processes 
employed including crushing, filtering, boiling, clarification, and subse¬ 
quent refining steps. The finest white sugar was made by boiling, clarify¬ 
ing, removing the scum, and draining molasses from the crystals. Further 
clarification was carried out in a long, conical basket lined with fine cloth 
and suspended so as to drain freely. Water was dripped over the top 
through wet waterweeds. The many methods of refining sugar depended 
on local materials, and each village or area had its own experts. 

When steel became available wooden crusher rollers were replaced by 
steel ones. Production went up, but the industry was hampered by the 
inefficiency of juice extraction. This was improved in later years by the 
use of larger central mills which could extract a larger fraction of the juice, 
but the industry remained in a depressed state until after independence. 
Today India is one of the largest sugar-producing nations in the world, 
although the bulk of the product is used at home. Since a large part of the 
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sugar is still produced by crude methods by local farmers, the production 
per acre is very low. 

As an industry in India, glassmaking is new even though the art is of 
ancient origin. About 1892, five modern glass factories were established, 
all of which were unsuccessful. Between 1906 and 1913, 16 other factories 
were attempted unsuccessfully; they all utilized European or Japanese 
techniques and did not take into account local conditions. The main use of 
glass was for bangles and other decorative objects. By 1933 successful 
glass factories were established, and there were about 20 glass factories in 
operation in various parts of India. The primary problems were inade¬ 
quate financing, lack of skilled labor, and competition from abroad. Only 
after India became independent did glass manufacture become important. 
Raw materials for glass were plentiful, and all that was needed was to 
develop the indigenous manufacturing capability. 

The use of cement and lime is of ancient origin. The earliest archeologi¬ 
cal sites show a knowledge of their use in construction and structural 
decoration. Even today lime is produced in small conical ovens charged 
with limestone and charcoal or coke. The first production of Portland 
cement was started in Madras about 1904, based on imported technology. 
Large-scale production began after World War I. By 1930 approximately 
5.5 million tons of cement were being produced annually, almost entirely 
for use inside India. 

Salt has been of economic importance in India and is produced in large 
quantities. About two-thirds of the supply comes from solar evaporation 
and the remainder from natural salt deposits in dry lake beds. Solar pro¬ 
duction is carried out in a series of open ponds, using hand labor and 
making very little effort to purify or recrystallize the salt. In addition, in 
some desert regions, evaporation of subsoil brine is carried out. The de¬ 
velopment of the salt industry in India was curbed by the tax on its 
production; in fact, the first confrontation between Gandhi and the British 
government involved the salt tax. 

An early chemical industry, of little importance today, was the produc¬ 
tion of saltpeter or KN0 3 . The highly populated Bihar area of India has 
climatic conditions that favor the growth of nitrifying bacteria in manure. 
In addition, the population used wood and cow dung for fuel and scattered 
the ashes over the fields. Following a monsoon, the scattered materal 
effloresced, and the top i in. of nitrous earth was scraped up and placed in 
long, shallow pits where it was leached with water. The resulting crude 
KN0 3 was then transferred either to an iron evaporating pan about 5 ft in 
diameter or to a solar pond. The rough material contained about 60% 
KN0 3 with common salt as the major impurity. The purification process 
(conducted in about 400 places in 1905) consisted of redissolving, boiling, 
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removal of scum and the first-formed crystallized material, and recrystal¬ 
lization in vats containing bamboo latticework. The resulting white crys¬ 
tals were placed in bags, water was trickled through to wash out the final 
impurities, and the crystals were then spread out and dried. In 1905, about 
20,000 tons of saltpeter were produced. 

Up until the 1940s the manufacture of heavy chemicals in India was 
insignificant. For example, the production of H 2 S0 4 was only 18,000 tons 
as contrasted with 7 million tons in the United States. Until the establish¬ 
ment of the first contact acid plant in 1948, all production involved the 
chamber process. The installed annual capacity in 1948 was 175,000 tons, 
distributed among 49 different factories. Because India does not have a 
source of free sulfur, the production of H 2 S0 4 is one of the critical chemi¬ 
cal industries. Development of the large deposits of iron pyrite in the 
northern part of the country would alleviate this problem. 

Drugs and pharmaceuticals were produced mainly at the cottage or 
village level until well after independence. The chief production of drugs 
was in the agricultural field, and they were given primary processing and 
then shipped to other countries for further processing. Quinine, opium, 
and belladonna were among the raw materials exported. Oils were pro¬ 
duced in great quantity and involved crushing and expressing at the vil¬ 
lage level. 

Until the advent of modern dye-making techniques developed in Ger¬ 
many, the production of indigo was an important industry. Accounts of 
indigo production date from as early as 1607. The process at that time 
consisted of steeping the leaves in water, putting the liquid in great pots 
where it was beaten to allow oxidation to take place, and then settling the 
resultant material. This process was repeated over a period of days, after 
which the remaining solid was taken out, formed into balls, and laid on the 
sand to dry. In the nineteenth century, efforts were expended to improve 
the plant and to increase the yield and quality of dyestuff extracted. Indigo 
was grown widely over most of northern India, usually with two crops a 
year. Water supply was considered in factory location. Water was carried 
through the plant by gravity. The steeping tanks were about 20 ft sq and 
4-5 ft deep, and there were 15-20 in each factory. The vats were loaded 
with plants, filled with water, and allowed to steep for 12-14 hr. After this, 
the water was run into beating baths where the water was beaten with 
primitive hand sticks for about 2 hr; in some cases mechanical means of 
beating were arranged, or NH 3 and air were blown through the mixture. 
After beating, the mixture was allowed to settle, and the supernatant 
liquid was drummed off. The residual material was mixed with more wa¬ 
ter, boiled, filtered through heavy canvas sheets, formed into thick cakes 
in a press, allowed to dry, and then packed for shipment. In 1894, about 
2.4 million lb were exported by India. 
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IV. Structure of the Chemical Industry 

The organizational structure of the chemical industry in India has been 
an inherent element in its progress and development and has played a 
significant role in establishing India’s self-reliance. To quote (S4): 

The existence of a protected economy, rising out of a controlled market because of 
the matching of life and capacity with domestic demands, is one of the main reasons 
for the lack of R&D inputs by industry in India. Another has been the ease with which 
foreign technology could be imported in the period 1950 to 1970. In India nearly 94 
percent of research funding is by government. The government, therefore, has a vital 
stake in assuring that these funds are spent in a manner which will accelerate eco¬ 
nomic development and promote human welfare. 

In 1948, the government of India announced a policy of planned devel¬ 
opment and regulation of industries. The objective was to arrive at a 
“mixed economy” which overall would be beneficial to the nation. Since 
India is dedicated to a form of social control through democratic proce¬ 
dures, the term “mixed economy” refers to ownership of industrial units 
supported partly by public funds and partly by private funds. Modifica¬ 
tions have been made from time to time in the policy and in the actual 
administrative structure. 

Under this industrial policy, Indian industries were classified into three 
groups (Ml): 

The first category included arms and ammunitions, atomic energy, river valley 
projects and railways. These were to be directly under the management of the State. 
The second category included coal, iron and steel, aircraft, telephones, telegraphs, 
ship building and mineral oils which were also the responsibility of the State. The 
private undertakings in these industries were, however, to continue for at least 10 
years. The third included the remaining industries which were to be developed by 
private enterprise. 

Lists of the specific industries included under these three categories have 
been issued from time to time by the government. Although the first two 
categories were to be exclusively state-owned, considerable private own¬ 
ership is found in these categories at the present time. For industry as a 
whole 30% is public and 60% is private, the remaining being in the joint 
sector. The chemical industry shows the same pattern. 

Overall industrial policy is under the control of the central government 
and is the direct responsibility of a cabinet-level minister who works 
through a director general and through the agencies shown in Fig. 1. A 
central advisory council, with broad representation, advises the govern¬ 
ment on all matters concerning the development and regulation of indus¬ 
tries. Development councils for individual industries were also set up to 
aid in the development policy. 

The development councils for specific areas comprising the chemical 
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Fig. 1, Control of industrial development. 

industry are inorganic chemicals; sugar, drugs and pharmaceuticals; non- 
ferrous metals; oils, soaps, and paints; cosmetics; food processing; or¬ 
ganic chemicals; paper, pulp, and industries; leather and leather goods; 
and cloth and ceramics (see Fig. 1). 

Three types of ownership of Indian industry are the public sector, 
owned completely by the government; the private sector, supported by 
private funds and private investors; and a joint group owned both pri¬ 
vately and by the government. Certain areas are classified as core indus¬ 
tries in which greater emphasis is placed on achieving public ownership. 

There is a further classification based on the size of industrial units. 
These are so-called large business houses on the one hand and small 
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industries on the other. A large number of industrial processes have been 
rsserved primarily and specifically for small-scale users. The scale is 
somewhat dependent on the amount of investment necessary for estab¬ 
lishment of the industry, with greater than 200 million rupees ($2.5 mil¬ 
lion) being classified as large-scale. 

All industrial production, both large-scale and small-scale, is controlled 
strictly by the issuance of licenses devised to control the type of produc¬ 
tion, to prevent monopolies, and to ensure that production meets the 
nation’s social needs. Until 1973 the licensing procedure was very compli¬ 
cated and took an inordinate amount of time, up to 3-4 yr, between 
application and approval. The steps which were, and are, required to 
obtain a license and financing are shown in Fig. 2. In 1973, licensing was 
streamlined and put under a single agency. Since then the backlog of 
applications has been greatly reduced; approximately 75% of the applica¬ 
tions received have been processed. The time lag is still great (about 2 yr), 
as there is a bureaucratic tendency to shift the responsibility for decision 
to some other part of the structure. 

The licensing procedure has not been entirely successful. Many apply 
for a license and then do not use it, thus blocking the intended economic 
benefit. In addition, there is widespread evidence that materials that 



Fig. 2. Licensing and financing flow chart (small-scale industry): RFC, Rajasthan 
Financial Corp.; RIMDC, Rajasthan Industrial Mineral Development Corp.; DIO, District 
Industrial Office. 
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should have gone into construction of a licensed capacity have been di¬ 
verted to the black market. That is, materials that should have been used 
in building and operating a plant have been sold on the black market rather 
than used in the manner intended. This points out that there is no ade¬ 
quate check on the use of licenses, a matter that is beginning to receive 
attention in government circles. 

In 1958, the National Productivity Council was established, and five 
regional productivity directors were named. The production capacity and 
growth of the chemical industry are also controlled to a large extent by 
financing. Through the Indistrial Finance Corporation Act of 1957, the 
Industrial Credit and Finance Corporation was set up to help private 
investors, particularly small-scale investors, in various industries such as 
paper, chemical, pharmaceutical, sugar, metal ore, lime, cement, and 
glass manufacture. In 1970, the banks of India were nationalized with a 
view to making more money available to small investors. 

There has never been a great incentive for Indian industrialists to ex¬ 
pend funds for the research and development necessary to maintain a lead 
or to Expand the chemical industries. All processes developed by any 
industry have to be licensed, and there is no protection for a manufacturer 
who develops a new method. These licensing policies have made it more 
advantageous to hire foreign technology and then to use the equipment as 
long as it can be used, without regard to replacement or improvement of 
the processes. These policies are to be reviewed during the next 5-yr plan. 

The bulk of industrial research within India is controlled through gov¬ 
ernment funds, and a separate organization has been developed for the 
pursuit of research and development. Figure 3 is an organization chart of 
scientific and technical research in India as it applies to the chemical 
industry, showing interrelationships among the various organizations 
doing research. Most research institutions such as the Council of Scien¬ 
tific and Industrial Research (CSIR) are autonomous bodies. The organi¬ 
zation of the CSIR is shown in Fig. 4 together with the names of some of 
the research laboratories. Similar organizations exist in the various states; 
a schematic of one is shown for Andhra Pradesh in Fig. 5. In practice, 
there exists a wide separation between research and development and 
actual factory production. There is a great need for research and devel¬ 
opment to be more closely tied to industry and to provide assistance in 
solving the recurrent problems faced by production managers. An ex¬ 
perimental scheme being carried out in India, called the practice school, 
will be described in a later section. 

* 

Most research is carried out either in educational research institutes or 
in national research laboratories, which are structured and operated much 
like graduate research facilities at American universities. The 





Fig. 3. Organization chart of scientific and technological research in India. List A: Alembic Chemical Works Company, Ltd., 
Baroda; Alkali and Chemicals Corporation of India, Ltd., Calcutta; Amar Dye-Chemical Ltd., Mahim, Bombay; Associated Cement 
Companies, Ltd., Thana, Bombay; ATIC Industries Ltd., Atul (Gujarat state); Bengal Chemical and Pharmaceuticals Works, Ltd., 
Calcutta; Bombay Chemical Pvt., Ltd., Bombay; Calcutta Chemicals Company, Ltd., Calcutta; plus 50others. List B: BirlaResearch 
Institute for Applied Sciences, Nagda; Drugs Research Laboratory, Indian Drugs Research Association, Poona; Engineering and 
Mineral Industries Research Laboratory, Bangalore; Shri Ram Institute for Industrial Research, Delhi. 
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National Chemical Laboratory, Poona 

Central Electro-Chemical Research Institute, Karaikudi 

Central Salt & Marine Chemicals Research Institute, Bhavanagar 

Regional Research Laboratory, Hyderabad 

Indian Institute of Petroleum, Dehradun 

Regional Research Laboratory, Jorhat 

National Metallurgical Laboratory, Jamshedpur 

Central Glass and Ceramic Research Institute, Calcutta 

Central Fuel Research Institute, Jealgora 

Cement Research Institute of India, New Delhi 

Central Drug Research Institute, Lucknow 

Tea Research Association (Tocklai Experimental Station, Jorhat) 
Metals Research Committee 
Pharmaceuticals and Drugs Research Committee 
Physical Research Committee 

Fig. 4. Organization chart of the CSIR. 

government-operated laboratories and their users have been somewhat 
isolated. The use of processes developed at these institutions is small 
compared with total production within the chemical industry, owing to 
charges for use of the process and burdensome licensing procedures. Re¬ 
cent steps have been taken to overcome these deficiencies through the 











State Council 
of Ministers 



Oil Technological Research Institute, Anantpur 
Andhra Pradesh Engineering Research Laboratories, Hyderabad 
Chemistry Research Laboratory, Bapatla 
State Industrial Laboratory, Patna 

Fig. 5. Organization chart for scientific and technical research in the government of Andhra Pradesh. 
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formation of advisory boards. The National Committee on Science and 
Technology (NCST) made an extended study to determine the types of 
research that are necessary. Many questionnaires were circulated 
throughout the industry, and the results analyzed. Based on this study, 
NCST technological plans (S4, S5, S6) have been published, which outline 
the research needs of the industry. These have been supplemented by two 
volumes on the chemical industry (J3, J4). These documents are used for 
national planning and influence the allocation of research funds. 

Among the major governmental research centers, particular mention 
should be made of the following. The National Chemical Laboratory 
(NCL) at Poona is charged with the development of methods for the 
manufacture of a large number of chemicals, materials, and devices. Simi¬ 
larly, the Indian Institute of Petroleum at Dehra Dun, the Central Fuel 
Research Institute of Dhanbad, the Central Salt and Marine Chemicals 
Research Institute at Bhatnagar, and the region research laboratories at 
Hyderabad, Jorhat, and Jamma provide support for development of the 
chemical industry. The emphasis is on research based on the immediate 
needs of the country. 

The NCL has the best record for adoption of developed processes, with 
47 out of 75 in production. In 1973, the value of goods produced by these 
techniques was $5.7 million. This represents a small but important con¬ 
tribution to the progress of the indigenous technology. 


V. Development since Independence 

Since 1947, the development of Indian industry, particularly the chemi¬ 
cal industry, has been rapid and dramatic. Chemical construction firms in 
both the private and public sectors are now capable of building, on a 
turnkey basis, many important types of chemical manufacturing plants. 
Great emphasis is placed on the use of indigenous materials and of talent 
developed within India. For many commodities the rate of growth is more 
rapid than the rate of growth in developed countries. However, the pri¬ 
mary deterrents are the difficulty of obtaining foreign help and the reluc¬ 
tance of both industry and government to look far enough ahead to iden¬ 
tify and meet the real needs of the industry and the country in general. 

One of the main problems in the development of the industry has been 
the lack of suitable materials and adequate instrumentation. For example, 
one manufacturer had considerable difficulty in manufacturing gear boxes 
needed for the preparation of rayon staple fiber because a suitable steel 
was not available. An alternate solution was to redesign the gearbox to 
use another type of steel or to import steel with the proper qualities. 



THE INDIAN CHEMICAL INDUSTRY 


155 


Foreign exchange was in short supply, and obtaining import licenses was 
very difficult. Originally, the manufacturer thought he lacked the skill to 
redesign, but faced with the fact that he had to make a gearbox, a new 
design was successfully carried out. Considerable progress is now being 
made in developing the plastics industry and specialty metals so that in 
the future this type of material shortage will be less of a problem in the 
chemical industry. 

The location of the various chemical industries in India is shown in Fig. 
6. As shown by this map, chemical industries have been concentrated in a 
few particular areas, which does not correspond to the widespread dis¬ 
tribution of industry desired by the government. Although planners have 
assumed it desirable to locate industry in a way that will help utilize 
surplus agricultural labor, other factors have been more important and 
have influenced the location of plants. Industry tends to expand in heavily 
populated urban areas, especially adjacent to port facilities and along 
established rail lines. Even the location of raw materials has played a 
small part in siting a manufacturing unit. Planners have tried to locate 



Fig. 6. Chemical industries in India. 
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plants in accordance with social needs and not from the standpoint of 
optimizing the economics involving water, materials, market, labor sup¬ 
ply, and so on. For example, an attempt was made to locate a steel plant 
based only on a large population and the availability of a seaport (Vis- 
hakhapalanam). All raw materials would have had to come overland by 
rail. The location of this plant has still not been decided. 

A vital factor in siting chemical industries, perhaps the determining 
factor, is the availability of suitable water for processing and cooling 
needs. There are several major waterways in India such as the Ganges, 
Indus (and its five main tributaries), Brahmaputra, Narmade, Mahanadi, 
Godavari, Kushna, and Kaveri rivers. Two of these, the Indus and the 
Brahmaputra, flow through Pakistan and Bangladesh. The control of these 
waterways and the building of dams and canals are being disputed by the 
various countries involved, with a consequent delay in effective utiliza¬ 
tion. Other river systems flow through two or more states. Just as in the 
western United States, the distribution and usage of these waters is highly 
contested. The result is limited usage of the water for power, irrigation, or 
industrial production. It is estimated that only 25% of the hydroelectric 
potential is utilized. Large canal systems are slowly being developed, 
especially in the northwest desert areas. 

Most of India’s water supply depends on the monsoons, which occur in 
the summer months between July and September and greatly affect indus¬ 
try as well as agriculture. The waterways are seasonal and erratic. The 
primary streams such as the Ganges flow over broad, flat plains with 
relatively little fall between the mountains and the outlet at the ocean. The 
flow of the Ganges in the central portion reaches a volume of 1 million sec 
ft at flood crest. At Varanasi flood crests of 36 ft have been recorded. 
These have been marked with a white painted line on the steeples of 
riverside temples. The Ganges enters the plains at Rishekesh, having 
fallen 12,800 ft. From this point, the 1200-mi path to the sea lies over a 
gently falling plain from an elevation of about 1000 ft. The average fall is 
about 0.8 ft/mi (9.5 cm/km). Since the Ganges sometimes is very high and 
meanders, it can greatly change its channel over the flat plain country. 
Because of the small fall, it is difficult to make storage facilities to store 
the water during the monsoon period, the time when water is really avail¬ 
able. This has impeded development of the chemical process industries 
along the Ganges. Near the mouth of the river the flow is much more 
stable, and it is easier to ensure a supply of water for a chemical plant. In 
certain cases it has been possible to develop large underground infiltration 
galleries to ensure a water supply. The eventual development of flood 
control systems and dams should be a great aid in the development and 
location of chemical process industries. 
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Chemical development in India, as well as other industrial develop¬ 
ment, has been carried out in five plan periods, nominally of 5 yr each. 
The sixth 5-yr plan (Dl) is currently under review, and development in the 
ensuing 5 yr will be guided by this plan when it is complete. During the 
plan period, the overall growth pattern is projected on the basis of broad 
social objectives. Control is maintained by the use of licensing and financ¬ 
ing, both of which are in the public domain, as discussed above. 

The periods covered by each plan are shown in the accompanying table. 
During the period 1966-1968 the war with Pakistan, general drought, and 
political instability dictated the use of annual plans. The sixth and next 
plan is in the final stages of development. 


Plan 

Years covered 

I 

1951-1955 

II 

1956-1960 

III 

1961-1965 

Annual plans 

1966-1968 

IV 

1969-1973 

V 

1974-1978 

VI (in planning) 

1978-1993 


Various degrees of success have been obtained; generally the invest¬ 
ment requirements are met, but production does not usually meet the 
target for a variety of reasons, including the weather. 

The progress of several important parts of the chemical industry is 
outlined below under several general broad categories. This outline indi¬ 
cates the areas of rapid growth and documents the continuing develop¬ 
ment of Indian self-sufficiency. 

Since 1947, many important chemical industries have been established. 
Examples of the beginning of the manufacture of various chemicals within 
India can be seen by consulting the chronology given in Table I. Many 
more new chemicals are being produced each year. In many cases, de¬ 
pendence on imports from other countries has been entirely removed. 

A. Heavy Chemicals 

1. Sulfuric Acid 

The production of H 2 S0 4 shown in Table II has risen from about 107,000 
tons in 1950 to about 1.5 million tons in 1977. This rate of growth exceeds 
the rate of growth in developed countries. The utilization factor for the 
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TABLE I 

Thirty Years of Chemical Progress—Introduction 
of New Processes and Products 


Year 

Process and products 

1949 

Benzene, H 2 S0 4 , HC1, (NH^SC^ 

1950 

Caustic soda, soda ash 

1951 

Ti0 2 , penicillin, rayon 

1952 

Carbon or C 2 

1953 

BHC, acetic acid 

1954 

NH 4 CI, sulfa drugs 

1956 

H 2 0 2 , DDT, antituberculosis drugs 

1960 

Urea, tetracyclines 

1961 

C.A.N. 

1962 

Hydrosulfite, streptomycin, nylon 

1965 

Polyester, polyethylene, polystyrene 

1966 

PVC 

1967 

Catalysts, synthetic rubber 

1968 

Phthalic anhydride, methane 

1969 

Acetamide, cellulose acetate 

1970 

Ingrain dyes, ethylene oxide 

1973 

Hydrazobenzene, benzine dihydrochloride, 
white phosphorus 

1974 

NaN0 3 , NaNO a 

1975 

Rayon from eucalyptus, terpene-based 
chemicals 


installed capacity is one of the highest of any industry within India. Be¬ 
cause H 2 S0 4 is used in phosphate fertilizer, rayon staple fiber, organic 
dyestuffs, explosives, pickling of steel, petroleum refining, and the pro¬ 
duction of other acids, the increase in its production has brought about 
rapid growth in other industries. 

The first contact H 2 S0 4 plant went into production in 1948. Out of 49 
plants in 1951, 30 utilized the chamber process. With the introduction of 
ceiling prices on all sales of H 2 S0 4 in excess of 1 ton in January 1956, the 
chamber plants were gradually replaced by contact plants of larger capac¬ 
ity. By 1968—1969 all the units were contact plants, with a total capacity of 
1.121 million tons/year. To reduce the dependence on imported sulfur or 
internal sulfur sources, the Fertilizer Corporation of India (FCI) has de¬ 
veloped techniques in which the use of H 2 S0 4 is greatly reduced. These 
processes include: (1) the use of electrolytic instead of wet processes for 
the manufacture of elemental phosphorus and H 3 P0 4 , (2) the manufacture 
of H 3 P0 4 and phosphate fertilizers by using HC1, (3) the manufacture of 
phosphate fertilizer using HN0 3 . 
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TABLE II 

Sulfuric Acid Production 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization {%) 

1951 

201 

107 

53.1 

1952 

192 

96 

50.1 

1953 

189 

109 

57.7 

1954 

193 

151 

76.5 

1955 

208 

166 

74.9 

1956 

245 

165 

67.4 

1957 

273 

196 

71.8 

1958 

290 

227 

78.1 

1959 

374 

292 

78.1 

1960 

476 

354 

74.4 

1961 

564 

423 

74.9 

1962 

702 

470 

66.9 

1963 

821 

568 

69.2 

1964 

1011 

580 

67.2 

1965 

1082 

685 

63.3 

1966 

1328 

690 

51.9 

1967 

1529 

805 

50.8 

1968 

1955 

1008 

51.5 

1969 

1921 

1121 

58.4 

1970 

1930 

1051 

54.4 

1971 

1963 

1022 

52.1 

1972 

1963 

1028 

52.4 

1973 

2112 

1434 

67.7 

1977° 

2640 

1900 

72.0 


° Estimated. 


Under the sixth 5-yr plan H 2 S0 4 production will be expanded to 3.79 
million tons/yr, an increase of 44%. 

The contact H 2 S0 4 plants are designed and their components built en¬ 
tirely in India. These plants have been exported to other countries. How¬ 
ever, the technology has not developed to such a point that the V 2 O s 
catalyst can be produced in India. Therefore, it must be imported. In 
addition, equipment for use in the production of oleum and furnaces for 
roasting sulfide ores must also be imported. These design capabitilies 
await only production of the proper type of steel for India to be able 
completely to design, fabricate, construct, and operate H 2 S0 4 plants 
within the country. 

A major problem is the lack of elemental sulfur deposits, already men¬ 
tioned. Until a few years ago, all H 2 S0 4 plants were based on elemental 
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sulfur imported chiefly from the United States. Several plants have been 
or are being built to obtain S0 2 from the indigenous sulfide ore deposits 
chiefly in the vicinity of the nonferrous metallurgical industries. A 400- 
ton/day plant based on pyrites from Amjhore in Bihar was established 
near the Sindri fertilizer factory (see Fig. 6). The Cominco-Binani zinc 
smelter at Alwaye, the Udaipur smelter of Hindustan Zinc, and the Indian 
Copper Corporation smelter at Ghatsila are other examples. The flash 
smelter of the Khetri copper plant in Rajasthan will have a H 2 S0 4 plant to 
utilize the S0 2 from the flash smelter. When all these plants go into pro¬ 
duction by 1977, they will provide an annual H 2 S0 4 production of about 
250,000 tons. 

There has been some effort to recover elemental sulfur from high-sulfur 
petroleum crudes. The Madras refinery has a capacity of 20,000 tons of 
sulfur per year. As a resource not yet fully utilized, Amjhore in Bihar has 
iron pyrite deposits estimated at 400 million tons. Development of these 
deposits could make India entirely independent of imported sulfur. The 
ore beds are in relatively narrow seams, so that the overall quality of the 
ore is somewhat low. The technology needs to be developed to utilize this 
low-grade ore, and the NCST (S4) lists this project as one of the primary 
research needs for H 2 S0 4 production. Location of plants utilizing the acid 
should be considered for location near the source of the sulfur, Amjhore is 
an area where there is also iron ore, coal, and bauxite, providing the 
opportunity for constructing a well-integrated industrial complex. 

2. Fertilizer 

Fertilizer continues to be a critical need for the progress of India as a 
nation. The acreage under treatment with fertilizer has been increasing at 
about 1.4% per year. The application level in kilograms per hectare remains 
low, as does the per capita use. For the world, the application rate is 47.4 
kg/ha and the per capita rate is 18.3 kg (F2, SI). The range is 13-749 
kg/ha. The corresponding figures for India are 13.2 kg/ha and 4 kg per 
capita. This indicates the great need for fertilizer in India if it is to meet its 
food production targets. The production levels and percent of capacity 
since 1947 are shown in Table III. The rate of increase in production over 
the period since independence has varied from 12 to 13% per year against 
a target of about 23%. The percent utilization of installed capacity, indi¬ 
cated in Table III, is relatively poor even though the need for fertilizer has 
not been met. The underutilization of capacity in recent years is caused by 
a lack of adequate power, by labor problems, and by plant obsolescence. 
Before 1951 the only indigenous fertilizer produced was (NFLj^SC^ made 
mainly by coal carbonization at an annual rate of about 46,000 tons. 

In 1951, the Sindri fertilizer plant went into production with a capacity of 
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TABLE III 

Fertilizer Production 6 * (P and N) 


Year 

Capacity 

Production 

Utilization (%) 

1961 

548 

347 

63 

1965 

909 

533 

59 

1966 

1145 

662 

58 

1969 

2130 

1392 

65 

1970 

1855 

1311 

71 

1971 

3626 

2237 

62 

1972 

3650 

2650 

73 

1973 

4004 

2622 

65 

1974 

4333 

2598 

60 

1977 & 

4400 

2430 

55 


® 1000 tons total nutrients. 
b Estimated. 

1000 tons/day of (NH 4 ) 2 S0 4 based on gypsum and synthetic NH 3 . This 
plant is scheduled for extensive remodeling during the next plan period. 
The Sindri plant was followed by the Rourkela fertilizer unit in Orissa in 
1961 and the Nangal complex in Punjab in 1963, which together intro¬ 
duced calcium NH 4 N0 3 to the country. These units differ in their produc¬ 
tion of hydrogen for NH 3 synthesis. The Sindri unit uses the coke-steam 
reaction, the Nangal unit electrolysis, and the Rourkela plant coke oven 
by product gas. 

Since 1947, the suitability of basic chemical ingredients for particular 
soils has engaged the attention of fertilizer technologists. This led to a 
stabilized fertilizer production strategy starting in 1956. It was thought 
desirable to use refinery gases rather than coke or electrolytic hydrogen. 
To reduce the price of available nitrogen, concentrated fertilizers such as 
urea were stressed. Larger quantities of balanced fertilizers such as 
(NH 4 ) 2 HP 0 4 also were considered important to agricultural development. 
The government then planned at least one large fertilizer factory in each 
state and recommended six sites: (1) Namrup in Assam for (NH4) 2 S0 4 
based on natural gas, (2) Kotagudem in Andhra Pradesh for urea based on 
coal, (3) Itarsi in Madhya Pradesh for urea based on coal, (4) Mangalore in 
Mysore for (NH 4 ) 2 S0 4 based on naphtha, (5) Haumangarh in Rajasthan 
for urea based on lignite and later on naphtha, and (6) Gorakhpur in Utter 
Pradesh for urea based on naphtha from the Barouni refinery. 

Units 1 and 6 were commissioned in 1965-1966. In Rajasthan a urea 
plant, unit 5, has been put into operation by the private sector. In Andhra 
Pradesh, a private-sector unit has been built at Visakhapatnam. Other 
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public and private projects have been started and are in different stages of 
completion. At present there are 70 fertilizer plants of all sizes in India 
operating at about 60% capacity. There are 18 new or enlarged plants 
under implementation with a total capacity of 1.88 million tons. This will 
bring the total installed capacity to 8.22 million tons. 

There was a decline in the demand for fertilizer because of the great 
increase in cost caused by the higher cost of oil. This demand, however, is 
again increasing. There are three large plants (with a total capacity of 0.8 
million tons) under construction, which will each use about 1 million tons 
of coal a year. Other coal-based units are planned to make use of the 
plentiful supply of coal. 

A plant for NR^Cl (along with Na 2 C 0 3 ) utilizing the modified Solvay 
process was developed by the private sector in Varanasi in Utter Pradesh. 
NHjCl was not effective for the soils present in this area. Recent tests 
have shown that NH 4 CI is an ideal fertilizer for the rice crop, and it is now 
being used by rice farmers in Bengal. Therefore, the production rate of the 
factory in Varanasi was doubled in 1976, and an additional plant was built 
in Maharastra the same year. At the present time four more plants are 
under construction. Although production is small, this represents a use of 
local materials, coke and salt,, to help meet the needs of India. 

It was planned that this large program for fertilizer production would 
reduce the need for imports substantially. Actually, in 1971-1972, the 
total production of indigenous nitrogen fertilizers was about 1 million tons 
and the demand had risen by 1 million tons, so that it was still necessary to 
import large quantities. In 1975-1976, it was necessary to import 1.54 
million tons as against the production of 2.75 million tons (a total demand 
of 4.29 million tons). This deficit was brought about largely by the “green 
revolution” which resulted in improved strains of grain requiring a larger 
fertilizer input. The worldwide fertilizer demand has increased, which 
makes it more difficult for India to import it, resulting in an overall de¬ 
crease in grain production. 

A study committee has determined for the next few years, through 
1979, the amounts of nitrogen and phosphate fertilizers that will be re¬ 
quired by Indian farmers. Table IV shows the estimated production and 
the deficit in terms of fixed nitrogen and of P 2 0 5 . By 1979, it is expected 
that the total demand for nitrogen fertilizer will exceed 6 million tons and 
the demand for phosphate fertilizer 2 million tons. This will leave a deficit 
of about 3 million tons to be imported by the beginning of 1979. In recogni¬ 
tion of this, a crash program was instituted to boost fertilizer production 
to 8 million tons by the end of 1979. The progressive design and construc¬ 
tion technology available in India is now adequate to handle all the man¬ 
ufacture of fertilizer plants within India. 
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TABLE IV 

Estimated Production and Deficit of Fertilizer 
Components 


Year 

Estimated production 
(1000 tons) 

Estimated deficit 
(1000 tons) 

Nitrogen 

£3 

O 

Nitrogen 

p 2 o 5 

1974-1975 

2010 

549 

860 

599 

1975-1976 

2465 

752 

980 

625 

1976-1977 

2956 

897 

1074 

755 

1977-1978 

3725 

983 

1685 

1001 


With the technology available in India, it is possible to undertake the 
construction of additional fertilizer factory projects in oil-rich developing 
countries in Asia and Africa. Plans are currently underway to manufac¬ 
ture fertilizer in these countries and then import it into India, rather than 
importing crude oil and then making fertilizer. (In India, only a small 
fraction of the imported crude is used for transportation, the bulk being 
used for fertilizer and petrochemicals.) 

3. Chlor-Alkali Industry 

Soda ash manufacture is another fast-growing heavy-chemical industry. 
The actual production for India and the percent utilization are shown in 
Table V. Again, the underutilization of capacity is caused primarily by 
labor problems and by the energy shortage. (Development of the coal 
reserves within India would be of great help in this connection.) Until 
1951, only a plant at Dhrangadhra and another at Mithapur were in pro¬ 
duction, both using the Solvay process and having a combined annual 
output of 47,000 tons of soda ash. By 1956, their production had reached 
about 90,000 tons through improvement and modernization. A plant at 
Porbandar with a capacity of 200 tons/day was commissioned in 1969 and 
has since increased its capacity. Maharashtra in western India provides an 
ideal location in regard to availability of raw materials, that is, limestone 
and salt. However, locating all the plants in Maharashtra was not consid¬ 
ered desirable because of the difficulty in distributing products to the 
eastern and southern regions. 

After 1960, licenses were issued for soda ash plants in noncoastal re¬ 
gions. This introduced pollution problems from the release of by-product 
CaCl 2 into the river systems. The plant in Varanasi that went into produc- 
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TABLE V 

Soda Ash Production 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization {%) 

1951 

55 

48 

87 

1956 

91 

86 

95 

1961 

91 

176 

193 

1966 

363 

349 

96 

1961 

435 

421 

97 

1970 

470 

446 

94 

1971 

470 

477 

101 

1972 

500 

486 

97 

1973 

508 

470 

93 

1974 

508 

510 

100 

1977° 

704 

530 

75 


a Estimated. 


tion in 1959 therefore adopted a modified Solvay process; as already men¬ 
tioned, it recovers by-product NH 4 CI for use as fertilizer. 

The soda ash industry has nearly achieved self-sufficiency and has po¬ 
tential for export. Sufficient know-how has been developed to design and 
fabricate plants within the country and to establish similar plants in other 
developing countries. 

a. Caustic Soda. The annual production of caustic soda since about 
1940 is shown in Table VI together with the percent utilization of the 
installed capacity. This represents a growth rate of about 17% per year. In 
general, utilization is excellent and not like that in many other industries. 

Caustic soda, which has much wider application than soda ash in the 
chemical industry, was not produced in India until about 1940, presuma¬ 
bly because it was little needed in industry until that time. It was used 
chiefly by the textile and soap industries, for which 25,000 tons were 
imported in 1938-1939. The emergence of three major products in later 
years increased the demand for caustic soda. These were viscous rayon, 
paper pulp, and alumina from Bayer process extraction of bauxite. 

Small units employing the electrolytic process were established in 1941 
at Calcutta and Methur. Later, several plants were established using the 
caustification of soda ash; total production inside India reached 15,000 
tons in 1950-1951, but total imports at this time remained high at 63,000 
tons. Mercury cells went into production in 1952, and the country 
achieved self-sufficiency in 1967. By 1976-1977, total production in- 
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TABLE VI 

Production of Caustic Soda 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization (%) 

1951 

27 

14 

53.2 

1952 

34 

17 

49.0 

1953 

38 

23 

60.3 

1954 

41 

29 

70.4 

1955 

44 

34 

77.2 

1956 

56 

39 

70.0 

1957 

45 

42 

93.8 

1958 

66 

57 

86.7 

1959 

98 

69 

70.7 

1960 

17 

78 

81.2 

1961 

124 

119 

96.3 

1962 

124 

126 

101.4 

1963 

187 

152 

81.1 

1964 

203 

184 

90.5 

1965 

268 

214 

80.0 

1966 

323 

230 

71.3 

1967 

377 

251 

66.6 

1968 

366 

318 

86.9 

1969 

367 

347 

94.7 

1970 

367 

373 

101.7 

1971 

372 

374 

100.5 

1972 

428 

397 

92.8 

1973 

439 

404 

92.2 

1977° 

704 

530 

75.0 


a Estimated. 

creased to 530,000 tons. Nearly all states in India now have caustic soda- 
chlorine plants. Complete caustic soda plants using mercury cells are now 
designed and produced entirely within India. All parts are manufactured 
indigenously, and plants are being designed and constructed for other 
countries. 

b. Chlorine. Chlorine is produced (see Table VII), mainly as a by¬ 
product of the electrolytic manufacture of caustic soda. At the present 
time, the liquid chlorine produced is not completely utilized, so that the 
utilization is lower than indicated. Auxiliary industries using chlorine as 
an input have not been fully developed, and much of the chlorine pro¬ 
duced is transformed into CaCl 2 and released into the river systems, 
sometimes by way of large holding ponds which are discharged during the 
monsoons when the river flow is high. 
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TABLE VII 

Production of Liquid Chlorine 


Year 

Capacity 
(1000 tons) 

Production 
(1000 tons) 

Utilization (%) 

1951 

13 

5 

40 

1956 

21 

15 

72 

1961 

33 

33 

101 

1966 

136 

62 

46 

1969 

222 

129 

59 

1970 

293 

147 

63 

1971 

231 

162 

76 

1972 

231 

147 

64 

1973 

267 

122 

46 

1974 

267 

142 

53 


The problem of chlorine is being solved by the rapid growth of 
chlorine-based industries. The bulk of the chlorine is utilized for pes¬ 
ticides, disinfectants, and bleaching powder. The remainder is converted 
into HC1. A notable growth in the polyvinyl chloride (PVC) industry has 
increased the utilization of chlorine. As the chemical industry in the coun¬ 
try grows during the next decade, it is expected that the demand will 
double and that production will increase accordingly, with little being 
discharged as waste. 

B. Organic Chemicals 

Like most chemical industries in India, organic chemical production 
was in its infancy at the time of independence. There were a number of 
plants engaged in coke manufacture, particularly for the steel industry. 
However, in only a few were the valuable coal tar by-products recovered. 
In the mid-1950s when the production of benzyl hexachloride (BHC) and 
dichlorodiphenyldichloroethane (DDT) was started, the demand for ben¬ 
zene went up steeply and the coke ovens used in the public sector steel 
plants were rearranged so as to recover by-product organic chemicals. 

In the early 1950s, the country had a moderately developed fermenta¬ 
tion industry with an annual production of alcohol of about 10 million gal 
(compared with 88 million gal in 1977). Nearly 50% of this was used for 
fuel. The production of glycerine at this time from soap manufacturing 
was nearly 5000 tons. A little methanol was produced by wood distillation 
at Bhadravati, Mysore, while CaC 2 was nonexistent. During that period, 
important chemicals such as phenol, phthalic anhydride, urea, acetic acid, 
and organic and various solvents required by the dyestuff, pharmaceuti- 
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cal, and plastics industries were imported, involving over $19 million of 
foreign exchange. 

The need for a strong organic and fine chemical industry in India was 
recognized; therefore, several governmental committees were established 
to promote such an industry. Concurrently, several private bodies inves¬ 
tigated the profitability of this industry and instituted several production 
projects. European manufacturing organizations were instrumental in col¬ 
laborating with government and private-sector plants to begin the man¬ 
ufacture of organic chemicals. The times these started are shown in Table 
I. Thus, a beginning was made in the field of organic chemistry in the late 
1950s and early 1960s. Plants based on coal tar products, CaC 2 , alcohol, 
and naphtha were brought into production. 

The annual growth rate of many of these industries has been between 15 
and 20% per year. Table VIII compares the installed capacity for a few 
chemicals in 1963 with those for 1973 and estimated for 1978-1979 (S4). 
The production of organic chemicals doubled between 1973 and 1978. 
Even with this increase, the need remains to import many of these chemi¬ 
cals. The political priority of other sectors of the industry make more 
rapid growth impossible. 

As a result of the recommendation of the Petrochemical Advisory 
Committee, several petrochemical complexes were planned, each with a 
naphtha throughput on the order of 200,000 tons/yr. The first of these 
complexes, set up by National Organic Chemicals in Bombay, went into 
production in 1967. This complex mainly produces polyethylene oxide 
(20,000 tons), butanol, butadiene, and benzene. Another complex at Koy- 
ali near Baroda (1974) produces aromatics and has a capacity of 24,000 
tons of DMT, 21,000 tons ofo-xylene, and 25,000 tons of mixed xylene. A 


TABLE VIII 

Installed Capacity Estimated Requirements 


Substance 

1963 (tons) 

1973 (tons) 

1978-1979 (tons) 

Acetone 

1500 

16,000 

28,000 

Acetic acid 

6000 

17,000 

40,000 

Plasticizers 

900 

20,000 

— 

Ethylene oxide 

— 

12,000 

33,000 

Ethylene glycol 

— 

10,000 

25,000 

Butanol 

3500 

12,000 

12,000 

Phenol 

— 

16,000 

25,000 

Formaldehyde 

7000 

33,000 

— 

Phthalic anhydride 

— 

10,000 

60,000 
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large olefin project in this complex produces feedstocks required by the 
polymer industry. One other similar project is underway—at Bongaigaon 
(1979) in Assam. 

C. Soaps and Detergents 

Soap making is one of the country’s oldest industries and originated as 
early as 1879. The industry grew rapidly during and after World War II. 
The total production of soap in 1948 was estimated to be 180,000 tons. 
Soap and detergent manufacturing has increased markedly since indepen¬ 
dence, as shown in Tables XI and X. Many of the units are small and of 
the village type, so that the total installed capacity and percent utilization 
are based on the larger units. This part of the chemical industry has an 
outstanding record of utilization. 

TABLE IX 
Production of Soap 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization (%) 

1951 

192 

83 

43 

1952 

193 

86 

44 

1953 

193 

82 

42 

1954 

193 

88 

45 

1955 

240 

99 

41 

1956 

253 

110 

43 

1957 

253 

111 

44 

1958 

253 

123 

48 

1959 

253 

130 

51 

1960 

257 

142 

55 

1961 

257 

149 

57 

1962 

242 

164 

67 

1963 

232 

164 

70 

1964 

232 

158 

68 

1965 

232 

169 

72 

1966 

232 

181 

77 

1967 

232 

176 

75 

1968 

212 

189 

89 

1969 

212 

224 

105 

1970 

217 

231 

106 

1971 

217 

259 

119 

1972 

217 

297 

136 

1973 

218 

235 

107 

1977° 

233 

290 

124 


Estimated. 
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TABLE X 

Production of Synthetic Detergents 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization (%) 

1961 

7 

8 

100 

1965 

7 

8 

116 

1966 

15 

8 

57 

1968 

30 

18 

61 

1969 

30 

22 

75 

1970 

30 

31 

103 

1971 

47 

53 

113 

1972 

55 

61 

111 

1973 

55 

60 

108 

1974 

88 

84 

96 

1977° 

210 

104 

50 


0 Estimated. 

With the ban on soap imports in 1957 and continued facilities for import¬ 
ing the raw materials, the industry has recorded phenomenal growth dur¬ 
ing recent years. However, the annual per capita availability of soap 
remains low, 1.5 kg as against about 10 kg in developed countries, and 
there is considerable room for development. 

There is a worldwide tendency to replace conventional soaps (made 
from fats and oils derived from animals and plants) with synthetic deter¬ 
gents (syndets) from petroleum sources. In developed countries syndets 
have replaced soaps to the extent of 70-80%. In India, the situation is 
nearly the reverse; the total estimated production of soaps exceeds 
700,000 tons, while that of syndets is only 100,000 tons. With the increas¬ 
ing demand for soap, the import of oils and fats tends to increase tre¬ 
mendously, affecting not only the soap industry but also the edible oils 
industry which is closely linked to it and also is subject to an ever- 
increasing demand (based on the improving standards of living and the 
increase in population—625 million in 1977). 

The combined demand has greatly increased the price of edible oils in 
the world’s markets. Imports from Western countries must now be paid 
for in hard foreign currency and have therefore been curtailed greatly. For 
this reason, it is considered desirable to switch from soaps to syndets as 
soon as possible and to undertake further large-scale production of syn¬ 
dets. This would make more edible oils available for use in cooking and in 
manufacturing hydrogenated oils. If soaps are replaced rapidly by syn¬ 
dets, another problem which is social in nature will develop. As men- 
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tioned above, much of the soap production is carried out in small-scale 
units, over 3000 in all, employing perhaps 200,000 people. If soap produc¬ 
tion were cut drastically, over 100,000 people would be jobless and the 
machinery presently used would become idle. Since syndet plants require 
heavy investments, small-scale producers cannot easily switch over to 
syndet production. In consideration of the socioeconomic problem, soap 
production should be phased out over a number of years but not stopped 
abruptly. Plans could also be made for small-scale producers to begin 
compounding and packaging soaps and detergents rather than only man¬ 
ufacturing them from edible oils. 

D. Pesticides 

It is estimated that about one-fourth of the crops in India are damaged 
by either rodent or insect infestation (II, 12). This means that there is a 
great need for pesticides and rodent poisons. The 1977 production was 
about 39,000 metric tons at about 78% utilization. Increased production 
will help to utilize the excess chlorine production within India. 

With emphasis on the need for pesticides in agriculture a BHC plant 
was commissioned in the private sector in 1952. A DDT plant in the public 
sector was established near Delhi in 1955. Production, which was only 462 
tons in 1954-1955, increased to about 28,000 tons in 1968-1969. Other 
related pesticide products the country produces are organic phosphates, 
parathion, A1 3 P, methyl bromide, and ethylene dibromide, along with 
about 20 other compounds. 

In 1965—1966, the government spent $5 million to import both pesticide 
(45%) raw materials and finished products (55%). In 1975-1976, the use of 
pesticides was 47,000 metric tons. Thus, the policy of the government in 
the matter of importing pesticides has been liberal, corresponding to its 
classifying pesticides as “key” and “priority” materials. 

The recent growth of petrochemical complexes has improved the avail¬ 
ability of numerous basic raw materials and intermediates for pesticides. 
The possibility of reducing the use of scarce metals such as copper, mer¬ 
cury, and nickel in pesticides by using nonmetallic alternatives has been 
considered and appears to be feasible. 

E. Plastics 

In India, as in the rest of the world, the use of plastics has increased 
rapidly. It is possible to replace many metals and other scarce materials 
with plastics. The production of selected plastics is shown in Table XI for 
the years since independence, along with the percent of utilization of 
capacity. This table does not include the many existing fabrication plants. 
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TABLE XI 


Plastics (Molding Powder plus Resins plus 
Phenoformaldehyde Molding Powder) 


Year 

Capacity 
(1000 tons) 

Production 
(1000 tons) 

Utilization (%) 

1951 

0.457 

0.208 

45 

1956 

0.896 

1.001 

112 

1961 


16.1 


1966 

42 

43 

102 

1969 

108 

89 

92 

1970 

112 

102 

91 

1971 

119 

117 

98 

1972 

132 

117 

89 

1973 

142 

124 

87 

1974 

157 

114 

73 


The plastics industry was in its infancy in the years just following inde¬ 
pendence, A few small-scale industries existed, which mainly converted 
molding powders into finished products by compression oj* injection mold¬ 
ing. The production of plastic goods has rapidly increased to a point 
where it furnishes considerable employment in small-scale industrial 
units. This will increase rapidly in the future as the capability for produc¬ 
ing plastics increases. 

The total investment in the plastics industry rose from $31 million in 
1961 to $125 million in 1970 and, in the same period, production rose from 
13,000 tons to over 100,000 tons. The manufacture of processing ma¬ 
chinery has also increased rapidly. Bulk production is increasing, but the 
manufacture of sophisticated materials and quality products is still not 
being carried out. All major raw materials are now produced in the coun¬ 
try with the establishment of petrochemical complexes, so that the indus¬ 
try will play a vital role in future economic development. In spite of the 
rapid growth, the annual per capita production in 1971 was only 0.2 kg as 
against 81 kg in West Germany, 59 kg in Japan, and 40 kg in the United 
States. Thus, there is an ample market in the country and room for 
growth. Acrylic plastics, Teflon, silicones, and so on, are yet to be devel¬ 
oped and manufactured. Such specialty plastics are essential for the re¬ 
placement of more critical materials and therefore need to be developed 
within India. The processes and know-how for the manufacture of these 
types of plastics should be imported from more highly developed coun¬ 
tries, and efforts should then be made to adapt this information to local 
economic and labor conditions. 
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F. Iron and Steel 

India’s modern steel industry is about 75 yr old. The first fully success¬ 
ful iron and steel mill was established in 1907 by Jamshedji Tata. There 
were as many as 17 earlier unsuccessful attempts to establish Indian iron¬ 
works using Western-type technology. Some of the reasons for failure 
were as follows: 

(1) In the Western technology adopted, charcoal was used by most 
plants, even though coke was widely available. The importance of coke 
was not perceived by either the British or the Indians. Had coke been 
used, production costs would have been much lower and Indian iron 
would have been more competitive. 

(2) Most plants produced pig iron for export at a time when world 
prices were falling. 

(3) Most projects were started with too little capital. 

(4) Some plants were established in areas too inaccessible for profit¬ 
able marketing. 

(5) Central and provincial governments neglected to support or en¬ 
courage these ventures. 

(6) Those who attempted these ventures neither possessed the neces¬ 
sary managerial and technical skills nor did they employ persons who did. 

Such mistakes were avoided by the Tata company. Coke, not charcoal, 
was used. The mill did not produce pig iron for export, but steel for 
internal consumption. The mill was sited at a location accessible to the 
important raw materials. The most important factor that contributed to 
the success of the Tata ventures was the employment of highly trained 
personnel; technical skills were imported, and the advice of foreign ex¬ 
perts was sought. Finally, full cooperation of the government was ob¬ 
tained. The favorable environment created by the Indian government, 
including tariff protection and guaranteed purchase of much of TISCO’s 
steel for government-owned railways, contributed greatly to the com¬ 
pany’s rapid growth. 

TISCO grew rapidly. In 1917, it undertook expansions which resulted in 
a fourfold increase in output. By the advent of World War II, its produc¬ 
tion capacity had doubled again. By 1939, TISCO had become one of the 
largest steel mills in the British Empire and also one of the lowest-cost 
producers in the world. In 1939, TISCO produced three-fourths of the 
steel consumed in India. 

About 1918, two more iron mills were established. The Indian Iron and 
Steel Company (IISCO), founded by British interests, erected a mill at 
Burnpur in West Bengal. Mysore Iron and Steel Works (MISW) was 
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founded by the maharaja of Mysore, and its mill was erected at Bhad- 
ravati. At first, IISCO restricted production to pig iron, primarily for 
export to the United Kingdom and Japan. In 1936, it undertook an expan¬ 
sion and acquired the Bengal Iron Company which had previously failed. 
The management of IISCO formed the Steel Corporation of Bengal 
(SCOB) to undertake the construction of a steel mill adjacent to IISCO’s 
blast furnace. SCOB went into production in 1939, and in January 1953 
IISCO and SCOB were formally merged. 

The MISW plant was originally designed to use charcoal produced by a 
wood distillation plant owned by the maharaja. About 1920, synthetic 
products were developed which rendered the maharaja’s wood distillation 
plant obsolete and caused it to close. However, pig iron continued to be 
produced by MISW with charcoal from other sources. By the mid-1930s, 
MISW had added facilities for the production of steel, which have never 
been economical because of the use of charcoal. In the earlier years, the 
losses were absorbed by the Mysore state government, and recently sub¬ 
sidies have been given to this plant by the government. Even though it is 
uneconomical, it still affords a source of steel for which scarce foreign 
exchange does not have to be expended. 

By World War II, steel imports were replaced with the output from 
SCOB. India’s production of steel since 1951 is shown in Table XII. 

India was self-sufficient in steel until about 1954. The inability of the 
industry to keep pace with the demand for steel after 1954 is attributed to 
failure to expand during the immediate postwar period. 

In 1945, the government established the Iron and Steel Panel to look 
into India’s steel industry and suggest future programs. The panel rec¬ 
ommended, in addition to expansion of the existing mills, that one or two 
new mills with a combined capacity of 1 million tons of steel be erected. In 
1947, the new government commissioned three non-Indian firms to inves¬ 
tigate the feasibility of this proposal, and all three firms concluded that 
two mills, with an initial capacity of i million tons each, should be estab¬ 
lished. 

The industrial policy resolution of 1948 dictated that the new steel 
plants should be the responsibility of the government. Under the industrial 
act, private steel companies were allowed to continue operating and were 
given licenses to increase their production capacity. 

During the first 5-yr plan, inaugurated in 1950, one new steel mill was to 
be erected by the government, IMSW was to triple its production, and the 
private-sector mills were to increase their combined capacities by nearly 
50%. The most significant increase during this period resulted from ex¬ 
pansion programs at IISCO. TISCO modernized its plant, which had de¬ 
teriorated during World War II, so as to increase production. The MISW 
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TABLE XII 

Production, Imports, and Exports of Steel Since 1951 


Year 

Production 
(1000 tons) 

Imports 
(1000 tons) 

Exports 
(1000 tons) 

1951-1952 

1091 

140 

4 

1952-1953 

1118 

160 

3 

1953-1954 

1040 

188 

4 

1954-1955 

1264 

251 

5 

1955-1956 

1280 

834 

2 

1956-1957 

1359 

1256 

1 

1957-1958 

1438 

1286 

1 

1958-1959 

1439 

806 

— 

1959-1960 

1795 

793 

— 

1960—1961 

2337 

1238 

2 

1961-1962 

2939 

1002 

3 

1962-1963 

3864 

870 

8 

1963-1964 

4347 

888 

32 

1964-1965 

4508 

929 

76 

1965-1966 

4604 

734 

140 

1966-1967 

4551 

405 

251 

1967-1968 

4078 

452 

. 525 

1968-1969 

4801 

385 

682 

1969-1970 

5078 

367 

4758 

1971-1976 

13,300 

— 

— 


expansion programs were abandoned as being uneconomical. To replace 
this capacity, three new mills were started in the public sector. 

In 1953, a steel mill was established at Rourkela with German collabora¬ 
tion. In 1955, a steel mill at Durgapur was started with British collabora¬ 
tion and, in 1956, one at Bhillai with Russian collaboration. Most of the 
foreign exchange requirements of these three mills were to be met by 
loans from the participating governments. 

The second-plan targets for steel were ambitious, namely, to triple the 
actual production between the beginning and the end of the plan period. 
Both the public and private sectors were to participate, the role of the 
public sector being more predominant. TISCO and IISCO were also al¬ 
lowed to expand under the second plan. Although the output of steel in 
1960-1961 was far short of the target, the country’s industrial expansion 
programs were mostly successful. 

Under the third 5-yr plan which started in 1961, the three public-sector 
steel mills were to be expanded and a fourth one to be started at Bokaro, 
while the private-sector mills were not to be expanded. This entire pro¬ 
gram was delayed until the first year of the fourth 5-yr plan. Originally it 
was thought that the United States government would participate in the 
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Bokaro project, but the U.S. Congress objected. In early 1964, the Soviet 
Union agreed to help the Bokaro project as well as the expansion of the 
one at Bhillai. Construction of the Bokaro plant started in 1966, and the 
production of pig iron and ingot steel began in 1973. This plant is still 
under construction and has expanded from a capacity of 1.7 million to 4 
million tons/yr. 

At the present time, there are six integrated steel plants and two spe¬ 
cialty steel plants with a total installed capacity of 10.6 million tons of 
steel and pig iron and 137,000 tons of specialty steel. In 1976 the integrated 
production was 8.4 million tons or 79% of capacity. Alloy steel produced 
was 103,000 tons at 75% of capacity. India now stands thirteenth in steel 
production in the world. 

Construction is expected to start in 1979 on a 6-million-ton plant at 
Salem in TAMIL Nadu (southern sector). This plant will be entirely of 
Indian design. Two other plants are under consideration, one at Vis- 
akhapatna in Andhra Pradesh and the other at Vijay Yagar in Karnataka. 
It is expected that the investment decisions will be made during the sixth 
plan and that construction will be started at the same time. 

The domestic demand for finished steel and pig iron by 1973-1974 was 
assessed at 7.12 million and 2.0 million tons, respectively. The fourth plan 
took into account the need for increasing output to meet this demand and 
to ensure additional capacity for meeting future requirements during the 
fifth plan. 

G. Nonferrous Metals 
1. Aluminum 

Among metals, aluminum is second only to iron in industrial impor¬ 
tance. It is so popular now that aluminum utensils for household purposes 
can be found in the average Indian home, having displaced iron and brass. 
Today aluminum is widely used in the aircraft, electrical, and building 
industries. In the electrical industries, it has almost completely replaced 
copper, not only as a bare conductor but also in insulated cables. The 
greatest single use of aluminum is in high-voltage electrical house 
wiring—about 50%. The production and percent utilization for aluminum 
are shown in Table XIII. 

The consumption of aluminum in India rose from 12,000 tons in 1951 to 
220,000 tons in 1977. The estimated demand in 1984 is to 400,000 metric 
tons. The demand is likely to increase dramatically, since the per capita 
use in India is 0.4 kg versus 22 kg in the United States and 2.9 kg else¬ 
where in the world. 

The first production of aluminum in India was at the Indian Aluminum 
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TABLE XIII 

Production of Aluminum 


Year 

Capacity 

(1000 metric tons) 

Production 
(1000 metric tons) 

Utilization (%) 

1951 

4 

3 

96 

1956 

7 

6 

87 

1961 

22 

18 

83 

1966 

73 

65 

89 

1969 

117 

132 

112 

1970 

147 

161 

109 

1971 

167 

178 

107 

1972 

177 

179 

101 

1973 

196 

154 

179 

1974 

196 

128 

66 

1977° 

275 

180 

65 


a Estimated. 


Company at Alupuram, Kerala, in 1943. The production that year was 
1300 metric tons. At present, there are five producing plants in the coun¬ 
try. Of these, four are in the private sector and one in the public sector. 
The largest plant of the Hindustan Aluminum Corporation, Ltd., at Re- 
nekoot in Bihar has an installed capacity of 95,000 metric tons. The 
newest plant in the public sector at Korda in Madhya Pradesh will have an 
installed capacity of 100,000 tons. The first unit was commissioned in 
1975. A sixth plant with a capacity of 50,000 tons is in the planning stage 
and will be located at Ratnagiri in Maharashtra. 

The aluminum plants have operated at less than 65% capacity since 
1974, the primary problem being a lack of adequate power. Although the 
government recognizes the critical need for aluminum for use in power 
transmission, this industry was the first to undergo power cuts in favor of 
farming and other industries. There are also many labor problems which 
further reduce productivity. 

Another serious problem in the aluminum industry is the pricing policy. 
By law, 50% of the production goes to the government at a fixed price, 
so-called levy metal. The current price is $903/metric ton versus a pro¬ 
duction cost of $ 1084/metric ton. 

It was estimated that the existing bauxite resources would be exhausted 
by 1990. This led to the need for a further geological survey of India, and 
new deposits were located in various parts of the country; for example, in 
Ranchi (Bihar), Kutui Jabalpur, Bhopal, Mysore, Bombay, Salem, Jammu 
and Kashmir, Kerala, and Goa. 
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In addition to bauxite, other raw materials used in the manufacture of 
the metal are A1F 3 , fluorspar, cryolite, caustic soda, coke, and coal. At 
present, most of the cryolite and A1F 3 have to be imported, since there is 
no adequate supply within India. 

The present installed capacity for the production of cryolite is 4830 
metric tons, with a production of 4000 metric tons. The process is based 
primarily on the recovery of fluorine compounds from phosphate fer¬ 
tilizer. About 1000 metric tons/ yr are being recovered from pot cases and 
old pot linings. There are two plants producing A1F 3 at the rate of 2500 
metric tons/yr versus a demand of 8000 metric tons/yr. 

2. Copper 

Copper has been known in India from prehistoric times. The technology 
of its production was also known and is evident from archeological dis¬ 
coveries. In modern times, with increased demands for the metal, there is 
an urgent need for increased production. The first major attempt to locate 
and work copper mines in modem times was made by the Indian Copper 
Corporation which was established in 1924 and started production in 1928. 

Major supplies of copper are converted into alloys such as bronze and 
brass. The production of copper pipes and tubes, arsenical copper rods, 
and so on, was started only during World War II and, at the same time, 
metal recovery from commercial scrap was initiated. It was only in the 
third 5-yr plan that plans for adequate production of copper were formu¬ 
lated. The demand in 1971 was 85,000 metric tons, and the estimated 
demand in 1979 is 116,000 metric tons. Estimated production and scrap 
recovery are 45,000 and 16,000 metric tons. This leaves 57,000 metric tons 
for import. 

Copper represents the largest tonnage of any metal imported. The elec¬ 
trical cable industry came into existence quite early and created a large 
demand for copper metal. It is vital for the production of much electrical 
generating machinery, even though in power transmissions it has been 
supplanted by aluminum. Until recently, the bulk of the imported copper 
supply came from Rhodesia. However, with economic sanctions against 
Rhodesia by the United Nations and by India, this importation was 
stopped. Therefore the principal recent supplier of copper has been the 
United States. The large amount of foreign exchange now required for the 
purchase of copper has increased the urgency for developing indigenous 
resources for the production of copper metal. 

The chief deposits of copper ores are found in Singhbhumi (Bihar), and 
other sources have been located in Utter Pradesh, Rajasthan, West Be¬ 
ngal, Kashmir, Madkya Pradesh, Mysore, and Andhra Pradesh. The bet¬ 
ter known deposits are found near Jaipur-Alwar in Rajasthan, Kumyun 
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and the Kangra Valley in the Himalayan region, Sindu-Bara-Buunda in 
Sikkim, and Mysore. In Rajasthan rich deposits have been located in the 
Khetri Dariboo area. The total reserves are estimated at 26 million tons 
with an average content of 1.8%. 

A geological survey of India recently discovered three major deposits at 
Nallakonda, the lead-copper belt in Andhra Pradesh. The total reserves 
of all three are about 60.7 million tons. The interesting part of the investi¬ 
gation was that the samples indicated the presence of significant amounts 
of silver, cobalt, arsenic, and nickel, recovery of which was considered 
economically possible. 

3. Lead 

Resources for the production of lead are very small; India contributes 
only 0.2% of the estimated world output of lead. India's principal re¬ 
sources are the Zawar mines and Banjare mines in Rajasthan. Other 
sources are in Utter Pradesh, Andhra Pradesh, Bihar, Madhya Pradesh, 
Gujarat, and Jammu-Kashmir, but these are not commercially significant. 
Recently in South Arcot, Madras, and Mamandur near Madras, lead ores 
have been located. The geological survey of India has estimated that this 
deposit contains 300,000 tons of mixed metal ores. This ore deposit is 
under the control of the government of Madras, and a private company, 
Cominco Binani, Ltd., has been licensed to exploit it commercially. A 
150,000-ton/yr plant has been proposed by Hindustan Copper, Ltd., to 
utilize the Nallakonda (Andhra Pradesh) deposit mentioned above. A fur¬ 
ther project, based on the refining of imported concentrated ores, has been 
sanctioned by the government at Vishakpataman. 

The demand in 1974 was 47,000 metric tons of which only 2500 metric 
tons were produced. Thus, a large part of the lead must be imported. A 
single lead smelter exists at the present time, located at Junda in Bihar. 
The installed capacity is 3600 metric tons and is being increased to 6000 
metric tons. Two additional plants are in the design stage—one at Vizag 
and one at Dariba. 

Lead is very important for development of the various sectors of India’s 
economy. For example, it is necessary for advanced development of the 
electrical industry, the paints and pigments industry, and other areas. The 
chief need of the industry is for the location and development of additional 
ore bodies. 

4. Zinc 

The main use of zinc is in the production of alloys, particularly brass. It 
is also used for galvanizing steel sheets and wires and for producing zinc 
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oxide for the paint and pigment industries. The demand for galvanized 
sheets was estimated at about 700,000 tons at the end of the fourth plan. 

The two main zinc smelters are located at Debari, Rajasthan, and at 
Alwaye, Kerala. The former is in the public sector, and the latter is in the 
private sector. The installed capacity is 38,000 metric tons/yr with a 
production of 25,000 metric tons. This leaves an import requirement of 
75,000 metric tons. By 1979, the demand should be 150,000 metric tons. 
To help meet this demand, the Debari plant is being expanded to 45,000 
metric tons from 18,000. Thus, the total installed capacity will be 65,000 
metric tons. A new zinc smelter is under construction at Visha Khapatray, 
with a capacity of 30,000 metric tons. Completion should be in the early 
1980s. 

5. Atomic Minerals 

Thorium is among the minerals that are useful in the production of 
atomic energy. Thorium deposits have been found in Kerala and in the 
Madras area. According to the survey made by the Atomic Energy De¬ 
partment, 30,000 tons of uranium are available in economic quantities in 
Saurastra and Kuch, and steps are being taken to develop these deposits. 

Another atomic mineral available is beryl ore from which beryllium is 
produced. Reserves of this mineral are located mainly in Rajasthan, 
Bihar, Andhra Pradesh, and Mysore and are large enough to meet India’s 
requirements for beryllium. 

Cadmium is used in atomic reactors and in the electrical and steel 
industries. With the establishment of zinc smelters from which cadmium 
metal can be obtained, imports (80,000 tons/yr in 1970) have been reduced 
and are expected to be discontinued. 

6. Research and Development Needs of the Metal Industries 

The NCST (S6), which drafted the science and technology plan for 
India for the period 1974-1979, has observed that most of the plants set up 
are underutilized (S5). On the other hand, the demand for metals by 
various sectors of the economy has been growing rapidly, necessitating 
extensive imports. The slow growth rate in production has been attributed 
to poorer techniques of beneficiation and extraction of minerals, lack of 
indigenous maintenance capability, lack of materials that meet specifica¬ 
tions, breakdowns, and lack of personnel who can solve production- 
breakdown problems. To alleviate these problems, the NCST in its sci¬ 
ence and technology plan (STP) (S4) has identified 243 research, devel¬ 
opment, and design projects with an allocation of about $112 million, to be 
completed within a period of 5 yr. These plans have been projected while 
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keeping in view the gaps existing in exploration, mining, and production. 
The plans include proposals developed separately by the Department of 
Steel and the Department of Mines. The Department of Steel’s proposal is 
to set up a $3.8 million electrolytic manganese plant based on the dioxide 
process developed by the National Metallurgical Laboratory at Jamshed¬ 
pur. The proposals of the Department of Mines are development of gold 
mining, seismic and microseismic projects, and a materials testing labora¬ 
tory. The NCST plan includes programs for the production of formed 
coke, magnesium special metals, and superalloys, as well as improved 
facilities for ore dressing. It has been suggested that the underlying re¬ 
search in the metallurgical sector be encouraged at universities and insti¬ 
tutes of technology. 

The metals considered by the NCST are aluminum, copper, lead, zinc, 
and magnesium. With a view toward the demand for these metals and 
their alloys, the plans proposed by the NCST panel include (1) facilities 
for hydrometallurgy and electrometallurgy, (2) production of magnesium, 
and (3) production of high-strength aluminum and magnesium alloys for 
the defense and space industries. 

In 1975 and 1976 the state of emergency that existed in India slowed 
down or postponed many of the. plans outlined above. The planned re¬ 
search and expenditures have been extended to the end of the sixth 5-yr 
plan. 

In view of the unsatisfactory position of nonferrous metals in India, 
research is proposed on development of roasting techniques, treatment of 
residues for increased metal recovery, utilization of waste for conserva¬ 
tion of metals, imported substitutes, treatment of lower-grade ores to 
supplement the indigenous supply, and preventing surface tarnishing of 
metal products. 

High-purity metals and superalloys are required for the aeronautics, 
electronics, instruments, space, and defense industries; the raw materials 
are at present imported. Primarily, these special metals include nickel- 
and cobalt-based superalloys, high-strength iron-based alloys, titanium- 
based alloys, controlled-expansion alloys, and magnetic materials. Keep¬ 
ing in view the importance of these metals and alloys and the expertise 
available in India for making them, the NCST has identified two projects 
for their development: the setting up of a special metal and superalloys 
plant and the development of controlled-expansion alloys. 

H. Pharmaceutical Industry 

The growth of the pharmaceutical industry in India, shown in Tables 
XIV and XV, has been much more rapid than elsewhere around the world 
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TABLE XIV 
Pharmaceutical Sales 


Year 

Millions of dollars 

1948 

12 

1954 

65 

1966 

84 

1968 

211 

1975 

651 

1976 

771 


(13, Rl). Table XIV is based on sales, since the available data are in terms 
of dollars rather than weight or other units. Table XV compares 1977 and 
1978 production figures for selected drugs. Utilization of capacity is good 
and ranges from 60 to 75%. The opportunity for further expansion is also 
very great. The percentage of pharmaceuticals in the chemical industry is 
above the world average (world average, 11.6%; Indian average, 31.1%). 

The remarkable growth in India during the past 25 yr can be attributed 
to the strong base of the chemical industry and to favorable governmental 
policies. In the 1950s and early 1960s, foreign companies took advantage 

TABLE xv 


Position of Some Important Drugs 


Compound 

Production in 
1972 

Target for end 
of fifth plan 
(1978-1979) 

Antibiotics 

Penicillin 

230 MMU 

780 MMU 

Streptomycin sulfate 

199 tons 

825 tons 

Tetracycline 

71.4 tons 

200 tons 

Chloramphenicol 

41.05 tons 

390 tons 

Sulfa drugs 

1285 tons 

2195 tons 

Antituberculosis drugs 

532.54 tons 

1380.32 tons 

Antimalarials 

Quinine 

36.23 

— 

Chloroquin 

23.82 

150 

Hormones 

Sex hormones, including 

corticosteroid 

1747 kg 

15.510 

Antihistamines 

Diphenhydramine 

2210 kg 

16,000 kg 
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of the huge market and expanded rapidly. In addition, a large number of 
bulk drugs worth about $44 million were imported. With all this expan¬ 
sion, medicines have reached only about 20% of the population of the 
country, despite the fact that in the last 24 yr their production has in¬ 
creased 30-fold. The annual per capita consumption of drugs in India is on 
the order of 8 rupees ($1.00), compared to 235 rupees ($29.30) in Ger¬ 
many, 252 rupees ($31.50) in Japan, and 310 rupees ($38.70) in the United 
States. 

At present, there are more than 2900 plants making drugs and phar¬ 
maceuticals. Of these, 116 are large-scale units which produce more than 
80% of the total supply. Of these units, 82 produce basic pharmaceuticals 
and formulations, while others depend on the 82 for most of their raw 
materials. The industry needs to increase production, because it currently 
provides only 1£ times the value of investment. In the advanced countries, 
this ratio is between 1:15 and 1:50. 

The targets for the pharmaceutical industry by the end of the sixth plan 
period are ambitious. During this period, the industry aims at increasing 
production from the present $375 million to $750 million. The present 
output of $63 million of bulk drugs will be expanded three times, and 
exports from $12.5 million to $44 million. According to the Development 
Council of Drugs and Pharmaceuticals, the fourth-, fifth-, and sixth-plan 
targets for production are $456 million, $750 million, and $1500 million, 
respectively, at current prices. To achieve the targets of the fifth plan, an 
investment of $125 million between 1973 and 1976 was needed. An addi¬ 
tional investment of $312 million between 1976 and 1980 will be needed to 
achieve the targets for the sixth plan. 

To help control the price of drugs, the government of India instituted the 
Drug (price control) Order of 1970. The Bureau of Industrial Cost and 
Prices is continuing its work on the matter and has submitted further 
recommendations to the government. The position of the pharmaceutical 
industry is difficult, since it has to consider both fixed prices and growing 
costs. This will require strict control on spending and also steps to see that 
productivity increases. 

The progress of small-scale units has been quite impressive. Of about 
1900 units in this sector, 673 are located in Maharashtra, 232 in West 
Bengal, 192 in Tamil Nadu, 168 in Andhra Pradesh, 129 in Gujarat, and 
108 in Madhya Pradesh. Some of these units prepare basic drugs and are 
suppliers of raw material to other countries. The export performance of 
the industry is quite good. From $4.5 million in 1967—1968, it reached 
$12.2 million in 1970-1971. It is estimated that by 1988-1989 the industry 
will be able to balance its foreign trade in drugs and formulations. 

There is a need for intensive research and development in the drug and 
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pharmaceutical industry, and more attention is now being given to these 
areas. Present annual research and development expenditures are about 
$10 million (2% of total turnover)—inadequate in view of the industry’s 
annual turnover. In 1978-1979, the planned annual amount available for 
research and development was $37.5 million and at the end of the sixth 
plan should rise to $75 million per annum, representing about 5% of the 
present total turnover. A large number of units have started research and 
development activities and are trying to expand them. At present, re¬ 
search in the field of pharmaceutical and medicinal chemistry is carried 
out at a number of schools, as well as at a number of research institutes in 
both the public and private sectors. 

There are five well-defined areas of research and development for the 
industry: 

(1) Establishment of good quality control techniques and good man¬ 
ufacturing practices and of facilities for formulation and packaging devel¬ 
opment activity to undertake compatibility and stability tests as well as 
safety testing and bioavailability studies. 

(2) Improvements in recovery procedures, cost reduction, process 
control, methods of assay, and so on. 

(3) Substitution of native raw materials for imports in drug formula¬ 
tion and drug manufacture (recommended for top priority). 

(4) Basic research involving the discovery of new products or new 
uses of existing projects. 

(5) Applied research involving the translation of laboratory discov¬ 
eries into profitable commercial processes. 

The NCST in the science and technology plan for 1974-1979 (S6) has 
identified the following major problems for the industry. 

(1) Imbalance with respect to the production of basic drugs and phar¬ 
maceuticals required for formulations. The current consumption of drugs 
is valued at $94 million, and the indigenous production is worth about 
$62.5 million. 

(2) Inadequate supply of raw materials and intermediates for attaining 
the desired production levels. 

(3) Inadequate field trials for ensuring extensive testing of the drug 
preparations proposed for formulation and marketing. 

The NCST has also recognized that there is heavy domination of the 
drug industry by foreign companies and foreign-owned manufacturing 
units and that the next 5 yr will require substantial inputs in research and 
development. One of the major projects envisaged is a new Fermentation 
Technology and Enzyme Research Centre to be located at Hindustan 
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Antibiotics, Ltd., Poona. These areas of study have a great potential for 
industrial growth; antibiotics, of course, play an important role in the 
health program. Other proposed projects relate to newer routes for the 
synthesis of important drugs and pharmaceuticals, as well as the cultiva¬ 
tion of aromatic plants for extracting perfumery aromatics and gums used 
in pharmaceutical preparations. 

The pharmaceutical industry has been instrumental in generating exten¬ 
sive employment opportunities. In 1975, the industry gave direct em¬ 
ployment to 2.04 million persons. Of these, 10% were technical and scien¬ 
tific, 4% executive, and 8% marketing personnel. Employment rose to 
about 3.06 million by 1976, an increase of 50% over the previous year. 
Employment figures continue to advance steadily with the increase in 
turnover. 

In addition, the industry provides indirect employment to large num¬ 
bers of people in the distribution trade and associated industries. In the 
distribution trade alone, more than 1.06 million persons are employed, and 
another 1.02 million work in industries producing containers, cartons, 
packaging cases, and so on. On an average, the industry provides indirect 
and indirect employment to about 5 million people. 

The industry is taking big strides so far as the export of drugs and 
formulations is concerned. Fifteen years ago, the export figures were 
almost negligible, amounting to about $1.2 million per annum. The indus¬ 
try has recently ventured into the export market; in 1975 it exported 
products worth $30 million. Indian industry has created markets mainly in 
the developing countries and is vigorously striving to capture bigger and 
bigger shares of markets in the developing nations of Asia and Africa. 


VI. Awards for Progress 

Each year since 1964 the Indian Chemical Manufacturers’ Association 
(ICMA) has presented awards to chemical industries in recognition of 
their progress and service to the chemical industry. Three awards are 
given, two of which are indicative of the progress being made in the 
chemical industry. The first of these is the Sri P. C. Ray Award which 
recognizes the chemical industries that have made the greatest progress 
during a particular year. This award is named after P. C. Ray who was an 
early leader in the chemical industry. The second is the ICMA award 
which recognizes and encourages industrial units showing outstanding 
examples of forward development of technology in the chemical industry 
in India. Tables XVI and XVII list some of these awards. The year, firm, 
and the reason for the award are detailed in these tables. As can be seen, 
they encompass a wide range of firms and technologies. These tables 



TABLE XVI 


Recipients of the P. C Ray Award for Best Industrial Unit Developed 
in the Chemical Industry in India 


Year Name of firm 


Basis of award 


1964 

1965 

1967 

1968 
1970 


1971 


1973 


1973 


Exeol Industries, Ltd., Bombay 


Amar Dye Chemicals, Ltd., 
Bombay 

M/s Sudarshan Chemical 
Industries, Ltd., Poona 


M/s Alembic Chemical Works, 
Ltd., Baroda 

M/s Gharde Chemicals, Pvt., 
Ltd., Bombay 
M/s Hico Products, Pvt., 

Ltd., Bombay 


Dharamsi Morarji Chemicals, 
Ltd., Bombay 


M/s Gharda Chemicals, Pvt., 
Ltd., Bombay 


M/s Cxel Industries, Ltd,, 
Bombay 


Production of chemicals—H 3 P0 4 B. P., oxalic 
acid, ethylene dichloride, and organo- 
mercurials for the first time in India 
Development and manufacture for the first time 
in India of hot and cold types of fiber-reactive 
dyestuffs 

Manufacture of inorganic and organic pigments; 
the company produced 26% of the country’s 
production of organic pigments and 47% of its 
inorganic pigments and has started producing 
several intermediates 

Contribution to developments in the design and 
engineering of penicillin technology 
Outstanding achievement in developing its own 
process for making ingrain dyes 
Development of a varied chemical complex 
which supplies chemicals for drugs, pharma¬ 
ceuticals, insecticides, paints, varnishes, 
and food; tamed ethylene oxide gas by 
developing a technique for its handling and 
harnessed the highly hazardous gas by 
manufacturing wetting agents, emulsifiers 
Research, developments, and import substitu¬ 
tion; the 300-tons/day single-stream H 2 S0 4 
plant which started in 1964 was entirely 
designed, constructed, and directed by its 
own technical personnel; it utilizes process 
heat to generate high-pressure steam which is 
used to drive turbines; this steam is ex¬ 
hausted at low pressure, and its heating value 
is made use of in other processes 
Developed, with its own research and develop¬ 
ment efforts, a new process for the manu¬ 
facture of hydrazobenzene and benzidine 
dihydrochloride; the unit has developed a 
novel catalyst for the reduction of nitro 
compounds such as nitrobenzene and nitro- 
toluene with methanol and caustic soda, the 
reduction reaction being highly exothermic; 
it successfully engineered the process 
Setting up of a unique plant for the manufac¬ 
ture of white phosphorous at Bhavanagar 
involving the designing and building of a huge 
electric air furnace with monolithic carbon 


(I Continued ) 
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TABLE XVI ( Continued ) 


Year Name of firm 


Basis of award 


1974 M/s Deepak Nitrite, Ltd., 
Navsari, District Baroda 


1975 M/s Harihar Polyfibres, 
Harihar, Kamstak 


1975 M/s Camphor and Allied, Ltd., 
Bombay 


1976 Hindustan Lever, Ltd., 
Bombay 


1977 Raymon Glues and Chemicals 


1977 D. D. Shah and Company, 
Bombay 


electrodes weighing more than 100 tons, with 
its own technical and engineering knowledge 
and with the least reliance on imported 
equipment and components; designing and 
erection of the Rs. 2.5 core plant was 
accomplished by engineers of the company; 
quite a few improvements in technique were 
introduced in construction of the furnace 
operating at working temp, of 1600°C 
Successful completion of the first factory in 
India for commercial production of NaN0 2 
and NaN0 3 ; although it was the first venture 
of the company based on its own efforts, it 
developed an efficient process with innova¬ 
tions in the basic technique obtained from 
the Fertilizer Corporation of India and set up 
its unit almost entirely with indigenous plant 
and equipment; it has succeeded also in en¬ 
suring the production of nitrite and nitrate in 
the favorable ratio of 1: 1; this production has 
helped in shipping imports of NaN0 2 
The production of rayon-grade pulp from 
hybrid eucalyptus; this development was 
probably the first successful effort with 
eucalyptus; the achievement is most im¬ 
pressive because initial research on the 
process as well as on the development of a 
new engineering design was done by the com¬ 
pany in India and most of the equipment 
was fabricated within the country 
Development of an indigenous technology for 
the manufacture of terpene-based chemicals; 
the company has also developed the catalyst 
required for the production of capolyte CP 
Resin, and this catalyst is economical and is a 
perfect substitute for the imported varieties 
Manufacture and distribution of soaps, 
synthetic detergents, toilet preparations, 
edible fats and other foods, animal nutrition 
products, chemicals, and so on 
Development of unique processes for convert¬ 
ing low-value crushed bones and hides into 
higher-value products 

Adoption of a novel process for the manufac¬ 
ture of phenylacetamide and phenylacetic 
acid based on acetophenone; this plant is 
perhaps the only one of its kind in the world 
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TABLE XVII 

Indian Chemical Manufacturers Association (Bombay) Award for the Most 
Outstanding Example of Forward Development of Technology in 
Industrial Chemistry in India 


Year 

Name of firm 

Basis of award 

1965 

1966 

M/s Gwalior Rayon and Silk 
Manufacturing (Wig.) 
Company, Ltd. 

Tata Chemicals, Ltd. 

Significant achievement in establishing commercial 
production of rayon-grade pulp for the first time, 
and from a nontraditional material, bamboo 

1967 

M/s Synthetics and 
Chemicals, Ltd., 

Bareilly 

First synthetic rubber complex company to 
establish local production facilities to meet its 
own basic requirements and to supply styrene 
and butadiene monomers needed to produce 
several grades of synthetic rubber 

1975 

Bhabba Atomic Research 
Centre, Isotope Group, 
Bombay 

M/s Fertilizer Corporation 
of India, Ltd. 

Development of radiation technology using a 
cobalt-60 source to sterilize prepackaged medical 
products 

Achievement in the implementation of various 
fertilizer projects using varied feedstocks and 
employing different sophisticated technologies 

1977 

D. C. M. Chemical Works, 
New Delhi 

Production of dimensionally stable anodes for 
diaphragm cells for the electrolytic manufacture 
of caustic soda and chlorine 


furnish a good indication of the progress being made and of the areas 
considered by the ICMA to be important to the chemical industry in India. 
Years missing in the tables are those in which no award was made. 


VII. Professional Societies and Education 

Part of the overall development and progress in the chemical industry is 
dependent on the education system and the activity of the professional 
societies associated with it. 

The chemical engineering profession is represented by the Indian Insti¬ 
tute of Chemical Engineers (IIChE). This institute was formed May 18, 
1947, at Jadaupur University, near Calcutta (T2). In 1948, there were 101 
members; in 1958, there were 384; and there was a total membership of 
over 2800 in 1978. This enrollment represents about 10% of the 18,000 
chemical engineers in India. At present, the country is divided into 18 
regional centers (sections). The institute moved into its own facilities on 
the Jadaupur University campus in 1973 and was recognized by the Amer¬ 
ican Institute of Chemical Engineers, as well as other professional soci- 
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eties, in 1958. Publication of the society’s journal, Indian Chemical En¬ 
gineers was started in 1959. 

The IIChE is a dynamic, growing organization. In 1959, an associate 
membership became available. To obtain this membership, a rigorous 
examination is given by the institute to chemical engineers who have not 
had the benefit of a formal education at a recognized university. This 
associate membership is recognized as equivalent to a degree by the gov¬ 
ernment of India. The institute is a member of the Federation of Engineer¬ 
ing Institutions representing chemical engineers. It promotes excellence 
among students by sponsoring an essay contest and aiding in the formation 
of student chapters. It is also active in setting standards for education, 
establishing continuing education programs, providing programs to pro¬ 
mote the development of appropriate technology, and advising the gov¬ 
ernment. 

Another group that plays an important part in development of the chem¬ 
ical industry is the ICMA. The awards given by this group were discussed 
in the previous section. 

The education problem in India is vast and complicated. In 1977 there 
were 625 million people in India, with an annual increase of 12-13 mil- 
lion/yr. The age distribution is heavily skewed toward the lower ages 
which constitute about 42% of the population (II). Those of college age 
represent about 17% or 106 million persons. There are 118 universities 
with a total enrollment of about 3.2 million (R2). There are 32 chemical 
engineering departments with an annual capacity of 1400 students (in 
contrast to 8 departments with a 200-student capacity in 1948). Thus, only 
about 7000 students are chemical engineers—a very small fraction of the 
students in the colleges and universities. 

At the postgraduate level, 25 institutions offer a M.E. degree, and 20 of 
these offer a Ph.D. Because of the competition with jobs and going to a 
larger university, postgraduate programs are limited, and the available 
students are not always the best. In addition, the wage structure does not 
favor a person with an M.E. degree. 

In the past, the education pattern was 11 yr of grade school followed by 
a 5-yr program leading to a B.S. degree. In 1977, a uniform pattern of 12 yr 
in high school was initiated. The course of study in chemical engineering 
compares well with the subject matter offered in the institutions of the 
United States. In general, however, the curricula are rigid and must be 
passed year-wise rather than course-wise. That is, failure of a single sub¬ 
ject requires repetition of the course for a given year. The number of 
lectures or contact hours is high, and laboratory time is limited. There is 
very little opportunity to interact with jobs in industry, summer jobs, or 
otherwise, before graduation. 
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A Chemical Engineering Development Center was set up in Madras in 
1971 by the Ministry of Education. The center has developed and pub¬ 
lished a suggested first-degree course in chemical engineering. 

The chemical engineer is supposed to spend 6-8 weeks in “practical 
training.” This consists of an extended plant visit during which the stu¬ 
dent is often considered a hindrance by plant management (B4). Plans are 
under way to modify this procedure so as to involve faculty members in 
working with students at plant locations. A more expanded version of this 
program, called practice school, is also under study and development. An 
explanation of this plan in relationship to one institution is presented later. 
Suggestions have also been made to plan more elaborate plant trips and to 
establish regional pilot plants. 

Another area under development is continuing education or collabora¬ 
tive education, also described later. Great effort is being expended to 
make the education fit the needs of the developing Indian chemical indus¬ 
try. 


VIII. Needs of the Chemical Industry 

The individual needs and research directions for specific industries have 
been discussed above. However, there are a number of needs common to 
all industries that, if supplied, will aid materially in their future develop¬ 
ment: education, more rational research and development schemes, initia¬ 
tion of more mission-oriented research, and certain organizational 
changes. 

A foremost need is to change the educational pattern of the country; not 
only undergraduate education but also education and research projects 
leading to M.S. and Ph,D. degrees. Some of these have been indicated 
above. The problems of education in India are not new; in 1933, C. L. 
Dhawan wrote (Ml): 

Indian universities are year-in and year-out turning out thousands upon thousands 
of graduates and undergraduates whose market value, these days, has gone down to 
practically nothing. These unfortunate young men are swelling the ranks of the unem¬ 
ployed, thus bringing about misery not only to themselves and their near ones, but 
also to the whole country. It is, indeed, a painful fact that almost every Indian 
university these days shelter more such youths for whom finding work in this world 
has become a problem. The loss to the nation on account of such widespread compul¬ 
sory idleness can be better imagined than described. 

In general, the teachers at universities and colleges and the workers in 
government research laboratories have not been exposed to industrial 
practices. In most cases, their information is based entirely upon textbook 
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learning and on some small amount of laboratory work carried out under 
the usual university laboratory conditions. In addition, much of the re¬ 
search taking place in both the national laboratories and the universities is 
of a highly theoretical nature not strongly related to actual needs. This is 
borne out by the relative poor rate of acceptance by industry of the 
projects completed by the national laboratories. Part of industry’s prob¬ 
lem also lies in the high cost of doing its own research and development, 
relative to the potential financial return. The large business houses are 
mostly managerial or holding companies which have too little perception 
of the possible economic improvements of their processes. There are, 
however, some outstanding examples of modest-scale industrial laborato¬ 
ries which have been and are being established in India for research on 
specific problems (Fig. 3). 

An outstanding need, therefore, for the development of self-reliance in 
the chemical industry is a better interchange between the scientific labora¬ 
tory and the professional personnel of the industries. This lack of dialogue 
between industry and research personnel is magnified by the lack of 
awareness on both sides of the need for it. 

Considerable study has gone into this problem both at the national and 
local levels. For instance, the Education Commission report of 1966 (R2) 
strongly emphasized the need for this type of interchange and also for an 
increase in vocational training. A later report (VI) has recommended the 
establishment of continuing education programs to be carried out at man¬ 
ufacturing plants. A successful and innovative program is being carried 
out at the Birla Institute of Technology and Science (BITS) located at 
Pilani on the eastern edge of the Rajasthani Desert. One of the few private 
engineering and science schools in India, established in 1964, the institute 
has continually recognized the need for coordination between industry 
and education. The Massachusetts Institute of Technology chemical en¬ 
gineering practice school, numerous cooperative programs elsewhere in 
the United States, and the sandwich programs in England were all studied 
to determine how they might be adapted to Indian conditions. As a result, 
the practice school concept was adopted and implemented in 1972. 

The practice school programs now encompass all areas of engineering 
as well as other branches of study. BITS’s chief sponsor is one of the 
largest industrialists in India, who has many chemical and industrial 
plants under his control. Therefore, the first practice school programs 
were established in Birla industries. Now, they are also in operation in 
other private industries and in the public sector. In all, there are 20 sta¬ 
tions which service about 200 students every 6 months. These include 
banks, newspapers, design companies, manufacturing companies, and na¬ 
tional laboratories. Most of these locations offer accommodations or pay 
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up to 500 rupees/month ($65.60). Over 95% of BITS students participate 
in the practice school program. 

New stations are located and organized by negotiation between the 
faculty and the personnel at the industrial location. Prior to the establish¬ 
ment of a station, selected faculty members spend 6 months at the site in 
order to identify and list the possible problems. An interdisciplinary team 
of teachers and students is then sent to the site for about 6 months to work 
on these problems to find their solutions. 

In addition to the practical problems the students solve or attempt to 
solve, many extensions of the problems are brought back to the classroom 
and to the institute research laboratories for subsequent discussion. A 
large number of faculty members have become acquainted with industrial 
practices, and this has had a marked effect on the quality of teaching and 
on the students’ enthusiasm for their courses. Industrial staffs have re¬ 
ported a positive contribution to their work by the students and faculty. 
Employers visiting campuses find that students who have completed the 
practice school program are much better prepared than students who have 
not. Other educational institutions are now beginning similar programs, 
and it is hoped that the overall procedure will have a measurably benefi¬ 
cial effect on the industrial capability of India. 

The structural concept of the practice school program, shown in Fig. 7, 
indicates that each educational branch has from one to three components. 
At BITS, all students completing the third year enter the first phase of the 
practice school program, a 2-month interdisciplinary training period at a 
laboratory or factory, which is designed to familiarize them with industrial 
practices. Therefore, in subsequent treatment, all practice schools are 
considered equivalent. 

After the fourth year, each student spends 6 months undertaking the full 
program (95% of all science and engineering students) at an industrial 
location and is expected to work on several problems. At the location, 
students are placed in groups and, in turn, each person assumes a man¬ 
agerial position within the group. The groups hold internal seminars, as 
well as both formal and informal discussions with plant personnel. En¬ 
gineering students, after the fifth year of study, participate in a third 
practice school project which involves designing industrial equipment at a 
design firm. Other chemical engineering departments are also developing 
a similar concept but are not as far advanced. 

A collaborative education program is also under development at BITS 
under which a M.E. degree will be given at selected practice school loca¬ 
tions. This will involve both teachers from the BITS faculty and qualified 
personnel at the site. Degree work will be possible for plant personnel as 
well as students. 



5-Year Integrated Programmes 



Fig. 7. Academic program at BITS. 
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Another way in which the relationship between industry and educa¬ 
tional institutions can be improved is to have qualified personnel from 
industry spend a period of time at the various educational institutions. 
Some institutions have started a system of hiring adjunct professors for 
this purpose. Outstanding individuals in the fields of business manage¬ 
ment, systems analysis, history of science, materials science, and so on, 
are currently employed in this type of activity. The number of such per¬ 
sons is being increased yearly. In this system, the expert spends a mini¬ 
mum of 1 week each month on the campus teaching courses and helping 
the faculty to develop courses. 

On a broader note, considerable effort and change in direction are 
needed in India’s overall research and development activities. Since al¬ 
most 94% of the research is funded by the government, there are only a 
few examples of industrial research in specific areas. In the past, a great 
deal of the research done in government laboratories was not connected 
with the immediate needs of the industry. In addition, the licensing poli¬ 
cies make the processes developed by the national laboratories somewhat 
uneconomical and, thus, unused by Indian manufacturers. In the relation¬ 
ship between government laboratories and industry it would be beneficial 
to have some sort of interchange of personnel. One the one hand, the 
laboratories could give technical assistance to the industries by sending 
research workers to the plants for a year or so. This could be particularly 
effective in the public sector where the matter of proprietory information 
should not arise. On the other hand, the production person could benefit a 
research laboratory by going to the location and working on a specific 
problem related to his or her own industry and expertise. Recently con¬ 
siderable effort has been made in regard to industrial research in the 
report on the science and technology plan (S3) for the chemical industry 
and in the NCST forward plan (S4). 

One area of needed organizational change involves the dissemination 
throughout industry of information developed both in industry and indus¬ 
trial laboratories. At the present time, publication of such material is 
fragmentary and slow. Consolidated publication, or abstracting of some 
type spread over a wide audience, should be considered. 

Organizational changes in the chemical industry should be considered 
with the possibility of increasing competition, removing the sheltered 
production the industry has, and developing increased self-reliance. 
These organizational changes should include a broader look at the licens¬ 
ing policy and the actual effects it has upon the economy. Changes should 
then be made that will speed licensing so as to increase the production of 
critical items. Both licensing and research should be guided by the pri¬ 
mary needs of the Indian economy: food, clothing, shelter, and health. 
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Often in the past, this was not done either in allocating industrial licenses 
or in setting research policy. Lack of follow-up to check how national 
needs are actually met by research and development efforts has been one 
of the detrimental factors in industrial development. 

A major item needing serious consideration in India is the scale of 
operation. In general, the larger a chemical plant, the more economical its 
capital and its operation costs and the cheaper the resulting output. In 
general, a decrease in production costs is gained through a decrease in 
labor costs, as well as an increase in volume, and a decrease in costs can 
only come about when the plant is operating at almost full capacity. In 
India, because of problems involving materials supply, transport of fin¬ 
ished goods, labor, alack of developed skills, and so on, chemical plants 
often operate at less than 60% of capacity, and the necessary conditions 
are not met in regard to the size of the plant. Serious consideration should 
be given to the availability of supplies and the ability to operate at full 
capacity. It is certainly not economical to operate one or two large plants 
at 40% capacity when perhaps several smaller plants by judicious location 
and scheduling could be operated at 70 or 80% of capacity. With the 
prevailing shortage of transportation (railroads, trucks, and so on), power, 
and fuel and with the current labor situation, it is doubtful that large-scale 
plants will be able to operate at full capacity for the next 10-15 yr (a 
substantial fraction of the life of a normal chemical plant). Consideration 
should, therefore, be given to building smaller plants closer to the source 
of supply or to markets. This would utilize the effect of the scale factor 
while taking into account local conditions and transportation problems. 

Some means also needs to be found to encourage the proper mainte¬ 
nance, updating, and improvement of existing plant facilities. This per¬ 
haps could be done in the form of tax relief. 

The problem of substituting the natural resources of India for imports is 
of paramount importance in development of the chemical industry. The 
outstanding examples of this are the importation of oil to feed the fertilizer 
and petrochemical industries and the importation of sulfur for the man¬ 
ufacture of H 2 S0 4 . Extensive deposits of iron pyrites containing enough 
sulfur to supply India’s needs for 400 yr are located in Bihar. Although 
considerable effort has been expanded in developing this resource, India 
still imports 60% of its sulfur as elemental sulfur from the sulfur market of 
the world. Proper development of the pyrite as a source of sulfur and 
H 2 S0 4 would reduce this dependence and would allow the further expan¬ 
sion of industries requiring H 2 S0 4 as a feedstock. 

Because of the current prices of petroleum in world markets, with no 
sign of a reduction in the near future, the development of hydrocarbon 
resources in India in the form of coal should be of primary importance and 
research funds should be expended in this direction. India’s coal re- 
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sources are enormous, and the use of coal as a chemical feedstock would 
considerably reduce dependence on foreign oil. At present, about 70% of 
India’s oil imports are used in the production of fertilizer. By suitable 
design, it would be possible to use the volatile material from the coal, 
forming a chemical feedstock, and still have coke left over to furnish 
energy for industry, for cooking in homes, and so on. In addition, Indian 
coal contains about 30% ash which results in a loss in heating value and an 
increase in shipping cost to the place of use. Research in the beneficiation 
of coal, using some of the processes being developed in other countries, 
might reduce the critical transportation problem as well as increase the 
value of coal as a fuel. 

Another critical area that could occupy the chemical industry is the 
production of methane by biological conversion processes. Large 
amounts of organic materials are burned as fuel, including cattle manure, 
bagasse from the sugarcane industry, and many other materials. Proper 
utilization of these waste materials would help to ease the fuel shortage 
and would contribute significantly to the fertilizer capacity of India. 

The problem of meeting the food, clothing, shelter, and health needs of 
the increasing population of India is critical. For example, an increase of 2 
or 3 million tons of food grains is required to cover the population increase 
per year. The food crop in 1978 is sufficient to supply food for approxi¬ 
mately 650 million people if there is no loss. Since about 25% of the grain 
is lost to insects and vermin, the present production of food is marginal. 
The development of insecticides and preservatives is a critical need for 
the chemical industry. Governmental policies and expenditure of funds 
must reflect this need. The question to be asked regarding all expenditures 
is whether they will lead to increased food or clothing production. Devel¬ 
opment of consumer goods industries and the like will not solve these 
problems. 

The chemical industry is experiencing, and will experience, rapid 
growth in the Indian economy. From a consideration of the per capita 
consumption, the rapid growth in population and the developing aspira¬ 
tions of the Indian people, the growth and development of the Indian 
chemical industry offer exciting possibilities and will continue to be a 
challenge during the 1980s. 


References 

Bl. Basu, D., Mager, D., and Chatterjee, R., “Ruin of Indian Trade and Industries, 
Calcutta.” 1939. 

B2. Bernel, J. D., “Science in History.” Penguin, New York, 1969. 

B3. Bose, D. M., Sen, S. N., and Subbarayappa, D. B., “A Concise History of Science in 
India.” Indian National Science Academy, New Delhi, 1971. 

B4. Barker, D. H.,/. Indian Inst. Chem. Eng. May (1969). 



196 


DEE H. BARKER AND C. R. MITRA 


B5. Bazaz, M. C., “India Pharmaceutical Guide.” Pamposh Publ., New Delhi, 1978. 

Cl. Chaudhuri, M. R., “Indian Industries Development and Location,” (4th rev. Ed.). 
Indian Economic Geographic Studies, 1970. 

C2. Chaudhuri, R., “The Evaluation of Indian Industries.” Univ. of Calcutta, 1939. 

Dl. “Draft, Five-Year Plan 1973-83.” Planning Commission (Draft), Gov. of India, 1978. 

FI. Sharma, L., “The Times of India, Directory and Year Book.” Times of India Press, 
Bombay, 1978. 

F2. Sahar, C., and Ankulkarui, “Fertilizer Statistics.” Fertilizer Assoc, of India, New 
Delhi, 1972. 

F3. “Fertilizer Statistics, 1973-74.” Fertilizer Assoc, of India, New Delhi, 1979. 

F4. “Fourth Five-Year Plan 1969to 1974.” Planning Commission, Gov. of India, Planning 
Commission. 

11. “India 1977-78.” Publ. Div., Gov. of India, 1978. 

12. “India ’76—A Reference Annual.” Publ. Div., Gov. of India, 1976. 

13. “Indian Pharmaceutical Guide, 1978.” Pamposh Publ., New Delhi, 1979. 

Jl. Jathar, G. B., and Jather, T. G., “Indian Economics.” Oxford Univ. Press, London 
and New York, 1957. 

J2. Johnson, W. A., “The Steel Industry of India.” Harvard Univ. Press, Cambridge, 
Massachusetts, 1967. 

Kl. “Kothari’s Economic and Industrial Guide of India” (31st Ed.). Kathari, Madras, 
1976. 

Ml. Malik, K. B., and Dhawan, C. L., “Main Industries for Indians.” The Youngmen’s 
Own Institute, 1933. 

M2. Mukherjee, R., and Dey, H. L., “Economic Problems of Modern India,” Vol. II. 
Macmillan, New York, 1941. 

M3. Mukherjee, S. K ..Indian Chem. Eng. 20(1), (Jan.-March 1978). 

Rl. “Report of the Committee on Drugs and Pharmaceutical Industry.” Ministry of Petro¬ 
leum and Chemical, Gov. of India, April, 1975. 

R2. “Report of the Education Commission.” Dept, of Education, Gov. of India, 1966. 

R3. Rajan, T. P. S,, Chem. Process. Eng. 1 (6), 78 (Dec. 1967). 

R4. Rahman, Bhargava, R. N., Qureshi, M. A., and Pruthi, S, “Science and Technology 
in India.” Indraprasthan Press News, Delhi, India, 1973. 

51. “Statistical Abstract India 1975.” Central Statistical Organization, Dep. of Statistics, 
Ministry of Planning, Gov. of India, 1976. 

52. “Statistics for Iron and Steel Industry in India.” Hindustan Steel, Ranchi, India, 
1970. 

53. “Sanctioned Capacities in Engineering Industries.” Natl. Council of Appl. Econ. 
Res., New Delhi, 1971. 

54. “Science and Technology Plan,” Vol. 1. Natl. Committee on Sci. and Technol., Gov. 
of India, 1974. 

55. “Science Technology Plan,” Vol. II. Natl. Committee on Sci. and Technol., Gov. of 
India, 1974. 

56. “Science and Technology Plan.” Natl. Committee on Sci. and Technol., Gov. of 
India, 1974. 

Tl. “The Imperial Gazetter of India,” The Indian Empire, Vol. 3, Economic. Oxford 
Clarendon Press, 1908. 

T2. “Twenty-five Years of Chemical Engineering in India,” Editorial, Indian Chem. Eng. 
XV, (1), (Jan.-March 1973). 

T3. Tilak, B. D., “Report on Science and Technology Plan for the Chemical Industry, A 
General Overview,” Vol. I. Gov. of India, 1973. 



THE INDIAN CHEMICAL INDUSTRY 


197 


T4. Tilak, D. B., “Report on Science and Technology for the Chemical Industry,” Status 
Report on Chemical Industry, Vol. II. Gov. of India, 1973. 

T5. “Twenty Years of Indian Chemical Industry, 1949-1969,” Chem. Age India 20 (II), 
(Nov. 1969). 

VI. Venkateswarlu, D., Indian Chem. Eng. XV, (1), (Jan.-March, 1973). 

Wl. Watt, Sir G., “The Commercial Products of India.” Today and Tomorrow’s Printers 
and Publishers, 1908; reprinted Ed., 1966. 



This Page Intentionally Left Blank 



THE ANALYSIS OF INTERPHASE REACTIONS AND MASS 
TRANSFER IN LIQUID-LIQUID DISPERSIONS 

Lawrence L. Tavlarides and Michael Stamatoudis* 

Department of Chemical Engineering 
Illinois Institute of Technology 
Chicago, Illinois 

I. Introduction. 200 

II. Flow Field in Agitated Dispersions. 200 

A. Turbulent Dispersions. 201 

B. Laminar/Transitional Flow Dispersions. 205 

III. Behavior of Liquid-Liquid Dispersions. 207 

A. Maximum and Minimum Drop Size in Dispersions. 207 

B. Phenomenological Models for Drop Breakage Rates. 209 

C. Phenomenological Models for Drop Coalescence Rates. 215 

IV. Measurements and Analysis of the Properties 

of the Dispersion. 221 

A. Interfacial Surface Area Measurements. 221 

B. Drop Size Distribution Measurements. 223 

C. Coalescence Frequency Measurements. 228 

V. Mathematical Models for Mass Transfer with Reaction 

in Liquid-Liquid Dispersions. 233 

A. Effective Interfacial Surface Area Models. 234 

B. Drop Size and Residence Time Distribution Models. 236 

C. Dispersed Phase Interaction Models. 237 

D. Type I Interaction Models: Population Balance Techniques. 238 

E. Type II Interaction Models: Monte Carlo Simulation Models. 253 

F. Type III Interaction Models: Use of Macromixing and 

Micromixing Concepts. 259 

VI. Conclusions. 262 

Nomenclature. 263 

References. 266 

* Present address: Department of Chemical Engineering, University of Thessaloniki, 
Thessaloniki, Greece. 

199 

Copyright © 1981 by Academic Press, inc. 
ADVANCES IN CHEMICAL ENGINEERING, VOL. 11 All rights of reproduction in any form reserved. 

ISBN 0-12-008511-9 

























200 


L. L. TAVLARIDES AND M. STAMATOUDIS 


I. Introduction 

Many operations in chemical engineering require the contact of two 
liquid phases between which mass and heat transfer with reaction occurs. 
Examples are hydrometallurgical solvent extraction, nitrations and 
halogenations of hydrocarbons, hydrodesulfurization of crude stocks, 
emulsion polymerizations, hydrocarbon fermentations for single-cell pro¬ 
teins, glycerolysis of fats, and phase-transfer catalytic reactions. A most 
common method of bringing about the contact of the two phases is to 
disperse droplets of one within the other by mechanical agitation. 

The rate of interphase mass transfer is affected by the physical and 
chemical characteristics of the system and the mechanical features of the 
equipment. The former include viscosities and densities of the phases, 
interfacial surface properties, diffusion coefficients, and chemical reaction 
coefficients. The latter include, for example, the type and diameter of the 
impeller, vessel geometry, the flow rate of each phase, and the rotational 
speed of the impeller. 

The nature of the design and analysis problem depends on the phase in 
which the reaction occurs, whether multiple reactions are involved, the 
relative magnitudes of the rates of mass transfer, of reaction, and of the 
macromixing and micromixing processes of the dispersed and continuous 
phases. When slow reactions in either phase control the rate of transfer, 
micromixing of the dispersed or continuous phase is not important. The 
total interfacial surface area is important and can be related to the power 
expended. For reactions of intermediate velocity and of a rate near that of 
the mass transfer process or for fast reactions in the dispersed phase, 
micromixing and macromixing of the dispersed phase can significantly 
affect the extent of conversion and selectivity. Accordingly, dispersion 
phenomena such as coalescence and breakage of droplets, and drop size 
distribution are discussed below. Models for predicting conversion and 
selectivity are also discussed, but consideration is limited to those most 
suitable when the macromixing and micromixing of the dispersed phase is 
important. 


II. Flow Field in Agitated Dispersions 

A rational theoretical treatment of the dynamics of drop breakup and 
drop coalescence in a turbulent agitated dispersion requires a fundamental 
knowledge of the behavior of the flow field. Accordingly, in this section, 
an introduction to turbulence phenomena and isotropic turbulent behavior 
is presented with recent pertinent findings included. Studies on the actual 
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hydrodynamics in an agitated vessel are discussed, with some attention 
given to the modification of the turbulent properties due to the presence of 
a second dispersed phase. 


A. Turbulent Dispersions 
1. Concepts of Turbulence 

A thorough treatment of turbulence is given in the work of Batchelor, 
Brodkey, and Hinze (B5, B15, H9). Most of the work on modeling dis¬ 
persed phase dynamics such as coalescence and breakage is based on 
models developed from concepts of isotropic turbulence. It seems appro¬ 
priate to review these concepts here. 

Turbulence is considered to be a somewhat random flow of eddies 
superimposed on the overall average flow. If U = i U x + j U y + k U z is the 
instantaneous point velocity in space, expressed in terms of its scalar 
coordinates U x , U y , U z along the unit vectors i, j, k, it may be written as 

U = U + u 

where U = i U x + j U v + k U z is the mean velocity at the point and 
u = \u x + j u v + k u z is the instantaneous velocity relative to the mean. 
The three components of the velocity fluctuation vector u are not neces¬ 
sarily equal. 

The equation of motion for the turbulent flow of an incompressible fluid 
is obtained from the Navier-Stokes equations by replacing the instan¬ 
taneous values of each point quantity by the sum of the average and its 
fluctuating component, and time averaging. This results in the Reynolds 
equations for incompressible turbulent motion in which there are more 
unknowns than available equations. Therefore additional relations are 
needed to solve the equations. 

As turbulence fluctuations are random in nature, the problem is ap¬ 
proached from statistical theory, into which are introduced various 
simplifying assumptions that will permit solution for some variables of 
interest. The intuitive model of turbulence, the “energy cascade of turbu¬ 
lence” model, assumes that fluid eddies range in size from the smallest to 
the largest, which is determined by the bounds of the vessel. Ideally the 
boundaries only influence the large eddies and transfer energy to or from 
them. The larger eddies transfer their energy to smaller eddies, until 
energy is transferred to the smallest. These eddies lose their energy by 
viscous dissipation. The smaller eddies become statistically independent 
from the larger ones. The turbulence generated throughout the vessel is 
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assumed isotropic. This requires that the fluctuations in velocity be inde¬ 
pendent of the direction of reference, or that all root-mean-square values 
be equal: 

U'x = «i = W z (1) 

In isotropic turbulence there are no shearing stresses and no gradients of 
the mean velocity. 

Taylor (T7) suggested that a statistical correlation could be applied to 
fluctuating velocity terms in turbulence. Regardless of what is denoted as 
the size of an eddy, a high degree of correlation exists between the vel¬ 
ocities at two points in space if the separation between the points is small 
when compared with the eddy diameter. Only one scalar function is nec¬ 
essary to specify the velocity correlation in isotropic turbulence. Either 
Eulerian or Lagrangian correlation functions can be used. These correla¬ 
tions can be used to determine the velocity terms of the Reynolds 
stresses. The mathematics is considerably simplified if Fourier transforma¬ 
tions are made of the equations. The transformed correlations have the form 
of an energy spectrum, and can provide insight into the distribution of the 
energy of turbulence over the frequency of velocity fluctuations. In this 
respect the energy spectrum function E(k) is equal to the Fourier trans¬ 
form of the velocity correlation tensor from Eulerian space to wave num¬ 
ber space. The wave number/: is often considered to be the reciprocal of 
an eddy size. 

For isotropic turbulence the following equation of the energy spectrum 
can be obtained by taking the Fourier transform of the Karman-Howarth 
equation (H9): 

dE(k)/dt = T(k) - 2vk 2 E{k) (2) 

where T(k) is associated with the transfer of energy between wave num¬ 
bers or eddy sizes. Integration of T{k) over all wave numbers gives zero. 
By integration of Eq. (2) over all wave numbers, the time rate of change of 
the kinetic energy of turbulent motion is obtained: 

= —i (du f2 /dt) = 2v k 2 E(k) dk = e (3) 

where e is the rate of dissipation of turbulent energy. Equation (3) indi¬ 
cates that the change in kinetic energy is equal to the dissipation of energy 
into heat. The energy dissipation increases as the wave number increases 
or as the eddy size decreases. Thus, according to “the energy cascade of 
turbulence model,” there is a continuous flux of energy through the wave 
number range and a continuous dissipation. A wave number k d is asso¬ 
ciated with the size of the eddies that provide the main contribution to the 
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total dissipation. A wave number k e is associated with the size of energy- 
containing eddies. 

For high levels of turbulence the range of energy containing eddies and 
the range of maximum dissipation eddies are sufficiently far apart. For this 
case Kolmogoroff (K10) postulated that a range of high wave numbers 
exists where the turbulence is statistically in equilibrium and uniquely 
determined by the energy dissipated per unit mass e and the kinematic 
viscosity v. This range is called the universal equilibrium range. This 
universal equilibrium range is subdivided into two subranges: the inertial 
subrange where the energy spectrum is independent of v and solely de¬ 
pendent on €, and the viscous dissipation range where the energy spectrum 
is dependent on both e and v . 

The length and velocity parameters characteristic of this range were 
derived from dimensional reasoning by Kolmogoroff as 

V = (p 3 A) 1/4 (4) 

u = (ve) 114 (5) 

The wave number k 6 where viscous forces become very strong is of the 
same order as l/r). The wave number k e of the energy-containing eddies is 
of the same order as l// e if / e is the linear scale of the energy-containing 
eddies. 

It should be noted that the normal definition of Reynolds number is 
inadequate since it refers to some characteristic velocity and length of the 
mean flow. Alternatively, the microscale Reynolds number {N He ) k and the 
macroscale Reynolds number (N Re ) fe are used: 

(Nfte)x = (N ne ) le = U'IJp (6) 

where u' is the turbulence intensity and \ g is the dissipation scale (a 
measure of the size of eddies responsible for dissipation). For purposes of 
design the tank Reynolds number (iV Re ) T = N*rP/v is used. It has been 
shown (H9) that for the existence of the equilibrium range 

(AU 3 x /2 »l, (AU?e /4 »l (7) 

Kolmogoroff (K10) developed the following expression for the energy 
spectrum function E(k) applicable to the inertial subrange: 

E(k) = Ci€ m k~ m (8) 

Similarly, Heisenberg (H6, H7) obtained for the viscous subrange 

E{k) = c 2 e 2 v~ 4 k~ 7 

where c x and c 2 are constants. 


(9) 



204 


L. L. TAVLAR1DES AND M. STAMATOUDIS 


The mean square of the relative velocity in an isotropic turbulent flow 
between two points separated by a distance r is given (B7, K10) by 

u 2 {r) = Ci€ 2 / 3 r a/3 (r » 77 ) ( 10 ) 

u 2 (r) = der^/v (r« 17) (11) 

where c[ and c' 2 are universal constants. 

These relations will be used later to derive expressions for the breakage 
and coalescence rates. 

2. Hydrodynamics in a Stirred Vessel 

The flow in an agitated vessel at present cannot be treated analytically 
due to the presence of turbulent flow and the complexity of the governing 
equations of motion. Reviews of the entire area of vessel hydrodynamics 
have appeared in published books (N3, Ul). Most of the experimental 
work done with agitated vessels is directed toward measuring and model¬ 
ing the velocity profiles of the impeller discharge stream (A2, A4, A5, C17, 
D 8 , F5, G13, H14, K7, M18, M23, Nl, N5, R7, SI, S2). In addition, work 
has been done on measuring turbulent characteristics of agitated vessels 
(Cl 7, F5, G13, G14,I2,13, K7, K11, M18, M23, Nl, N 8 ,01,02, R7, S 8 , S9, 
S13, V9). At low vessel Reynolds number (N Re ) T the flow is laminar. As 
(Af Re ) x increases, turbulence spreads from the impeller to all parts of the 
vessel. The energy spectrum measurements by various investigators (K7, 
Kll, M23, R7) on the impeller stream show a short range of about one 
decade of k~ m dependence for (W Re ) x > 10,000. Employing air as the 
fluid, Gunkel (G13) found a k ~ 5/3 dependence of about one decade in the 
impeller stream and k~ 7 dependence at higher frequencies. Very few ex¬ 
periments (G14, R7) have been done outside the impeller, but seem to 
indicate an energy spectrum behavior similar to the one in the impeller 
stream. It should be noted that an energy spectrum dependence of k~ m 
does not always mean that the flow is locally isotropic (B15, R7). Recent 
studies (V9, V10) of turbine agitators show a strong periodic pseudoturbu¬ 
lence, due to the impeller, which may give incorrect values for the mea¬ 
sured turbulence characteristics. 

The energy dissipation throughout the vessel is not uniform (C17, G13, 
N3). Cutter (C17) found that about 70% of the power was dissipated in the 
impeller stream and only 30% in the rest of the vessel. On the other hand, 
Gunkel and Weber (G13) found that most of the energy dissipation takes 
place outside the impeller and impeller stream. Experiments (B 8 , R19) 
show that for high tank Reynolds number, (V Re ) x > 10,000, the average 
energy input of the impeller per unit mass of liquid, €, is independent of 
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the properties of the liquid and a function only of the vessel and impeller 
geometries. In this case 

e = K'N* 3 D( (12) 

where K' is a constant dependent only on the vessel and impeller geomet¬ 
ries, N* is the rotational speed of the impeller, and D x is the impeller 
diameter. The total power input into an open agitated vessel with flat 
turbine impeller has been correlated by Rushton et al. (R19) and Bates et 
al. (B8), and for a closed vessel by Nienow and Miles (N7). 

3. Effect of Dispersed Phase on Turbulent Flow 

In a turbulent flow, the entire spectrum of the continuous phase eddies 
is imparted to the droplets or particles of the dispersed phase present. 
Theory and experiments (K15, K16, L8, S14) indicate that small drops or 
particles follow the behavior of the fluid eddies very closely. Drops or 
particles larger than the integral scale of turbulence follow the mean fluid 
flow. Experiments (K16) with solid particles (0.013-0.20 cm in diameter) 
in an agitated vessel show that the particle velocity fluctuations are given 
by the Maxwell distribution. In addition, the micromotion of the particles 
was determined mainly by eddies of size comparable to particle diame¬ 
ters. 

The presence of the dispersed phase, for small holdup fraction, should 
not have a significant effect on the turbulent characteristics of the disper¬ 
sion. Investigators (Cl 1, C12, R15, R16) found that for high holdup frac¬ 
tion their developed models for drop size distribution fitted experimental 
data better by taking into account a “damping” effect on turbulence by 
the dispersed phase. Doulah (D11) developed a theory for the increase of 
drop size due to this “damping” of turbulence effect. Experiments (LI) on 
two-phase jet flows show that the “damping” of turbulence can be ap¬ 
proximated by 

u'/u f 0 = (1 + 0.20)/(1 4* </>) (13) 

where u' is the root-mean-square turbulent fluctuating velocity in a dis¬ 
persion of particles, Uq is the corresponding value in the fluid with no 
particles, and <f> is the dispersed-phase holdup fraction. 

B. Laminar/Transitional Flow Dispersions 

Agitated dispersions at low impeller speeds or high continuous phase 
viscosities are in a state of laminar or transition flow. At low impeller 
Reynolds number, (yV Re ) T < 15, the flow is laminar around the impeller 
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and stagnant away from it. At higher Reynolds number, (N Re ) T >15, 
discharge flow develops. This region is still mostly laminar and extends up 
to (iV Re ) T ~ 200 for turbine impellers. Beyond this point, the transition 
region begins with the flow becoming turbulent around the impeller, while 
further away the flow is still laminar. The transition region for disk-type 
turbine impeller extends up to (iV Re )T ~ 10,000. 

In an agitated vessel there is a spectrum of shear rates and of local 
power dissipation rates (N3, 02). The average power supplied to an agi¬ 
tated vessel with a disk-type turbine impeller over all regions of flow has 
been correlated (B8, B9, R19). Thus, the average power input in an agi¬ 
tated vessel operating in the laminar region is given by 

P cc (nN* 2 D?)/g c (14) 

where p, is the viscosity, A* is the impeller rotational speed, and D x is the 
impeller diameter. 

In the transition-range flow, Fig. 1 shows that the average power input 
in the vessel over short ranges is given by 

P * ( pN*Df/fjL) m pN* 3 iyi (15) 

where p is the density and m is the slope of the plot of log of power 
number versus log of {N Re ) T . With increasing (Af Re ) T? m continuously in¬ 
creases from -1 [(N Re ) T « 15] to 0.16 [(iV Re ) T ** 300] and then decreases, 
approaching 0 [(N Re ) T ** 11,000]. 



Fig. 1. Power number-Reynolds number correlation in Newtonian fluids, for disk-type 
6-bladed impellers [after Metzneref al. (M12)]. 
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III. Behavior of Liquid-Liquid Dispersions 

Knowledge of the processes of droplet breakage and coalescence is the 
basis for developing rational fundamental models for describing the prop¬ 
erties of liquid-liquid dispersions, such as drop size distributions, average 
drop size and interfacial surface area, and the rate of mixing of the 
dispersed phase. In this section the dynamics of drop breakage and drop 
coalescence in various flow fields is discussed. Earlier models based on 
Kolmogoroff’s theories are shown to predict expected average minimum 
and maximum stable drop size in a mechanically equilibrated turbulent 
dispersion. An outline of the more recent significant phenomenological 
models which attempt to describe the rates of drop breakage and drop 
coalescence follows. 

A. Maximum and Minimum Drop Size in Turbulent Dispersions 

Agitation of two immiscible liquids results in a dispersion of one phase 
into the other in the form of drops. The drops are subject to shear stresses 
and to turbulent velocity and pressure variations along their surfaces. 
These processes cause the drops to deform, and if the deformation ex¬ 
ceeds a certain minimum value, the drops break into smaller parts. At the 
same time, drops are also colliding with each other, and if they remain 
together for a long enough time so that the separating continuous-phase 
liquid film drains down to a certain minimum thickness, film rupture oc¬ 
curs and the drops coalesce. Breakages and coalescences take place si¬ 
multaneously, and the entire dispersion reaches a dynamic equilibrium 
after a certain time. The drops in the dispersion are not uniform. Inves¬ 
tigators usually assume that there is a maximum drop diameter, a max , 
above which no stable drop can exist and a minimum drop diameter, a min , 
below which no stable drop can exist. 

1. Maximum Stable Drop in an Isotropic Turbulent Field 

First Kolmogoroff (K9) and then Hinze (H10) obtained a relation for 
a max for drops in locally isotropic turbulent fields. Their basic assumption 
was that in order for a drop to become unstable and break, the kinetic 
energy of the drop oscillations must be sufficient to provide the gain in 
surface energy necessary for breakup. The kinetic e nergy of the drop 
oscillations is assumed proportional to p c u 2 (a)a 3, where u 2 (a) is the mean- 
square of the relative velocity fluctuations between two diametrically op¬ 
posite points on the surface of the drop. The minimum gain in surface 
energy can be assumed proportional to era 2 . The Weber number, N We , 
which is defined as the ratio of the kinetic energy to the surface energy, 
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has a critical value above which the drop becomes unstable. This critical 
Weber number depends on the system itsel f. For a local isotropic turbu¬ 
lent flow and a drop diameter a » 17 , u 2 (a) is given by Eq. (10). Thus, 

(Nwe)crit = (cip c u 2 {a)cP)/aa 2 = (c 2 p c e 2 i 3 a 5/3 )/(r = constant (16) 
and 

= c 3 (( 7 /p c )^€- 2/5 (a»r ) ) (17) 

Shinnar (S22) derived the following relation for a max in a turbulent agitated 
vessel by using Eq. (12): 

0max = / Pc ) 3 / 5 N*” 6 / 5 Z)f 4/5 (18) 

In contrast to this, when a drop is smaller than 17 the dominant forces 
acting on the drop are the viscous shear forces. Taylor (T4) derived the 
corresponding equation for breakup due to viscous shear stresses only for 
which 


(Nwe)crit = ix c {du/dr)(a/cr) =/(ja d /^c) 

Shinnar (S22) then, using the relation for locally isotropic flow 
(du/dr) 2 - 2c/15^, derived the expression 

«max = C 5 (< TV l c l 2 /[ l c ) e - ll 2 f ( nJlJ - c ) 

= c 9 avl l2 fic l N*~ m Di l f(fi d /fi c ) (a« v ) (19) 

2. Minimum Stable Drop in an Isotropic Turbulent Field 

The local turbulent velocity fluctuations of the dispersion causes the 
drops to collide with each other. If following a collision, two drops stay 
together for sufficient time in order for the continuous-phase liquid film 
separating them to drain out, then a coalescence occurs. Shinnar (S22) 
assumed that there is an adhesive force, which tends to hold two colliding 
drops together. Assuming that this force is a function of the droplet diame¬ 
ter, he proposed that there is a minimum drop diameter below which the 
eddies will not be able to separate the two colliding drops and therefore 
will not be able to prevent their coalescence. The kinetic energy of the 
droplets is proportional to pu 2 (a)a 3 . Shinnar (S22) calculated the adhesion 
energy as 

E a = A(h 0 )a (20) 

where A(h 0 ) is a constant. The ratio of the kinetic energy to the adhesion 
energy determines if two drops will coalesce or separate again. The criti¬ 
cal ratio is given by 



LIQUID-LIQUID DISPERSIONS 


209 


(p c w 2 (a)a 3 )/£ a = (p c u 2 {a)a 2 )/A(h 0 ) = constant (21) 

Using this equation and Eqs. (10) and (12), Shinnar (S22) obtained 

o mln = c 7 pe 3,8 €" U4 A(/i 0 ) 3 ' 8 = c s p; 3ls N*~ 3li DT' 12 (a » Tj) (22) 

In contrast to this, when a <3C tj the force for preventing coalescence is 
the viscous shear force. The critical ratio which determines if two drops 
will coalesce is given by Sprow (S29) as 

(p c Vua 2 )/F = constant (23) 

where Vu is the local velocity gradient andF is the adhesion force. Sub¬ 
stituting Vu = cge tl2 Vt m (S30) and Eq. (12) into Eq. (23), Sprow (S29) 
obtained 

Amin = 

= CxoP'Vc 1 U2 v m N*-^Dr m (a « Tj) (24) 

B. Phenomenological Models for Drop Breakage Rates 

Equations (18) and (19) predict an a max based on the drop breakage 
phenomena. Investigations concerning drop breakage have primarily been 
focused on the maximum drop size a max above which/a drop will break 
(H10, K9, P6, S22, S26, S30, S36) or on the deformation of a drop in 
simple shear fields (K2, T4, T6, T9). Although these are helpful in under¬ 
standing the breakage phenomena, they do not give us any information 
about the rate or frequency of drop breakage. 

The basic expressions describing the breakage rates are 

r(a') da = g{a')NA{a') da' 

(25) 

r(a, a') da da' = g(a')p(a')l3{a ', a)NA(a') da da' 

where r(o ') da is the number of drops of diameter between a ’ and o' + da' 
breaking per unit volume per unit time; r(a', a) da da' is the number of 
daughter drops of diameter between a and a + da produced per unit vol¬ 
ume per unit time by breakage of drops of diameter between o' and 
a' + da'\ N is the total number of drops of all sizes present per unit 
dispersion volume; A(o') da' is the fraction of drops with diameters be¬ 
tween a' and o' + da'; g(a ') is the fraction of drops of diameter a' break¬ 
ing per unit time; v(a') is the number of daughter particles produced by 
breaking a drop of diameter a '; and (3(a', a) da is the fraction of drops of 
diameter between a and a + da produced by breaking drops of diameter 
o'. The suggestions of various investigators for the evaluation of the sev¬ 
eral factors in Eq. (25) will be discussed in this section. 
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1. Breakage Frequency g{a') 

Valentas and Amundson (VI) arbitrarily assumed g(a') to be propor¬ 
tional to the droplet surface area: 

g(a') = Kia' 2 (26) 

where K x is a constant. 

Shiloh et al. (S21) concluded that this expression fitted their experimen¬ 
tal data best. 

Curl and co-workers (R15, R16, VI1) assumed an analogy between drop 
breakage and molecular decomposition. They assumed a drop forms an 
“activated complex’’ due to imparted kinetic energy, which can be rep¬ 
resented schematically: 

K" 

Normal drops “Activated" or unstable drops —> Breakage products 

where the normal drops are in equilibrium with the unstable drops and K" 
is the rate constant for the decomposition or breakup process. Thus, the 
breakage rate of drops of diameter a' is given by 

g{a')NA{a') da' = K"K*NA{a') da’ (27) 

where K* is the equilibrium constant for the normal-activated drop ex¬ 
change. Thus, g{a') = K"K*. From similarity to the molecular decomposi¬ 
tion theory 

K* = exp(- activated energy/kinetic energy) (28) 

The kinetic energy responsible for breakup comes from eddies smaller 

than the drop diameter, since larger eddies would presumably only carry 
the drop along with them without breaking it. The kinetic turbulent energy 
is proportional to ( ir/6)a' 3 pE , where for drops of size within the inertial 
subrange of an isotropic turbulent flow: 

E = r E(k) dk cc r e*' 3 *" 5 ' 3 dk oc € m a >m (29 ) 

J Ua' J \/a‘ 

Thus, the kinetic turbulent energy of drop of size a' is given by 

E r <=c p c € m a' nl3 (30) 

The assumption is made that 

activated energy cc era' 2 (31) 

where a is the interfacial tension. They assumed also that the rate of 
decomposition of the activated drop is a function of the rate of shear of the 
drop. Or, 
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K" a energy input per unit time/kinetic turbulence energy 

p c (7r/6)a' 3 e/p c (7r/6)e 2,3 a' u/3 oc e ll3 a'~ m (32) 

Ross (R15) and Ross and Curl (R16) combined Eqs. (27)—(32) and obtained 
g(a') = K 2 e il3 a'~ 213 e\p[-K 3 cr/(p c e 2l3 a' 313 )] (33) 

where K 2 and K 3 are constants. 

For turbulent agitated vessels using Eq. (12), the previous equation is 
transformed to 

g(a') = K 4 N*D% l3 a'~ 213 exp[- K b a/( Pc N* 2 Di l3 a' 513 )] (34) 

where K 4 and K b are constants. 

Coulaloglou and Tavlarides (C12), in contrast to the above development, 
derived an expression for g(a') based solely on the hydrodynamics of the 
dispersion. They defined g(a') as 

g{a') = (l/t h )(fraction of drops of size a' breaking during time t b ) 

= (l/f b )A[JVA(a') da']/(NA(a’) da) (35) 

where t b is the breakage time. They assumed that the fraction of drops of 
diameter a' breaking is proportional to the fraction of drops of size a’ 
which have a total kinetic energy greater than a minimum value necessary 
to overcome the surface energy holding the drop intact. This minimum 
surface energy was taken as 

E c oc era' 2 (36) 

Assuming that the distribution of the total kinetic energy of the drops is 

proportional to the distribution of the kinetic energies of the turbulent 
eddies and using the two-dimensional normal distribution for the velocity 
fluctuations of the eddies, they derived a relation for the fraction of drops 
with kinetic energies exceeding E c : 

/* P(E) dE = exp(-£ c /£ T ) (37) 

Substituting Eqs. (30) and (36), the fraction of drops of diameter a' break¬ 
ing is 

&[NA(a') da']/(NA(a') da') = exp[-A 6 cr/(p d e 2, V 5,3 )] (38) 

Furthermore, the assumption is made that the motion of the centers of 
mass of daughter droplets to be formed (binary breakage) is similar to the 
relative motion of two lumps of fluid in a turbulent flow field as described 
by Batchelor (B6). Thus, for the inertial subrange eddies 
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A’B' 2 (t) cc (AB ■ e) m t 2 (39) 

where A f B’(t) is the separation distance of lumps of fluid at time t, AB is 
the initial separation distance, and K 7 is a constant. Assuming that 
AB oc a , and that at breakup time t h the separation distance will be 
A"B" = K 9 a> they arrived at 

t h qc a' m €~ m (40) 


Combining Eqs. (35)-(40), 

g(a’) = K 1 a , ~ m e m exp[- K 8 oV(p d € 2 / V 5/3 )] (41) 

For an agitated vessel, with uniform energy dissipation this becomes 

g(a f ) = Kva'-^N'Df 13 exp [- (42) 


At this time, it is instructive to note that Eqs. (34) and (42) predict that the 
large drops will continuously break down to a size a max , where the break¬ 
age function g(a’) approaches some arbitrary low value close to zero. At 
this point, the exponential term dominates the behavior of the breakage 
rate expression and a relation for a max is obtained similar to the one given 
by Eq. (18), which was derived on the basis of maximum stable drop 
theory. 

Delichatsios (D4) and Delichatsios and Probstein (D5) also derived a 
corresponding expression for g(a’). Following Levich (L7), they proposed 
that a breakup will occur whenever the instantaneous turbulent velocity 
differences across a drop diameter exceed « b , the velocity necessary to 
break the drop. From similarity arguments, 

uja = ( a/pa 3 ) m ( a » 17 ) (43) 


Assuming that the local statistical properties of the velocity field are 
known, the breakup rate would be equal to the number of crossings per 
unit time of the velocity u h (with positive acceleration) by the statistical 
field of relative velocity differences. Using Rice-Kac’s formula (Rll) and 
assuming unskewed probability distribution function, they obtained 


g{a f ) = W b = J o P(u b , u)it dii + P(u b , u ) dii 
= 2P(w b ) P{u/u h )u du 


(44) 


where W h is the number of crossings of velocity w b per unit time, P(u, u) is 
the joint probability density of the local velocity u and acceleration w, 
between two points a distance a' apart,P(w) is the probability distribution 
function forw, andP(«/w b ) is the conditional probability of the local accel- 
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eration, when the corresponding velocity difference is u h . The last integral 
represents the mean positive acceleration difference between two points a 
distance a' apart, when the corresponding velocity difference is u b . From 
Rotta (R17), 

{u 2 ) 112 oc u 2 /a' (45) 

Experiments (G 6 , V4) show that the probability density distribution in the 
inertial subrange can be written as Gaussian with variance u 2 and cutoff 
velocity w c . Thus, 

g(a') = (K n {u 2 ) m /a')[exp{-u 2 J2u 2 ) - exp(-ul/2u 2 )] (46) 

where K n is a constant; w c , u 2 , and u h are given (R17, T5, V4), respec¬ 
tively, by 

u c = 3(w 2 ) 1/2 , IT 2 = 1 . 88 (ea') 2/3 , u b = ( a/pa ') l/2 

Ail previous models for g(a f ) were derived on the basis of existence of 
an isotropic turbulent field. On the other hand, Stamatoudis (S32) has 
developed models for breakage frequencies in agitated vessels operating 
in the laminar or transition range of flow. It was assumed that the break¬ 
age of drops in a laminar or transition range of flow is mainly a result of 
the shear stresses on the drop. The model of Curl and co-workers (R15, 
R16, VI1) given by Eqs. (27), (28), and (31) was used with the exception 
of the kinetic energy, which is replaced by the shear energy given by 

E s a fjL c G 2 a'X r (47) 

where f br is the time during which a drop is subjected to the shear rate G. 
This t br is assumed proportional to the circulation time t c , the time neces¬ 
sary for the liquid dispersion to circulate around the vessel once. It has 
been found that for a wide range of operating conditions (HI4) 

l br «l c Ml/TO/A 2 (48) 

where N* is the impeller speed, D, is the impeller diameter, and D T is the 
vessel diameter. The shear rate in laminar flows is given by 

G oc (P//x c ) 1/2 (49) 

where G is the shear rate in the dispersion, P is the power input to the 
vessel by the impeller, and (i Q is the continuous-phase viscosity. Substitut¬ 
ing Eq. (14), the following expression is obtained for the laminar region: 

G oc (P/fji c y 12 cc W*D ? /2 (50) 

In the transition range of flow, a mixture of turbulent and laminar flow 
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exists. The assumption is made in this range that the total power into the 
vessel supplied by the impeller is distributed in the form of shear power 
with an effective shear rate G e{( . By making an analogy with the laminar 
range and using Eq. (15), the following expression is obtained for the 
transition flow: 

G e ff cc (P/tl c yi* cc (pm+lAT*m + 3/ M m + i)i/2 D (2m + 5)/2 ( 51 ) 

where m increases with N Re from -1 [(N Re ) T — 15] to a maximum 0.16 
[(W Re ) T *= 1300] and then decreases to 0 [(iV Re ) T ** 1 1,000]. This effective 
shear rate G eff should not be confused with the average G calculated from 
velocity profiles, which is proportional to N* for flows in the laminar 
(M12, M13), turbulent (01), and transition range by extrapolation. 

Combining these equations, the following expressions for the breakage 
frequencies of drops of size a ' are obtained: 

g(a') = K l2 exp(- K 13 <T/ti c a'N*DtD* T ) (52) 

for the laminar range and 

g(a*) = K u exp(- K l5 a/fx m p? +l N* m+2 a'Df m+3 D?t) (53) 

for the transition range, where K i5 is constant over short ranges of the 
transition range. It should be noted that the breakage rate increases with 
increasing a f and N* and decreases with increasing o% as expected. 

Using arguments similar to those in the case of turbulent flows, a maxi¬ 
mum drop size a max can be obtained from Eqs. (52) and (53): 

flmax a tl c -'(TN*-'DT i m (54) 

for the laminar range and 

0max a McPc (m+ 1 ) 0 -N*~ (m+ 2 ) T>f ( 2 m+ 3 ) D ^ 2 (55) 

for the transition range. 

2. Daughter Droplets Formed 

Experiments (B4, F4, K2, R18, S36, T9) show that breakage of a drop 
results in various numbers and sizes of daughter drops. To simplify 
computation, most investigators assume a fixed number of daughter drops. 

Although Valentas et al . (VI) found that their model is very sensitive 
to the numerical value of v(a'), Ross (R15) concluded that nothing can 
be gained by considering v{a') >2. Various other investigators (CIO, 
Cll, C12, D5, S21) use the value v(a') = 2 in their models. 
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3. Daughter Droplets Probability Density Function 

Experiments show that the daughter drop distribution is not uniform. 
Valentas and co-workers (VI, V2, V3) Coulaloglou and Tavlarides (Cl2) 
have assumed a normal distribution of the daughter drop volumes 

/?(«', a) = Warr) 11 *]-' exp[- (v - v) 2 /2a' 2 ] (56) 

where v' is the volume of the drop breaking, v is the mean volume of the 
daughter drops, and cr' 2 is the variance chosen in such a way that the 
density lies entirely within the volume range 0 to v'. 

Ross (R15) and Ross and Curl (R16) assumed the /3(a', a) term to be 
given by the beta function, whereas Shiloh et al. (S21) and Delichatsios 
and Probstein (D5) assumed that a drop breakage results in two equal 
daughter drops. 

C. Phenomenological Models for Drop Coalescence Rates 

Equations (22) and (24) predict an a min based on the drop coalescence 
phenomena. They do not give any information about the rate of coales¬ 
cence. The coalescence of two drops is accomplished through the draining 
and rupture of the film of the continuous phase. The factors affecting the 
coalescence process have been summarized by Jeffreys and Davies (J2). 
Most researchers have concentrated on studying the film drainage be¬ 
tween a drop and a flat interphase (A3, B20, B21, B22, C5, C6, C9, E2, 
G7, H2, H3, H4, H5, Hll, H12, J3, L3, L5, L9, M8, N6, P7, V15, W5). 
Reviews of these are given elsewhere (B16, Gl, J2, L10, Tl, V14, W5). 
Models for film drainage between pairs of drops immersed in an incom¬ 
pressible stagnant liquid have been proposed (L6, Ml, M5, M6, M8, M24, 
P7, R20, R21, S10). Reviews of these also appear elsewhere (J2, VI4, 
V16). In this section, phenomenological models describing the rate of 
coalescence between two drops in various flows will be discussed. 

The basic expressions describing drop coalescence rate are 

F(a, a') da da' = k(a, a')z(a, a') da da' 

(57) 

z(a, a') da da' = h(a, a')NA(a)NA{a') da da' 

where F(a, a') da da' is the number of coalescences per unit volume 
of dispersion per unit time, k(a, a') is the collision efficiency of a 
collision between droplets of sizes a and a', z{a, a') da da' is the number 
of binary collisions between drops of sizes a and a' per unit volume of 
dispersion per unit time, h(a , a') is the collision frequency between drops 
of sizes a and a ' for a binary collision process based on number concentra- 
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tions, and NA(a) da is the number of drops of size a to a + da per unit 
volume of dispersion. 

A discussion will be given on the most important developments by 
various investigators for the terms z(a, a') and \{a, a'). 

1. Collision Rate 

Coalescence between drops or particles may occur only after their colli¬ 
sion with other drops or upon collision. Collision rates have been devel¬ 
oped for different systems and conditions. 

Under uniform shear flow, Smoluchowski (06, S27) derived 

z{a, a')da da' = f(ia + ia') 3 GNA{a)NA{a') da da' (58) 

where G is the velocity gradient in a direction perpendicular to the direc¬ 
tion of particle travel. Camp and Stein (C3) applied the previous equation 
for turbulent flows by relating the turbulent velocity gradient by 
G = (e/v) m , obtaining 

z(a, a')da da' = f (ja + i a') 3 (e/u) ll2 NA(a)NA(a') da da' (59) 

A more rigorous approach to collision rates in turbulent flows necessi¬ 
tates knowledge of drop velocities in such fields. As discussed in Section 
III, drops or particles smaller than the microscale of turbulence are com¬ 
pletely contained within the eddies whereas larger drops or particles are 
being acted upon by the turbulent eddies. 

The collisions of drops or particles smaller than the microscale of turbu¬ 
lence are caused by two independent and essentially different mecha¬ 
nisms. These mechanisms differ depending upon whether the droplet has a 
density the same as or different from that of the surrounding fluid. Drops 
or particles that have essentially the same density as the surrounding fluid 
follow the motion of fluid completely. Thus, droplet velocity fluctuations 
can be described by the fluid velocity fluctuations. Under these conditions 
Saffman and Tbrner (S3) obtained the following expression by employing 
the gradient mechanism: 

z(a, a') da da' = (87r/15) 1,2 (£a + ia') 3 (e/v) ll2 NA(a)NA(a') da da' 

(60) 

Levich (L7) treated the collision of drops and particles smaller than r\ by 
assuming diffusion of drops or particles towards a “sink” drop or particle, 
and found a similar form to Eq. (59), but with an arbitrary constant coeffi¬ 
cient. 

Howarth (H15) assumed a mechanism analogous to Brownian motion. 
But his derivation for collision rates is wrong because he introduced a 
variable particle diffusion coefficient in the Smoluchowski equation (06, 
S27) which had been derived on the basis of a constant coefficient. 
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The second collision mechanism comes about only if there is a signifi¬ 
cant difference between the densities of the fluid and the drops or particles. 
Because of this significant difference, the drops or particles are not com¬ 
pletely entrained by turbulent eddies. Drops or particles with different 
diameters move with different velocities, which results in collisions be¬ 
tween them. Researchers (El, L7, P3, S3) have accounted for this “accel¬ 
eration” collision mechanism in their derivation of collision expressions 
for drops in air. It should be noted that for liquid-liquid dispersions (small 
density differences) this “acceleration” mechanism is insignificant. 

In contrast to the above, drops or particles are not completely entrained 
by the eddies when they are larger than 77 . Eddies impact on them at all 
directions, causing them to move in a random fashion. This led re¬ 
searchers to assume that the collisions are analogous to the collisions of 
molecules in the gas kinetic theory. Thus, Rietema (R12) assumed that 

z(a , a) da da = (n/2/2)t ra 2 u(r)N 2 A 2 (a) da da (61) 

where u(r) is the average turbulent velocity fluctuation at the average 
distance between the drops. Kuboi et al. (K17) also used a similar equa¬ 
tion from the kinetic theory of gases: 

z(a, a) da da = 2(tt/3 ) 1/2 a 2 (^) ,/ 2 N 2 A 2 (a) da da (62) 

where u 2 (a) is the mean square velocit y flu ctuation for eddies of size a, 
which was found by them (K16) to be u 2 (a) = 2.0 (ea) 213 . Thus 

z(a , a) da da = ( 87 r/ 3 ) 1 / 2 a 2 (€a) l/ 3 A^A 2 (a) da da (63) 

This equation was found to describe collisions of droplets in turbulent 
pipe flow very well (K17). Coulaloglou and Tavlarides (Cl3) assumed that 
collision frequencies between drops of nonequal sizes are given by the 
following equation by analogy to kinetic theory of gases: 
z(a , a') da da’ 

_ _ (64) 

= (7r/2)(a 2 + a t2 )[u 2 (a) + u 2 (a’)] ll2 NA(a)NA(a') da da’ 

where the mean fluctuating velocities are given by Eq. (10). The kinetic 
theory of gases also was employed by Delichatsios and Probstein (D 6 ) 
to obtain 

z(a,a’)da da’ = ( 7 r/ 8 )(a + a') 2 {u 2 [i(a + a’)]} ll2 NA(a)NA(a')da da' 

(65) 

Recently Abrahamson (Al) also derived collision rate expressions for par¬ 
ticles in a turbulent gas phase by making an analogy with the gas molecu¬ 
lar collisions. 

Gillespie (G 8 ) has given a method for calculating the influence of 
nonuniform drop size distribution on the collision rates. 
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It should be noted that gravity can play an important role in collision 
rates for systems with large differences in density between the dispersed 
and continuous phases. Researchers (Al, El, S3) have also developed 
collision rate models taking into account gravity effects. In turbulent 
liquid-liquid dispersions with small fluid density differences, gravity is not 
an important factor in the collision rate model. 

Brownian motion also contributes insignificantly to the collision rates 
due to large drop or particle sizes in actual industrial operations. 

2. Collision Efficiency 

There are many factors that determine whether a collision results in a 
coalescence. The processes by which two drops coalesce are those of film 
thinning and final rupture of the intervening film. These processes are 
determined by factors such as surfactants, mass transfer, surface tension 
gradients, physical properties, Van der Waals forces, and double-layer 
forces. In a turbulent flow field the situation is more involved.The droplets 
must first collide and remain in contact for a sufficient time for the coales¬ 
cence to take place. A realistic coalescence efficiency will account for 
these factors. 

The coalescence efficiency k(a, a') is defined as the fraction of collisions 
between drops of diameter a and a' that result in coalescences. 

Howarth (H15) developed an expression for collision efficiencies by 
assuming an analogy to bimolecular gas reactions. He assumed that a 
critical relative velocity IV* exists along the lines of centers of two collid¬ 
ing drops which must be exceeded for a collision to result in a coales¬ 
cence. By assuming that the three-dimensional Maxwell’s equation 
describes the drop turbulent velocity fluctuations, he obtained the coales¬ 
cence efficiency as the fraction of drops which have kinetic energy exceed¬ 
ing W*. Thus, 


\(a, a') = exp(- 3W* 2 /4w 2 ) (66) 

where t? is the mean-square turbulent velocity fluctuation. 

A more fundamental approach to the coalescence efficiency modeling 
necessitates taking into account all the important steps which lead to drop 
coalescence. In order for a collision to result in a coalescence, two drops 
must remain together long enough so that the intervening liquid film drains 
to its critical thickness, whereupon film rupture occurs. The coalescence 
time r is defined as the time required for coalescence after a collision 
between two drops occurs. The contact time t is defined as the time that 
two drops would stay together under the effect of pressure or velocity 
fluctuations, until either a coalescence or a reseparation occurs. It is obvi- 
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ous that in order for a coalescence to occur, the contact time t must 
exceed the coalescence time r. Ross (R15) and Ross and Curl (R16) have 
derived an expression for coalescence efficiency by assuming that the 
coalescence time t and the contact time t are random variables and that 
the coalescence time is normally distributed. This expression was 
simplified by assuming that the coalescence time is not distributed al¬ 
though the contact time remains a random variable. Thus they obtained 

\{a, a’) = exp(- f/?) (67) 

where t and t are averages. The coalescence time f was assumed propor¬ 
tional to the time that it takes for the intervening liquid film to go from 
thickness h 0 to h c , where coalescence takes place under a force compres¬ 
sing the two drops proportional to the mean-square velocity at either end 
of the two colliding drops. Thus, using the model for the approach of two 
deformable drops, they obtained 

f « ( M F/cr 2 )/(/i 0 , h c )[aa'/(a + a')] 2 ( 68 ) 

where F is the force compressing the two colliding drops together and 
assumed to be given by 

F °c paU 2 (a + a')[aa'/(a + a')] 2 (69) 

and f(h 0 , h c ) is given by 

/(/!„ h c ) = 1 /h 2 - 1 /hi (70) 

The contact time ? was assumed to be given by 

1 (a + a')/[u 2 (a + a ')] 1 ' 2 (71) 

Combining Eqs. (67)-(69) and (71), Ross and Curl obtained the coales¬ 
cence efficiency for two deformable drops 

\(a, a') = exp[- Kif{h a , h c )p. c p d e/cr 2 • (a a'/a + a') 4 ] (72) 

Coulaloglou and Tavlarides (Cl3) assumed that the contact time will be 
proportional to the characteristic period of velocity fluctuation of an eddy 
of size a + a', given by Levich (L7) as 

t « (a + a') 2l3 /e' 13 (a + a' > 17 ) (73) 

Combining Eqs. (67)-(69) and (73), they obtained the same expression as 
Eq. (72) for two deformable drops. 

Coulaloglou (Cl 1), using the model for the approach of two rigid drops, 
assumed that 


f <x {p c /F)[aa’/(a + a’)] 2 


(74) 
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Thus for the case of two rigid drops 

\(a, a!) oc exp[- K 2 vje m {a + a') 413 ] (a + a ' » 77 ) (75) 

and 

X(fl, a') exp[- K 3 v* t2 /e' l2 (a + a') 2 ] (a + a' « ij) (76) 

At this point, it is instructive to note that Eqs. (72), (75), and (76) 
predict that the small drops will continuously coalesce up to a minimum 
size a min , where the coalescence rate approaches some arbitrary value 
close to zero. In this case, the exponential term dominates the behavior of 
the coalescence efficiency function. Thus, 

amin « Df 1 / 2 A*-3 ' 4 (77) 

which is similar to Eqs. (22) and (24) derived on the basis of coalescence 
prevention theory. 

Valentas et al. (VI) also used a coalescence efficiency of exponential 
form, but gave no rigorous arguments to support their model. 

The coalescence efficiency in a turbulent pipe flow was correlated by 
Kuboi et al. (K17) with the modified kinetic energy of collision U c = a 3 u§ 
as 


X(a, a) = 0,09[T® 5 (78) 

for 0.15 <U C < 1.0 cm 5 /sec 2 , 0.1 < a < 0.3 cm, and 1 < «* < 30 cm/sec. 
Here w* is the relative velocity of approach along the lines of centers just 
before the instant of collision. 

All previous models for drop coalescences assume the existence of a 
turbulent field. Stamatoudis (S32), on the other hand, derived models for 
drop coalescences for the case of laminar and transition flow regions. The 
same models given by Eqs. (67) and ( 68 ) were used with the following 
modifications for F and t: 


F*^G[aa’/{a + a ')] 2 (79) 

t*tjG (80) 

Here t c is given by Eq. (48) and G is given by either Eq. (50) or (51), 
depending on whether the range of flow is laminar or transitional. Thus, 
he obtained the following expression for the coalescence efficiency be¬ 
tween rigid drops in dispersions under laminar and transition range flows 

\(a, a') - exp(- c 3 N*Df/D|) (81) 


and the following expressions for the case of deformable drops 

"t 


X(u, a') = exp 






(82) 
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in the laminar range and 


\(a, a') = exp 




c 5 fx l c - m p?+ l N* m+4 Dt m+7 ( a a' \ 4 " 
cr 2 £4 \a + a') 


(83) 


in the transition range. Using arguments similar to those in the case of 
turbulent flows, a minimum drop size a min can be obtained from Eqs. (82) 
and (83). Thus, for deformable drops, 

a m in <x ~ 0 ' 75 A~ 1 ' 25 <t 0 * 5 Z)t 5 (84) 


in the laminar range and 

tf min a M “ ( ^- 1)/4 p- ( ^+l)/W*“ (m+4)/4 A _<2m+7)/ V 0,3 ^ 5 


in the transition range. 


(85) 


IV. Measurements and Analysis of the Properties of the Dispersion 

Knowledge of interfacial areas, drop size distributions, and dispersed 
phase coalescence rates is essential for accurate description and predic¬ 
tion of mass transfer and chemical reaction rates in liquid-liquid disper¬ 
sions. In this section, a review of the experimental methods and tech¬ 
niques developed for describing and measuring interfacial area, drop size 
distributions, and coalescence rates will be given; in addition, summaries 
of important results and correlations are presented. 

A. Interfacial Surface Area Measurements 

The measurement of the interfacial area in a liquid-liquid dispersion has 
been the focus of interest of many researchers, due to its importance in 
describing and predicting mass transfer and reaction rates involving 
species transferring from one phase to the other. The direct method to 
obtain the interfacial area is through knowledge of the dispersion drop size 
distribution. The measurement of drop size distributions will be discussed 
in the next section. In this section, two important indirect methods for 
obtaining interfacial area measurements will be discussed: the chemical 
method and the light transmittance method. Also an outline will be given 
of how interfacial areas are obtained from drop size distributions. 

1. Indirect Methods 

a. Chemical . The use of chemical means to measure the interfacial 
area has been used extensively for gas-liquid dispersions (Lll, M10, R9, 
RIO, S19, S31, W4). Chemical methods (S19) for determining the interfa¬ 
cial area of liquid-liquid dispersions involve a reactant A of relatively 
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unchanging dispersed-phase concentration diffusing to the continuous 
phase, where a first- or pseudo-first-order reaction occurs. Models assume 
the reaction is fast enough to keep the concentration of A in the bulk of 
continuous phase equal to zero, but not fast enough for any appreciable 
amount of A to react in the diffusion film at the surface of the continuous 
phase. Under these conditions Dankwerts (Dl) has shown that for a first- 
or pseudo-first-order reaction 

Ra* = a*C%(D A k' + Kl) m (86) 

where Ra* is the rate of extraction per unit area, a* is the effective interfa¬ 
cial area per unit volume of dispersion, C% is the solubility of A in the 
continuous phase, D A is the diffusion coefficient of A in the continuous 
phase, k' is the reaction rate constant, and K L is the continuous phase 
mass-transfer coefficient. The effective interfacial area a* can be obtained 
from Eq. (86) by substituting the total extraction rate and the 
physicochemical properties of the system. 

The chemical method for the measurement of interfacial area in liquid- 
liquid dispersions was first suggested by Nanda and Sharma (S19). They 
calculated the effective interfacial area a* by sparingly extracting soluble 
esters of formic acid such as butyl formate, amyl formate, etc., into aque¬ 
ous solutions of sodium hydroxide. This method has been employed by a 
number of workers, using esters of formic acid, chloroacetic acid, and 
oxalic acid, which are sparingly soluble in water (D9, DIO, FI, F2, F3, 
04, P8, S15, S20). Sankholkar and Sharma (S5) employed the extraction 
of diisobutylene into aqueous sulphuric acid. Sankholkar and Sharma (S6, 
S7) have also found that the extraction of isoamylene into aqueous solu¬ 
tions of sulphuric acid, and desorption of the same from the loaded acid 
solutions into inert hydrocarbons such as n-heptane and toluene, can be 
used for determining the effective interfacial area. Recently, Laddha and 
Sharma (L2) employed the extraction of pinenes into aqueous sulphuric 
acid. 

The disadvantage of this method is the effect of the mass transfer on the 
physicochemical properties of the dispersion. It has been observed that 
mass transfer can affect the interfacial tension and thus the interfacial 
area. 

b. Light Transmittance. Another indirect method for measuring the 
interfacial area of dispersions is the light transmittance method. This 
method has the advantage over the chemical method of not having any 
influence on the system being measured. 

The light transmittance method is based on the fact that when a parallel 
beam of light is passed through a dispersion only a fraction of it is trans¬ 
mitted because of scattering. The amount of light transmittance is a func- 
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tion of total interfacial area. Calderbank (C2) developed an expression for 
light transmittance through liquid-liquid dispersions assuming uniform 
drops 

I/I Q = exp[— i(a*/)/4] (87) 

where I is the amount of light transmitted, / 0 is the amount of incident 
light, / is the length of the optical path, and a* is the interfacial area per 
unit volume. McLaughlin and Rushton (M9) and Curl (C15) have shown 
that this expression is independent of drop size distribution. The light 
transmittance method has been used widely by various authors for es¬ 
timating the interfacial area (Bl, B17, B18, Cl, L4, M20, R13, R14, SI 1, 
T13, V5, V13, W3). Interfacial area has also been measured by a modified 
electroresistivity probe (HI3). 

2. Direct Methods 

Direct methods for obtaining the interfacial area are based on experi¬ 
mental measurement of the drop size distribution. The interfacial area per 
unit volume is given by 

a* = 6(f>/a 32 (88) 

where 0 is the holdup fraction, and a 32 is the Sauter mean diameter de¬ 
fined by 

a 32 = Sna 3 /'Inci 1 (89) 


B, Drop Size Distribution Measurements 

The drop size distribution is an important characteristic of a liquid- 
liquid dispersion. The drop size distribution not only affects the physical 
behavior of the dispersion, but also determines mass transfer and chemi¬ 
cal reaction rates in the system. 

Experimental methods for obtaining drop size distributions have been 
reviewed by some authors in the past (G12, S16). In this section, various 
methods for measuring the drop size distribution will be outlined, experi¬ 
mental drop size distributions and appropriate models will be discussed, 
and the most important expressions developed for predicting a 32 will be 
given. 

1. Experimental Methods 

a. In Situ Measurements. This technique is more direct and gives 
measurements of the dispersion in the actual dynamic conditions without 
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changing the nature of the dispersion as a result of sampling. When photo 
probes are used, they can be designed to minimize the distortion of hy¬ 
drodynamic conditions within the vessel. The most important methods are 
still photography or high-speed cinephotography. Still photographs are 
taken using a flash light source (1-100 /nsec duration). The short-duration 
flash is necessary to freeze the drop motion. Various investigators (B14, 
C8, CIO, K6, K8, L12, R13, Sll, S21, S26, T13, V13) have taken photo¬ 
graphs through a window of the vessel. This technique cannot be used for 
high holdup fraction except at distances very close to the vessel wall due 
to the interference of drops with the optical path. For distances further in 
the vessel, photographs can be taken through a probe (B18, B19, C2, 
M19). Some researchers (L4, S35, Wl) have taken photomicrographs 
through a vessel window. Giles et al. (G9) inserted a photomicrographic 
probe assembly into the vessel. Coulaloglou and Tavlarides (C13) also 
used a photomicrographic probe assembly (shown in Fig. 2) which en¬ 
abled them to measure the drop size distributions in various depths in the 
vessel. A special extension cup results in a reduction of the drop interfer¬ 
ence on the optical path of the microscope assembly making the technique 
suitable for measurements of drops in dispersions of higher holdup frac¬ 
tions. Another interesting technique was developed by Park and Blair (P4) 
using a fiber optic probe (shown in Fig. 3). Through this probe they 
measured drop size distributions by using high-speed cinephotography. 



Fig. 2. Photomicrographic probe assembly [after Coulaloglou (Cl 1)]. 
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Fig. 3. Fiber optic probe assembly [after Park and Blair (P4)]. 

b. Sample Withdrawal Measurements. In contrast to the previous 
methods in which measurements can be made in the actual dynamic con¬ 
dition of the experiments, other techniques have been developed whereby 
a sample of the dispersion is withdrawn for measurements. Usually sur¬ 
factants are added to the sample to prevent drop coalescence. Drop size 
distributions are obtained from the sample by microscopic examination, 
photography, or photomicrography (K5, M20, N2, S22, T14, V6, V7, 
VI6). 

Other researchers (M19, V6, V7) encapsulated the drops of the sample 
by interfacial polymerization and then obtained the drop distribution by 
photomicrography. 

Curl and co-workers (R15, R16, V2) forced the stabilized dispersion 
through a capillary, where a specially designed photometer assembly 
(shown in Fig. 4) measured both the drop size distribution and the dye 
concentration of the drops. Sedimentation techniques have also been used 
for measuring the drop size distribution (B13, Gil, Kl, S4). 

The sample-withdrawal methods are relatively easy to perform, but they 
have the disadvantage that they disturb the dispersion hydrodynamics. 
The drops of the withdrawn sample are in a completely different hy¬ 
drodynamic state than is the actual dispersion. Also the addition of surfac¬ 
tants and other chemicals to stabilize the droplets affect the physicochem¬ 
ical properties of the dispersion. 









226 


L. L. TAVLARIDES AND M. STAMATOUDIS 


TO 

WASTE STORAGE 
TANK 


PINHOLE IN 
BLACK PAPER 


REFLECTING 
MIRROR 




6 \OLT 
DC. LIGHT 


MCROSCOPE 

_ k _ 


BEAM 
SPUTTER 
_L 


** CAPILLARY 
IN 

PLASTIC 


O 


T 

IRIS 


* FROM SAMPLE 
HANDUNG SECTION 


PHOTOMETER 
HEAD / 


455/u. GLASS 
OPTICAL FILTER 


Fig. 4. Microscope assembly for drop size and dye concentration measurements [after 
Verhoff (VI1)]. 


c. Other Methods. Methods that do not fall under either of the previ¬ 
ous two categories include the encapsulation of the drops of the whole 
vessel without first removing a sample (M7, V6, V7). The limitations and 
uncertainties mentioned above apply to these techniques also. 


2. Experimental Results 

a. Distributions. Researchers have used various functions to fit their 
experimental distributions. The most common one appears to be the log¬ 
normal (G9, K6, N2, T15, Yl) given by 

A(a ) = [log 5 , (27 t) 1/2 ]~ 1 exp[- (log a - log a) 2 / 2(log s) 2 ] (90) 

where a is the arithmetic mean drop diameter and 5 is the standard devia¬ 
tion. Other workers (B19, C8) have found a volume normal distribution 
given by 

F v (a) = [5'(27r) 1/2 ]“ 1 exp[- ( a - a) 2 /2s*] (91) 

Figure 5 shows experimental results described by a normal distribution 
function. The Schwarz-Bezemer distribution given below was found to 
describe size distribution very well (S12, S29) 

In V% = In 100 4- a c /a max - aja (92) 

Here V% is the cumulative volume percent of particles below diameters, 
a c is a characteristic diameter related to the maximum of the distribution 
function, and a max is the largest drop diameter in the dispersion. Figure 6 
illustrates experimental results described by a Schwarz-Bezemer dis¬ 
tribution. Gal-Or and Hoelscher (G2) gave the following relation for drop 
size distribution: 


/(a, a) = 4(a 2 /iT) i,2 a 2 exp( — aa 2 ) 


(93) 
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a /a 


32 


Fig. 5. Comparison of volume normal distribution function with data for </> = 0.001 - 
0.005 [after Chen and Middleman (C8)]. 



a -1 , (MICRONS)' 1 

Fig. 6. Comparison of Schwartz-Bezemer distribution with data for <f> = 0.005 [after 
Schwartz and Bezemer (S12)]. 
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in which 

a = (l6TT m N/3<j>y 13 > 0 

The volume distribution is given by an exponential curve by Bajpai et al. 
(B2). Van Heuven and Hoevenaar (V6) found that the area distribution 
was described by 

/ A = ( KA/b(K - 1) \)(Ka/b) K ~ l exp (-Ka/b) (94) 

where b = a 32 , K = (1 - a 2 Ja 32 )~\ and A is the specific surface area of 
dispersed phase. Other investigators (Gil, L12, S34) developed different 
distributions. 

It should be pointed out that various investigators have reported a local 
variation of the drop sizes (C14, M19, P4, SI 1, S29) throughout the vessel. 
Thus when modeling mass transfer in dispersions, either a global-average 
drop size distribution or models with spatial dependence of drop size 
distribution may be needed for accurate analysis of such rate processes. 

b. a 32 Correlations. The Sauter mean diameter in an agitated vessel 
has been correlated by many investigators. The Sauter mean diameter 
depends on the physicochemical properties of the system, the turbulence 
intensity, and the holdup fraction. Table I gives the most important re¬ 
ported correlations and the ranges of operating variables and physical 
parameters over which they are valid. The most frequently reported cor¬ 
relation is of the form 


Q 32 /— k { ( 1 + A.' 2 (i)(iVwe) ki (95) 

where k 3 is usually 0.6. Other investigators have used different correla¬ 
tions to fit their data (B3, B14, G9, S21, T8, Y3). It should be noted that 
the exponent -0.6 of the Weber number (i.e., a 32 °c jV*~ 6/5 ) indicates that 
the drop size is determined primarily by the breakage process as given in 
Eq. (18). Finally, holdup effects on a 32 become important only at high 
holdup fractions. 

C. Coalescence Frequency Measurements 

Coalescence frequencies can have a pronounced effect on the rate of 
mass transfer or chemical reaction in a liquid-liquid dispersion. Various 
investigators have attempted to model and measure coalescence frequen¬ 
cies in agitated vessels. A review of the experimental techniques is given 
by Rietema (R12) and Shah et al. (S16). 

The general expression for coalescence frequency is given by 

r 00 r vl 2 

(o v = <t >~ 1 J o J # vF(v - v', v') dv' dv (96) 
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where co v is the volume fraction of dispersed phase coalescing per unit 
time, and F(v — v f , v') is the coalescence rate expression previously 
discussed and expressed now in terms of drop volumes. Coalescence 
frequency can also be represented in terms of number of coalescences. In 
this section, the experimental procedure and measurements for the 
coalescence rates will be discussed. 


1. Indirect Methods 

All coalescence frequency work reported in the literature with the ex¬ 
ception of that of two groups of investigators has used indirect means of 
obtaining an average coalescence frequency for the entire mixing vessel. 
The indirect methods can be divided into two categories: chemical and 
physical. 

a. Chemical. In this method, a reactant is initially dissolved either in 
the continuous or the dispersed phase. Another reactant soluble only in 
the dispersed phase is added at the beginning of the experiment. The 
coalescence frequency is obtained by monitoring the reaction rate and in 
conjunction with an appropriate model. Madden and Damerell (M2) ob¬ 
tained coalescence frequencies by monitoring reaction rates through anal¬ 
ysis of withdrawn samples. Kramers and co-workers (as reported in R12), 
Hillestad (H8), and Shiloh et al. (S21) monitored the reaction rates by light 
transmittance techniques. 

Chemical reaction methods have been used by other investigators (HI, 
M4, 05, V16) for coalescence frequency studies in a continuous-flow 
system. A reaction other than one of first-order is taking place in the 
dispersed phase and its extent of conversion is related to the coalescence 
frequency. 

The chemical method for obtaining coalescence frequencies has the 
disadvantage of the influence of the mass transfer that takes place on the 
physicochemical properties of the dispersion. Further, the intrinsic chem¬ 
ical kinetics must be known. 

b. Physical. The most important of the physical methods for obtain¬ 
ing coalescence frequencies is based on the measurement of dye disper¬ 
sion in the dispersed phase. If a small amount of dye soluble only in the 
dispersed phase is added to a batch-agitated dispersion, the light transmit¬ 
tance in the dispersion versus time is related to coalescence frequency for 
uniform drops by (Ml4) 


ln[(/(Q//(0)] _ , Q) 

ln[(/(co)//(0)] 2 \c r iWe 


where 7(0), /(/), and /(<») are the light transmittance values for time 0, t and 
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TABLE 

Sauter Mean Diameter Correlations 






Physical properties 








ar (dynes/ 

Investigators 


Correlation 

Pd(g/cm 3 ) 

p t .(g/cm 3 ) 

P d(cp) Pc(cp) 

cm) 

Vermeulen (V12) 

«:c 

d, 

= KUN* v r™ 

0.693-1.595 

0.693-1.595 

0.52-184 1.81-65.4 

3.1-55.1 

Roger et al. (RI3) 

«:a 

- ww" (§7) " 

0.761-1.101 

1.0 

0.578-3.91 1.0 

2.1-49 

Calderbank (Cl) 

O ;12 

=* 0.06(1 + 3.75*) 

- 


- - 

35-40 


a.vi 

D, 

= 0.06(1 + 9 

- 

- 

- - 

35-40 

Shinnar (S22) 

Oi 

= K(N Wt .r™ 







(breakage control) 





a# 

Di 


- 

- 

22.5 0.4 

- 



(coalescence control) 




Chen and Middleman (C8) 

tf.12 

D, 

= 0.053(N We )~°« 

0.703-1.101 

0.997-1.001 

0.52-25.8 0.890-1.270 

4.75-48.3 

Sprow (S30) 

a.a 
£>, 

= 0.0524(N We ) _0,fi 

0.692 

1.005 

0.51 0.99 

41.8 

Brown and Pitt (BI8) 

<7.12 

0\ 

= 0.051(1 + 3.14*) 
(N We )~°* 

0.783-0.838 

0.972-0.998 

0.59-3.30 1.0-1.28 

1.9-50.0 

Van Heuven and Beek (V7) 

<7:« 

D, 

= 0.047(1 + 2.5*) 
(N We )- 0 « 

— 

0.998 

— — 

8.5-49.5 

Mlynek and Resnick (MI9) 

d, 

= 0.058(1 + 5.4*) 
(N We )-«'« 

1.055 

1.0 

— 1.0 

41 

Weinstein and Treybal (W3) 

<7;h 

= |Q( -2..1t«+0.fi72«> 

0.831-0.997 

0.831-0.997 

0.722-7.43 0.722-7.43 

3.76-36.0 



^U.»722 c -0,194 

((TgJpJ'"* 






<7.12 

— |Q(—2.0H«+0.7123i 

0.831-0.997 

0.831-0.997 

0.722-7.43 0.722 -7.43 

3.76-36.0 



(cr^e/Pc) 0 ' 274 





Brown and Pitt (BI7) 

<712 

■ * (pk)" M 

0.783-0.838 

0.972-0.998 

0.59-3.30 1.0-1.28 

1.9-50.0 

Coulaloglou and Tavlarides (Cl3) 

0.12 

= 0.081(1 + 4.47*) 

0.972 

1.0 

1.3 1.0 

43 



(N We )-° K 






" B, batch; C, continuous. 


», respectively, is the extinction coefficient of dye, a and c are the 
average diameter and dye concentration, respectively. The dye 
dispersion-light transmittance technique in conjunction with the previ¬ 
ously mentioned model have been used by various investigators for study¬ 
ing coalescence frequencies in batch systems (K12, K14, M14). The dye 
dispersion-light transmittance technique was also used by Vanderveen 
(V5) for batch systems with the exception of the use of a different model 
based on an analogy with a first-order chemical reaction. 
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or Stirred Liquid-Liquid Contactors 


Type" 

£> r (cm) 

Operating conditions 

Dytcm) <t> JV*(rps) 

r*(sec) 

Type of impeller 

Measurement tech¬ 
niques and comments 

B 

- 

25.4 , 50.8 

0.10-0.40 

1.80-6.67 

- 

4-bladed paddles 

In situ 

(light transmittance) 

B 

5.1-30.0 

15.5, 45.7 

0.5 

1-20 

— 

6-bladed turbine 

In situ (photography, 
light transmittance) 

B 

5.8-25.4 

17.8, 38.1 

0-0.2 

— 

— 

4-bladed paddle 

In situ (light 
transmittance) 

B 

5.8-25.4 

17.8, 38.1 

0-0.2 



6-bladed turbine 

In situ (light 
transmittance) 

No experiments 

B 

12.7 

29.0 

0.05 

2.6-10.5 

- 

Paddle turbine 

Sample withdrawal 

B 

5.1-15.2 

10.0-45.7 

0.001-0.005 

1.33-16.7 

- 

6-bladed turbine 

In situ (photography) 

B 

3.2-10.0 

22.2, 30.5 

0-0.015 

4.2-33.4 

- 

6-bladed turbine, modified turbine 

Sample withdrawal 
(Coulter Counter) 

B 

10 

30 

0.05-0.3 

4.2-7.5 

- 

6-bladed turbine 

In situ (photography) 

B 

3.75-40.0 

12.5-120 

0.04-0.35 

- 

- 

6-bladed turbine 

Encapsulation, sample 
withdrawal 

B 

10 

29 

0.025-0.34 

2.3-8.3 

— 

6-bladed turbine 

In situ (photography) 
sample withdrawal 
(drop encapsulation) 

B 

7.62-12.7 

24.5, 37.2 

0.079-0.593 

2.5-10.33 

" 

6-bladed turbine unbaffled vessel 

In situ (light 
transmittance) 

C 

7.62-12.7 

24.5, 37.2 

0.079-0.593 

2.5-10.33 

9.9-251 

6-bladed turbine unbaffled vessel 

In situ (light 
transmittance) 

B 

10, 5 

30 

0.05 

2.1-7.5 

- 

6-bladed turbines 

In situ (light 
transmittance) 

C 

10.0 

24.5 

0.025-0.15 

3.2-5.2 

600 

6-bladed turbines 

In situ 

(photomicrography) 


These methods for obtaining coalescence frequencies in batch systems 
have been extended to continuous-flow systems (Cl3, K13). Komasawa 
(K13) derived the appropriate model for flow systems assuming uniform 
drops present and two dispersed-phase feed streams entering the vessel, 
one with dye and the other without. The result is 

ln(7„/7 0 ) = 2 + c o_0 . ( 2(1 - <M Cl j8a \ 

ln(7 b /7 0 ) 2(1 -<Mc t fla m V 2 + o >6 ) 


(98) 
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where 7 0 , 7 a , 7b are for the average steady-state light transmittance in the 
vessel prior to the addition of dye, for the case of dispersed-phase streams 
fed separately, and for the case of premixed dispersed-phase feed 
streams, respectively, d is the residence time, </> f is the fraction of 
dispersed-phase feed streams containing dye, and c x is the dye concentra¬ 
tion in the dye-containing feed stream. 

Curl and co-workers (R15, R16, VI1) have measured coalescence fre¬ 
quencies in a continuous flow vessel by introducing two dispersed-phase 
feed streams containing different concentrations of dye. Samples removed 
from the vessel are analyzed by a specially designed photometer that 
measures the bivariate drop volume-dye concentration distribution in the 
dispersion (see Fig. 4). The appropriate equation for obtaining co in this 
case is 


c r = [1 + i(co0)]~' 


(99) 


where c r is the ratio of variance of concentration in the vessel to the 
variance of concentration in the feed streams, and 6 is the residence time 
in the vessel. The method of two dispersed-phase feed streams has also 
been used by Villermaux and Devillon (V16), where the tracer was salt. 
The bivariate drop volume-salt concentration distribution was obtained 
from withdrawn samples which were analyzed with a model developed by 
them. 

Howarth (HI6) developed another method for obtaining coalescence 
frequencies without introducing a dye or reactants which may modify the 
coalescence behavior. This method is based on the fact that the rate of 
establishment of a new steady-state mean drop size following a reduction 
in agitation intensity is related to the coalescence frequency in the vessel. 
The coalescence frequency in this case is given by 


(da S2 /dt) t=0 

(2 - 2 2,3 )(a 32 )(=o 


( 100 ) 


The course of the unsteady state was followed by light transmittance 
techniques. Similar methods based on sudden reduction in agitation inten¬ 
sity have been used by other investigators (B12, D12, M19), where the 
change of a 32 versus time was followed by either light transmittance (B12, 
D12) or photographic means (M19). This method presents the problem 
that the step change of agitation intensity may in reality not be instantan¬ 
eous. In addition, the change of drop diameter with time after a step change 
of agitation occurs is not only a result of increased coalescence rate but is 
also a function of the decreased breakage rate. 

Treybal and co-workers (M20, SI 1) calculated “minimum” coalescence 
frequencies in continuous-flow vessels by taking into account the increase 
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of drop diameter around the circulation path in the agitated vessel. In 
addition, coalescence frequencies were measured in an unbaffled vessel 
(M20). 

Groothuis and Zuiderweg (G10) measured coalescence frequencies for 
continuous-flow dispersed-phase systems by introducing two streams of 
dispersed phase feed with different densities such that if a drop of one 
stream coalesces with a drop of the other stream, the new drop will be 
heavier than the continuous phase. Coalescence frequencies were then 
estimated by measuring the change in dispersed-phase fraction heavier 
than water as it passes through the vessel. 

This method does not take into account the coalescences that occur 
between two light drops and between two heavy drops. 

2. Direct Methods 

There is little work on direct determination of coalescence frequencies 
in a turbulent dispersion. Kuboi et ai (K17) and Park and Blair (P4) have 
used high-speed cinephotography to directly observe and measure the 
drop coalescence frequencies in pipe flow and in an agitated vessel, re¬ 
spectively. The difficulty with this method is that only a few coalescences 
are observed at great expense of cine film after tedious/examination. Thus 
there is doubt regarding the statistical representation of coalescence in the 
dispersion from a small sample. 

3. Experimental Results and Obser\>ations 

Table II summarizes coalescence frequency correlations found experi¬ 
mentally by various investigators. In general, with the exception of three 
works (D12, H8, M19), all investigators found that the coalescence fre¬ 
quency increases with AT*. In addition, oj increases with <£. Mass transfer 
out of the dispersed phase seems to increase oo. It is observed also that 
aqueous dispersions in organics have much higher o than organic disper¬ 
sions in aqueous continuous phase. 


V. Mathematical Models for Mass Transfer with Reaction in Liquid-Liquid 

Dispersions 

A variety of models are employed to predict extent of reaction and 
selectivity for complex reactions which occur in liquid-liquid dispersions 
in agitated vessels. The nature of the models depends on which phases the 
reaction occurs in, the relative magnitude of the time scales of the mass 
transfer and reaction processes compared to the mixing processes, com- 
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TABLE 

Coalescence Frequency Correlations in 





cr (dynes/ 


Investigators 

Correlation 

Systems 

cm) 

Type 0 

Vanderveen (V5) 

w = A;v*(V Wf .r d (V lu ,)^ 

Organic in aqueous 

- 

B 

Madden and Damerel) (M2) 

OJ = AW* a "‘d> 0 ' 5 

Aqueous in organic 


B 

Miller (M14) 


Organic in aqueous 



Howarth (HJ5) 

a> = 2.35 x IO~ 5 </> 05 /V* 2 2 exp( -2 x 10V/V* 2 ) 




Hillestad (H8) 

&> = 2.88 x |0 

Aqueous in organic 

26.3-37.6 

B 



^ = 0.95 - 16 cp 




For 1 N w ,) < 0.343 x jO™^' 9 ^ 2 

w = 4 x jo-M^*-- 1 - s Dr T - T D^ us ^‘-“ 

For lN We ) > 0.343 x 10° " 7S< " r ] ‘ , - 5>2 

fi c = 0.652 - 13.2 cp 




1 Vr ( .)“' 7S 




Howarth (H16) 

to = AN* 1 - 9 ' 2 ^ 1 ’ 8 

Organic in aqueous 

— 

B 

Doulah and Thornton (D12) 

/ £>, \ 2,3 

(o = K(f>N* ( — ) expf-A'jprtlt) 2 ^) 

\a 32 ! 

Organic in aqueous 

- 

B 

Komasawa et al. (K12) 

w = 2 x 10- ,t W*d.*'' 7 ( J V He ) 2 -' 1 ( J V Wt .) H, - 2 ' r - 

Organic in aqueous 

3.8-46.0 

B 

Komasawa et al. (K13) 

ft) = 

Organic in aqueous 

- 

C 

Mlynek and Resnick (M19) 

0) = KN'-'Wa^* 

Organic in aqueous 

41 

B 

Shiloh et al. (S2I) 

ft> - 

Aqueous in organic 

- 

B 

Blanch and Fietcher (B12) 

w - KN* 2M 

Organic in aqueous 

- 

B 

Coulaloglou and Tavlarides (Cl3) 

w = 

Organic in aqueous 

43 

C 


" B, batch; C, continuous. 


plexity of reactions, thermal effects, and scale-up considerations. The 
models which will be considered in detail in the remaining sections are 
those which account for the dispersed-phase mixing eflFects. To place 
these models in context with all approaches, a brief discussion of models 
which do not account for dispersed-phase interactions is given. 

A. Effective Interfacial Surface Area Models 

These models represent the simplest approach to model mass transfer in 
liquid-liquid dispersions in that an effective interfacial surface area be- 
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II 

Stirred Liquid-Liquid Contactors 


D|(cm) 

£> r (cm) 

d> 

N*(rps) 

Type of 

r*(sec) Impeller 

Exptl. Techniques 
and Comments 

12.7 

25.3 

0.10-0.40 

2.57-6.45 

— 4-bladed paddles 

Addition of dye in conjunction with 
light transmittance techniques 

7.6 

14 

0.00137-0.0109 

2.5-5 

— 6-bladed turbine 

Chemical reaction method employed- 
analysis of reaction by sample 
withdrawal 

5.1 -33 

10.2-66 

0.1-0.4 


— turbine, propeller 

Addition of dye in conjunction with 
light transmittance techniques 
Madden and Damerell (M2), data 
correlated 

4.7-21.9 

14,1-43.8 

0.05-0.15 

1.5-11.3 

— 6-b!aded turbine 

Chemical reaction method em¬ 
ployed—analysis of reaction by 
light transmittance techniques 


7.6 

15.2 

0.1-0.25 

1.84-6.0 


6-bladed turbine 

Step change of rotational speed in 
conjunction with light trans¬ 
mittance techniques 

12.7 

33.0 

0.05-0.40 

4.17-4.84 


6-bladed turbine 

Step change of rotational speed in 
conjunction with light trans¬ 
mittance techniques 

5.1 

11.0 

0.05-0.40 

5.67 T 25.0 

— 

Turbine 

Addition of dye in conjunction with 
light transmittance techniques 

5.1 

11.0 

0.07-0.16 

10.0-20.4 

48-72 

6-bladed turbine 

Addition of dye in conjunction with 
light transmittance techniques 

10 

29 

0.025-0.34 

2.3-6.4 


6-bladed turbine 

Step change of rotational speed in 
conjunction with photographic 
techniques 

10 

20 

0.003 -0.04 

5.34-8.34 


6-bladed turbine 

Chemical reaction method employed- 
analysis of reaction by light trans¬ 
mittance techniques 







Step change of rotational speed in 
conjunction with light trans¬ 
mittance techniques 

10 

24.5 

0.05-0.15 

3.17-5.17 

600 

6-bladed turbine 

Addition of dye in conjunction with 
tight transmittance techniques 


tween the two liquid phases is estimated based on power input or obtained 
experimentally by methods discussed in Section IV,A. Mass transfer with 
reaction is then described using models such as the two-film, penetration, 
film-penetration, and surface renewal theories (A6, D2, N4, RIO, S25, T12). 

Various investigators have recently employed this approach (C4, C14, 
K18, M3, Mil, S20). For example, Mashkar and Sharma (M3) and 
Merchuk and Farina (Mil) studied simultaneous diffusion with various 
chemical reactions occurring in both phases. This approach dismisses 
completely the fact that the dispersed phase consists of a distribution of 
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droplet sizes which may coalesce or redisperse. Each drop may have 
different concentrations of the reacting species. No account is taken of the 
effects of the operating variables on these dispersion properties. Never¬ 
theless, this approach has found great use in design of contacting equip¬ 
ment. Scale-up of equipment from laboratory data using this approach is 
very uncertain. Significant errors in prediction of conversion and selectiv¬ 
ity can arise due to variations in drop size distribution and droplet mixing. 
These factors are not accounted for in these models. 

B. Drop Size and Residence Time Distribution Models 

A second level of model development includes the use of drop size 
distributions and residence time distributions of the droplets in the vessel. 
Notable contributions to this approach are those by Gal-Or and co- 
workers (G2, G3, G4, G5, PI, P2, RIO, T2, T3, W2) and similar ap¬ 
proaches by others (C7, D3, M21). These models assume that the number 
of drops in the vessel is constant and may have a distribution of sizes. The 
continuous phase is divided into an equal number of fluid elements as¬ 
signed to each droplet. Expressions are developed for mass transfer with 
reaction between the drop and fluid element. The average moles trans¬ 
ferred per unit volume of dispersion is obtained by integration of the flux 
over the distribution of droplet sizes for an average residence time of the 
drops in the reactor. The residence time distribution of droplets can also 
be accounted for by taking the “integral transformation” of the continuity 
equation to the dispersed phase with respect to a kernel. The kernel 
comprises the residence time and droplet size distributions. Solutions of 
the resulting transformed equations give the average mass transfer rate for 
the dispersion directly. These workers were also able to consider the more 
general problem of multicomponent mass transfer with general reversible 
reaction and coupled heat and mass transfer in dispersions (PI, T2, T3). 
Various drop size distribution functions were proposed which attempted 
to account for the operation parameters on drop distributions. These in¬ 
clude that proposed by Baynes (B11) and adapted by Gal-Or and 
Hoelscher (G2), and that proposed by Mugele and Evans (M22) and 
adapted by Olney (03) for drops. The exponential distribution was taken 
as the residence time distribution for the case of perfect mixing of the 
dispersed phase. Interactions among adjacent particles was accounted for 
through a “crowding” effect. As the holdup increases, for a given average 
droplet size, the total number of droplets increases and thus the volume of 
the continuous phase assigned to a given particle decreases. The concen¬ 
tration profiles in the continuous phase amongst particles thus change and 
accordingly mass transfer is affected. 
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This modeling approach accounts for the variation of droplet sizes on 
mass transfer, an interaction effect amongst droplets on mass transfer 
through the “crowding effect,” the residence time distribution of droplets 
in the reactor assuming the droplets are segregated entities, and the fact 
that the total mass-transfer process is a cumulative effect of single droplet 
phenomena. However, there are limitations to these models. It is signifi¬ 
cant that coalescence and breakage of droplets are not accounted for. 
These micromixing effects on conversion and selectivity cannot be incor¬ 
porated only with the residence time of the dispersed phase in the reactor. 
In fact, only a small number of droplets entering a vessel do not undergo 
breakage and coalescence. A more realistic temporal parameter might be 
the “age” for which a droplet retains its identity upon entering the vessel 
in the feed, or upon formation due to breakage of a parent droplet, or upon 
coalescence of two other droplets. These models also do not account for 
the possibility of a feed stream with a size distribution other than that 
within the reactor. The feed drops are assumed to break instantaneously 
into the distribution within the reactor. 

It becomes evident that an important class of problems cannot be ra¬ 
tionally handled by these models. 

C. Dispersed Phase Interaction Models 

There are a variety of reaction systems where dispersed phase mixing 
has significant effects on conversion and selectivity. These include: 

(a) Reactions in the drop phase with time scale of the order of coales¬ 
cence and breakage time scale. 

(b) Bimolecular reactions of intermediate rate in the dispersed phase 
with unmixed feed streams. 

(c) Reaction in the continuous phase with diffusing species from the 
drop phase where the reaction and diffusion time scales are of the same 
order as the coalescence and breakage time scale. 

(d) Bimolecular interfacial reactions where each reactant is soluble 
only in one phase (e.g., metal chelation reactions in hydrometallurgical 
processes and single-cell protein fermentation). 

(e) Complex reactions in the dispersed phase of intermediate rate. 

(f) Instantaneous bimolecular reactions in the dispersed phase with 
unmixed feeds. 

Coalescence and redispersion models applied to these reaction systems 
include population balance equations, Monte Carlo simulation techniques, 
and a combination of macromixing and micromixing concepts with Monte 
Carlo simulations. Most of the last two types of models were developed to 



238 


L. L. TAVLARIDES AND M. STAMATOUDIS 


account for the micromixing effects on conversion and selectivity for 
homogeneous reactions but can be applied to dispersions. 

The problem of applying these models to predict scale-up criteria de¬ 
pends upon obtaining parameters for the droplet mixing which relate to 
the operating conditions. For example, in a turbulently agitated vessel the 
energy dissipation can vary greatly with position in the vessel. Also, circu¬ 
lation times vary as vessel size increases although power input per unit 
volume remains constant. Therefore, the spatial homogeneity of the dis¬ 
persion as well as the local interaction rates of the droplets may vary 
significantly. If the above models do not account for these factors, they 
can only be used indirectly to determine the variation in conversion or 
selectivity one can expect for a given level of droplet mixing. The mixing 
encountered must be determined from experiments on the particular reac¬ 
tor in question for a given set of operating conditions and dispersion 
properties. On the other hand, if the dispersed-phase mixing parameters 
can be related to the operation conditions, physical properties, and varia¬ 
tions in vessel geometry, one may directly predict the effects of scale-up 
on conversion. (Albeit that we may not be able to obtain the same perfor¬ 
mance in the large-scale vessel as the laboratory vessel due to the signifi¬ 
cant energy cost to maintain the same level of turbulence and circulation 
times). 

A number of fine reviews have appeared recently which address in part 
the problems mentioned and the models employed. Rietema (R12) discus¬ 
ses segregation in liquid-liquid dispersion and its effect on chemical reac¬ 
tions. Resnick and Gal-Or (RIO) considered mass transfer and reactions in 
gas-liquid dispersions. Shah etal. (SI6) reviewed droplet mixing phenom¬ 
ena as they applied to growth processes in two liquid-phase fermentations. 
Patterson (P5) presents a review of simulating turbulent field mixers and 
reactors in which homogeneous reactions are occurring. In Sections VI, 
D-F the use of these models to predict conversion and selectivity for 
reactions which occur in dispersions is discussed. 

D. Type I Interaction Models: Population Balance Techniques 

The population balance approach is employed for the description of 
droplet dynamics in various flow fields. A significant advantage of the 
method is that a vehicle is provided to include the details of the breakage 
and coalescence processes in terms of the physical parameters and condi¬ 
tions of operation. A predictive multidimensional particle distribution 
theory is at hand which, in the case of well-defined droplet processes, can 
be employed for a priori prediction of the form and the magnitude of the 
particle size distribution. The physical parameters which affect the form 
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of the drop size distribution are contained within the integro-differential 
equation. The theory can thus be a predictive tool and permit the analysis 
of transient behavior of dispersed-phase systems. 

Conceptually, the framework of the theory permits description of in¬ 
terphase heat and mass transfer with reaction occurring in either or both 
phases. In theory one can use this approach to study the affects of partial 
mixing of the dispersed phase on extent of reaction for non-first-order 
reactions which occur in the droplets. Analyses can be made for mass- 
transfer-controlled reactions and selectivity for complex reactions. Dif¬ 
ficulties in the solution of the resulting integro-differential equations have 
restricted applications at present to partial solutions. For example, the 
effects of partial droplet mixing on extent of reaction were studied for 
uniform drops. Mass transfer from nonuniform drops for various reactor 
geometries was studied for dispersions with drop breakage only or drop 
coalescence only. 

The sections which follow outline the general multidimensional distribu¬ 
tion theory. Applications of the theory are discussed to describe droplet 
size distributions and mixing frequencies in chemically equilibrated sys¬ 
tems, the effects of droplet mixing on the extent of reaction, the analysis 
of mass transfer with and without chemical reaction, hydrocarbon fermen¬ 
tation, and emulsion polymerization. 

1. Consewation Equations in Particle Phase Space 

Hulburt and Katz (HI7) developed a framework for the analysis of 
particulate systems with the population balance equation for a mul¬ 
tivariate particle number density. This number density is defined over 
phase space which is characterized by a vector of the least number of 
independent coordinates attached to a particle distribution that allow 
complete description of the properties of the distribution. Phase space is 
composed of three external particle coordinates x e and m internal particle 
coordinates x*. The former (x el , jc e2 , x e3 ) refer to the spatial distribution of 
particles. The latter coordinate properties (x iu x i2 , . . ,x im ) give a quan¬ 
titative description of the state of an individual particle, such as its mass, 
concentration, temperature, age, etc. In the case of a homogeneous dis¬ 
persion such as in a well-mixed vessel the external coordinates are unnec¬ 
essary whereas for a nonideal stirred vessel or tubular configuration they 
may be needed. Thus n(x ; t)dx represents the number of particles per unit 
volume of dispersion at time t in the incremental range x, x + dx y where x 
represents both coordinate sets. The number density continuity equation 
in particle phase space is shown to be (HI8, R6) 

[<Mx; t)/dt ]■+ V • [xn(x; f)] = /i + (x; t) - /r(x; t) 


( 101 ) 
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where x is the coordinate velocity in phase space. For example, if 
represents the average concentration of solute in a drop, then x a repre¬ 
sents the rate of change of the average concentration in a drop of state (x; 
/). The terms /z + (x; t) dx and /z~(x; /) dx are the number of droplets which 
are produced and destroyed per unit volume of dispersion at time t in the 
incremental range x to x + dx in phase space. Equation (101) along with 
mass and energy balances, which constrain the values of the internal 
coordinates, and flow conditions, which describe influx or efflux of disper¬ 
sion from the region of interest, completely determine the formation and 
dynamics of multidimensional particle distributions. 

Other forms of the number density equation or population balance equ¬ 
ation are useful. For a spatially homogeneous dispersion, such as in a 
well-mixed vessel, with flow of dispersion and no density changes: 


dn(Xi\ t)/dt + V* [iifl(x f ; t)] = /i + (x*; t) - h (x*; t) 

- 2 Q k njV (102) 

k 

where V is the volume of the dispersion, Q k is the volumetric flow rate of 
stream* (taken positive for flow out of V), and/i*. is the number density of 
stream*. 

Often for engineering purposes the complete characterization of the 
dispersion by n(x; t) is not necessary and knowledge of average properties 
such as average size, surface area, or mass concentration is adequate for 
design purposes. It then may be expedient to reformulate the population 
balance equation in terms of the moments of the distribution. 

To illustrate the method, assume a spatially distributed dispersion 
which can be described adequately with one internal coordinate. The 
moments are characterized by 

fi a (x e , 0=jx%n(x e ,x (l , 0 dx,} (103) 

where integration extends over all values ofx 0 . For the case whenx fi is the 
droplet diameter a, ix 0 (x e , t) denotes the total number of particles per unit 
volume of dispersion at Xe and time t. Also, M 3 /M 2 is the Sauter mean 
diameter. The instantaneous local dispersed-phase holdup for spherical 
particles is given by 

dKxe, 0 = in I a^z(x e , a,0da = £ 777*3 (104) 

The mean value inx« of any function/** at x e ,x B , and t can be denoted by 
(/>*) = | P*(x e , x b , On(x e , x 0 , 0 dx t j (105) 

The moment transformation of the population balance equation for one 
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internal coordinate can be obtained by multiplying Eq. (101) by x% and 
integrating over all values ofx^: 

dfxjdt + V e • V e /x„ - a{x$-'X e {\ e , x a , t)) 

= Jx^h + (x e ,x B , t)dx l3 - Jx%h~{x e ,x B , t)dx B (106) 

(a = 0, 1, 2, . . .) 

where v e = dxjdt and X p = dxjdt. Equations (106) have the same dimen¬ 
sionality as the transport equations and can be solved simultaneously with 
the equations of conservation of mass, momentum, and energy to yield a 
complete description of dispersed-phase processes. Average properties of 
the distribution can be obtained directly from the time-space dependent 
moment. The number of moment equations needed to obtain a satisfac¬ 
tory solution is about three or four. 

2. Analysis of Drop Breakage and Coalescence in Dispersed Phase Systems 

The population balance equation is employed to describe the temporal 
and steady-state behavior of the droplet size distribution for physically 
equilibrated liquid-liquid dispersions undergoing breakage and/or coales¬ 
cence. These analyses also permit evaluation of the various proposed 
coalescence and breakage functions described in Sections III,B and C. 
When the dispersion is spatially homogeneous it becomes convenient to 
describe particle interaction on a total number basis as opposed to number 
concentration. To be consistent with the notation employed by previous 
investigators, the number concentration is replaced as n(xi;t)dxi = 
NA(x t ; t)dx u where N is the total number of particles per unit volume 
of the dispersion, and A(x<; t) dx { is the fraction of drops in increment 
x t to x { + dx ( . For spatially homogeneous dispersions such as in a well- 
mixed vessel, continuous flow of dispersions, no density changes, and 
isothermal conditions Eq. (102) becomes 

dNA(v)/dt = J v fi(v', v)v(v)g(v')NA(v /) dv ' - g(v)NA(v, t) 

+ [ \(v - v\ v')h(v - v', v')NA(v - v', t)NA(v', t) dv ' 

Jo 

- NA(v , /) \(v , v')h(v , v’)NA{v', t) dv' 

+ [QoNoAoiv, t)\/V - [ QNA(v , t)]/V (107) 

with drop volume v as the only internal coordinate x { in particle phase 
space. The first two terms on the right-hand side represent the rate of 
formation and loss of drops of volume v per unit volume of dispersion due 
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to breakage. The second two terms represent the rate of formation and 
loss of droplets of volume v due to coalescence. The last two terms ac¬ 
count for the flow of droplets into and out of the vessel. Here N 0 is the 
number feed rate of drops per volume of dispersion flowing into the ves¬ 
sel; Q 0 and Q are volumetric flow rates of dispersion into and out of the 
vessel, respectively. The dispersion is subjected to the constraint of con¬ 
stant total volume. The nature of the breakage and coalescence terms 
/3(t/, v ), v(v ), g{v')> \(v , v') 9 and h(v 9 v') is discussed in Section III. 

Valentas et al . (Vl-3) employed Eq. (107) in the form of a total number 
over droplet mass balance to describe droplet breakage and coalescence 
in two-phase liquid dispersions for a spatially homogeneous well-mixed 
vessel. This work is significant in that a detailed phenomenological de¬ 
scription of these interaction processes was described for the first time. 
The authors propose models for the coalescence and breakage kernels, 
some of which are discussed in Section III. The resulting integro- 
differential equations were solved by a numerical integration procedure. 
The steady-state case for breakage only results in a Volterra integral equa¬ 
tion. A thorough analysis was made of the effects of various forms of the 
breakage kernels on the steady size distribution. For the case of both 
coalescence and breakage the analysis included both transient and steady 
flow cases. Although the authors present an inclusive model, the collision 
rates were not related to the fluid dynamics and physical properties. The 
breakage models were related in part to the physics through the maximum 
stable drop concepts. No comparisons were made with experimental data 
to test the models. 

The importance of developing coalescence and breakage kernels based 
on physical grounds became evident for the goal of predicting liquid- 
liquid dispersion properties. Subsequent workers devoted efforts in this 
direction. 

Verhoff and Curl (VI1) developed a series of integro-differential equa¬ 
tions similar to Eq. (107) based on several different space balances in 
which the breakage and coalescence functions were combined into a 
single mixing kernel. The kernel was employed in a balance using the 
two-dimensional area of drop size and dye concentration. Singularity 
problems were encountered in the numerical inversion of the integral 
equation when applied to measured distributions. Resulting kernels ob¬ 
tained appear unreasonable and it is doubtful they have physical signifi¬ 
cance. The experimental techniques developed and the demonstrated lim¬ 
itations of this modeling procedure are among the contributions of this 
work. An important contribution was made by Ross and Curl (R15, R16). 
They adopted Eq. (107) in the total number over droplet volume balance 
for their studies of a continuous-flow vessel taken to be perfectly macro- 
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scopically mixed. The authors developed models for g(v) and k(v , v') (pre¬ 
sented in Section III). They assumed , v) is given by the beta function, 
v{v) is two, and a coalescence frequency h(v , v f ) based on dimensional 
arguments was employed. An analysis of the behavior of the drop size 
distribution predicted from the model is presented. Figure 7 shows the 
effects of power input on the steady-state size distribution for the flow 
system with breakage only and unimodel feed distribution. The important 
effect of “flow-stabilized” dispersions was delineated. The drop size dis¬ 
tributions and mixing frequencies calculated from solutions of Eqs. (107) 
and (96) were compared to experimental results to obtain values of the 
parameters of the models. The experimental techniques for measurement 
of drop size distributions and mixing frequencies are discussed in Section 
IV. Six parameters were needed since an additional two were necessary to 
account for the effects of dispersed-phase holdup on the rate processes. 
Favorable agreement was obtained between experimental and theoretical 
results and the results were compatable with those of other workers. A 
strong dependence of mixing frequency on power input was observed over 
these experimental conditions. It should be noted that the results were 
correlated over a low-power input range due to experimental limitations. 

Coulaloglou and Tavlarides (Cl 1, Cl2) presented a similar analysis for 
turbulent dispersions. The total number over droplet volume balance form 
of Eq. (107) was employed in their analysis. The models for g{v ), \(v> v') 9 



Fig. 7. Theoretical drop size distributions for breakage only for continuous-flow opera¬ 
tion with uniform feed and <f> = 0.05 [after Ross (R15)]. 
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and h(v, v') were developed from phenomenological concepts based on 
turbulence theory and are presented in Section III. Comparison of ex¬ 
perimentally determined drop size distributions and mixing frequencies 
permitted evaluation of the model parameters. Figure 8 shows such a 
comparison. Drop sizes were measured by microphotography and mixing 
frequencies by dye-light transmission techniques. Figures 9 and 10 com¬ 
pare their results for mixing frequency and average drop sizes as a func¬ 
tion of experimental conditions with those of Ross and Curl (R15) and 
other investigators. Caution is needed in such comparisons due to the 
variety of operating conditions, range of physical parameters, and effects 
of trace amounts of surfactants. However, both groups of researchers are 
in general agreement with each other and the literature. A strong depen¬ 
dence of o» v on power input is observed. In addition, Fig. 10 shows excel¬ 
lent agreement in prediction of average drop size and the effects of “flow 
stabilization” of dispersion drop size. Here the data of Mlynek and Res¬ 
nick (Ml9) show smaller drop sizes for similar conditions during batch 
operation. These techniques show promise in describing interaction pro¬ 
cesses from fundamental bases. 

Recently Stamatoudis (S32) investigated the effects of continuous phase 
viscosity on the dynamics of liquid-liquid dispersions in agitated vessels. 



Fig. 8. Theoretical size distribution and experimental histograms: impeller region 
(solid line), circulation region (dashed line), N* = 310 rpm, <t> = 0.10, a a = 0.255 mm (ex¬ 
periment) versus 0.250 mm (calculation), <u v = 0.980 min -1 (experiment) versus 1.026 min 
(calculation) [from Coulaloglou and Tavlarides (02)]. 
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Fig. 9. Comparison of coalescence frequencies with theory: (—, •) Coulaloglou and 
Tavlarides (03) (theory, experiment), <f> = 0.10; (V) Groothuis and Zuiderweg (G10), 
(f) = 0.08; (O) Ross (R15), <j> = 0.10; (□) Howarth (HI6), $ = 0.10; and (x) Miller et al. 
(M14) [after Coulaloglou and Tavlarides (C13)]. 


This work is the first to show experimentally the behavior of such systems 
and to propose phenomenological models to describe the coalescence and 
breakage processes. The system was modeled in the framework of the 
drop number over volume population balance equation. Depending on the 
viscosities of both phases, exceedingly long times are necessary to reach a 
steady state. This result may be partially attributed to the coalescence 
phenomena. Figure 11 indicates that at least 15 hours are needed to reach 
a stabilized drop size for a batch system subjected to a step change in 
power input. Other interesting results observed were that a maximum or 
minimum in drop size occurs, depending on power input, as outer fluid 
viscosity is increased. Also, as shown in Fig. 12, substantially different 
size distributions occur depending on viscosity at uniform power input. 

Ramkrishna (Rl) presented the number over droplet volume form of 
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Fig. 10. Comparison of Sauter mean diameter versus power input with theory: (—, •) 
Coulaloglou and Tavlarides (C12) (theory, experiment) (f> = 0.10, continuous system; (O) 
Ross (R15), 4> = 0.10, continuous system; and (□) Mlynek and Resnick (M19), <£ = 0.10, 
batch system [after Coulaloglou and Tavlarides (Cl2)]. 

drop population balance equation in terms of a cumulative distribution 
function to analyze drop breakage data of Madden and McCoy (M7). 
Under the model assumptions, evaluation of coefficients is possible for a 
power law model of the breakage frequency function. It should be noted 
that the data of Madden and McCoy (M7) are suspect due to the technique 
employed for drop measurements. Bajpai et al. (B2) developed a coales¬ 
cence redispersion model for drop size distributions in an agitated vessel. 



Fig. 11. Transient behavior of mineral oil dispersed in aqueous glycerol following step 
changes in impeller speeds; n c = 27.3 cp, u d = 26.4 cp, cr = 33.0 dynes/cm, <t> = 0.05, 
io = 0.21 hr"' [after Stamatoudis (S32)]. 
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Fig. 12. Drop size distributions of dispersions of mineral oil in aqueous glycerol at 
various continuous-phase viscosities; N* = 300 rpm, <f> = 0.05, o- = 31.0-35.7 dynes/cm, 
pL d = 26.4-26.7 cp, (A) fx c = 3.5 cp, (□) = 27.3 cp, and (O) fi c = 53.8 cp [after 

Stamatoudis (S32)]. 

The model assumes that drop coalescence is followed by immediate redis¬ 
persion into two drops sized according to a uniform distribution. By as¬ 
suming that the coalescence frequency is independent of drop size, the 
solution of the resulting form of Eq. (107) is exponential for the equilib¬ 
rium drop volume distribution. Comparison of the distribution to experi¬ 
mental data is favorable. The analysis is useful in that a functional form 
for the distribution is obtained. The attendant simplifications necessary 
for solution, however, do not permit more rational forms of the interaction 
frequency of droplet pairs in order to account for the physical processes 
which lead to droplet coalescence and breakage as discussed in Section 
III. A similar work was presented by Inone et ai (II). 

Delichatsios and Probstein (D4-7) have analyzed the processes of drop 
breakup and coagulation/coalescence in isotropic turbulent dispersions. 
Models were developed for breakup and coalescence rates based on tur¬ 
bulence theory as discussed in Section III and were formulated in terms of 
Eq. (107). They applied these results in an attempt to show that the 
increase of drop sizes with holdup fraction in agitated dispersions cannot 
be attributed entirely to turbulence dampening caused by the dispersed 
phase. These conclusions are determined after an approximate analysis of 
the population balance equation, assuming the size distribution is approx¬ 
imately Gaussian. 
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Although it is recognized that the flow field in a turbulently agitated 
vessel is far from homogeneous, the aforementioned researchers assumed 
that spatial homogeneity of dispersion properties was adequate for model¬ 
ing purposes. Depending on the liquid-liquid system under investigation, 
this assumption is reasonable if the circulation time is short relative to the 
coalescence time scale. Various investigators reported local variation of 
interfacial areas and drop sizes (M19, P4, SI 1, S29, V12, W3). Sprow 
(S29) has shown that for strongly coalescing systems, such as methyl 
isobutyl ketone (MIBK)-saltwater, the drop sizes are strongly dependent 
on the sampling position, being smaller near the impeller tip and larger at 
the bottom and top of the mixing tank. Results indicate that drop breakup 
predominates near the impeller, whereas coalescence can be controlling in 
other locations. These observations are reasonable when one recalls the 
nonhomogeneous energy dissipation throughout a turbulently agitated ves¬ 
sel (see Section II) and the importance of e on the droplet interaction 
processes (see Section III). The work of Park and Blair (P4) is similar. 
Here droplets were observed in various vessel regions via a fiber optic 
probe coupled to high-speed cinephotography. The authors measured 
coalescence rates at various positions in the vessel directly for the 
MIBK-water system and concurred with the results of Sprow (S29). The 
variation in drop size distribution with position was modeled with the 
spatial dependent form of the population balance equation (107), where a 
one-dimensional circulation path model was employed. 

It is evident from these discussions that population balance equations 
are important in the description of dispersed-phase systems. However, 
they are still of limited use because of difficulties in obtaining solutions. In 
addition to the numerical approaches, solution of the scalar problem has 
been via the generation of moment equations directly from the population 
balance equation (H2, H17, R6, S23, S24). This approach has limitations. 
Ramkrishna and co-workers (H2, R2, R6) presented solutions of the 
population balance equation using the method of weighted residuals. 
Trial functions used were problem-specific polynomials generated by the 
Gram-Schmidt orthogonalization process. Their approach shows promise 
for future applications. 

It is encouraging that substantial progress has been made in analyzing 
the hydrodynamics of droplet interactions in dispersions from fundamen¬ 
tal considerations. Effects of flow field, viscosity, holdup fraction, and 
interfacial surface tension are somewhat delineated. With appropriate 
models of coalescence and breakage functions coupled with the drop pop¬ 
ulation balance equations, ‘a priori prediction of dynamics and steady 
behavior of liquid-liquid dispersions should be possible. Presently, one 
universal model is not available. The droplet interaction processes (and 
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thus the models) change with the particular hydrodynamic environment 
and physical properties. Effects of other important factors on dispersion 
properties such as interphase mass transfer, temperature, and surfactants 
are not adequately understood. 

3. Analysis of Mass Transfer or Reaction in Dispersions with the Population 
Balance Equation 

It was alluded to previously that droplet size distribution and droplet 
mixing can have significant effects on the extent of extraction and reac¬ 
tion. Consider first completely segregated drops with mass transfer out of 
the drops. If the drops were completely uniform they would be depleted of 
the extractant simultaneously. However, for nonuniform distribution the 
large drops would take a longer time to deplete than small drops due to 
their lower ratio of surface area to volume (assume that the mass-transfer 
mechanism is approximately the same for all sizes). Thus total extraction 
time is increased. The nature of the size distribution is important in de¬ 
termining total extraction time. Obviously, coalescence and redispersion 
reduce this time. If chemical reactions are occurring in the drops, then it is 
well known for non-first-order reaction that the droplet mixing processes 
affect the extent of reaction. Greater extent is realized for less than first 
order with increase in mixing. The reverse holds for greater than first 
order. In addition, selectivity is affected by mixing for complex reactions. 
An excellent summary of efforts to analyze dispersed-phase mixing up 
until 1964 is given by Rietema (RI2). Recent attempts to account in part 
for dispersed-phase mixing and dispersed-phase size distributions using 
the population balance equation techniques are discussed below. 

A simplified homogeneous dispersed-phase mixing model was proposed 
by Curl (C16). Uniform drops are assumed, coalescence occurs at random 
and redispersion occurs immediately to yield equal-size drops of the same 
concentration, and the dispersion is assumed to be homogeneous. Irrevers¬ 
ible reaction of general orders was assumed to occur in the drops. The 
population balance equations of total number over species concentration 
in the drop were derived for the discrete and continuous cases for a 
continuous-flow well-mixed vessel. The population balance equation 
could be obtained from Eq. (102) by taking the internal coordinate to be 
drop concentration and writing the population balance equation in terms 
of number to yield 

(w r ) _1 [drt(c)/0r] 

= n 0 {c) - n(c) + I* ^4 n(c + a)n(c - a) da - n(c ) 

+ Jf r {d[csn(c)]/dc} 


(108) 
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Where K r is the reaction modulus, k'/(o) T c 0 )\ co T is the residence frequency; 
/* is the dispersed-phase mixing modulus a>i/a> r ; coj is the dispersed-phase 
mixing frequency; and n(c) dc is the fraction of drops of concentration in 
the range c to c + dc. 

Figure 13 shows the efiFect of dispersed-phase mixing on the conversion 
for a zero-order reaction in drops (which approximates diffusion- 
controlled reactions). It is seen that at 80% conversion, mixing of the 
dispersed phase reduces the reaction volume required by nearly a factor 
of three. Shain (SI8) extended the work with a more efficient computation 
algorithm. He studied drop interactions on a second-order dimerization 
reaction and selectivity for two competing parallel reactions occurring in 
the dispersed phase. Figure 14 shows conversion for the second-order 
reaction as affected by the reaction modulus and interaction frequency. 
These results indicate that for high levels of conversion, if one assumes 
completely mixed dispersed phase, the reactor may be overdesigned by a 
factor of 2-4 times larger at 80-90% conversion levels. 

Hulbert and Akiyama (HI8) analyzed the population balance equation 
to determine coalescence and redispersion effects on extent of conversion, 
deriving a set of equations for the moments of the distribution. The results 
agreed with those of Shain (SI8). The authors claim the moment method 
reduces computation effort although there is a loss of information on the 
distribution. 



01 0 2 04 08 1 2 4 6 8 10 

K-RE4CTDN MODULUS J<_ 


Fig. 13. Effect of dispersed-phase mixing on the conversion for a zero-order reaction in 
the drops in a single-stage, two-phase, stirred reactor [after Curl (06)]. 
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Fig. 14. Effect of dispersed-phase mixing on selectivity for competing reaction paths 
(A —> B first order, 2A —> C second order) in the drops in a single-stage, two-phase, stirred 
reactor [after Shain (SI8)]. 

Evangelista, Katz, and Shinnar (E4) applied the mixing model proposed 
by Curl (Cl6) to develop scale-up criteria for stirred tank reactors in 
which homogeneous fluids undergo reaction. The effects of finite mixing 
on complex chemical reactions are computed. Turbulence theory is 
applied to estimate values of the mixing parameters. The model is gener¬ 
alized to include multiple reactions and methods are derived to compute 
average outlet concentrations for complex systems. A method of moment 
is employed with the restriction that the rate expressions are polynomials. 

Ming-heng et al. (M15) employ a model for liquid-liquid dispersions 
similar to those mentioned previously. They analyzed droplet mixing on 
conversion for a second-order reaction occurring in the dispersed phase. 
The solution was obtained using the method of moment equations. 

Valentas and Amundson (V3) studied the performance of continuous flow 
dispersed phase reactors as affected by droplet breakage processes and 
size distribution of the droplets. Various reaction cases with and without 
mass transfer were studied for both completely mixed or completely 
segregated dispersed phase. Droplet size distribution is shown to have a 
considerable effect on the efficiency of a segregated reaction system. They 
indicated that polydispersed drop populations require a larger reactor 
volume to obtain the same conversion as a monodispersed system for 
zero-order (or mass-transfer-controlled) reactions in higher conversion 
regions. As the dispersed phase becomes completely mixed, the distribu¬ 
tion of droplet sizes becomes less important. These interactions are un- 
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derscored in this work. However, the work was limited to breakage only 
and only the extremes of droplet mixing were analyzed. 

Other researchers have attempted to account for mass transfer in 
polydispersed systems. Baynes and Laurence (BIO) present an analysis of 
mass transfer between two liquid phases for the case of a homogeneous, 
batch-stirred tank with coalescence and breakup. A laminar-flow spray 
column in which droplets undergo coalescence only was also examined. 
Equation (101) was developed for the internal coordinates of drop mass, 
solute, and age. The resulting expression was cast in terms of moment 
generating functions. After simplifications, solutions were presented com¬ 
paring solute concentrations in the dispersed phase with and without drop¬ 
let interactions. Shah and Ramkrishna (R4, S17) present an analysis of 
mass transfer in lean liquid-liquid dispersions undergoing breakage only. 
These authors employ the spatially homogeneous population balance equa¬ 
tion (102) in terms of the trivariate droplet number concentration over 
droplet size, mean solute concentration, and age. Mass transfer in single 
drops is assumed to be by diffusion, and droplet breakage is assumed to be 
binary and even. Conditional concentration densities were calculated for 
various values of hold times and several breakage frequency functions, 
g(a). The results indicate, as shown by others, that the dynamics of drop¬ 
let breakage phenomena play an important role in the analysis of mass 
transfer in dispersions. 

It should be pointed out that in the above work one has the problem of 
defining the average concentration and the rate of change of the average 
concentration of the solute in the drop. To this end one must solve the 
conservation of mass equation for the drop for the initial and boundary 
conditions to which each drop is exposed. The aforementioned workers 
(BIO, S7, S17) considered the case of unsteady diffusion. One can see the 
possibilities of extending the analysis of mass transfer to account for 
different modes of mass transfer depending on droplet size. For large 
droplets, one can employ various models to account for convective effects 
due to internal circulation within drops. Thus the mass-transfer mecha¬ 
nism can be more accurately described over the various drop size ranges. 
In theory this approach is all-inclusive. In practice, however, significant 
computational difficulties can develop when the conservation equations do 
not have an analytical solution. 

An example of the use of the population balance method to predict 
reaction in particulate systems is presented in the work of Min and Ray 
(M16, M17). The authors developed a computational algorithm for a batch 
emulsion polymerization reactor. The model combines general balances, 
individual particle balances, and particle size distribution balances. The 
individual particle balances were formulated using the population balance 
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equation based on Eq. (102) with attendant simplifications. Various emul¬ 
sion properties could be predicted such as total particle size distribution, 
free radical distribution, monomer and initiator concentrations and con¬ 
version. Application of the model to experimental data appears favorable. 
The authors indicate that computational times were not excessive. Popu¬ 
lation balance techniques have also found great applications to crystalliza¬ 
tion modeling (R5, R6). 

The work discussed in this section clearly delineates the role of droplet 
size distribution and coalescence and breakage phenomena in mass trans¬ 
fer with reaction. The population balance equations are shown to be appli¬ 
cable to these problems. However, as the models attempt to be more 
inclusive, meaningful solutions through these formulations become more 
elusive. For example, no work exists employing the population balance 
equations which accounts for the simultaneous affects of coalescence and 
breakage and size distribution on solute depletion in the dispersed phase 
when mass transfer accompanied by second-order reaction occurs in a 
continuous-flow vessel. Nevertheless, the population balance equation 
approach provides a rational framework to permit analysis of the impor¬ 
tance of these individual phenomena. 

It is observed, even in the partial solution to the problem, that realistic 
models of the droplet coalescence and breakage processes as discussed in 
Section V,D,2 have yet to be employed. A parallel development has oc¬ 
curred. The work is currently at the point where the realistic model of the 
droplet dynamics can be applied to the pertinent problems of extent of 
reaction and solute depletion in dispersions. The success of this effort 
would permit the researcher and designer to predict dispersed-phase reac¬ 
tor performance from fundamental properties of the dispersion, operation 
conditions of the vessel, and knowledge of the intrinsic kinetics. 

E. Type II Interaction Models: Monte Carlo 
Simulation Models 

The deterministic population balance equations governing the descrip¬ 
tion of mass transfer with reaction in liquid-liquid dispersions present a 
framework for analysis. However, significant difficulties exist in obtaining 
solutions for realistic problems. No analytical solutions are available 
for even the simplest cases of interest. Extension of the solution to multi¬ 
ple reactants for uniform drops is possible using a method of moments but 
the solution is limited to rate equations which are polynomials (E3). Solu¬ 
tions to the population balance equations for spatially nonhomogeneous 
dispersions were only treated for nonreacting dispersions (P4), and only a 
simple case was solved for a spray column (B19). Treatment of unmixed 
feeds presents a problem. 
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Statistical Monte Carlo coalescence redispersion models were devel¬ 
oped to bypass the aforementioned difficulties. These statistical models 
attempt to account for the macromixing and micromixing phenomena. 
Generally a large number of drops or fluid elements are specified in a 
reactor, drops are added and removed to simulate macroflow patterns 
either in a random or prescribed fashion. More detailed models have 
particles follow the flow field. Micromixing of the dispersed phase is 
typically simulated by choosing two particles at random from the entire 
population or from a local population. These particles then coalesce, 
whereupon their intensive properties are assumed to be averaged instan¬ 
taneously. The resulting drop may be immediately redispersed, yielding 
two particles. Separate coalescence and breakage regions may be used. 
An interaction or coalescence frequency parameter is employed which is 
assumed to be related to physical parameters and operation conditions. 
This interaction parameter is a key parameter of these models. Between 
the coalescence-redispersion and flow steps each drop is assumed to be¬ 
have as a segregated drop in which reaction occurs with or without mass 
transfer to the surrounding fluid. Energy exchange can also be included. 
Average concentrations, conversions, and temperatures of the dispersed 
and continuous phases can be calculated at any time during the simulation 
for the entire vessel or the exit stream by summing over all particles and 
taking mass and energy balances. 

Spielman and Levenspiel (S28) first applied such a model to study ef¬ 
fects of coalescence and redispersion on the progress of zero- and 
second-order reactions which occur in the dispersed phase. The model of 
the coalescence-redispersion process defined by Curl (C16) was used. The 
dispersed phase consists of a large number of equally sized drops, drops 
coalesce two at a time and redisperse instantly to form two identical 
droplets, droplets coalesce at a constant rate with equal probability of 
coalescence for each drop, concentration is uniform through each droplet, 
and the continuous phase is homogeneous and chemically inert. Flow is 
simulated by removing droplets and replacing them in the grid with fresh 
feed droplets. The authors define a dimensionless interaction parameter/' 
such that each drop coalesces /' times during its stay in the reactor. Here 

/' = 2 u*6/N t 

where w* is the number of coalescences occurring in the reactor per unit 
time, N T is the total number of drops in the reactor, and 0 is the mean 
residence time in the reactor. Performance charts were prepared. The 
model presents a simplified concept of the mixing processes and gives 
ranges of the extent of conversion expected for a given level of droplet 
mixing. However, the interaction parameter was not related to the operat¬ 
ing conditions and physical properties. 
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Komasawa et al. (K14) employed the model of Spielman and 
Levenspiel (S28) to measure interaction rates by comparing the reaction 
conversions measured with those calculated. The result agreed within 
experimental error with those values measured by a physical method. 

Luss and Amundson (LI 3) employed this model to analyze reactor 
stability and control for segregated two-phase systems. The Monte Carlo 
simulation was employed to model the age distribution of segregated 
drops in the vessel. Conditions of operation under which heat-transfer 
effects may control the design of the reactor were given. It was shown that 
some steady states may be obtained in which the temperature of some 
drops greatly exceeds the average dispersed-phase temperature. The 
coalescence-redispersion problem was not considered here because of 
unreasonable computation times. 

Kattan and Adler (K3) presented a stochastic mixing model for homo¬ 
geneous turbulent tubular reactors. The model was developed for reac¬ 
tions in a homogeneous phase and is based on random coalescence and 
redispersion of uniformly sized fluid lumps. It has direct applicability to 
dispersions. The authors define a mixing parameter rj(z) which is a func¬ 
tion of reactor length. The parameter r)(z) can be estimated from the 
reaction data of Vassilatos and Toor (V8). Rao and Dunn (R8) extended 
these concepts to simulate mixing and segregation effects on extent of 
reaction in a tubular chemical reactor. The model includes axial disper¬ 
sion on the plug-flow mean velocity in addition to the micromixing details, 
which are determined by the local coalescence-redispersion of droplets. 
These models (K3, R8) are similar to those of Curl (C16) and Spielman 
and Levenspiel (S28). Coalescence-redispersion of a droplet is limited to 
those adjacent in radial or axial positions. An interaction parameter, con¬ 
stant over the reactor length, similar to that of Spielman and Levenspiel 
(S28) was defined. The authors left unanswered the question of how to 
select the model parameters from information on the physical turbulent 
mixing process. 

Zeitlin and Tavlarides (Z2-5) developed a simulation model which at¬ 
tempts to account for the macroflow patterns of the dispersed phase in a 
turbine-agitated vessel, the droplet mixing via breakage or coalescence, 
and nonuniform drop size on mass transfer or reaction in dispersions. 

Batch, semibatch, or continuous-flow operation can be simulated. The 
continuous phase is assumed well mixed. Particle movement was either 
random or followed the flow direction of the sum of the local average fluid 
velocity and the particle gross terminal velocity. The probability of drop¬ 
let breakup is assigned based on droplet size. Binary breakage was as¬ 
sumed to form two randomly sized particles whose masses equal the 
parent drop. The probability of coalescence exists when two drops enter 
the same grid location. Particles are added and removed to simulate flow. 



256 


L. L. TAVLARIDES AND M. STAMATOUDIS 


The drops behave as segregated entities between flow and coalescence- 
redispersion simulation. The coalescence and breakage frequencies can be 
varied with vessel position. The computational time was related to coales¬ 
cence frequency data available in the literature. Figure 15 shows the 
steady-state dimensionless droplet number size distribution as a function 
of rotational speed for continuous-flow operation. As expected the model 
predicts smaller droplet sizes and less variation of the size distribution 
with increase in rotational speed. Figure 16 is a comparison of the droplet 
number size distribution with drop size data of Schindler and Treybal 
(Sll). 

The model can be employed to predict the effects of droplet size dis¬ 
tribution and droplet coalescence-redispersion on conversion and selectiv¬ 
ity for reacting dispersions. The reactions can occur in either phase simul¬ 
taneously with interphase heat and mass transfer. 

The utility of the model to predict the effects of interdroplet mixing on 
extent of reaction was demonstrated for the case of a solute diffusing from 
the dispersed phase and undergoing second-order reaction in the continu¬ 
ous phase. For this comparison the normalized volumetric dispersed- 
phase concentration distribution is defined as f v (y) dy equal to the fraction 
of the total volume of the dispersed phase with dimensionless concentra¬ 
tion in the range y to y + dy, where y = c/c 0 and 


f'fv(y) dy = 1 
J 0 


(109) 



Fig. 15. Steady-state number size distribution versus rpm from Monte Carlo simulation, 
batch system, ethyl acetate (d)-water (c), <f> — 0.041 [after Zeitlin and Tavlarides (Z2)]. 
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Figure 17 compares the dispersed-phase concentration frequency function 
for dispersed phase of complete segregation, intermediate mixing, and 
pseudo-complete mixing. Multiple peaks for the frequency function exist for 
segregated systems due to slow depletion of extractant from large drops in 
the system. The model permits the incorporation of both size distribution 
and droplet mixing effects on calculations of conversions. In addition, the 
simulation permits calculation of reaction time and agitation necessary to 
insure that all drops have reached a certain concentration range. The 
model was also employed to follow temperature rises in drops (Zl) from 
which solute is extracted and undergoes second-order reaction in a 
continuous-phase film surrounding the drop. The energy was distributed 
between the phases. The results show that significant temperature rises of 
some drops are possible over the average dispersed-phase temperature 
depending upon droplet size and coalescence frequency. These are consis¬ 
tent with other investigators (L13, Y2). 

The simulation technique was employed to model hydrocarbon fermen¬ 
tation (S33). The effect of hydrocarbon drop size distribution and droplet 
interaction on microbial growth rate for pure and two-component feed 
were delineated. 

Jakubowski and Sideman (Jl) extended the model of Zeitlin and Tav- 



Fig. 16. Comparison of number size distribution from Monte Carlo simulation with data 
of Schindler and Treybal (SI 1), ethyl acetate (d)-water (c), continuous-flow, stirred vessel, 
<f> = 0.041, N* = 325 rpm, a 32 = 0.313 mm (experiment) versus 0.305 (simulation) [after 
Zeitlin and Tavlarides (Z2)]. 
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Fig. 17. Comparison of volumetric dispersed-phase concentration distribution for various 
levels of droplet mixing for second-order reaction in the continuous phase, <£ = 0.006 [after 
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larides (Z2-5) for the analysis of the hydrodynamics of two- and three- 
phase agitated systems. The extension of the model to three-phase, 
liquid-liquid-solid systems enables the hydrodynamics of crystallization 
in dispersions to be described, while accounting for the kinetics of nuclea- 
tion and crystal growth. 

These simulation methods appear to offer substantial advantages for 
describing reactions in dispersions over models involving solution of the 
population balance equations or macro- and micromixing concepts. With 
simulation models, complex multicomponent reactions can be followed. 
Effects of droplet coalescence and redispersion for nonuniform drops on 
transport processes can be accounted for, and effects of unmixed feeds on 
conversion and selectivity for complex reactions present no problem. 
Use of the models to predict scale-up of stirred vessels is not yet possible 
until the macroflow patterns and the local turbulence energy dissipation 
can be estimated from vessel geometry, operation conditions, and physi¬ 
cal properties. Local coalescence and breakage frequencies can then be 
calculated from available models (C12, D4, D5, R16, S32). These models 
have yet to incorporate effects of nonideal mixing in the continuous phase. 

F. Type III Interaction Models: Use of Macromixing and 
Micromixing Concepts 

There are various models developed to account for effects of droplet 
coalescence and redispersion on conversion and selectivity in reacting 
dispersions which directly employ the macromixing and micromixing 
concepts of Danckwerts (D2) and Zweitering (Z6). These workers de¬ 
scribed the extreme conditions of complete segregation and maximum 
mixing for chemical reactors having arbitrary residence time distributions. 
Considerable attention was devoted to characterizing the intermediate 
states of mixing and their relation to chemical conversion. One inherent 
difficulty of these micromixing studies is relating any particular model 
parameter to the flow patterns existing in the reactor vessel of interest. 
This approach, accordingly, has more application to establish whether 
micromixing is of importance in determining the outcome of various reac¬ 
tion types as opposed to describing an actual reactor. In this section 
various coalescence-redispersion models based on the aforementioned 
concepts are discussed. 

Harada and co-workers (Hi) developed two coalescence-redispersion 
models to describe micromixing in a continuous-flow reactor. In the first 
model, the incoming dispersed-phase fluid is assumed to consist of uni¬ 
formly sized droplets. These droplets undergo 0 to n coalescences and 
redispersions with surrounding droplets of a constant average concentra- 
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tion. The fraction of the droplets in the exit which have encountered a 
fixed number of coalescences and redispersions are related to the resi¬ 
dence time frequency function. A concentration is prescribed for each one 
of these fractions based on the reaction kinetics. Integration over all frac¬ 
tions yields the average concentration of the effluent. The model in the 
limits agrees with expected results for simple reaction schemes. How¬ 
ever, the model assumptions are less realistic than those developed by 
Curl (C16) with population balance techniques or Spielman and 
Levenspiel (S28) with simulation methods. 

The second model (HI) is less involved. It has received some use (Y2) 
because of its simplicity. A representative drop of the dispersed phase is 
assumed to interact with an ensemble of other drops at a certain frequency 
defined by an interaction coefficient. The equation governing the temporal 
variation of concentration in the drop is given by 

- dc(t)/dt = ric, t) + (2t*)-'[c(t) - c 0 ] (110) 

where r(c, t ) is the rate of reaction, t* is the average time interval between 
interactions, and c 0 is the average concentration in all drops in the reactor, 
where c 0 for a perfectly mixed continuous reactor is the mean value over all 
ages. The average concentration of reactant in the dispersed phase flowing 
out of the perfect macromixed reactor is evaluated by integrating the solu¬ 
tion of Eq. (110) over the residence frequency function of the drops in the 
vessel. Experiments were conducted and indicated that the model could pre¬ 
dict mixing effects on conversion. This model was employed by Yamazaki 
and Ichikawa (Y2) to model the effect of coalescence and redispersion on the 
stability of the temperature control in chemical reactors in which liquid- 
liquid dispersions are reacting. Villermaux and co-workers (A7, V12) also 
employed this model. They defined a fictitious transfer coefficient h , equal 
to i/?. This parameter was related to the intensity of interaction as pro¬ 
posed by Curl (C16) and Spielman and Levenspiel (S28) for dispersed 
phases and other workers (E4, K4, T10) for continuous phases. The 
simplicity of the model permitted application to a variety of cases for 
reactions in liquid-liquid dispersions. The model was also applied to pre¬ 
dict incomplete mixing for homogeneous systems (A7). 

Erickson et al. (E3) developed a model for batch growth in fermenta¬ 
tions with two liquid phases present in which the growth-limiting substrate 
is dissolved in the dispersed phase. The model accounts for drop size 
distribution and considers the effect of droplet coalescence and redisper¬ 
sion by an interaction model similar to that of Eq. (110). Droplet interac¬ 
tions were shown to be important if drop size distributions have large 
variance. 

A conceptual framework for describing mixing in continuous-flow 
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chemical reactors was developed by Kattan and Adler (K4) and adapted 
by Treleaven and Tobgy (T10) to model unmixed feeds whose residence 
time distributions differ. The conceptual framework (Fig. 18) orders the 
fluid within the reactor according to the residual lifetime as suggested by 
Zwietering (Z6). The two feed streams are each represented by a large 
number of equally sized elements and are assigned residual lifetimes in 
accordance with theoretically or experimentally determined residence 
time functions /i(/) and f 2 (t). The reactors fluid is also divided into a large 
number of uniform fluid elements. Elements within the reactor have a 
residual lifetime associated with it. The residual lifetime distribution of the 
elements in the reactor, according to Treleaven and Tobgy, are formed 
from the residual time function of two feed streams so that 

iK\) = [v,/(Vj + V 2 )]«M\) + [VV(V. + v 2 )]«mx) 

where 

to = (0j)-‘[l - f K m dt'l, 7= 1,2 

J 0 

and where 0 } is the average residence time of the stream j and Vj is the 
reactor volume due to flow from stream j. Macromixing is accounted for 



Fig. 18. Diagrammatic representation of stochastic flow simulation (horizontal arrows 
across center line represent micromixing only) [after Treleaven and Tobgy (T10)]. 
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by grouping fluid elements of the same residual lifetime from each feed 
stream with reactor fluid elements of the same residual lifetimes. The 
number of fluid elements of a given residual lifetime is maintained con¬ 
stant by removing an equal number as those which enter a residual 
lifetime increment. Micromixing is accomplished by prescribing coales¬ 
cence and redispersion between pairs of fluid elements which have the 
same residual lifetime. This operation averages the intensive variables of 
the pair of elements instantaneously. Between collisions fluid elements act 
as segregated fluid elements in which the chemical species change accord¬ 
ing to the controlling kinetic expressions. Kattan and Adler developed a 
deterministic formulation of the model which was shown to be a general 
case of Curl’s single continuous flow stirred tank model. Both workers 
conducted calculations to quantify micromixing phenomena on conversion 
employing a Monte Carlo formulation of the conceptual model. Treleaven 
and Tobgy (Til) measured chemical conversions for a confined jet reac¬ 
tor, for which residence time data have previously been determined. The 
previously described model was employed to correlate the experiments. 
The authors suggest that the model may be adaptable to design and opera¬ 
tion of industrial reactors. 


VI. Conclusions 

From fundamental considerations substantial progress has been made in 
analyzing the hydrodynamics of droplet interactions in dispersions. Ef¬ 
fects of flow field, viscosity, holdup fraction, and interfacial surface ten¬ 
sion are somewhat delineated. Use of population balance equations with 
appropriate coalescence and breakage rate functions can permit ‘a priori ' 
prediction of dynamic and steady-state behavior of physically equilibrated 
liquid-liquid dispersions. Results are confined to particular ranges of 
operating conditions and physical parameters. Conversely, it is seen that 
population balance equations present the better modeling approach for 
extracting information about the coalescence and breakage processes. 
Further research is needed to account for the effects of mass transfer, high 
holdup fraction (>20%), and surfactants on droplet coalescence and 
breakage rates. Experimental data on drop size distributions and coales¬ 
cence frequencies would be valuable for high-viscosity continuous and 
dispersed phases over various operation conditions and impeller designs. 
Limited data exist for size distributions and mixing frequencies for the 
case of aqueous drops dispersed in organics. Models for predicting behav¬ 
ior of these systems are not tested. Similarly, limited data exist for liquid- 
liquid systems with large density differences. 



LIQUID-LIQUID DISPERSIONS 


263 


Various models were discussed to account for dispersed phase mixing 
on conversion and selectivity for mass transfer with complex reactions 
occurring in liquid-liquid dispersions. The researcher must determine 
what level of sophistication of the modeling is needed. Presently there are 
few guidelines which clearly delineate the range of operation conditions 
wherein dispersed-phase mixing processes may be important on conver¬ 
sion and selectivity. The deterministic population balance equations pre¬ 
sent significant difficulties in obtaining solutions for realistic problems. 
Simulation methods appear to offer substantial advantages. However, use 
of the simulation models to predict scale-up of stirred vessels is not possi¬ 
ble until macroflow patterns and the local turbulence energy dissipation 
can be correlated with vessel geometry, operating conditions, and physi¬ 
cal properties. Then local coalescence and breakage frequencies could be 
calculated from available models. In addition, there is need to incorporate 
effects of nonideal mixing in the continuous phase. Extensions of the 
simulation models to account for and to delineate the importance of this 
nonideal mixing effect on reacting liquid-liquid dispersions appears possi¬ 
ble and needed. 


Nomenclature 


a, a' 

Drop diameter 

Cl 

Dye concentration in the dye- 

a c 

Characteristic diameter re¬ 


containing feed stream 


lated to the maximum of a 

ct 

Solubility of A in the con¬ 


distribution function 


tinuous phase 

a* 

Effective interfacial area per 

A 

Impeller diameter 


unit volume of dispersion 

A 

Vessel diameter 

fl max 

Maximum drop diameter 

E a 

Adhesion energy, Eq. (20) 

Amin 

Minimum drop diameter 

E c 

Minimum surface energy, 


Surface to size average drop 


Eq. (36) 


diameter 

E{k) 

Three-dimensional energy 

«32 

Sauter mean diameter, Eq. 


spectrum function 


(89) 

E s 

Shear energy 

A(a')da' 

Fraction of drops with diam¬ 

Et 

Kinetic turbulent energy, 


eters between a ' and 


Eq. (30) 


a ' + da ' 

f(ho, h c ) 

Defined by Eq. (70) 

A(h 0 ) 

Constant, Eq. (20) 

fit) 

Residence time distribution 

AB 

Initial separation distance 


function 

A'B'(t) 

Separation distance of lumps 

f(y)dy 

Fraction of total dispersed- 


of fluids, Eq. (39) 


phase volume with dimen¬ 

Ci 

Constants 


sionless concentration in 

Co 

Concentration of feed drop¬ 


the range y, y + dy, Eq. 


lets 


(109) 

Co 

Average concentration over 

F 

Adhesion force, Eq. (23) 


all drops 

F(a, a’) 


C r 

Ratio of variance, Eq. (99) 

da da' 

Drop coalescence rate 
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g(a') Breakage frequency of drop 
of size a' 

g c Newton’s law-conversion 
factor 

G Shear rate 
G eff Effective shear rate 
h Fictitious transfer coefficient 
h(a , a ') Collision frequency between 
drops of sizes a and a' for 
a binary collision process 
based on number concen¬ 
tration 

h + {x;t)dx Number of droplets pro¬ 
duced per unit volume of 
dispersion per unit time at 
time t in the incremental 
range x, x + dx in phase 
space 

h~(x;t)dx Number of droplets de¬ 
stroyed per unit volume 
of dispersion per unit time 
at time i in the incremental 
range x, x + dx in phase 
space 

/ Amount of light transmitted 
/* Dispersed-phase mixing 
modulus, oj ( /(o r 

r Dimensionless interaction 
parameter 

1 0 Amount of incident light 
Jo. J a . 4 Average steady-state light 
transmittance for coales¬ 
cence frequency tests in 
Eq. (98) 

/(0), /(f), 

/(») Light transmittance values 
for times 0, /, and », re¬ 
spectively 
k Wave number 
k' Reaction rate constant 
k d Kolmogoroff wave number 
k e Wave number associated 
with the size of energy- 
containing eddies 
K ( Constants 

K l Continuous-phase mass- 
transfer coefficient 
K ' Constant, Eq. (12) 

K " Rate constant for drop de¬ 


composition process, Eq. 

(27) 

K* Equilibrium constant, Eq. 

(28) 

K t Reaction modulus, Eq. (108) 

/ Length of optical path 
/ e Linear scale of energy- 
containing eddies 
N Total number of drops pres¬ 
ent per unit volume of 
dispersion 

/V T Total number of drops in the 
reactor 

«(x; t)dx Number of particles per unit 
volume of dispersion at 
time t in incremental range 
x, x + dx in phase space 
N* Rotational speed of impeller 
P* General function, Eq. (105) 

P Impeller power 
P(E) Distribution function for 
kinetic energy, Eq. (37) 
P{u) Probability distribution func¬ 
tion for local velocity, Eq. 
(44) 

P(u, u ) Joint probability distribution 
function of the local veloc¬ 
ity and acceleration, Eq. 
(44) 

P(u/u b ) Conditional probability of 
local acceleration when 
the corresponding velocity 
difference is u b 

Q k Volumetric flow rate of 
stream k 

r Distance coordinate 
r{a')da' Number of drops of diameter 
between a ' and a ' + da' 
breaking per unit volume 
of dispersion per unit time, 
Eq. (25) 

r{a\ a)da 

da' Number of daughter drops of 
diameter between a and 
a + da produced by 
breakage of drops of di¬ 
ameters' and s' + da’ per 
unit volume of dispersion 
per unit time 
r(c, t) Rate of reaction 
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R Rate of reaction per unit area 
s Standard deviation 
t Contact time two drops stay 
together 

/ b Breakage time, Eq. (35) 

/ br Time during which a drop is 
subjected to shear 
t c Circulation time 

Average time interval be¬ 
tween interactions 
T\k) Scalar associated with the 
transfer of energy between 
wave numbers or eddy 
sizes 

u Velocity parameter charac¬ 
teristic of viscous dissipa¬ 
tion range, Eq. (5) 
u h Velocity necessary to break 
a drop 

u c Cutoff velocity 
m* Relative velocity of ap¬ 
proach along lines of cen¬ 
ters before collision 
u* Number of coalescences oc¬ 
curring in the reactor per 
unit time 
ii Acceleration 

Uj Root-mean-square velocity 
fluctuation 

w 2 (r) Mean square of relative ve¬ 
locity fluctuations between 
two points a distance r 
apart 

u(r) Average turbulent velocity 
fluctuation at the distance 
r apart 

U c Modified kinetic energy of 
collision 

v Drop volume 

v e External coordinate velocity 
vector in phase space 
V Volume of control element 
V% Cumulative volume percent 
of particles below diame¬ 
ter a 

W h Number of crossings of ve¬ 
locity u b per unit time, Eq. 
(44) 

W* Critical relative velocity 
along lines of centers of 


x 

X 

Xe 




y 

Z{a, a')da 
da’ 


a 


P 

p(a’, a)da 


V 

i?(z) 

e 

k 

\(a, a') 


/a Q 

v 

v{a') 


P 

CT 


T 

<t> 


two colliding drops for 
coalescence to occur, Eq. 
( 66 ) 

General coordinate vector in 
particle phase space 
Coordinate velocity in phase 
space 

External coordinate vector 
in particle phase space 
Internal coordinate vector in 
particle phase space 
Internal coordinate velocity 
of component /3 
Dimensionless concentra¬ 
tion, c/c 0 

Drop collision rate, number 
of drops of sizes a and a' 
colliding per unit volume 
per unit time 

Greek Letters 

Parameter defined in Eq. 
(93) 

Extinction coefficient of dye 
Fraction of drops of diameter 
between a and a + da 
produced by breakage of a 
drop of diameter a' 

Energy dissipation 
KolmogorofF length 
Mixing parameter 
Residence time 
Residual lifetime 
Collision efficiency between 
colliding drops of sizes a 
and a' 

Viscosity 

ath moment, Eq. (103) 
Kinematic viscosity 
Number of daughter droplets 
produced by breakage of a 
drop of diameter a' 
Density 

Interfacial tension 
Variance, Eq. (56) 
Coalescence time 
Dispersed phase holdup frac¬ 
tion 
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(f) f Fraction of dispersed-phase 
feed stream containing dye 
Residual lifetime distribution 
to; Dispersed-phase mixing fre¬ 
quency 

w T Residence frequency 
g) v Coalescence frequency on 
volume basis, Eq. (96) 

Vu Local velocity gradient 

Overmarks 

- Average at a point 

Subscripts 

c Continuous phase 
d Dispersed phase 
i, j\ k Unit vectors 


Symbols 
( ) Mean value 

Dimensionless Groups 

N P Power number, Pg c /pN* 3 Df 
(N Re ) K Microscopic Reynolds num¬ 
ber, u'kg/v 

(Nr ie)/. Macroscopic Reynolds num¬ 
ber, m'4/p 

(N Re ) T Tank Reynolds number, 

N*Df/v 

N We Weber number, DfN* 2 p/<r 
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I. Introduction 

A. Purpose and Outline of the Review 

Fluidization today seems a very young and active field, even though 
Charles E. Robinson originated the technique a century ago. It is being 
applied today in the chemical industry to catalytic reactions, noncatalytic 
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reactions, and many physical operations. Warren K. Lewis and Edwin R. 
Gilliland can be said to have begun modern engineering on the fluidized 
catalyst bed, which was started in an elaborate study on hindered settling 
and developed in a great number of theses at MIT (Ml). 

The purpose of this review is to consider the uses of fluidized beds for 
catalytic reactions, using a viewpoint quite different from studies directed 
toward the physical handling of solid particles or toward gas-solid non- 
catalytic reaction. At this point it is useful to outline the scope of the 
review. 

First, it will be shown that flow properties of the fluidized catalyst bed 
(FCB) are clearly different from those of other conventional fluidized 
beds. The different treatment required is very significant for research and 
development on fluidized catalytic beds. Next, factors affecting the flow 
properties are discussed, especially particle size distribution, and also 
heat and mass transfer, and mixing properties. 

Reactions in the FCB are then discussed. The mechanism of successive 
contact (M25) is presented. Contact efficiency is greater in the dilute phase, 
i.e., freeboard region, than in the underlying dense phase. In the FCB, the 
dilute phase plays an important role in advancing the catalytic reaction 
when reaction rates are high. This factor provides a basis for identifying 
the appropriate reaction model and clarifying the effect of the dilute phase 
on selectivity and stability. 

To understand particle circulation in the FCB, the simplified theory 
(M31) for a bubble column is applied so as to analyze flow patterns of 
bubbles and “emulsion.” Finally, applications of all these studies are 
investigated. Apparatus problems and the development of improved 
FCBs are given considerable attention. 


B. General Properties of Fluidized Beds 

In fluidization, a suspension of fine solid particles behaves like a liquid 
during the upflow of a supportive gas or liquid phase. Thus the bed of 
fluidized solid itself may be analyzed similarly to liquid systems. The 
gas-lift effect produces internal recirculation, by providing a descending 
flow of high particle concentration and an ascending flow of low particle 
concentration. This effect resembles the circulation in bubble columns. 
Whereas bubble columns contain dispersed gas and a continuous liquid 
phase, the fluidized bed comprises the bubble phase and the emulsion 
phase in which particles have gained fluid-like properties by the interstitial 
gas flow. 

The interrelation of pressure drop and superficial gas velocity appears 
to determine the various states of fluidization, as shown in Fig. 1 by 
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Yerushalmi et al. (Yll, Y12). With increasing gas velocity, the pressure 
drop increases while the bed is in a fixed state; then it stays almost 
constant, equal to the fluidizing density of the bed after the minimum 
fluidization velocity. Further increase of gas velocity makes the bed 
fluidize vigorously; a change occurs from the bubbling bed to the turbu¬ 
lent bed and finally to the fast fluidized bed, and the amount of particles 
entrained by the gas flow likewise increases. The charge of particles in a 
fluidized bed will not remain constant unless the particles are separated in 
cyclones and returned to the bed. 

Most industrial fluidized beds using fine powder are found to be in the 
category of turbulent beds; typical of these is fluidized catalytic cracking. 
On the other hand, most noncatalytic reactions and physical operations 
use coarse particles and are operated as bubbling beds. Squires (SI4) has 
pointed out that the state of fluidization varies significantly with fluidized 
particle diameter, and has identified the following two categories: 






FLUIDIZED CATALYST BEDS 


279 


(a) Fluid bed . The fluidization of fine particles, generally all through 20 
mesh; usually with a substantial part smaller than 200 mesh, often smaller 
than 325 mesh. Superficial velocities generally below 60 cm/sec. 

(b) Teeter bed . The fluidization of coarse particles, generally all larger 
than 60 mesh; with a substantial part larger than 10 mesh. Superficial 
velocities generally above 150 cm/sec. 

Considering Squires’ criteria and observed industrial performance 
(G15, K24, M2, O10, V12, Z5), Ikeda(I4) modified the criteria as shown in 
Table I, stressing that the fluidized catalyst bed should be viewed as the 
typical fluid bed (11—110). The general flow features of a fluid bed operated 
under relatively high gas velocity are illustrated in Fig. 2 (M25). The 
dense bed consists of the emulsion phase and bubble phase; the emul¬ 
sion phase exhibits liquid-like properties, in the case of the fluid bed. 
Intense circulation of dense phase results from the central rapidly ascend¬ 
ing bubble-rich phase and the peripheral descending emulsion phase of 
low bubble content. The boundary of the dense phase and the dilute phase 
is rather ambiguous; a transition region exists in which bubbles collapse 
and particles are blown in from the emulsion phase. In the transition 

TABLE I 


Typical Fluid Bed and Teeter Bed 


Characteristics 

Fluid bed 

Teeter bed 

Mean particle size 

50-70 fim 

0.1-2 mm (mostly —0.4 mm) 

Range of sizes 

5-100 /itm 

0.05-5 mm 

U t [cm/sec] 

30-90 

30-150 

u,/u m , 

50-200 

3-10 

Lm, [cm] 

50-500 

50-150 


1-2 

0.1-0.5 

Constitution 

Bed divides into dense phase + 
dilute phase, although 
surface of dense phase is 
ill-defined 

Density of bed is almost constant, 
surface of bed rather well 
defined 

Behavior of 

Most gas flows as uniformly small 

Large bubbles, which may 

bubbles 

bubbles 

coalesce progressively 
during rise 

Behavior of 

Circulative flow is developed 

Generally relative movement of 

emulsion 

(possibly central upward, 

particles; partially circula¬ 

phase 

peripheral downward) 

tive flow 

Stability 

Slugging unlikely, even for 
large LJD T 

Frequent slugging for 

L q > 1-1.5 m 
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Fig. 2. General flow features of the fluid bed. 
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region, inversion of the circulating flow can occur. In the dilute phase, 
particles are suspended particulately in the stream of ascending gas. The 
content of suspended particles decreases with height, except in the upper 
part of the dilute phase where it stays constant. 

C. Historical Development of FCB Studies 

As is well known, the fluid catalytic cracking (FCC) process was the 
first application of the fluidized bed to catalytic reactions. Esso Research 
and Development Company (now Exxon) developed the process in a very 
short period (15 months) from the operation of the pilot plant to the 
start-up of the commercial plant, under the supervision of Warren K. 
Lewis of MIT. A major reason for the quick success of the development is 
that Lewis farsightedly chose fluid beds for FCC, instead of teeter beds 
which had been applied for the Winkler process, and backed up this 
choice with sustained basic research. Fluid beds are preferable for cataly¬ 
tic reactions, because of: (1) sufficient inventory of catalyst, ensuring 
adequate contact time, heat-transfer area, and process inertia (fly-wheel 
effect); (2) good fluidization, with only small perturbations of pressure 
drop, and consequent stable operation; (3) good fluidity—particles easy to 
handle, with low rates of erosion of bed apparatus and catalyst attrition; 
(4) easily manufactured catalyst particles, produced in large quantity in 
spray dryers. Moreover, the purpose of fluidized-bed operation was to 
remove coke formed and still operate continuously, rather than to achieve 
high conversion (conversion of 50-60% was acceptable). Frantz (F6) 
stated, commenting on the good fortune of matching FCC and FCB, “If 
some other reaction had been chosen for the commercial fluid unit, fluidi¬ 
zation as a commercial operation would have been put back on the shelf 
for several years.” 

Carlsmith and Johnson (C2) have reviewed the research and develop¬ 
ment of the FCC process. Drawing on their data, Ikeda (14) has recalcu¬ 
lated scale-up ratio and operating results, as shown in Table II. The feed 
rate of oil is roughly proportional to the cross-sectional area of the reac¬ 
tor. Thus a large superficial velocity was chosen for the small-scale reac¬ 
tors, and scale-up was conducted under a constant superficial velocity. 

The success of FCC encouraged applications of the fluidized catalyst 
reactor to other catalytic reactions. Successful applications can be found 
in fluid catalytic reforming, production of alkyl chloride by oxychlorina- 
tion, production of phthalic anhydride, acrylonitrile synthesis by ammox- 
idation, and production of maleic anhydride. 

In applying the fluidized bed to catalytic reactions, the catalyst must 
have the appropriate properties and activity. For production of phthalic 
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TABLE II 


Scale-Up Ratio and Reaction in the Development of FCC 



Small-scale 
pilot plant 

Large-scale 
pilot plant 

Commercial 

plant 

Reactor 

Bed diameter. D r 

2 in. 

15 in. 

15 ft. 

Relative diameter 

0.133 

1 

12 

Relative cross section 

0.018 

1 

144 

Bed height. L t [ft] 

20 

20 

28 

Relative bed height 

i 

1 

1.4 

L t /D T 

120 

16 

1.87 

Regenerator 

Bed diameter 

4 in. 

22 in. 

19.5 ft. 

Relative diameter 

0.18 

1 

10.6 

Relative cross section 

0.03 

1 

112 

Bed height [ft.] 

20 

31 

37 

Relative bed height 

0.67 

1 

1.2 

L t ID T 

60 

17 

2.3 

Capacity [bbl/day] 

2 

100 

15,000 

Relative capacity 

0.02 

1 

150 

Product 

Gasoline [vol. %] 

50.2 

49.7 

49.5 

Gas oil [vol. %\ 

50.0 

50.0 

50.0 

Dry gas [wt. %] 

4.2 

5.0 

6.2 

Carbon [wt. %] 

3.2 

2.8 

2.8 


anhydride, Betts (Bll) stated that the ground catalyst easily suffers attri¬ 
tion and produces dusty fines; these give rise to heat-exchanger fouling, 
cyclone or filter blockage, and after-burning. Betts showed that the mi- 
crospherical catalyst resisted attrition and eliminated the difficulties listed. 
According to Graham and Way (G14), fluidized beds are ideally suited to a 
moderately active catalyst because they involve contact times and large 
masses of catalyst; the more highly active fixed-bed catalysts may give 
reduced yield due to overoxidation and should be avoided in fluid beds. 

The Fischer-Tropsch synthesis produces hydrocarbons from H 2 and 
CO. Fluid beds were applied to it in the Hydrocol process using ordinary 
turbulent beds and in the Kellogg process using fast beds (Fig. 1). Devel¬ 
opment of the Hydrocol process has been reported by Grekel et al . (G15) 
and Hall and Taylor (HI). The main difficulties in scale-up of these 
fluidized beds were incomplete fluidization and low conversion. 

On the basis of this experience with the Hydrocol process, Volk et al. 
(V12) proposed providing internals in fluid beds in order to achieve good 
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fluidization and raise the contact efficiency by performing the following 
functions: (1) prevention of growth of bubbles; (2) promotion of lateral 
movement of gas and solids; (3) prevention of formation of dead pockets 
of solids, (4) prevention of elutriation of fine particles, so as to maintain 
the original particle size distribution; (5) allowance for periodic removal of 
the entire bed of solid particles from the reactor. 

Volk et aL (V12) used vertical surfaces (tubes or half-rounds) with 
success in a version of the Hydrocol synthesis known as the HRI process. 
The conversion of CO gas for several reactor diameters was correlated by 
the following equivalent diameter: 

jy __ _ 4(free cross-sectional area) _ ^ ^ 

eq (wetted perimeter of all vertical surface) 

The HRI process concept has greatly contributed in the application of 
fluid beds to catalytic reactions. 

Perhaps the most successful application since FCC is the Sohio process. 
The reasons for the success are explained as follows. First, the pro¬ 
cess achieved high conversion and selectivity in FCB, even in a reaction 
system involving several parallel and consecutive reactions. Second, the 
process was industrialized directly by the use of fluid beds, rather than by 
passing through the stage of fixed beds. Callahan et aL (Cl) have reported 
on development of the initial catalyst, bismuth molybdate, for the Sohio 
process. 


D. Quality of Fluidization in Relation to Particle Properties 

In industrial fluidized beds, it is always important to establish good 
fluidization, and especially so for high-performance catalytic reactions 
with conversions over 90% and selectivity over 70%. Volk et aL (V12) 
summarized the variables defining good fluidization and good gas-solid 
contact, as follows: (1) Gas entry—designed so that the gas entering the 
bed is well distributed. (2) Gas velocity—high enough to keep the solid in 
motion, but not so high that gas channeling occurs. (3) Bed height— 
relatively low. With other factors constant, the greater the bed height, the 
more difficult it is to obtain good fluidization. (4) Gas and solid 
densities—relatively high-density gas and low-density solid. The closer 
the ratio of densities of gas and solid, the easier it is to maintain good 
fluidization. (5) Particle size—a wide range of sizes gives more stable 
fluidization than particles of uniform size. (6) Reactor internals—serving 
the functions described earlier. 
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Fig. 3. Classification of particles by Geldart (G4, G5). 

Geldart (Bl, G4, G5) has classified fluidized particles into four groups, 
taking account of the fact that the behavior of fluidized beds is consid¬ 
erably affected by properties of the fluidized particles: 

Group A. Powders having a particle density less than about 1.4 g/cm 3 ; 
in particular, those with porous structure and a mean diameter in the 
range of 20-100 /xm. 

Group B. Powders having a particle density in the range of 1.4 to about 
4 g/cm 3 , and a mean size in the range of 40-500 /am. 

TABLE ill 


Desired Properties of Fluidized Catalyst Particles 


Characteristics 

Optimal properties 

Main reasons 

Particle shape 

Spherical, smooth surface 

Fluidity; resistance against 
attrition 

Bulk density 
[g/cm 3 ] 

0.4-1.2 

Good fluidization. If larger than 
this, the bed has a tendency 
toward slugging. If smaller, 
attrition and carry-over increase 

Particle size 
distribution 

Average 50-70 /um; 

fraction with ( d v < 44 /xm) 
should be 10-20% for 
LPCR, 20-40% for HPCR 0 

Fluidity; good fluidization 

Attrition 

resistance 

Attrition rate <0.1 %/hr 

Minimize catalyst consumption, 
maintain particle size distribu¬ 
tion and particle shape 


HPCR = high-performance catalytic reaction, such as ammonia oxidation; 
LPCR = low-performance catalytic reaction, such as FCC. 
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Group C. Powders in which surface forces become overwhelmingly 
important, e.g., all powders having a mean size less than about 30 pm. 

Group D. Powders of size usually over 600 pm. 

This classification is illustrated in Fig. 3, in terms of size and density of 
particles. Comparing Geldart’s classification with Table I, we find that 
group A roughly corresponds to the typical fluid bed, and group B (as well 
as part of group D) corresponds to the typical teeter bed. According to 
Geldart, the behavior of gas bubbles and the effective viscosity of 
fluidized beds can be interpreted by a 4 ‘surface/volume diameter” regard¬ 
less of the particle size distribution. 

Ikeda (14) paid attention to the effect of the fines fraction (d p < 44 pm), 
and deduced the optimal size range to obtain good fluidization and good 
gas-solid contact efficiency from the results of industrial operations (010, 
V12, Z5; see Table III). His criterion for good fluidization is indicated as 
A' in Fig. 3, a target in developing or selecting catalysts for FCB. 


II. Flow Properties of Fluid Beds 

A. Particle Properties in Relation to Fluidity 
1. Effect of Fines 

Particle size distribution has a great effect on most aspects of fluidiza¬ 
tion. Zenz (Z4) pointed out that fluid-solid systems could be classified in 
terms of a bed viscosity, which is probably controlled by the rubbing of 
coarse particles against one another. According to Trawinski (T25, T26), 
the fines between coarse particles act as a lubricant, reducing bed viscos¬ 
ity. The minimum concentration of fines is the quantity required to coat 
each coarse particle with a monolayer of fines. Extending this aproach to 
multidispense systems, Zenz (Z4) calculated the optimum size distribution 
of fluidized particles, shown in Fig. 4 and expressed by a skewed normal 
probability distribution, which agrees with a typical size distribution of 
FCC particles. 

Ikeda et al. (15, 110), investigating the effect of fines on bed expansion, 
pressure fluctuation, and discharge rate of particles from a 8-cm-i.d. fluid 
bed, found that bed expansion and discharge rate increase and pressure 
fluctuations decrease with increasing content of fines (<44 pm). The range 
of particles smaller than 44 pm is called “fines fraction”; its role has 
been summarized by Ikeda (12) as shown in Table IV. The desirable prop¬ 
erties of fluidized particles utilized as catalyst were given by Ikeda (12) as 
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Fig. 4. Typical size distribution of particles used in fluid bed. 

shown in Table V. Morse and Ballow (M44), de Groot (D7) and Matsen 
(M10) have also recognized that the quality of fluidization is improved by 
using smaller particles with a wider size distribution. Geldart (G4, G5) 
classified the fluidized beds into four categories characterized by density 
difference (p p - p g ) and mean size of particles, as presented in Section I. 
The terms “fluid bed” and “teeter bed” (Squires, S14) seem to corre¬ 
spond to group A and group B, respectively, although the criteria which 
distinguish among the groups are not well established. 

2. Expansion of the Emulsion Phase 

The expansion of a gas-solid fluidized bed at gas rates between the 
minimum-fluidization velocity and the initial bubbling velocity was stud¬ 
ied in 1966 by Davies and Richardson (D6). This homogeneous expansion 
of the bed is considerably larger when finer particles are fluidized. Several 
studies have been carried out on bed expansion (D6, D15, M41); on 
particle-particle forces and interactions (D14a, M6, R9), and on the flow 
rate of gases through beds (D6) under the condition of particulate fluidiza¬ 
tion. 

Figure 5 shows typical expansion data measured by Morooka et al. 
(M41) using unclassified FCC catalyst particles. As soon as the bed 
reaches minimum fluidization, it starts to expand. After bubbles start to 
form (i.e., under aggregative fluidization) the bed expands slowly and then 




TABLE IV 


Effects of the Change of Weight Fraction of Particles Smaller Than 
44 jim (“Fines Fraction”) (12) 


Change of weight fraction and its causes Main effect 


When (1) attrition resistance of particles is 
large, 

(2) catalyst recovery system is less 
efficient, and 

(3) fine particles are not supplied 
and coarse particles are not 
discharged during the operation, 

then particles smaller than 44 jim become 
low in weight fraction. 


When (1) attrition resistance of particles is 
small, 

(2) catalyst recovery system is 
efficient, and 

(3) coarse particles are not supplied 
and fine particles are not 
removed during the operation, 

then particles smaller than 44 ^utm become 
high in weight fraction. 


(1) Slugging prevails 

(2) Erosion of bed increases due to poor 
fluidization 

(3) Load on catalyst recovery system 
becomes unstable, and instantaneous 
load on the system increases 

(4) Pressure and temperature control 
becomes difficult 

(5) Yield of products decreases because 
side reactions come to prevail. 
Occasionally, afterburning takes place 

(1) Channelling prevails 

(2) Large clusters of particles grow due to 
agglomeration 

(3) Operational troubles occur due to 
particle adhesion (Decrease of heat 
transfer, excess reaction at walls in 
freeboard, and clogging in pipes and 
cyclones will take place.) 

(4) Load on catalyst recovery system 
increases 

(5) Afterburning takes place 

(6) Temperature becomes unstable locally 
and side reactions prevail 


& 



o 

fSI 

X 
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TABLE V 


Desirable Properties of Fluidized Particles 


Property 
of particles 

Optimum values 

Main interests 
of operation 

Troubles in commercial- 
scale fluid bed 

Supplementary methods 
of improvement 

Chemical 

activity 

Apparent contact time 

3 < r < 30 sec 

Stability of operation 
Homogeneous temperature in 
bed LJD t = 1-2 

High activity: excess reaction in 
dilute phase 

Low activity: decrease of reaction 
yield 

Dilution with inert particles 
Multistage fluid bed 

Particle size 
distribution 

Weight mean diameter 
50 < dp < 70 ^m 
+ 80 fxm, 5-20 wt. % 

- 40 fxm y 10-30 wt.% 

Improved fluidity 

Good fluidization 

Decreased catalyst loss and 
attrition 

Severe erosion if particles are coarse 
Difficulty in recovering particles 
<10 /urn 

Installation of internals 
Multistage fluid bed with 
horizontal baffles 

Attrition 

resistance 

Rate of attrition 
(Forsythe 
method) 

<0.1-0.5 
wt, %/hr 

Avoidance of catalyst loss 
Maintenance of optimum size 
distribution 

Very fine particles produced by 
attrition (cf. Table IV) 

Reduction of gas velocity 
injected through 
distributor 

Shape of 
particles 

Microspherical 

Low tendency toward attrition 
Decreased erosion 

High erosion rate when irregular 
hard particles are used 

Installation of internals 
Blending with MS particles 

Particle 

density 

Below 2-3 g/cm 3 

Good fluidization 

Unsatisfactory fluidization when 
high density particles are used 

Blending with tow-density 
particles 

Installation of internals 


From 12. 
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its volume remains constant or even decreases with increasing gas veloc¬ 
ity; the volume of the emulsion phase is always smaller than at the bubble 
point. Thus it is not correct to select the minimum-fluidization bed height 
as the standard bed height for calculation of gas-bubble holdup. The 
equivalent height of emulsion phase in the aggregative bed can be deter¬ 
mined by sedimentation, extrapolating the sedimentation curve to time 
zero (M41, R9). The results of Morooka et ai (M41) show that, at higher 
gas velocities, the expansion ratio of the emulsion phase (L e — L q )/L q is 
independent of gas velocity and bed diameter, as illustrated in Fig. 5; the 
sedimentation velocity corrected by the deaeration velocity equals the 
superficial gas velocity in the same manner as in a liquid-solid fluidized 
bed (R7). 

The expansion ratios in the emulsion phase measured by Oltrogge (05) 
and Morooka et al. (M41) at U ( » U m{ are correlated in Fig. 6 with the 
parameter N p . According to Miyauchi and Yamada (M32), the mean par¬ 
ticle diameter in the parameter N p is 

d p = (SA/i dl) xu (2-1) 

The ratio (L e - L q )/L q is about 0.1 when typical FCC particles are 
fluidized. 



Fig. 6. Expansion ratio of emulsion phase (after M41). 
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B. Formation, Splitting, and Coalescence of Bubbles 

The frequency of gas bubbles which are formed steadily through an 
orifice in a fluidized bed has been studied by Harrison and Leung (H6). 
Their results show that the mechanism of chainlike bubble formation is 
the same as that in an inviscid liquid. If all of the excess gas above the 
minimum fluidization velocity passes through in the form of gas bubbles, 
the diameter of a sphere having the same volume as the originated bubble 
is represented by two equations (in units of cm/sec). Van Krevelen and 
Hoftijzer (V6) found that 

d bi = 0.375[A T (C/ f - t/ mf )/n d ] 2 ' 5 (2-2) 

where A T is the bed’s cross-sectional area, and n d is the number of 
orifices. Harrison and Leung (H6) have provided a similar relation: 

d bi = 0.347[A T (t/ f - [/ mf )/« d ] 2/5 (2-3) 

where n d is the number of holes in the perforated plate used as gas dis¬ 
tributor. The initial bubble diameter measured by Miwa et al. (M17), 
Hiraki and Kunii (H13), and Chiba et al. (C4) shows good agreement with 
Eq. (2-2). The initial equivalent diameter of bubbles formed through a 
porous plate is given by Miwa et al. (M17): 

d bi = 0.00376([/, - t/ mf ) 2 (2-4) 

where d bi and ( U t - U m( ) are in units of cm and cm/sec, respectively. 
Comparisons between the experimental results and the equations are 
shown in Fig. 7. 

Intensive studies have been carried out on the ascending bubble diame¬ 
ters in free fluidized beds (C5, K27, R14, R16, W9). Various correlations 
for estimating bubble diameters have appeared (M36, R13, W9). How¬ 
ever, the particles utilized in these experiments belong to group B of 
Geldart’s classification. For this type of particle, bubble diameters are 
expressed as a function of bed diameter, of distance of the bubble 
above the distributor, of initial bubble diameter, and of physical proper¬ 
ties of the fluidized particles. Mori and Wen (M36) emphasized the former 
three factors and proposed the equation: 

(<4m “ d b )/(d bM - dj = exp(-0.3 z/D T ) (2-5) 

where d b M is a maximum bubble diameter, estimated as 

d bM = (1.87)(0.347)[A T ( U { - U ml )] m (2-6) 
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Fig. 7. Comparison of the observed initial bubble diameter with calculated diameter 
(after M36). 

The ranges of data from which their correlation was obtained are 

0.5 < U m{ ^ 20 cm/sec, U f - U mf < 48 cm/sec 

0.006 ^ d p ^ 0.045 cm, D T < 130 cm 

The correlation of Werther (W9) gives nearly the same results as Eq. (2-5). 
Both correlations predict growth of bubble diameter and decrease of bub¬ 
ble frequency due to coalescence. However, experimental data in fluid 
beds have been excluded from the above correlations. 

In contrast to bubbles in teeter beds, naturally occurring bubbles in fluid 
beds appear to split and recoalesce very frequently, and occasionally a 
bubble frequency will increase at a height further from the distributor. 
Rowe (in D5) and Toei et al. (T17) studied the mechanism of bubble 
splitting. Toei et al. (T17) found that small downward cusps were gener¬ 
ated at the two-dimensional bubble surface near the stagnation point, 
which grew and thereby caused bubble deformation and, frequently, bub¬ 
ble splitting. Figure 8 shows the effect of particle diameter on the average 
total frequencies of bubble disturbance and splitting. The results of Toei et 
al. (T17) indicate that the frequency of disturbances or splittings de¬ 
creases with increasing particle diameter, and is independent of bubble 
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U m f Ccm/sec3 


0-21 _ 0-28 0-36 
dp CmmD 

Fig. 8. Effect of the particle diameter on average total frequencies of disturbances / dit 
and splittings / Sjt (T17). 


diameter. Therefore bubbles which form in a fluid bed with fine particles 
have more tendency to split than to coalesce, as discussed in Section V,C. 

Morooka^/ aL (M43) measured properties of bubbles in fluid beds with 
FCC particles. The fluid beds were 7.9 and 19.5 cm i.d., and L { was 
100-200 cm. Bubble signals were detected by a hot-wire probe, originally 
designed by Yamazaki and Miyauchi (Y3-5), which consists of a pair of 
parallel tungsten wires 10 /xm in diameter with a span of about 3 mm 
and a separation of 12 mm. The electrical resistance of the hot wires 
changes with the density difference between the bubble and emulsion 
phase. The disturbance induced by this probe is presumably not greater 
than that of the miniature capacitance probes of Werther (W6) and 
Burgess and Calderbank (B17). Figure 9 shows the velocity of bubbles 
ascending along the central axis of fluid beds. The effects of bubble diame¬ 
ters, gas distributors, and axial position of the probe on the ascending 
bubble velocity are rather small. 

The measured bubble velocity is much greater than predicted from 
equations derived by Davidson and Harrison (D3) and Taylor (T8), 
respectively: 

u h = U f - U mf + 0.7U(gd b y /2 (2-7) 


and 


= 0 . 711 ( M ) 1 ' 2 


( 2 - 8 ) 
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Fig. 9. Velocity of bubbles ascending along the center of a fluid bed (M43). 


The reason, pointed out by Turner (T28), is that the bubble velocity in a 
fluidized bed without circulation will obey Eq. (2-8), but that bubbles in 
fluid beds ascend in an intense circulatory flow of the emulsion phase. 

The arithmetic mean of bubble signals measured by Morooka et ai 
(M43) is shown in Figs. 10 and 11. Fig. 10 illustrates the effect of superfi¬ 
cial gas velocity on the mean length of bubble signals. Some slugs appear 
in the range of U t < 30 cm/sec at the upper part of a 7.9-cm-i.d. bed. 
Figure 11 shows the relationship between the mean length of bubble sig¬ 
nals and axial probe positions for operations at higher gas velocity. If an 
initial bubble diameter is larger than the equilibrium diameter, the bubble 
has a tendency to split. 

Actual bubble diameters can be calculated from the mean bubble sig¬ 
nals according to the relationship given by Anderson (A6) and Ueyama 
and Miyauchi (Ul). Assuming (1) the bubbles are spherical, (2) an ascend¬ 
ing velocity is independent of a bubble diameter, and (3) the wall effect is 
negligible, the following equation is obtained: 


r * F(d„) d(d b ) 

/;m (Ui 


(2-9) 


where M(l) is a distribution function of bubble signals measured with a 
point-shaped probe, and F(d h ) is a distribution function of bubbles actually 
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Fig. 10. Mean length of bubble signals in fluid beds (M43); perf. = perforated. 


existing in a fluid bed. Integration of Eq. (2-9) yields: 


J B " dVF(d b ) d(d b ) 
/” d n h F{d h ) d(d b ) 


= ( m/n ) 


p /m-2 W (/) dl 
i 0_^_ 

l n ~ 2 M{l) dl 


( 2 - 10 ) 


where m and n are positive integers. The actual volume-surface mean of 
bubbles is calculated with Eq. (2-10) as follows: 


, [” IM(1) dl 
d 32 = \ k - 

M(l) dl 


1.5/l0 


(Ml) 


Under the conditions of Morooka et ai, d 32 is estimated as 4.5-6.5 cm. 

Matsen (M10), in studies of bubble diameters in a 61-cm-i.d. fluid bed, 
recognized that small difference in particle size distribution could produce 
significant changes in the character of fluidization. With Coke-5 particles 
(5 P at 50 cumulative wt.% = 70 \x m, p p = 2.1 g/cm 3 ), his probe measure¬ 
ments showed initial formation of 25-cm-diameter bubbles, which broke 
into smaller stable bubbles of—6-13 cm. The maximum stable bubble size 
in a 13.8-cm-i.d. fluid bed with 26-pm particles was estimated as 2.5 cm. 
Massimilla (M3) also reported that smooth fluidization was obtained with 
fine particles. 

Werther (W9) measured bubble diameters in a 100-cm-i.d. bed, using 
quartz sand (U mf = 1.35 cm/sec) and spent FCC particles ( U m{ - 0.20 
cm/sec). In the quartz sand bed a rapid increase was observed in average 
bubble size with height above the distributor, whereas in the FCC bed 
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Fig. 11. Mean length of bubble signals in fluid beds operated under relatively high gas 
velocity (M43); perf. = perforated. 

bubble growth decreased with increasing height. When the FCC particles 
were fluidized at U { = 10 cm/sec, the volume-surface mean of bubble 
diameter approached the equivalent value (3.5 cm) at 40-50 cm above the 
perforated plate. In a similar study, Ikeda (15) calculated* the effective 
bubble diameter to be about 8 cm in a 360-cm-i.d. baffled fluid bed (equiva¬ 
lent bed diameter = 70 cm, U { = 45 cm/sec, U mf = 0.6 cm/sec). 

Tsusui (T27) studied the effect of particle characteristics in a fluid bed of 
6-cm i.d., using a hot-wire probe. The difference of flow characteristics 
was most evident at high velocity of bubbles and high diameters, as shown 
in Fig. 12. Fresh FCC particles showed the smoothest fluidization, ex¬ 
pected for the high ascending velocity. Removing fine particles ( d p < 44 
pm) from original FCC particles gave a low ascending velocity and larger 
bubbles. The heavier MS catalyst showed very low ascending velocity 
and a typical slugging flow. Silica microspheres, which are very light (p p 
= 0.3 g/cm 3 ) and average around 70 pm in diameter with a very narrow 
particle size distribution, showed a fluidity similar to that of the FCC 
particles without fines. The actual bubble size distributions, F(d h ), are 
shown in Fig. 13. 

All these results indicate that bubble diameters in fluid beds are strongly 
influenced by the phenomenon of bubble splitting. Kehoe and Davidson 
(K8, K9) observed slugging in a fluid bed with 62-pm catalyst particles, 
although their results are presumably due to the narrow size distribution 
of particles. An experiment conducted by Lanneau (L2) showed the pres¬ 
ence of large bubbles in a 7.6-cm-i.d. fluid bed with typical fine micro- 
spherical alumina catalyst; however, his capacitance tip measured 4.8 x 
6.4 x 19 mm. Since many bubbles present were probably smaller than the 
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Fig. 12. Ascending velocity of bubbles under the conditions of U f = 20 cm/sec, D T - 6 
cm, and L q = 40 cm (T27). (1) FCC particles, (2) MS catalyst, (3) FCC catalyst without fines, 
(4) silica balloons, (5) heavy fluid bed catalyst. 



d b [cm] 


Fig. 13. Frequency distribution functions of actual bubble size (T27). Experimental 
conditions are the same as in Fig. 12. 
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probe tip, as shown in Fig. 13, Lanneau’s measurement seems to show the 
maximum size present under given conditions. 

C. Operation of Fluid Beds 

Operation of the bed is closely related to the properties of particles 
discussed in Section II,A. Fluid beds are usually operated in the 
turbulent-flow region to obtain good contact and sufficient throughput of 
reactant gas. In general, the superficial gas velocity t/ f in fluid beds is 
considerably larger than the minimum fluidizing velocity U m{ ; the ratio of 
t/ f /C/ mf is usually more than 100. Also U f /u t is more than unity, where u t is 
the terminal velocity of an average-size particle. Bubble size does not in¬ 
crease to an unlimited extent, but approaches a certain limiting value 
determined by the turbulence intensity; when large bubbles are injected 
into a turbulent bed by a single nozzle, the bubble size reduces to an 
asymptotic value as bubbles ascend (M43). 

In commercial-scale fluid beds, a superficial gas velocity usually more 
than 30 cm/sec is preferred to provide sufficient turbulence, fluidity, and 
throughput of reactant. Increase of the contact efficiency by increasing the 
gas velocity has been observed by Lewis et al. (L12) and Gilliland and 
Knudsen (G7). 

However, high gas velocity, may lead to problems in bed operation. It 
increases the entrainment loss of fluidizing catalyst particles. It also may 
give rise to excessive reaction in the particle-disengaging space, which 
sometimes will lead to reactor instability or to decreased selectivity (as 
discussed in later sections). Attrition or erosion of the reactor is more 
likely at higher gas velocity. Thus, there is an optimum gas velocity for 
fluid beds, which for most catalysts is in the range of 20-80 cm/sec, 
usually 40-60 cm/sec. 

Operation of a fluid bed depends on both height and diameter. Slugging 
properties have been studied extensively by Davidson and co-workers 
(H17, K8, K9, S21). Generally the ratio L { /D r is much larger than unity 
for small-scale reactors (C2). For solids particles in a teeter bed, this ratio 
will lie well into the slugging region. However, the fluidity in fluid bed is 
quite different from that in a teeter bed, as explained in Section II,A. 

D. Properties of Bulk Flow Inside Fluid Beds 
1. Average Holdup of Gas Bubbles 

Leva (L7) proposed a correlating equation for expansion in aggregative 
fluidized beds, but poor agreement between calculated and observed 
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voidage was found for fluidization of FCC particles with atmospheric air 
(Z5). Bed expansion can be expressed in terms of average bubble holdup, 
which also enters the calculation of contact efficiency (Section VII). Aver¬ 
age bubble holdup is defined by 

« b = (L t - L e )/L f (2-12) 

where L e is the equivalent height of the emulsion phase measured by the 
flow interruption method (R9). Experimental data by Morookact al. (M40) 
and van Swaay and Zuiderweg (V8) show (in Fig. 14) that the effect of bed 
diameter on the bubble holdup is very small. At higher gas velocities, 
experimental values of bubble holdup in fluid beds agree with those in 
bubble columns. At U ( = 50 cm/sec, e b does not exceed 0.5, and a 
fluidized-bed height is at most twice that of a settled bed. In contrast with 
fluid beds, the expansion of teeter beds is a function of both particle 
properties and bed diameters (H17, K8, K9). 

The data of Wilhelm and Kwauk (W13) plotted in Fig. 14 reveal higher 
values of £ b because of severe slugging in a small bed. Figure 15, given by 
de Groot (D7), shows that bubble holdups in beds with narrow-range silica 
are much smaller than with broad-range silica. Thus, in larger fluidized 
beds of silica with a narrow size distribution, very large bubbles form with 
high ascending velocities. The effect of temperature and pressure of the 
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Fig. 15. Bed expansion as a function of bed diameter at U r - 20 cm/sec. (D7). 


fluidizing gas on bed expansion has been studied by de Vries et al. (D8). 
As Fig. 16 shows, the influence of the gas pressure is not large for wide- 
range microspherical silica. These authors mention that emulsion-phase 
fluidity is quite good at high temperature. 

2. Lateral Distribution of Bubble Holdup 

El Halwagi and Gomezplata (E8), Larroux et al. (L3) and Nishinaka^/ 
al. (N7) studied lateral distributions of bubbles in fluid beds. Their results 
show that bubbles in a dense phase are likely to ascend in the central part 
of a bed. 

Nishinaka et al. (N7) have determined the lateral distribution of gas 
bubbles in fluid beds with diameters of 6.6, 12, and 19 cm, as plotted in 


■ T = 300 *C 
•/• • T = 20 *C 



Fig. 16. Fluid bed expansion for SCP catalyst as a function of pressure (D8). Fraction 
<44 /xm =» 20%, U f = 18 cm/sec, and D r = 10cm. 
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Fig. 17. Lateral holdup distribution of gas bubbles in fluid bed with 12-cm inner diameter 
(N7). 


Fig. 17. The distribution is nearly independent of axial position. The hold¬ 
up of gas bubbles at radial distance r from the center axis of the bed is 
expressed as 

(^b0 ” e b)/ € b0 = [(^bO — € bw)/ € bo]( r /^) n (2-13) 

where e b0 is the holdup of gas bubbles at the center axis of the bed, and e bw 
is the holdup of gas bubbles extrapolated to the bed wall and may be taken 
as approximately zero. Parameters in Eq. (2-13) is variable with gas 
velocity and bed diameter (Figs. 18 and 19). Their experiments were 
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Fig. 18. Effect of superficial gas velocity on n (N7). 
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Fig. 19. Effect of superficial gas velocity on - € bw )/e b0 (N7). 

carried out with FCC particles fluidized in beds of L f /D r > 2. Different 
distribution behavior has been reported for teeter beds with U f /U mi < 10 
and L f /D T < 1 (W7,8). 

The lateral distributions of bubble holdup in fluid beds are very similar 
to those of bubble columns for gas-liquid systems. Experimental results 
by Akehata et al. (A2), Pozin et al. (P6), Ivanov and Bykov (112), 
Yamagoshi (Y2), Miyauchi and Shyu (M31), Hills (H9), Kato et al. (K7) 
and Ueyama and Miyauchi (U3) are reasonably well expressed by Eq. 
(2-13). When a gas phase is distributed with a perforated plate or a nozzle 
sparger, the parameters in Eq. (2-13) for the bubble columns are in the 
range of n = 1.7-2.5. 


3. Flow Patterns in Fluid Beds 

The lateral distribution of gas bubbles induces bulk recirculation of the 
emulsion phase. For teeter beds, the flow pattern of solid particles has 
been studied by Werther (W7, W8), Burgess and Calderbank (B17), Oki 
and Shirai (03) and Whitehead et al (W12), in experiments carried out with 
alumina particles, quartz sand, and petroleum coke under conditions of d v 
> 83 pm and (U f - U mf )/U mf ^ 14. The mode of bulk circulation was 
centrally descending and peripherally ascending for Lf/D^ ^ 1, while the 
ascending flow moved toward the center with increasing L f /D T . Werther 
(W8) showed that this circulation flow is caused entirely by bubbles which 
carry solid particles upward in their wakes. 

In contrast to the teeter bed, less work has been carried out on the bulk 
flow pattern in fluid beds (Lll, M29). Measurements at the relatively high 
gas velocities of practical interest (£/ f > 10 cm/sec, U { /U m{ » 1) show 
that the rate of circulation exceeds that of solid particles conveyed by the 
bubble wake, and results from the buoyant force induced between the 
centrally ascending bubble-rich phase and the peripherally descending 
emulsion phase of low bubble content (see Fig. 2). The behavior greatly 
resembles that in bubble columns, as will be discussed quantitatively in a 
later section (H9, K15, M31, P3, P6, T23, U3, Y2, Y22, and Kato and 
Morooka, unpublished data). For a bubble column, Shyu and Miyauchi 
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(SI3) have proposed a semiempirical equation for the circulating liquid 
velocity at the center axis: 

uio = 6.8f/ f 0,5 Z>T 28 (2-14) 

where u t0 and U f are in cm/sec andZ) T is in cm. 

In fluid beds, the ascending velocity of bubbles at the center axis has 
been measured by Morooka et ai (M43) and Tsutsui and Miyauchi (T27) 
with the assumption that the slip velocity of bubbles relative to the adja¬ 
cent emulsion equals the ascending velocity of a single bubble; the circula¬ 
tion velocity of the emulsion phase along the axis is calculated by 

w e o = w b0 - 0.71 l(gd b ) 1/2 (2-15) 

When the fluid bed is operated under relatively high gas velocity, the 
mean bubble size changes only slightly with axial bed height and depends 
essentially on the flow intensity. Under these flow conditions, u e0 of fluid 
beds and u iQ of bubble columns are seen to be nearly equal, as shown in 
Fig. 20. This indicates that the mechanism of circulation in the fluid bed 
agrees well with that in the bubble column. Studies on solid circulation in 
a fluidized bed with a draft tube have been demonstrated by Yang and 
Keairns (Y7, Y8) and LaNauze (LI); their models also are based on a 
density-driving force between annulus and draft tube. 

4. Apparent Emulsion Viscosity 

Fluidized beds have many liquidlike properties. An apparent viscosity 
is often assigned analogous to Newtonian fluids, measured by means of 



Fig. 20. Circulation velocity ascending at the center of fluid bed and bubble column. 
Data of bubble columns are measured by: <8>, Pavlov (P3), D r = 17.2 cm; 0, Pozin et al. 
(P6), 30.0 cm; A, Yamakoshi (Y2), 25.0 cm; curve, Yoshitome and Shirai (Y22), 15.0 cm; 
•, Miyauchi and Shyu (M31), 10.0 cm; O, Hills (H9), 13.8 cm; V, Ueyama and Miyauchi 
(U3), 60.0 cm; tb Koide et al. (K15), 504.0 cm; 0, Kato and Morooka (unpublished data), 
12.0 cm. 
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Stormer viscometers, concentric cylinder viscometers, rotating spindles, 
falling spheres, etc. Because these viscometers expend part of their 
energy in accelerating the particles, this produces change in their orienta¬ 
tion, and because voidage in the bed is affected by the immersed objects, 
the data on apparent viscosity of fluidized beds have to be carefully exam¬ 
ined. 

Most previous work has been reviewed by Grace (G13) and Schiigerl et 
al. (in D5). Botterill (B12) and Hetzler and Williams (H8) correlated the 
apparent viscosity of liquid- and gas-fluidized systems, applying a free- 
volume theory which may be used successfully for glass-forming 
(polymeric) liquids. Saxton et al. (S3) proposed another approach to a 
free-volume theory. They compared theoretical expectations with the ex¬ 
perimental data obtained in liquid-fluidized systems. Their extension to 
gas-fluidized systems (in cgs units) became, for sand, 


2.00 x 1Q 4 (1 - Cf )</ 2;2 
(1 + 304dp ,J ) U} 14 


(2-16) 


and for polyvinyl acetate powder, 


6.80 x lffHl - € f )d 3 n <2 
Mb (1 + 21M2«)£// M 


(2-17) 


|> b (g/cm sec), d v (cm), and U { (cm/sec)]. The former expression coin¬ 
cides roughly with the data of Schiigerl et al. (in D5), but the latter gives 
values smaller than the data of Furukawa and Ohmae (F20) by a factor of 
2. This implies an additional dependence of fx b on d v . 

Grace (G13) studied the relationship between the included angle of 
spherical-cap bubbles and the apparent viscosity, and found that apparent 
viscosity in fluidized beds was between 4 and 13 poise. Hagyard and 
Sacerdote (H20) measured the bed viscosity by means of the decay of 
oscillation of a vertical cylinder immersed in the bed. The kinematic vis¬ 
cosity Mb/pb decreased from about 5 cm 2 /sec to 1-0.5 cm 2 /sec. 

The general tendencies of the experimental results are as follows: The 
apparent viscosity in an unfluidized bed is very high (perhaps infinite) but 
drops rapidly with increasing gas velocity. When particles are fully 
fluidized, the bed viscosity becomes rather independent of gas velocity 
and increases with increasing particle size and particle density; i.e., it 
shows a gradual change from a displacement effect to a collisional momen¬ 
tum transfer. 

Furthermore studies on the effect of particle size distribution, by 



304 


M1YAUCHI, FURUSAKI, MOROOKA, AND IKEDA 


Matheson et al. (M7), show that relatively small amounts of fines added to 
coarse particles sharply decrease the bed viscosity. Based on this evi¬ 
dence, Zenz (Z4) has calculated an optimum size distribution of fluidized 
particles (as mentioned in Section II, A, 1). The importance of the apparent 
viscosity in relation to flow characteristics of the bed has been stressed by 
Matheson et al. (M7), Rice and Wilhelm (R5), Finnerty et al. (F3), Grace 
(G13), and others. Matheson et al. (M7) have found that the slugging 
tendencies of a bed can be expressed in terms of the apparent viscosity. 
Their results for FCC particles containing 20 wt.% of 46-jam-diameter fine 
particles gave /i b equal to 6 x 10 -2 g/cm • sec; this small bed viscosity 
agreed with the visible high fluidity of the bed. 

Meanwhile, Rice and Wilhelm (R5) have investigated the stability of 
interfacial surface between the particle-free gas phase and the dense-bed 
phase. According to their analysis, the lower bed interface (or upper 
interface of a bubble) is inherently unstable, whereas the upper bed inter¬ 
face (or lower interface of a bubble) is inherently stable. Thus an instabil¬ 
ity initiated at the upper bubble surface may reduce bubble size; this 
tendency is presumably stronger in a bed of lower viscosity. The apparent 
viscosity which applies to the surface dynamics has been studied by Fin¬ 
nerty et al. (F3), Takamura (T2) and Morooka and Kato (unpublished 
data). They have measured wavelengths, frequencies, and attenuation 
rates for waves generated at the bed surfaces. In the experiments of 
Takamura (T2) and Morooka and Kato (unpublished data), rectangular 
fluidized beds of 6 x 60 cm and 8 x 80 cm were utilized, respectively, and 
bed heights were kept at about 30 cm. The attenuation rates of surface 
waves were calibrated with glycerol-water solutions. Their results, shown 
in Fig. 21, indicate that the apparent viscosity of FCC particles is the 
smallest among particles employed in the experiments. 



Fig. 21. Apparent viscosity of fluidized bed (T2 and Morooka and Kato, unpublished). 




FLUIDIZED CATALYST BEDS 


305 


E. Axial Distribution to Bed Structure 

1. Bed Density 

With increasing gas velocity, the bed surface diffuses gradually, and a 
dilute phase is formed on the dense bubbling bed owing to entrainment of 
fluidizing particles. This axial distribution of bed density has been mea¬ 
sured by several workers (B4, F2, L13, M25, M33). Fig. 22 shows the 
axial distributions of bed density measured by Miyauchi et aL (M33) in 
1969. Their experiment was performed in a 7.9-cm-i.d. fluid bed of FCC 
particles having a mean diameter of 58 /xm. 

The influence of the amount of particles in the bed on the axial porosity 
distribution has been reported by Bakker and Heertjes (B4) for glass 
beads of 175-210-/im-diameter, fluidized in a 9.0-cm teeter bed. Their 
results show that the quantity of axially suspended particles in the dilute 
phase is increased noticeably by increasing the initial bed mass from 200 
to 2000 g. In contrast with this behavior, the bed density distribution given 
by Kaji (Kl) for the dilute phase shows less dependence on the initial bed 
height L q under constant U f . He has measured the distribution for a 7.9- 
cm-diameter bed of FCC catalyst, having a mean size of 58 ^m, by vary¬ 
ing L q at 32, 51, and 71 cm, and U { for 27-58 cm/sec. The mean bed 
density in a dense fluid bed can be calculated by the following equation 
knowing the mean bubble holdup in the dense fluid bed given in Section 

n,D,1: Pb = (1 - € b )p q L q /L e (2-18) 

2. Transition Zone and Return Flow of Emulsion 

A transition zone exists between the dense and dilute phase. In this 
region, particle density reduces gradually to the low level of the dilute 


Fig. 22. Longitudinal bulk 
density distribution (M33). 



Longitudinal position [cm] 
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phase. A circulating flow is formed in the transition zone, changing the 
direction of flow. When there happens to be an upward flow of the emul¬ 
sion, the ascending velocity of bubbles is presumably expressed by w e + 
0.711 (gd b ) 112 , where w e is the circulating velocity of emulsion. When the 
circulation returns, the rising velocity of bubbles becomes slowed in the 
upper part of the dense phase, which gives rise to greater holdup of the 
bubble phase. This is probably a reason for the large mass-transfer 
rate in the transition zone (described in Section VIII). Other causes of 
such good contact in the transition zone may be coalescence and rupture 
of bubbles at the end of the dense phase, the latter giving great distur¬ 
bance in the dense phase and pushing particles into the dilute phase. The 
return flow of the emulsion also occurs at the vicinity of the distributor, 
and here the holdup of bubbles is reported to be larger than in other parts 
of the dense phase (Basov et al., B6). Although the flow pattern of bubbles 
is different in the transition zone, good contact in this zone is experimen¬ 
tally justified as written in Section VIII. 


3. Properties of the Dilute Phase 

The gas leaving the top of the dense phase carries entrained particles 
with it. Zenz and Weil (Z6) studied the mechanism of particle entrainment 
from nonslugging fluid beds, observing a transport disengaging height 
(TDH), above which the rate of decrease in entrainment approaches zero. 
The TDH, in most cases the design optimum for location of cyclones, is 
dependent on bed diameter and superficial gas velocity. An empirical 
correlation for estimating the TDH given by Zenz and Weil (Z6) largely 
agrees with the results of Tanaka and Shinohara (T6). According to Zenz 
and Weil (Z6), the entrainment rate can be replaced by the saturation rate 
for a particle whose diameter equals the geometric mean (50 wt.%) of all 
particles with terminal velocities less than the superficial gas velocity. 
Measurements of entrainment from fluid beds have been carried out by 
Zenz and Weil (Z6), Overcashier et al. (Oil), Lewis et al. (L13), Foumol 
et ai (F5), Hanada (H3), and Kono (K28). Figure 23 shows that their 
results are strongly affected by particle size and size distribution, particle 
density, and other factors. Calculations by the procedure of Zenz and Weil 
(Z6) predict smaller values than the experimental data for mixed-size 
particles, and larger values for uniform-size particles. 

The entrainment rate and the density distribution below the TDH were 
intensively studied by Lewis et al. (L13) with closely sized particles. Their 
results on the entrainment rate were correlated by the following equation. 


€/t/ f = B exp[-(h/t/ f ) 2 - aH\ 


(2-19) 



FLUIDIZED CATALYST BEDS 


307 



Uf Ccm/sec3 


Fig. 23. Entrainment rate from the bed with cracking catalyst particles. 

where H is freeboard height, and a, b, andB are parameters dependent on 
various factors; the effect of particle size distribution on the parameters is 
not known. 

Elutriation—the selective removal of fines by entrainment—has been 
studied by several workers (K25, L6, M23 , 08, T7, W2). Most of this 
work has been reviewed by Kunii and Levenspiel (K24) and Leva and 
Wen (in D5). However, Merrick and Highley (Ml3) point out that early 
correlations for elutriation rate constant are inaccurate for very fine parti¬ 
cles, since they assume «, proportional to d\ (rather than tod p ) and hence 
predict that the elutriation rate constant reduces to zero as the particle 
size reduces to zero. Thus, care must be taken when such empirical equa¬ 
tions are applied to a fluid bed containing fine particles. 


F. Effect of Bed Internals 

The uniformity and contact efficiency of a fluid bed can be improved by 
immersion of a surface within the bed (G15,15, VI2). Ikeda has defined a 
generalized equivalent diameter, considering that the commercial reactors 
have not only vertical internals but also horizontal baffles. Figure 24 indi- 
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Fig. 24. CO conversion in Hydrocol reaction for several reactor diameters (V12). 


cates that the equivalent diameter of a large reactor gives the same con¬ 
version as a small reactor of the same actual diameter. The proposed 
equivalent diameter is 

(Z> eq )-> = (D ev )-' + (D eH )- (2-20) 

where D eV and D eH are the component equivalent diameters based on the 
vertical surfaces and the horizontal surfaces, respectively. Ikeda carried 
out an acrylonitrile synthesis by the Sohio process, in fluid beds with 
diameters from 8 cm to 3.8 m. Reaction yields were compared under the 
same reaction conditions and catalyst, and the effective bubble diameter 
was calculated by modifying the bubbling bed model originally proposed 
by Kunii and Levenspiel (K22, K23). The effective bubble diameter is 
given by 

WbW = l-9(D eq ) 1/3 (2-21) 

where (</ b ) eff and Z) eq are both in cm. 

Several investigations have been made on the flow characteristics in 
multistaged fluid beds. Nishinaka et al. (N6, N8, N9) have measured the 
average bubble holdup, the lateral distribution of bubble holdup, and the 
longitudinal dispersion of solid particles in four- and eight-stage fluid beds 
installed with various horizontal baffles. As shown in Fig. 25 the average 
bubble holdup (except for beds baffled with tube plates) is correlated by 
the equation of Nishinaka et al., (N8): 

€ b = 0.08 (y«- 75 A~ 0 - 3 A/ 005 (2-22) 

where A r is the free area of baffle in %, and N is a number of horizontal 
plates; U ( is in cm/sec. The longitudinal-dispersion coefficient of solid 
particles has been found to decrease with decreasing free area of baffles 
(N6). The intermixing mass velocity of solid particles between adjacent 
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Fig. 25. Correlation of average gas bubble holdup in free and baffled fluid beds (N8). 


stages is related to the longitudinal-dispersion coefficient of solid particles: 

Intermixing mass velocity = p p U^ = E zs p h /AL (2-23) 

where U' s is solid intermixing velocity based on particle density, and A L is 
the length of one stage. This particle-intermixing velocity is correlated 
in the same manner by Overcashier et al. (Oil). In Fig. 26 the solid 
intermixing velocity is plotted against gz'/Uf and is expressed by the fol¬ 
lowing equations. 

For slots and perforated plates 

U’ = 11 Uf/gz f (2-24) 

and for tube plates 


U' = 2.5 Uf/gz' (2-25) 


where z' is the height of the dilute zone under each baffle. Other work has 
been carried out with regard to holdup of solid particles and axial distribu¬ 
tion of bed density (B2, G16, N3), residence-time distribution of gas and 
solid particles (Ol 1, Rl) and entrainment from the bed (Oil, H3). Most of 
these investigations have been reviewed by Harrison and Grace (in D5), 
Botterill (B12), and Verma (V10). An experimental study on mass-transfer 
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Fig. 26. Relationship between intermixing velocity of solid particles and gz'/Uf (N8). 

rate between the bubble and the emulsion phase in baffled fluid beds (M42) 
is mentioned in Section VI,B. 


III. Turbulent-Flow Phenomena in Bubble Columns 
and Fluidized Catalyst Beds 

In the preceding section, the flow properties of fluidized catalyst beds 
have been clarified mainly on the basis of experimental observations. In 
the case of FCC catalyst, the apparent viscosity of the emulsion is usually 
very small, and the emulsion shows good fluidity. Catalyst particles 
once charged into a fluidized bed reactor are usually in service for several 
months. Hence it is justifiable to prepare the particles very carefully, so 
that the fluidized bed shows the best fluidization possible. This kind of 
careful preparation is usually impractical in the case of single-pass parti¬ 
cles such as coal, mineral ores, or grain. 
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It is interesting to see how far modern technology for fluidized catalyst 
beds has served to achieve good fluidization. Our criterion of good fluidi¬ 
zation is a gas-fluidized bed of a low viscosity liquid (such as water), 
where the low-viscosity liquid would set the lower limit to the fluidity of 
the emulsion. Such a gas-fluidized liquid bed is the well-known bubble col¬ 
umn, which has been studied extensively. Our objective is to understand 
the behavior in the recirculation flow regime, since the superficial gas 
velocity of practical interest is usually more than 30 cm/sec for fluidized 
catalyst beds and for these conditions intense recirculation of the emul¬ 
sion has been observed (note Fig. 2 and Section II,D,3). 

Currently available data for the flow properties of the fluidized catalyst 
bed are fragmentary, since the local motion of the emulsion phase is 
difficult to measure experimentally. Therefore, it is useful to clarify the 
flow properties of the bed in terms of our knowledge of bubble columns. 
First, the fluid-dynamic properties of the bubble columns will be ex¬ 
plained; then, the available data will be adapted to apply to fluid catalyst 
beds. The reader will be able to picture an emulsion phase of carefully 
prepared catalyst particles operating in intense turbulence for fluidized 
beds under conditions of practical interest. This turbulence distinguishes 
the flow properties of fluid catalyst beds from those of widely studied 
teeter beds. 


A. Two-Phase Bubble Flow in Recirculation 

In a bubble column, as is widely known, the bubble swarm rises uni¬ 
formly when superficial gas velocity is low (less than about 2 cm/sec) and 
uniform-size bubbles are released at a bottom gas-distributor. This type of 
uniform flow, called the bubble flow regime, has been utilized widely for 
various gas-liquid contacting operations (K21, 09, SI). The bubble-flow 
regime seems to correspond to the well-known bubbling fluidized bed, 
where, however, the bubbles grow to larger size due to coalescence as 
they rise. Upon increasing the gas velocity, the uniform bubble flow be¬ 
comes unstable, and intense recirculation of mixed gas and liquid sets in 
due to buoyant forces induced between the centrally ascending bubble- 
rich phase and the peripherally descending bubble-lean phase. This condi¬ 
tion, named the recirculation flow regime (P3, Y2, Y21), resembles the 
flow in fluid catalyst beds operated at practical gas velocities. 

1. Simplified Theory of Recirculation for a Bubble Column 

Theories of recirculation have been presented for the bubble column 
with largeL/D T , without continuous liquid feeding (H9, M31). The studies 
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use the same equation of motion, but different assumptions for the turbu¬ 
lent kinematic viscosity. 

The time-averaged flow pattern of liquid in a bubble column may be 
visualized as shown in Fig. 27, where the column is in recirculation flow, 
and the ratio L/D 7 is large compared to unity. Under steady flow, the 
basic equation of motion (H9, M31) is: 

-(1/r) d(n)/dr = dP/dz + (1 - e b )p,g (3-1) 

where the left-hand side of the equation gives the force acting on a fluid 
element by radial shear-stress difference, and the right-hand side gives the 
forces acting by axial static-pressure gradient and by gravity. A similar 
equation of motion has been applied by Wijffels and Rietema (W16) to 
determine the flow properties of liquid-liquid spray columns. 

The shear stress r is related to the mean axial velocity of liquid through 
the sum of the molecular and turbulent kinematic viscosities: 

r = -(^m + v t )pi(du/dr) (3-2) 

where v M is usually negligible in comparison with v { except in the vicinity 
of the column wall. The turbulent shear stress for the bubble column with 
L/D r » 1 is expressed by the following equation (U2): 

—Vt du/dr = (1 - €t>)u' r Ut (3-3) 

where u' r and u' z are the radial and axial velocity fluctuations of liquid, 
respectively. Equation (3-3) is obtained by time-averaging the fluctuation 
velocity components for two-phase flow. 

The boundary conditions to solve the basic equations, Eqs. (3-1) and 
(3-2), were given earlier (M31). As shown in Fig. 27, the liquid flow under¬ 
goes upflow between a and b and downflow between b and c, both with a 
developed turbulence, and also downflow in the laminar sublayer between 
c and d near the wall; at the wall, r = R (or y = R - r = 0) and u - 0. 
Consistent with the concept of the universal velocity profile (S4, S8), a 
buffer layer should be present between the turbulent core and the laminar 
sublayer. However, it is hard to distinguish the laminar-turbulent buffer 
layer from the turbulent core, since bubbles from the turbulent core enter 
irregularly into the buffer layer and agitate it. Hence, partly to simplify the 
mathematical treatment and partly to satisfy a physically sound interpreta¬ 
tion of this bubbling buffer layer, the thickness 8 used for the laminar 
sublayer is taken somewhat greater than in single-phase flow and the buffer 
layer is neglected. 

According to the concept of the universal velocity distribution, the 
velocity profile in the laminar sublayer is given by 

u/v, = v,y/v M for v,y/v M < 5 


(3-4) 
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r =0 r = R 

y =0 

Fig. 27. Recirculation flow pattern in a gas bubble column. 


where v. = (|rj/p;) 1 ' 2 is the friction velocity. The velocity distribution in 
the turbulent core is 

u/v. = 5.75 log(t>„y/v M ) + 5.5 for v,y/v M a 70 (3-5) 

By equating Eqs. (3-4) and (3-5), one obtains a value y defined as the 
thickness 8 of the laminar sublayer, for which: 

v.8/v m = 11.63 (3-6) 

The velocity w 6 at y = 8 is given by combining Eqs. (3-4) and (3-6): 

« 8 = H.63t>. = 11.63(| rj/p,) 1 ' 2 (3-7) 

According to the analysis of many experimental data (M31, U5), the 
thickness 8 is usually much smaller than the column radius R, so that w 6 
essentially equals the peripheral velocity |w w | of the turbulent core. As a 
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consequence, the boundary condition at r = R for the turbulent core is 
given by 

Kl - «a = 11.63(|r w |/pj) 1/2 at r = R (3-8) 

Another boundary condition is obviously 

du/dr = 0 at r = 0 (3-9) 


2. Solution of the Simplified Theory 

The solution of Eqs. (3-1) and (3-2) with the boundary conditions of 
Eqs. (3-8) and (3-9) has been given by Miyauchi and Shyu (M31) for the 
case without liquid feeding, and by Ueyama and Miyauchi (U5) for the 
case with continuous liquid feeding. The procedure here follows the latter 
reference, with extension to a simplified treatment (M27). 

Multiplying by 2nr dr and integrating radially from r = 0 to r = /?, Eq. 
(3-1) is transformed to 

-dP/dz = (2 /R)t w + (1 - i b )pig (3-10) 

where € b is the mean gas holdup, defined by 

e 5 = \ R 27rr€ b dr/irR 2 (3-11) 

J o 

By introducing Eqs. (3-2) and (3-10) into Eq. (3-1) and neglecting in 
comparison with v iy the following basic equation is obtained for the turbu¬ 
lent core: 

“(I /r)d[y t r(du/dr)]/dr = (2//?)(r w /p,) - (e b - e b )g (3-12) 

This equation is solved with respect to u under the simplifying assump¬ 
tions (M31, U5) that v t is constant in the turbulent flow region, and that 
bubble gas holdup e b is distributed radially according to the relation: 

€ b /6 b = 2(1 - 4> 2 ) (3-13) 

where <f> = r/R. The physical significance of the assumption regarding v t 
will be explained later; trial calculations to find a radially variable v { giving 
the best fit to the experimental velocity profile of the bubble-liquid mixed 
phases have shown that a constant v x is quite workable if taken as the 
radial-cross-sectionally averaged mean value of a distributed v x . This as¬ 
sumption simplifies the mathematical treatment, and also is supported by 
Figs. 17 and 18 (refer to Section II,D,2). Because n = 2 the gas holdup € b0 
at the center axis is twice € b . The empirically adjustable viscosity term v x 
has different values when n is changed, but the flow properties of the 
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mixed phases are insensitive to n. Therefore, n = 2 is a satisfactory 
average for all the experimental data. 

With these assumptions, Eq. (3-12) is solved directly, with use of Eqs. 
(3-8) and (3-9): 

W + |«wl = ZTTfO ~^ + (3-14) 

4l>t Pi 51 v t 

The numerical value of p t will be given in the next section. In Eq. (3-14), 
the first term of the right-hand side has been shown by Ueyama and 
Miyauchi (U5) to be essentially negligible for the recirculation flow re¬ 
gime. As a consequence, one has the following simplified quantitative 
relation: 


u + Kl = 3^- ~~ (1 “ 4» 2)2 (3-15) 

The undetermined term |u w | is given by applying a mass balance for the 
liquid phase: 


27rr(l — € b )w dr ± ttR 2 U l = 0 (3-16) 


where the column is continuously supplied by a liquid feed with superficial 
velocity ±U L (4* indicates countercurrent gas-liquid flow and - concur¬ 
rent) (U L = 0 if the liquid is stationary). 

By introducing Eq. (3-13) for e b , \u w \ is obtained from Eqs. (3-15) and 
(3-16): 


I I _ 1 2 3e b + U L 

|Wwl 192' P t (l-€ b )-l-6 b 


(3-17) 


where the ± sign has the same meaning as that in Eq. (3-16). With this 
|m w |, the radial distribution of linear liquid velocity u is given by Eq. (3-15). 

Another simplified liquid velocity profile is also obtained directly from 
Eq. (3-15): 

(u + |m w |)/(m 0 + |« w |) = (1 - <t> 2 ) 2 (3-18) 

where m 0 is the linear liquid velocity at the column axis, = 0, given from 
Eqs. (3-15) and (3-17) as: 


_ 4 3e h 

192' p t (1 — e b ) 



(3-19) 


The radial position r, (or <£, = r./R) where the liquid velocity u relative to 
the column wall is zero (point b in Fig. 27) is obtained from Eqs. (3-15) and 
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(3-17) by setting u = 0. For the simple case of U L = 0 which is usually 
utilized (batch operation for liquid), the above procedure gives the rela¬ 
tion: 

</>. = ( 1 - e b ) m , where e b = {(2 - 3e„)/[6(l - e,,)]} 1 ' 2 (3-20) 

The shear stress at the wall r w is given from Eq. (3-8): 

rJp, = ~(K I/11-63) 2 (3-21) 

where |w w | is calculated adequately from Eq. (3-17) (or still more accurately 
from U5). 

Another useful relation results from the mass balance for the gas phase 
of the bubble column: 

J* 2irr(u + u s )e b dr = ttR 2 U g (3-22) 


where w s is the slip velocity of a bubble relative to the liquid surrounding 
it. According to experimental measurements of w s in the recirculation flow 
regime (U3, Y2), w s is approximately constant radially, and hence a mean 
constant value « s may be used. With Eqs. (3-13) for € b , Eq. (3-18) for 
w, and Eq. (3-19) forw 0 , Eq. (3-22) is integrated to 

U G /i h ± UJ{ 1 - e b ) = w s + (w 0 + |w w |)/6(l “ *b) (3-23a) 

With w 0 + |« w | given by setting <f> ~ 0 in Eq. (3-15), Eq. (3-23a) becomes 

U G /i h ± UJ( 1 - € b ) = u s + (^D 2 T /192w t )€ b /(l - € b ) (3-23b) 

where the ± sign has the same meaning as in Eq. (3-16). The second term 
on the right-hand side of the equation is the apparent increase of slip 
velocity due to recirculation flow. [Calculation shows that this term equals 
U*/i h9 where U* is the net linear velocity of the recirculating liquid aver¬ 
aged over the column cross section . l ] This term is a natural consequence of 
recirculation flow, and does not appear in the bubble-flow regime where 
the following well-known relationship applies (N4, Y20): 

U G /i b ± UJ{ 1 - € b ) = w s (3-24) 

The mean gas holdup e b in the recirculation flow regime is obtained at 
U h = 0 by solving Eq. (3-23b) with respect to € b : 




(3-25) 


1 U* = (7T/? 2 )" 1 f 2 t7 ru dr. 
J o 
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where 


a = Uq/Us and y = gD%/( 192 v { u s ) 

The reason e b is approximately proportional to U'd 2 and decreases only 
slightly with column scale-up in recirculation flow (cf. Fig. 14) is ex¬ 
plained from Eq. (3-25) by including the behavior of u s and which are 
discussed in the next section. 

The mean flow rate of the recirculating liquid is useful when known. For 
upflow, we take the superficial value: 

U - (ttR 2 )* 1 2irr(l - e b )« dr = 2 J*’ (1 - c b )w</> d<j> (3-26) 

With integration limits in Eq. (3-26) from r, to R with U L = 0 (no continu¬ 
ous liquid feed), the mean superficial downflow velocity results. By using 
Eq. (3-13) for e b and Eqs. (3-15) and (3-17) fora, with U L = 0, Eq. (3-26), 
when integrated, is 

U = (gDy \92v t ) ■ i b 4( 4 - 3e b e b ) (3-27) 

with e b as given in Eq. (3-20). Once U is known, one can easily obtain the 
interstitial mean velocities of upflow and downflow. 

B. Comparison of Theory with Experiments on Bubble Columns 

Experimental facts which support the recirculation flow and its turbu¬ 
lence properties are given here, mainly in relation to the simplified theory 
developed in the preceding section. 

1. Interstitial Velocity Profile of Recirculating Liquid 

The available data were correlated by Ueyama and Miyauchi (U5), who 
found that the normalized velocity profile Eq. (3-18) represents the data 
reasonably well. Figure 28 illustrates the experimentally measured veloc¬ 
ity profile of water containing bubbles from a single-nozzle gas-distributor 
(Y2). The bubble column was 25 cm in diameter operating in the recircula¬ 
tion flow regime at a superficial gas velocity U G of 5.2 cm/sec. Estimated 
values of« 0 = 45 cm/sec and |w w | = 26 cm/sec, arrived at by trial, give the 
best fit of the normalized profile data, and Eq. (3-18) provides a reasonable 
approximation. 

The radial distance d>, at which the mean liquid velocity is zero, given 
by Eq. (3-20), is illustrated in Fig. 29 as a function of e b , where e b is taken 
from the following correlation: 

c b = 0.0541/J/ 2 (3-28) 
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Fig. 28. Interstitial liquid velocity profile and normalized velocity profile [data by 
Yamagoshi (Y2)], D T = 25 cm, U G - 5.2 cm/sec, air-water system at room conditions. 
Adjusted « 0 and |w w | are 45 and 26 cm/sec, respectively. 

with U G in centimeters per second. This equation is a good approximation 
for e b of a bubble column operated in the recirculation flow regime at U L 
0 and is equipped with a single-nozzle gas sparger. The columns tested are 
in the range ofD T = 10-60 cm and aspect ratio LjD T 5: 2 (Hll, U3). 

In Fig. 28, the radial position </>* at u = 0 is 0.66 from the measured 
profile and 0.63 from the normalized profile, where the term ( u 4- |« w |)/(«o 
+ \u w \) = 26/(26 + 45) = 0.366. These two values of </>* are shown in Fig. 
29 with some additional bubble-column data (U3) and some fluidized-bed 
data (M29). Equation (3-20) seems applicable to the bubble-column data. 

When a perforated plate is used as a gas sparger in a bubble column, the 
mean gas holdup € b is influenced by the size and arrangement of holes as 
well as column diameter as a result of change in both of bubble size and 
the flow pattern of the bubble swarm. These effects have been reviewed 
and correlated by Kato and Nishiwaki (K6) for air-water systems where a 
sparger is perforated uniformly. When the hole diameter 6 is smaller than 
1.0-1.4 mm and the gas velocity U G is low, e b for a given diameter column 
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changes with 8, U G , and the number of holes. However, i b tends to be 
variable only with U G , for U G above 10-15 cm/sec, where it approaches 
the values observed for a column with 8 a 2 mm. 

Essentially the same performance is observed for a qolumn equipped 
with a porous sintered metal or glass plate as a gas distributor. 

When the hole size 8 is equal to or greater than about 2 mm, e b increases 
in proportion to U G in the low-gas-flow range (U G s 5-6 cm/sec) for 
different diameters of columns. As U G increases beyond this range, e b 
increases approximately in proportion to (U G ) 112 , decreasing slightly at 
constant gas velocity as the column diameter Z) x increases. Here, the 
extent of decrease seems to depend on the type of sparger, which depends 
slightly on D T for a perforated plate, and is essentially independent of D T 
for a single-nozzle sparger. 


2. Turbulent Kinematic Viscosity 

This term may be determined in various ways from experimental data. 
A frequently used method for single-phase flow (S4) is to differentiate an 
experimental velocity profile graphically, and to obtain the kinematic vis¬ 
cosity i>i from the velocity gradient with basic relations [e.g., Eqs. (3-1) 
and (3-2)]. The currently available data for velocity profile do not appear 
accurate enough to yield c, as a function of radial position. As an alterna¬ 
tive, Hills (H9) has assumed a relation between the local p t and the radial 
position: 


V, °c € b (l ~ € b ) °c E%/u 


(3-29) 
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The last proportionality comes from his experimental test of the relation. 
Along the column axis, u equals u 0 and is approximately proportional to 
(t/ G Z) T ) 1/4 , as is seen in Fig. 30. Hence, v x a D^/U^ 4 along the column 
axis. 

The constant effective v x assumed in the present simplified treatment is 
obtained by knowing u 0 and |w w |. Along the column axis (</> = 0), Eq. 
(3-15) gives 

uo + krl = gV&JOlvd (3-30) 

With u 0 and |m w | obtained by trial and e h from Eq. (3-28), p t is given by Eq. 
(3-30). In the case of Fig. 28, i b is calculated to be 0.123 (the measured 
value is 0.127) and v x = 33.2 cm 2 /sec. 

In the same manner, v x has been calculated by Ueyama and Miyauchi 
(U5) from a group of available experimental velocity profiles. Fig. 31 
shows the recalculated v t as a function of D T , matched empirically by the 
power function: 

F t = 0.128DV 70 (3-31) 

where v x is in cm 2 /sec and D x in cm. Earlier work of Miyauchi and Shyu 
(M31) also gives Eq. (3-31) with a different coefficient. Recent experience 
with a plant-size bubble column (D T = 550 cm) suggests that the v x de¬ 
pendence on D t may be extrapolated to larger-size columns for estimating 
the flow properties (K15). 

The dependence of v x on U G is (U5) approximately proportional to f/^ /6 , 
but not always consistently. This dependence is confirmed when v t is 
calculated theoretically from u 0 (in the next section). Figure 32 shows a 



Fig. 30. Dependence of liquid velocity at the center axis, w 0 , on the superficial gas 
velocity U G and the column diameter Z) T ; y t is taken from Fig. 33 and e b from Eq. (3-28) for 
the calculated curves. Data are taken from Hills (H9). 
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Fig. 31. Turbulent kinematic viscosity v { as a function of column diameter Z) T for bubble 
columns; v t increases rapidly with £> T , but is little influenced by U G . Note that U G = 1.9-93 
cm/sec. 


correlation based on this dependence. The line B-B is for the bubble 
columns and is expressed (in cm-sec) by 

v t = O.mUH^D^ 12 (3-32) 

The correlation shown in Figs. 32 and 33 as curve A-A is the turbulent 
kinematic viscosity of the emulsion phase of fluidized cracking catalyst 
beds estimated by an indirect method explained in Section IV,C in rela¬ 
tion to axial dispersion of the emulsion. The correlation is given in cm-sec 
units by 

v x = 0.079 L^ g /6 £>t 70 (3-3 la) 

The exponent 1.70 on D T is different from 1.50 of Eq. 3-32, but Eq. 3-3 la 
gives a better correlation for axial dispersion of the emulsion. 

We have seen that v x can be obtained from |w w | or u 0 . In the case of Fig. 
28, v { = 28.1 cm 2 /sec from Eq. (3-17), and v { = 36.1 cm 2 /sec from Eq. 
(3-19). Some data are available for « 0 (H9, P3, P6) from which v x are 
calculated and shown in Fig. 33. In general, v x as calculated from u 0 tends 
to give a larger value than from w 0 + |w w |, perhaps due to lack of suffi- 














Fig. 32. Turbulent kinematic viscosity v { as a function of D T and U G . Line A-A is for 
FCC-catalyst beds and line B-B for bubble columns of low-viscosity liquid. 



Fig. 33. Turbulent kinematic viscosity v x as determined by different methods; the lines 
A-A and B-B are the same as those given in Fig. 32. 
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ciently accurate measurements. Once a mean is obtained, Eq. (3*19) 
accounts well for the performance of w 0 , as illustrated in Fig. 30 for the 
recirculation-flow regime with U G > 3.8 cm/sec. Figures 28-33 show 
definitely that the.flow field in the bubble columns is intensely turbulent in 
the recirculation-flow regime, since v x is much greater than v M . 

3. Mean Slip Velocity of Bubbles Relative to Liquid 

Equation (3-23a) gives u s from experimental knowledge of w 0 + |w w | and 
e b . In the case of Fig. 28, u 0 -l- |w w | = 71 cm/sec and e b = 0.123, so that w s 
= 28.8 cm/sec at U G = 5.2 cm/sec withZ> T = 25 cm. Figure 34 (from U5) 
summarizes w s so obtained as a function of U G . New data are added for a 
commercial-scale column (K15, D T = 550 cm). The mean slip velocity w s 
remains essentially unchanged at 50 cm/sec for U G > 20 cm/sec, but 
drops gradually as U G decreases below this value. Also the column diame¬ 
ter has essentially no effect, for D r > 10 cm. The intense turbulent field 
induced in the column seems to keep a steady bubble size, by dynamic 
balance between colaescence and redispersion of bubbles. 

Experimental u s values determined as the difference between the local 
mean velocities of bubbles and liquid are also shown in Fig f 34 as “open 
keys.” For these bubbles, the volume-surface mean diameters d 32 have 
been measured experimentally. The free-rise velocity of the bubbles (Tl, 
V6) is 

Us ^ (*<W2) ,/2 (3-33) 

The u s thus obtained, shown in the figure as half-open circles (U3), is in 



Fig. 34. Dependence of average slip velocity u s on the superficial gas velocity t/ G ; 
column diameter D T has little effect on w,, A porous plate distributor seems to give 
smaller 
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reasonable agreement with other data, suggesting that bubbles in highly 
turbulent flow have little interaction with one another. Data from Nicklin 
(N4) show smaller « s , perhaps due to use of a porous plate gas-distributor 
instead of a sieve plate or a single nozzle. 

4. Bubble \olume Fraction 

So far v x and u s have been given numerically. Figure 36 (upper part) 
shows e b as calculated by Eq. (3-25) for a bubble column with D r = 19 cm 
using values of these two variables. (The fluidized-bed data in the figure 
will be discussed in Section III,D,4.) Curve C-C expresses Eq. (3-28). 
Curve BQB is from Eq. (3-25) with u s from Fig. 34 and v x from Eq. (3-32); 
BQP, the same, except with v x from Eq. (3-31). Curve BQP matches better 
than BQB to curve C-C. 

When a bubble column is scaled-up to a larger D T , calculations similar 
to the above show that € b decreases only slightly with increasing D T , and 
retains the same functional dependence on U G because of the properties of 
v x and « s . 

5. Solution for v x and 

By reversing the procedure of obtaining e 5 from Eq. (3-25) after deter¬ 
mining p t and w s , these two parameters can be determined if e b is known as 
a function of U G for a given Z) x . This step involves the use of Eq. (3-23b) 
or, equivalently, of Eq. (3-25). 

For simplicity, we take U L = 0. Also, for a bubble column, w s is con¬ 
stant for U G ^ 20 cm/sec. We designate this value as u s0 . Eq. (3-23b) is 
then rewritten: 


By taking € b from Eq. (3-28) and plotting U G /i h as ordinate and the 
co-factor of (l/v x ) as abscissa, u s0 and \/v x are obtained simultaneously as 
shown in Fig. 35. Here v x is assumed as being variable only with D T (as for 
curve BQP in Fig. 36), with D r = 19.0 cm and U G >20 cm/sec. Figure 35 
gives v x — 14.1 cm 2 /sec and w s0 = 46 cm/sec. On the other hand, v x = 19.1 
cm 2 /sec from Eq. (3-31) and w s0 = 50 cm/sec from Fig. 34. 

As is seen from Fig. 36, Eq. (3-28) (curve C-C) is lower than the calcu¬ 
lated curve BQP. Lower £ b means that the liquid is more easily recircu¬ 
lated, so that a lower v x is obtained. According to several test calculations, 
the above method tends to give v x 25-35% smaller than by Eq. (3-31) 
(cf. Fig. 33), but gives a reasonable value for i4o- 
Essentially the same procedure is applicable to a fluidized catalyst bed, 
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Fig. 35. Simultaneous determination of v x and w s0 from e b based on Eq. (3-34). 


U G [cm/sec] 



Fig. 36. Comparison of the calculated i b by Eq. (3-25) with the data given in Fig. 14. 
Unless otherwise mentioned, = 49.5 cm/sec. Data are for FCC-catalyst beds of different 
bed diameters. Curve E-E is an average of the data. The calculated curves BQB and BQP 
are for bubble columns, FQF and FQP are for FCC-catalyst beds. 
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where « s remains nearly unchanged for U G & 7-8 cm/sec as will be 
shown. This procedure, although approximate, provides a convenient tool 
for data analysis, since the dependence of i b on U G is easy to measure and 
not many data are yet available on turbulence in fluidized catalyst beds. 

C. Phenomenological Background of Turbulent Kinematic 
Viscosity 

The turbulent kinematic viscosity f, has been introduced in the basic 
relation, Eq. (3-2), and is correlated with the operational variables through 
the experimental data (cf. Figs. 31-33) with a simplifying assumption that 
v, is constant radially as an experimentally adjustable parameter. 

It is desirable to establish a phenomenologically sound basis by relating 
t> t to well-established fluid-dynamic concepts, since we need to know the 
possibility of scale-up or of applying the concept of v x to a fluidized 
catalyst bed, as discussed in what follows (M27). 

1. Bubble Column of Low-Viscosity Liquid 

The radial velocity distribution inside a bubble column has been given 
by Eq. (3-15). Differentiating this with respect to <j>, one finds the velocity 
gradient at the column wall, {du/d<b)^i, to be zero, which means that 
peripherally descending liquid flow slides freely along the column wall. In 
other words, the column wall keeps the downflow in a cylindrical form 
at the periphery, but exerts only a negligible frictional force. 

As a consequence, the peripherally descending liquid flows freely past 
the centrally ascending liquid. This counterflow is inherently unstable; a 
time-varying vortex-like mixing zone should be induced between the 
counterflowing two streams, leading to intense turbulence. Takahashi (T5) 
observed such vortex-like motion in measuring a two-point velocity cor¬ 
relation along the column axis in a bubble column of 25 cm in diameter. 

The time-varying turbulent motion of the bubble column seems to re¬ 
semble the free turbulence of open jets (S4) or in the mixing zone of two 
parallel streams of different velocities (D13). 

2. Turbulent Viscosity on the Basis of Prandtl’s Hypothesis 

Prandtl (P7, S4) established a simplified equation for the apparent 
kinematic viscosity of free turbulent flow based on experiments with free- 
turbulent flow by Reichardt (R2). He assumed that the dimensions of the 
lumps of fluid moving traversally during turbulent mixing are comparable 
in magnitude to the width of the mixing zone. The virtual kinematic vis¬ 
cosity v t is now formed by multiplying the maximum difference in time- 
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mean flow velocity by a length proportional to the width of the zone. In 
the case of the bubble column, the maximum difference in the velocity is 
u 0 + |« w | (see Fig. 27) and the length is the column radius/?. Correcting the 
effect of the liquid-volume fraction e L , v { is approximately expressed as: 

t't = ki L R{u 0 + |« w |) (3-35) 

where k denotes a dimensionless number to be determined experimen¬ 
tally. It follows from Eq. (3-35) that v t may be considered constant over 
the whole width at every cross section of the column. 

Introducing Eq. (3-30) with </> = 0 for u Q + |a w | in the above expression 
and solving Eq. (3-35) with respect to v u we obtain the relation 

F t = (k^m[gD* r i h (\ - i b )p* (3-36) 

Introducing Eq. (3-28) for i 5 , v t is approximated by 

v t = [0.031 S(kg ) 1 /2 ] UH S D% 2 (3-37) 

With k = 0.0259, Eq. (3-37) reduces to Eq. (3-32) (in cm-sec), a correlation 
based on experiment. This k value is the same order of magnitude as for 
free turbulence flow (S4). 

For liquid-liquid spray columns Wijffels and Rietema (W17) have stud¬ 
ied the combined effect of bulk turbulent flow and the drop motion sus¬ 
pended in it on the intrinsic turbulent viscosity v ?. For the contribution of 
turbulent flow alone they assume that v? is given by k*R |w w |, with k* 
adjusted at 0.0167 from experiment. Numerically, k* is the same order of 
magnitude as k, although smaller, with Wo + I w w | taken here instead of |w w |. 

For bubble columns the contribution of bubble wake motion has been 
included in the bulk turbulent motion, since the recirculation flow is in¬ 
duced primarily by the buoyant force of bubbles. The bubble-wake mo¬ 
tion in the intense turbulent flow seems quite unstable, and is difficult to 
distinguish from the motion of the turbulent bulk liquid. 

Based on the interpretation developed here, the assumption of constant 
v x and its empirical expression by Eq. (3-32), seem to be sound physically 
for bubble columns. As shown in later sections, the flow properties of a 
fluid catalyst bed of good fluidity (e.g., cracking catalyst) are in many 
respects similar; hence the same interpretation can be applied to the fluid 
catalyst bed (FCB). 

D. Interpretation of Experiments for FCB 

Thus far the experiments considered have been confined to bubble col¬ 
umns, which provide a fair number of data over a wide range of conditions 
and are therefore useful for testing the simplified theory. Equivalent data 
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are often not available for fluidized beds of carefully prepared particles, 
especially with solids other than FCC catalyst. 

The main uncertainty in applying the simplified theory to a fluidized 
catalyst bed probably lies in the question as to whether the shear-stress 
term in Eq. (3-10) is negligible in comparison with the buoyant-force term. 
In what follows, although we still lack direct experimental proof regarding 
the shear-stress term, the simplified theory will be seen to account well for 
the bed performance (M27), 

1, Interstitial Velocity Profile of the Emulsion Phase 

As stated in Section II,D,3, the pioneer work of Lewis et al. (LI 1) 
showed intense recirculation of the emulsion phase in an air-fluidized 
MS-catalyst bed. The time-averaged velocity profile in the recirculation- 
flow regime is still lacking, although Yamazaki (Y3a) has revealed the 
profile at a low gas velocity ingeniously by utilizing thermal response. The 
radial position c f>, where the mean velocity is zero relative to the bed wall, 
measured by Morooka (M43) for a FCC bed of 7.9-cm diameter, is shown 
in Fig. 29. The deviation from prediction by Eq. (3-20) is about 0.3 cm and 
is comparable with the resolution power of the strain-gauge probe. 

2. Turbulent Kinematic Viscosity 

Several data for mean ascending velocity u h0 of bubbles along the bed 
axis, in FCC-catalyst beds, are shown in Fig. 37. Velocity w b0 equals 
w s + u 0 y with w s from Eq. (3-33) for a given d 32 , and u 0 from Eq. (3-19). 
Withw s = 49.5 cm/sec ford 32 = 5 cm (cf. Fig, 34), e b from Fig. 36, and v x 



Fig. 37. Mean bubble velocity w b0 along the column axis; experimental data are for 
FCC-catalyst beds. Full curves are calculated by w b0 = ^ + w 0 with it* = 49.5 cm/sec and u 0 
from Eq. (3-19). U mf is neglected due to U m( « U G . 
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from Eq. (3-31a), the u b0 which results is shown in Fig. 37. The calculation 
matches the data for columns with diameters of 5.2 and 19.5 cm, but not 
for those with diameters of 7.9 cm, for reasons which are not obvious. 
In Fig. 37 the bubble velocity in slugging beds [cf. Eq. (5-4b)] is also 
shown. The FCC-catalyst bed of 5.2-cm diameter is fluidizing smoothly in 
the recirculation-flow regime with no indication of slugging when L„ is 
smaller than 5(3-60 cm. 

By reversing the above procedure of obtaining « b0 by knowing u s , e b and 
p t , one can calculate v t by knowing « 5 , e b and w b0 . These v t are shown in 
Fig. 33 as open circles. They show reasonable agreement with the correla¬ 
tion A-A for fluidized catalyst beds, where the data for 7.9-cm diameter 
with u c < 30 cm/sec are omitted. 

3. Mean Slip Velocity of Bubbles 

The mean bubble size in a fluidized bed « s has been discussed in Section 
II,B. As discussed, d 32 for a fluidized catalyst bed of good fluidity may be 
taken as approximately 5.0 cm [cf. Figs. 10 and 11, and Eq. (2-11)] for 
U G 2 10 cm/sec. With Eq. (3-33), this d 32 gives = 49.5 cm/sec, which is 
shown in Fig. 34 as a dashed line. It is interesting that the mean slip 
velocity is essentially the same as for a bubble column, when U G 2 20 
cm/sec. As noted in Section II,B, d 32 and w s are very sensitive to change in 
particle size, size distribution, shape, and density. 

4. Bubble Volume Fraction 

The averaged volume fraction c b , calculated by Eq. (3-25), is shown in 
Fig. 36, for bubble columns and also for FCC-catalyst beds (M40). The 
mean slip velocity of bubbles is again taken as Ug = 49.5 cm/sec. Also, v t 
is calculated by Eq. (3-3 la) for curve FQF and by Eq. (3-31) for curve 
FQP, while curve EE is an empirical fit of the data. As in the case of a 
bubble column, curve FQP matches better with curve EE, although FQP 
is consistently higher. Curve EE tends to decrease the slope for 
U G £ 7-8 cm/sec, perhaps due to the decrease in m s ; the scatter of data 
makes the behavior unclear. This is explained by the difference in the 
region of U G < 20 cm/sec. The bubble column shows higher e b values than 
those for the fluidized bed, which is due to the bubble column’s lower u s 
(cf. Fig. 34). 

5. Solution for i-\ and w s 

As shown above, w s is constant at about 49.5 cm/sec for a fluidized 
catalyst bed of good fluidity when U G > 7-8 cm/sec. Hence p t and « s are 



330 


MIYAUCHI, FURUSAKI, MOROOKA, AND IKEDA 


obtained in this range by plotting the variables of Eq. (3-34) as deter¬ 
mined from the experimental data. Figure 38 shows the calculation, with 
gas holdup data taken from curve EE forD T = 19.0 cm in Fig. 36. The 
resulting turbulent kinematic viscosity, lower than would be obtained 
from curve FQP in Fig. 36 or curve A A in Fig. 33, is shown in Fig. 33 as 
open triangles. 

In summary, the calculations show convincingly that modern 
fluidized-catalyst-bed technology has attained an emulsion fluidity nearly 
equivalent to that of low-viscosity liquids. With such fluidity, data ob¬ 
tained for a bubble column shed light on the performance of a fluidized 
catalyst bed, and vice versa. 

IV. Longitudinal Dispersion Phenomena as Derived from Flow Properties 

Longitudinal dispersion in the continuous phase (the liquid phase for a 
bubble column, and the emulsion phase for a fluidized catalyst bed) is 
closely related to flow properties of the equipment. Here, we wish to 
describe the longitudinal dispersion phenomena in terms of the fluid- 
dynamic properties of the equipment. The prime purpose is to test 
whether the fluid-dynamic analysis developed earlier is sound, but lon- 



Fig. 38. Simultaneous determination of v t and « s0 from mean gas holdup data by using 
Eq. (3-34). 
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gitudinal dispersion itself is important for estimating the reactor perfor¬ 
mance (D2, G17, Kll, L9, M20, P4, S8, VI1, Yl). 


A. Theory of Longitudinal Dispersion for the Recirculation 
Flow Regime 

A gas bubble column is taken here as a model equipment undergoing 
longitudinal dispersion of the continuous phase. The theory obtained is 
equally applicable to a fluidized catalyst bed of good fluidity exhibiting 
similar flow properties. The following procedure is from Miyauchi (M27). 

1. Underlying Concept 

In the bubble column the velocity profile of recirculating liquid is shown 
in Fig. 27, where the momentum of the mixed gas and liquid phases 
diffuses radially, controlled by the turbulent kinematic viscosity v t . When 
U L = 0 (essentially no liquid feed), there is still an intense recirculation 
flow inside the column. If a tracer solution is introduced at a given cross 
section of the column, the solution diffuses radially with the radial diffu¬ 
sion coefficient E r and axially with the axial diffusion coefficient E z . At the 
same time the tracer solution is transported axially by the recirculating 
liquid flow. Thus, the tracer material disperses axially by virtue of both 
the axial diflfusivity E z and the combined effect of radial diffusion and the 
radial velocity profile. 

The latter mechanism assumed is the well-known Taylor dispersion 
(T9, T10, Til), which has been studied extensively (All, G6, L9, T14, 
S2). High-speed motion pictures taken by To well et al. (T23) in a 40-cm 
bubble column (R3) have shown the presence of turbulent eddies, on a scale 
roughly equal to the column diameter, with systematic large-scale circula¬ 
tion patterns superimposed. Their pictures showed that liquid near the 
wall flowed downward, while liquid near the center of the column flowed 
upward, consistent with the flow theory developed earlier and with the 
Taylor dispersion mechanism. 

Axial dispersion in the bubble column is usually well expressed by the 
following one-dimensional diffusion model with respect to liquid concen¬ 
tration c: 


dc/66 = d 2 c/dz 2 - u dc/dz - <&(c) (4-1) 

where E zr is the total axial dispersion coefficient (interstitial value), u is 
defined by u — U L /e L , the mean interstitial liquid velocity, and d>(c) is the 
reaction or mass-transfer term. The total dispersion coefficient E z t is split 
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into the contributions of two mechanisms: 

Eg T = E zr + E z (4-2) 

where E zr is the contribution of Taylor dispersion, and E z that of the usual 
axial diffusion averaged over the entire column cross-sectional area. 

The total dispersion coefficient is usually determined by measuring the 
concentration distribution of tracer material steadily back-mixed up¬ 
stream, or by knowing the impulse response of the column for tracer 
liquid (see Section IV,A,3). 

2, Basic Relations 

The equation of continuity for the liquid phase of the bubble column is 
obtained from a mass balance on tracer material for differential gas-liquid 
mixed phases. With the same procedure as for a homogeneous flow, the 
following equation is obtained when 4>(c) = 0 and the aspect ratio 
L/D t » 1: 



Here, the axial diffusion term, e L E 2 d 2 c/dz 2 , is tentatively omitted for 
simplicity, and the radial mass flux N r (with v m = e h E r for simplicity) is 
defined by 

N r = ~€ l E t dc/dr — — v m dc/dr (4-4) 

When the reference plane moves with mean net liquid velocity of 
— U L /(l ~ € b ) (+ indicates cocurrent and - countercurrent), Eq. (4-3) 
remains valid; w, the liquid velocity relative to the moving reference 
plane, is given from Eqs, (3-15) and (3-17) by setting U L = 0. This is 
justified because the net flow term, which defines the moving reference 
plane, cancels with the net flow term included in the linear velocity term 
u , [see Eqs. (3-15) and (3-17)]. In what follows in this section we take u as 
velocity relative to the moving plane. 

We now consider the case of steady back-mixing experiment to mea¬ 
sure the total axial diffusivity E zT . A small amount of fresh liquid is con¬ 
tinuously introduced into the column cocurrently or countercurrently with 
the gas flow. A still smaller amount of tracer liquid is steadily introduced 
at a downstream section. Under such circumstances the concentration 
distribution of the tracer at a given cross section is steady, and the axial 
concentration gradient dc/dz is constant radially. As a consequence, Eq. 
(4-3) simplifies to 



with dc/dz almost independent of r at the steady state. 


(4-5) 
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The axial dispersion coefficient E zr given by the Taylor mechanism for 
the above case is given by the procedure of Tichacek et al. (T14) for 
turbulent pipe flow. Integrating Eq. (4-5) twice with respect to r , one has 

dc f r dr f r . 

vj . u,Lrdr <4 - 6) 

The net transport Q past any reference plane moving with liquid at 

the mean velocity ±U L /( 1 - i b ) is 

Q - 2tt J* (c r - c R )ue L r dr (4-7) 

Q is seen to be proportional to the axial concentration gradient dc/dz 
when Eqs. (4-6) and (4-7) are combined. Hence the mean axial disper¬ 
sion coefficient E zr is defined by 

Q = - 7 TR 2 i L E £r (dc/dz) (4-8) 

Combining Eqs. (4-6)-(4-8), E zr is given by 

E„ = - # f €l«<M4> \*f (4-9) 

JO J 1 Vmty Jo 

where <t> = r/R , and u is obtained from Eqs. (3-15) and (3-17) by setting 
U L = 0 . 


3. Radial and Axial Diffusivity ; Simplification of Eq, {4-9) 

For integrating Eq. (4-9), v m {= e L E r ) should be known as a function of </> 
and operating variables. However, the momentum diffusivity is the only 
term we know, with essentially no systematic data for v m . In the case of 
free turbulence of a homogeneous fluid, the diffusivity of a scalar quantity 
like heat and mass is estimated to be about two times that of momentum 
(S4) and the two diffusivities are not far apart for turbulent pipe flow (S8). 
However, such a relation is not available yet for gas-liquid bubble flow in 
bubble columns. Generally the local radial mass diffusivity v m may be 
expressed by av u with a being a numerical coefficient of order unity. 

In the recirculation flow regime Eissa et al. (E6) have reported radial 
diffusivities E r of 1.21 cm 2 /sec at U G = 6.3 cm/sec and 1.26 cm 2 /sec at 
7.8 cm/sec for a 5-cm-diam bubble column equipped with a multiple- 
orifice-plate gas distributor. These diffusivities amount to 60% of the eddy 
kinematic viscosity; v x = 2 cm 2 /sec forD T = 5 cm (Fig. 31). Reith et al. 
(R3) have measured a radial diffusivity of 10 cm 2 /sec at U G — 9.3 cm/sec 
for a 14-cm-diam bubble column equipped with a perforated plate orifice 
having one 2-mm-diam hole per cm 2 ; this is slightly lower than the average 
kinematic viscosity for the same size column {v x - 11.4 cm 2 /sec). At U G of 
6.0 and 10 cm/sec, Pozin et al. (P6) report a radial diffusivity of 35-40 
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cm 2 /sec in the core region of a 30-cm-diam bubble column with a gas 
distributor plate having 1.5% free area with 2.5-mm hole diam. The turbu¬ 
lent kinematic viscosity read from Fig. 31 is 42 cm 2 /sec for a 30-cm-diam 
column. 

As for axial diffusivity E z included in Eq. (4-2), the situation is not much 
different from that for radial diffusivity. Pozin et ai (P6) report that the 
mean value of axial diffusivity E z is 2.5 times the value of £ r , when radial 
and axial diffusion are assumed to be homogeneous and nonisotropic 
throughout the bubble column. Hence it is reasonable to assume for the 
local axial diffusion coefficient E z - £E r , with £ of order unity. On the 
other hand, one has the relations that E r = v m /e L [see Eq. (4-4)] and 
v m = av u so thatE* equals the product (a£/e L )jv Accordingly, the cross- 
sectionally averaged axial diffusivity E z is expressed by the relation 
E z = (a£/€ L > t , where the overbar shows an effective mean value. 

Two approximations are introduced, for simplicity, to perform the in¬ 
tegration of Eq. (4-9) for the Taylor mechanism dispersion coefficient E zr . 
First, the term v m included in the second integral of Eq. (4-9) is eliminated 
from the integral by taking an effective mean value v m (- av t ), with a 
being a mean of a. Second, the local liquid holdup e L is eliminated from 
the multiple integral by using the mean liquid holdup e L , with a correction 
factor/ of order unity (/ >1). 

With these simplifications, Eq. (4-2) is rewritten for subsequent use: 

E zT = - ^ q r j u(f>d<f>j u<j) d<f> + q z v t (4-10) 

where q r and q z are defined by q r - fejot and q z = a£/€ L , respectively. 
Properties of q r and q z are not yet evident from experiment, but they are 
of order unity and should be weak functions of the superficial gas velocity 
U G because they include the liquid holdup e L . Also, q z increases and q r just 
as e L decreases, with increasing U G . 

In regard to axial dispersion in unbaffled bubble-flow equipment like 
liquid-liquid spray columns, gas bubble columns, or fluidized catalyst 
beds, a close similarity has been supposed as a result of bubble flow and of 
turbulence induced by bubbles (B3, M33). Baird and Rice (B3) have as¬ 
sumed that the Kolmogoroff concept for eddy viscosity in isotropic turbu¬ 
lence is applicable to evaluate E zT in the unbaffled bubble column under 
turbulent conditions, concluding that E zT is 0.35 D£ /3 eJ{ 3 in cm-sec units, 
with € m the rate of energy dissipation per unit mass of continuous phase. 
Experimental observations indicate that axial dispersion follows the 
Taylor dispersion mechanism. 

The eddy viscosity v { as given earlier for bubble columns has also been 
correlated (M27) according to KolmogorofTs local-isotropy concept, to 
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relate v t for the columns with data for atmospheric turbulence taken by 
Richardson (R6, Ol). This approach gives v t approximately equal to 0.12 
^ /3 €m 3 in cm-sec units; for atmospheric turbulence e m is assumed to be 5 
cm 2 /sec 3 (01) and / one-half the distance between pairs of observational 
points; for the bubble column / is assumed to be one-half the column 
radius. Physically the Prandtl hypothesis may be a sounder approach. 

B. Longitudinal Dispersion in a Bubble Column 

Many data are available for the longitudinal dispersion coefficient of the 
bubble column in the recirculation flow regime. Most are summarized in 
Fig. 39. Of these, Kato and Nishiwaki (K6, (D and O), Ohki and Inoue 



TJ 6 [cm sec] 

Fig. 39. Longitudinal dispersion coefficients of liquid in bubble columns (SN = single 
nozzle; PP * perforated plate). The full circles are calculated with the use of Eq. (4-12). 
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(02), Towell (T24, <8>), and Hikita and Kikukawa (Hll) have utilized a 
pulse response technique or step response; and the rest of the data have 
been obtained by the steady back-mixing method. These are correlated as 
follows (M27). 

1. Basic Relations for Longitudinal Dispersion Coefficient 

Equation (4-10) is solved for the bubble column by utilizing Eqs. (3-15) 
and (3-17) for u ; the u included in Eq. (4-10) is obtained by setting U L = 0 
in the two earlier equations. The final expression, in cm-sec units, is 

- TTsWl! + + t 4 - 11 * 

For bubble columns of relatively small diameter the first right-hand-side 
term of Eq. (4-11) is much larger than the second term, so that E zT is 
nearly proportional to D%/v\ at a given U G . As a consequence, the func¬ 
tional dependence of v { on D T can be tested accurately by inspecting the 
dependence of E zT on D T . 

Introducing Eq. (3-32) for v t and Eq. (3-28) for € b , Eq. (4-11) is trans¬ 
formed in cm-sec units to 

= (E, tWu. = [o.922 + (1 ] WW (4 ' 12) 

where empirically q r = 1.864 IU l d A and*?* = 0.813 uy* 2 , with U G in cm/sec, 
to give Eq. (4-11) the best match with experimental data. The given de¬ 
pendence of q r and q z on t/ G looks qualitatively sound, but note that a 
slight change in the dependence of v t and e b on IJ G and D T results in a large 
influence on q r and <?*. 

2. Comparison of Theory with Experiment 

The total axial dispersion coefficient E ih calculated by Eq. (4-12) is 
shown in Fig. 39 as a function ofD T and U G . Agreement with experiment 
seems satisfactory except for data from Argo and Cova (A 10), who used 
an off-center single-pipe gas distributor tending to create tangential swirl¬ 
ing motion, which may have modified the liquid recirculation flow pattern. 
They also found a higher gas holdup e b than is given by the correlation 
utilized in Eq. (4-12), which could also lead to higher £* L . Their axial- 
dispersion coefficients correspond toD T = 65 cm, about 1.5 times that of 
their column. Data of Aoyama et al. (A9) for 5-, 10-, and 20-cm-diam 
columns equipped using a sieve plate as a gas distributor fall slightly 
above the calculated curves. 

The superficial liquid velocity varies over the range of 0-2.18 cm/sec for 
the data available; this seems to have very little effect except at very low 
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gas velocity. Also, the gas distributor construction has little effect in the 
recirculation flow regime, provided the distributor holes are placed sym¬ 
metric around the column axis. 

Eq. (4-12) is simplified further by approximating the term in parentheses 
as a function of U G . In cm-sec units this leads to 

E zL = 1.35 (4-13) 

for U G = 5-60 cm/sec. For D r = 10-30 cm Eq. (4-13) is modified to 

U g D t /E zL = 2.0{U G /(gD T ) il2 y !2 (4-14) 

which is nearly the same as the dimensionless correlation by Kato and 
Nishiwaki (K6) for U G /(gD T ) 112 > 0.03. Also, Aoyama et al. (A9) report 
that E z L is proportional to D% 2 for the columns with a sieve plate as a gas 
distributor. An empirical correlation by Bedura et al. (B7) gives EzL equal 
to 2AU%™D\ A . 

Some correlations are available for the apparent axial diffusivity i L E zL . 
Towell and Ackerman (T24) have given i L E zL = 1.23 Uy 2 D% 12 . Deckweret 
aL (D14) obtain the same relation with 2.0 in place of 1.23. Towell and 
Ackerman’s correlation is reduced to E zh ^ 1.5 U% S D% 2 in cm-sec units. 

Equation (4-12) explains the axial dispersion coefficient reasonably well, 
as shown in Fig. 39, where the range of experimental variables isD T >10 
cm, the perforation hole size >2 mm and U L s 2.18 cm/sec, and the liquid 
is water or aqueous solutions with the liquid viscosity between 0.86 and 
14.5 cp. and the surface tension = 33-75.5 dyne/cm. 

At low gas rate, the size of gas bubbles and the gas hold-up are fairly 
sensitive to the gas-distributor structure (A9, F7, K17, 02, T15). Mixing 
and bulk recirculation of liquid are induced by the interaction of liquid and 
bubble motion, so that axial dispersion is influenced by the structure of 
gas distributor and may show strange behavior (A9, 02). For example, 
Ohki and Inoue (02, Fig. 9) show that£* L increases rapidly with U G to a 
maximum at U G = 5 cm/sec, then decreases gradually, and approaches 
typical recirculation-flow behavior regime at around U G - 16 cm/sec. In 
this example a sieve plate with 91 holes of 0.4-mm diam is utilized for a 
16-cm-diam column. Aoyama et al. (A9) found maximum and minimum 
E z L in the low-gas-flow rate region of their 5.0-cm-diam bubble column 
using a sintered porous plate for gas distribution. These anomalies are 
closely related to the properties of bubble holdup in the transition from 
bubble flow to the ultimate circulation flow with increasing U G . The prop¬ 
erties of axial dispersion in these flow regimes may be explained by the 
Taylor dispersion mechanism (T9, All); thus. 
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where k 0 is a constant characteristic of the liquid flow pattern and u is an 
effective mean liquid velocity, and measures the axial spread of liquid due 
to velocity distribution. When many small bubbles of uniform size are 
generated and rise up through the liquid rather homogeneously, the liquid 
flow pattern and velocity are modified and radial mixing is suppressed. E zr 
changes as a result of relative magnitude u 2 and koE r , sometimes increas¬ 
ing or decreasing quite rapidly as U G increases. 

For organic liquid aeration, Hikita and Kikukawa (Hll) show that 
Eg L a 1 /ml 12 with negligible effect of surface tension. Alexander and 
Shah (A5) obtain essentially no effect of liquid viscosity jjl l or surface 
tension on E zL . 

For recirculation flow the Taylor dispersion mechanism was introduced 
by Shyu and Miyauchi (S13). Equation (4-12) is a revised result for it. For 
this flow regime, Ohki and Inoue (02) developed an expansion model with 
parameters adjusted to the data available, and also introduced the Taylor 
dispersion mechanism for the low-gas-velocity region of uniform bubble 
flow. 


C. Longitudinal Dispersion in a Fluidized Catalyst Bed 

Most data available from past studies are summarized in Figs. 40 and 41 
for the longitudinal dispersion coefficient of the emulsion phase in 
fluidized catalyst beds of good fluidity. Such coefficients were first mea¬ 
sured in the pioneer work of Bart (1950, B20) for a wide range of gas 
velocity (C/ G = 7.5-90 cm/sec). His values with a 3.2-cm-diam column are 
approximately one-half those by Morooka et al. (M40) in the higher flow 
rate region. The basis for their correlation follows (M27). 

1. Underlying Concept for Longitudinal Dispersion 

When the velocity profile of the emulsion phase is similar to that of the 
liquid phase in a bubble column, Eq. (4-11) will apply to the fluidized 
catalyst bed. This similarity seems to be well justified as mentioned in 
Sections III,A,4-5, although there is no direct calculation of the turbulent 
kinematic viscosity p t from the measurement of velocity profile in the 
fluidized catalyst bed. 

For bubble columns E^ is estimated from Eq. (4-11) by determining 
v x and e b . For the fluidized bed, reversing the process utilized for the 
bubble column, can be calculated from e b and an experimental E z t. 
As discussed in Section IV,B,1, E zr is approximately proportional to 
D^/pf at a given f/ G , so that the dependence of p { onD T is fairly accurately 
determined. Also, the p t dependence on U G should be weak as mentioned 
in Section III,A,4 in relation to the Prandtl hypothesis. Systematic data 
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for v { of the fluidized catalyst bed are not yet available from flow 
properties. 

For the FCB we adopt the notation E * instead of£* x . Experimental data 
for Ezs have been processed to know how they relate toD x under a given 
U G and to U G under a givenD x . With these relations in hand, Eq. (4-11) is 
utilized to find the turbulent kinematic viscosity v t of the fluid catalyst bed 
as a function of D x and U G , applying the q r and q z utilized for the bubble 
columns [Eq. (4-12)]. The v x thus obtained has been given in Fig. 32 as 
curve A-A, matching Eq. (3-3 la). As is evident from Fig. 32, the turbulent 
kinematic viscosity for a fluidized catalyst bed with good fluidity is ap¬ 
proximately the same as for the bubble column, and this suggests strongly 
that the two systems behave similarly. In the recirculation flow, for ex¬ 
ample, the emulsion phase should be in intense turbulence. The bubble 
sizes in this flow regime should be similar for the two cases as is found in 
Fig. 34. 

Introducing Eq. (3-3 la) for v x into Eq. (4-11), again taking q r and q z 
from Eq. (4-12), the longitudinal dispersion coefficient E^ of the emulsion 
phase is given in cm-sec units as follows; 

Ez. (^zT Emulsion 

= { 9.05 [ yj + (1 J- J2 ] m- 90 + 0.064DV 70 } UU* (4-16) 

The equation applies for to U G ^ 10 cm/sec, utilizing the approximation 
taken for e b . The equation simplifies further, with a slight change in coeffi¬ 
cient to fit best the data available (in cm-sec units): 

E zs = 12.0 UH 2 D^ (4-17) 

where the range of parameters is U G = 10-50 cm/sec and D r = 3.2-200 
cm. 


2. Comparison of Eq. (4-16) with Experimental Data 

The total axial dispersion coefficient E zs of the emulsion phase calcu¬ 
lated from Eq. (4-16) is shown in Figs. 40 and 41 as a function ofD x and 
U G , in reasonable agreement with experimental data. The E^ shown 
here are for particles of good fluidity. Also, note in Figs. 40 and 41 that the 
second term in the right-hand side of Eq. (4-16) tends to be significant as 
D T increases. At U G = 20 cm/sec the contribution of this term to E * s is 
10% forZ) x = 100 cm and 22% forD x = 300 cm. At U G = 50 cm/sec the 
contribution decreases down to about 0.75 times the mentioned levels. 

Figure 41 illustrates the influence ofD x and the properties of bed parti¬ 
cles on£*s at U G = 20 cm/sec. Although data from de Vries et al. (D8, V8, 
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U, [cm/sec] 

Fig. 40. Longitudinal dispersion coefficient E zs of emulsion phase in fluidized catalyst 
beds as a function of t/ G and D T . 

®) and those from de Groot (D7, V8, ©) deviate from those for FCC 
particles at smaller or larger bed diameters, respectively, the general trend 
is nearly parallel. 

The turbulent kinematic viscosity v t of the fluidized catalyst bed has 
been determined, as Eq. (3-31 a), from the use of axial dispersion coefficient 
£«. This is a natural consequence of the analogy between the bubble 
column and the fluidized catalyst bed of good fluidity (such as in fluidized 
catalytic cracking). The mean gas holdup (Fig. 36) and the mean bubble 
velocity along the bed axis (Fig. 37) are reasonably well predicted by 
applying Eq. (3-3la) for the fluidized cracking catalysj: bed. 

V. Bubble Phenomena in Relation to Bed Performance 

The bubble holdup e b for a bubble column or for a fluidized bed is easily 
obtained as a function of superficial gas velocity U G . Useful information 
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Fig. 41. Influence of particle properties on axial dispersion of the emulsion phase; 
U G = 20 cm/sec with variable bed diameter Z) T ; keys are given in Fig. 40. Data by May 
(U G = 25 cm/sec) and those by Sternerding ( U G = 10 cm/sec) are extrapolated to U G = 20 
cm/sec according to Fig. 40. 

has been extracted from the € b versus U G relation for the fluidized bed 
(D3, N4, P8, T29). In recirculation flow an additional term appears in the 
apparent mean slip velocity shown on the right-hand side of Eq. (3-23b). 
This equation has been utilized to determine the turbulent kinematic vis¬ 
cosity v { and the mean slip velocity u s (cf. Sections III,B,2, III,B,5, and 
III,D,5). In this chapter, the equation is further examined in relation to 
bed performance, since the turbulence properties of the bed result from 
interaction between bubbles and the continuous phase. As shown in Fig. 
34, the mean slip velocity of bubbles in a fluidized catalyst bed of good 
fluidity is essentially the same as that for a bubble column when U G > 20 
cm/sec. A criterion under which bubble size approaches a dynamic 
equilibrium is obviously needed for predicting or evaluating the perfor¬ 
mance of scaled-up beds. 


A. Mean Bubble Velocity without Bulk Recirculation 

A brief survey is needed here of bubble flow, with or without a bubble 
wake. Bubbles of a uniform size are generated by a gas distributor and rise 
uniformly through the continuous liquid phase in a bubble column, or 
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through the emulsion phase for a fluidized catalyst bed. This one¬ 
dimensional bubble flow has been discussed extensively (B14, D4, N4, 
Z7). A bubble column without continuous liquid feed (U L - 0) is taken for 
simplicity. 

1. Velocity of the Bubbles 

Case a of Fig. 42 shows the steady bubbling of gas through stagnant 
liquid in a bubble column, according to Nicklin (N4), where U L = 0. 
Superficial gas velocity U G is related to the ascending velocity u b of bub¬ 
bles relative to the wall: 


U G /i h = u b (5-1) 

where e b is the gas holdup under continuous bubbling. 

Case b of Fig. 42 shows bubbles in exactly the same configuration, but 
rising relative to the stagnant liquid above in a swarm of finite size. In this 
case the bubble swarm has the same gas holdup i h as case a, but rises at a 
velocity u b0 (relative to the wall) different from u b . In case a there is no net 
flow of liquid across the section A-A'. In case b there must be a net 
downward flow of liquid across the section A-A' to cancel the upward 
flow of gas. 

The net downward flow of liquid is the amount necessary to fill in the 
bubble cavities left behind the swarm per unit time, i.e., e b w b0 . Hence the 
interstitial velocity of the downward flow of liquid through the bubble 
swarm is e b n b0 /(l - e b ), and the ascending velocity of the swarm is re¬ 
duced from u b by this amount: 

Mho = u b — € b w b0 /(l — e b ) (5-2) 

Free 



Fig. 42. Example of the rise of swarm of bubbles: (a) for continuous bubbling; (b) for a 
rising swarm of bubbles. 
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Equations (5-1) and (5-2) give the following relation (N4): 

V G /^h = W b = WbO + U G (5-3) 

Taking U G - U m( instead of U G , Eq. (5-3) is equally applicable to the 
fluidized bed, where U mf is the superficial velocity at incipient fluidization 
and is usually negligible in comparison with U G for the fluidized catalyst 
bed. 

Nicklin et al. (N5) have shown that an equation similar to Eq. (5-3) 
is ap plicab le to slug flow. A single slug rises at a velocity equal to 
0.35VgD x . If Eq. (5-3) is modified to allow for a non uniform velocity 
profile in the liquid regions between the slugs, an empirical equation 
results: 


U G /i b =1.2 U G + 0.35(gD T y 12 (5-4a) 

For fluidized beds Eq. (5-4a) is modified (D3, G19, 07, P10, S19): 

(U G - U mf )/i b = (U G - U m( ) + 0.35 (gD T r* (5-4b) 

The onset of slugging represents the terminal stage of bubble coalescence 
when a bubble spans the entire cross section of the bubble column (B15, 
S21). 

If the bubbles in case a of Fig. 42 do not interfere with each other (D3), 
then the velocity of the bubbles should equal the free-rise velocity u s0 of a 
single bubble in a cross-sectional area of liquid large enough for the liquid 
phase to have no net vertical velocity. This has been indicated by Tbrner 
(T28) in regard to the fluidized bed, for which he modified Eq. (5-1) to the 
form 


« b = (U G - U mt )/i b = u s0 = 0.71g'«n' 6 (5-5) 

where V b is the volume of a spherical-cap bubble. This relation has been 
once applied to a bubbling bed (L5), but later abandoned (F12). 


2. Influence of the Bubble Wake 

So far, the influence of bubble wake on mean bubble velocity ii b relative 
to the column wall has not been mentioned, since Eq. (5-3) has been 
formulated on the basis of w b0 , which already includes the effect of the 
wake (although it lacks a correction for wake fraction). In bubbling-bed 
models (F10, F12, K24, L5, S18) an upward flow of solid carried by the 
bubbles and bubble wakes leads to a downflow of solid (that has been 
assumed uniform) in the remainder of the bed. Then the bubble velocity u b 
relative to bed wall should be smaller than the slip velocity of the bubble 
« s relative to emulsion, since the bubble phase is retarded by downflow of 
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solid. The rate of downflow of solid will be a maximum when the wake is 
formed at the gas inlet and released at the free surface without being 
renewed during the travel; also, the rate of downflow will be essentially 
zero when renewal is very fast during the travel. The actual situation lies 
between these two extremes (R17); and essentially the same situation 
applies in the gas bubble column. 

We now consider the extreme case of negligible renewal of bubble wake 
for a continuously bubbling bed. The wake fraction in the bed is f w i b . The 
bubble phase is composed of a bubble and a wake, and the fraction of this 
phase is (1 + f w )i b . In the bubbling-bed model (F12, K24) the bubble 
phase is assumed to ascend at velocity u s relative to the emulsion phase. 
The rate of release of wake solid at the free surface of the bed is then 
/ w «b«b. where w b is the rising velocity of the bubble phase relative to the 
bed wall. Released solid constitutes the downward return flow through the 
emulsion, its velocity being given by f w e b u b /[l - (1 + / w )«b]- This return 
flow retards the ascending motion of the bubble phase, and leads to the 
following relations: 

«b = «s -/w«b«b/[l - (1 +/w)«bl (5-6) 

or 

u b = (U G - U m( )/i b = [1 - / w € b /( 1 - i b )]u & (5-7) 

As a consequence u b is always smaller than the slip velocity u s for the 
extreme case of negligible renewal of the wake and equals « s when / w = 0 
or when the rate of renewal is very rapid for finite/ w . In the latter example 
the wake loses its identity relative to the emulsion. 

In conclusion, for a homogeneously bubbling bed, the velocity of bub¬ 
ble rise u b relative to the bed wall is equal to or lower than the bubble slip 
velocity u s relative to the continuous phase. 

B. Mean Bubble Velocity with Bulk Recirculation 

This section is concerned with the behavior of Eq. (3-23b) when applied 
to all bubble-flow equipment (M27). 

In the preceding section the bubble velocity u b in a homogeneously 
bubbling bed has been shown to be no greater than the slip velocity u s . 
However, numerous measurements do show u b exceeding n s ; they are 
generally expressed by the following empirical formula, with /3 an empiri¬ 
cal coefficient characteristic of the flow properties: 

= (t/ G - U mr )/i b = u s + p(U G - U mt ) (5-8) 

where U m{ is the superficial gas velocity at incipient fluidization and is zero 
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for the bubble column; m s is the mean slip velocity of bubbles, equal to the 
free-rise velocity w s0 when the interaction between bubbles is negligible. 
Towell et al. (T23) give /3 = 2 for their 40-cm-diam. bubble column under 
fairly high speed aeration. In Davidson and Harrison’s well-known equa¬ 
tion (D4), 0 equals unity with u s = u s0 , although their equation is derived 
on the basis of homogeneous bubble flow. 

1. Simplified Recirculation-Flow Model 

The relation given by Eq. (5-8) is obtained easily for a bulk recirculation 
flow of the continuous phase. We consider a bubble column of radius/? in 
which the column liquid is in upflow centrally with a constant interstitial 
velocity u iu . Peripherally the liquid descends, forming a recirculation flow. 
For simplicity, it is assumed 2 that gas bubbles distribute uniformly in the 
central upflowing liquid and ascend with it, and that no bubbles rise 
through the peripheral downflow. Here, the mean gas holdup of the 
upflow is e b , and that averaged over the total column cross section is e b . 

The bubble wake released at the free surface, joined with the upflow, 
constitutes the downflow; so that there is no downward return flow 
through the bubble layer. Under these circumstances, the mean bubble 
velocity u b relative to the column wall is 

«b = Ms + Mfu (5-9) 

The mass balance for the bubble phase gives 

irR 2 U G = 77T?6 b ,M b (5-10) 

where r, is the radius of the central upflow stream. In Eq. (5-10) 7rr 2 ,e b . is 
obviously equal to 7 r/? 2 e b . Hence 

M b = U G /i b = ii s + ii lu (5-11) 

In this simple example « !u corresponds to fi{U G - t/ mf ), with U m! = 0, in 
Eq. (5-8), and the bubble wake shows no influence on u b . Here the simple 
recirculation flow gives the additional term « (u even if there is no turbulent 
motion. 

2 When a gas bubble column of D T = 20 cm is operated at f/ G = 20 cm/sec, the fraction of 
gas throughput which rises through the central upflow zone amounts to 89.3% of the total 
gas, where the fraction ^ is given as follows: 

(Pb ~ (ttR 2 U g )~' f 2irr(u + « s )« b dr 

J 0 

_ , _ /, _ «o/2 \ 1 ~ 1.5€ b 

V U a /h) 3d -4) 

Hence, the simplification of 100% is not unreasonable. 
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2. Properties of the Bubble Wake 

For one-dimensional homogeneous bubble flow, the wake usually re¬ 
duces the ascending velocity u h of the bubbles. The extent of reduction, 
however, depends on the rate of wake renewal, as shown in Section 
V,A,2. For the case of Section V,B,1, the wake has no influence on w b . 
Thus the way by which the wake influences u h depends strongly on the 
physical situation encountered. In what follows the typical recirculation 
flow under intense turbulence will be treated, since this is the focus of our 
interest. We now show that the influence of the wake can be neglected in 
this flow regime. 

Several investigators have observed the size of wakes in the turbulent 
flow field. Ahlborn (Al) has observed that the wake formed behind a solid 
cylinder gets much smaller as the cylinder approaches a turbulence grid. 
Kojima et al. (K16) observe for a spherical-cap bubble that the size of 
wake when the main stream is disturbed by a turbulence grid is not much 
different from when the main turbulent stream is undisturbed. They indi¬ 
cate that the volume of wake is approximately 4.7 times greater than the 
bubble volume. However, their bubbles are located downstream from a 
turbulence-promoting bar (a single glass cylinder of 1-cm diameter) a dis¬ 
tance 8.3-38 times the bubble diameter, e.g., these bubbles would be 
located 15 cm downstream from the bar. Accordingly the bubbles do not 
seem unstable; the shape of the bubbles changes irregularly, but the wake 
is not clear whether washed out frequently or not. 

When a spherical-cap bubble rises through a uniform swarm of smaller 
bubbles in water, velocity enhancement of the cap bubble is observed, the 
enhancement being associated with a change in its shape to an axially 
elongated form (H10, Fig. 4). In this case the wake will probably be 
reduced considerably in volume. 

We now take a frequently encountered case of a bubble column of 
20-cm diameter, operated at U G = 20 cm/sec, with water. The bubble 
holdup is about 24% [Eq. (3-28)], and many bubbles of fair sizes ascend 
irregularly through the turbulent water phase. If a wake with 4.7 times the 
bubble volume accompanied each bubble, the continuous water phase 
would be essentially composed of wakes. Hence we have no way of dis¬ 
tinguishing wakes from turbulent bulk liquid. Also, each bubble should be 
relatively spherical although of irregular shape, as suggested from Hills’ 
observations (H10) and also observed experimentally. Washing out of 
wakes seems to occur frequently, due to the irregular motion of bubbles in 
the intense turbulence. At one moment a bubble may have wake-like flow 
behind it, and at the next moment the flow may be washed out. As a 
consequence it is hard to distinguish the wakes from the turbulent bulk 
liquid. 
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When the wakes are renewed rapidly, they have little influence on bub¬ 
ble motion (Section V,A,2). A relatively small influence of wakes is par¬ 
ticularly the case when bubble motion is in the recirculation-flow regime 
(Section V,B,1). 

The influence of wake motion on bulk turbulence induced in the liquid is 
understood more clearly by inspecting oscillograms which show the fluc¬ 
tuation of local liquid velocity. Figure 43 shows such oscillograms taken 
by Kikuchi (K30) with a hot-wire probe. The bubble column is 8.0 cm in 
diameter, water-filled to a 170-cm height, with the probe 115 cm above the 
bottom gas distributor. In the column bubbles of constant volume (100 cc) 
are injected successively at constant time intervals, either at 2.1 sec (case 
a) or 0.50 sec (case b). Case c is an example of continuous bubbling at 
U G = 6.45 cm/sec. 

In case a, wake motion is obviously identified for each bubble passing 
over the probe. The local velocity of liquid changes periodically in reso¬ 
nance with the bubble frequency. The resonance, however, is consid¬ 
erably disturbed as the bubble frequency increases. The oscillogram 
shows the onset of irregular liquid motions, which have different frequen¬ 
cies from those of bubbles. The relation between wake motion and local 
liquid motion becomes quite dubious. This tendency is increased in case 
b, where liquid motion exhibits fairly low frequencies. These flow proper¬ 
ties are succeeded by continuous bubbling (case c). Here the local liquid 
motion is governed by the properties of bulk liquid motion, rather than by 
the bubble wakes. 

Based on these discussions, the influence of bubble wakes has been 
omitted in what follows, since the wake motion is difficult to distinguish 
from bulk turbulence. However, the question of wake effects has not yet 
been settled experimentally. 

3. Mean Bubble Velocity in Recirculation Flow 

Under negligible influence of bubble wakes, the gas balance for the 
bubble phase is: 

7 tR 2 U g = \ R 27rr(u + w s )e b dr (5-12) 

J o 

In the same manner as for Eq. (3-23), a radially constant mean u s is 
taken for the slip velocity w s . Also, with an obvious relation that 
e b = 1 - (1 - e b ), Eq. (5-12) is modified to 

7 tR 2 U g = 277 ru dr - j* 27ttw( 1 - e b ) dr + 7rR 2 e h u & (5-13) 

The second integral is the net liquid flow through the column and is zero 



f r r r t > it r i \ \ \ r i r i ! i i \ t : —— 

Fig. 43. Hot wire oscillogram showing the fluctuation of local liquid velocity; air-water 
system, D T = 8.0 cm, S = start of bubbling; data by T. Kikuchi. (a) Time interval is 2.1 sec 
for bubble injection, (b) Time interval is 0.5 sec. (c) Continuous bubbling at U G = 6.45 
cm/sec. 
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when U L = 0. Hence the equation simplifies to 

«„ = U G /e b = «s + U*/e b (5-14) 

where U* equals the first integral of Eq. (5-13), given in a footnote to Eq. 
(3-23b). Equation (5-14) is general for conditions of constant and no 
liquid feed, since it assumes no particular radial-velocity distribution. For 
the fluidized catalyst bed, (U G - U m{ ) is taken for U G in Eqs. (5-12)-(5-14). 

From Eqs. (5-8) and (5-14) (with U m( = 0), one has for the bubble col¬ 
umn 


p = U*/i b U G (5-15) 

In the case of recirculation flow, as developed in Section III,A, U*/i b is 
given by the second term on the right-hand side of Eq. (3-23b). Hence 

P = ( Vo/U G )i h /(l - e b ) (5-16) 

where v 0 = gD%/\92v { . When the quadratic equation with respect to e b , 
which is obtained from Eq. (3-23b), is modified into the form of Eq. (5-8), 
(3 is given as follows: 


P = 1 + (t>o " u s )i b /U G . (5-17) 

The data necessary for calculating ft using the above equations have al¬ 
ready been given in Section III. 

Figure 44 shows as calculated by Eq. (5-16) as a function of U G and 
D r . Generally, ft changes with these two parameters. ForD T = 40 cm, (3 is 



Fig. 44. 


jSasa function of U G and D T for a bubble column, where UJi b = u s + /?U G . 
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approximately 2 in conformity with Towell (T23). Also, /3 a 1.1 for the 
usual bubble columns, operated in the recirculation-flow regime. 

Figure 45 illustrates the plot of (U G - U mf )/e b versus (U G - U mt ) accord¬ 
ing to Eq. (5-8) for fluidized beds. In the figure, Eq. (5-4) is also shown for 
slugging beds. The mean gas holdup for the FCC-catalyst bed is taken 
from Fig. 36. The plot for the FCC bed shows clearly that the bed is 
fluidized smoothly, without slugging. The plot also shows data for a bed of 
fluidized glass beads of mean diameter of 287 /u,m. (Data are taken from 
W13; cf. Fig. 14). The bed behavior is seen to approach that of the slug¬ 
ging bed as (t/ G - U mS ) increases beyond 20 cm/sec. Also, the average /3 is 
approximately 0.8 for U G < 20 cm/sec, showing the possibility of bulk 
recirculation of the emulsion. 

The plot shown in Fig. 45 is useful in understanding the flow properties 
of bubble-flow equipment. Also, it is quite probable that the Davidson and 
Harrison relation (D4, PI 1) with 0 = 1 is for a fluidized bed with bulk 
recirculation, although the recirculation pattern may be different. 

C. Bubble Splitting in Turbulent Flow 

The mean slip velocity u s has been shown in Fig. 34 for the bubbles 
observed in bubble columns or in fluidized FCC beds. Here the mean 



Fic. 45. ( U Q - as a function of (U G - U mt ) for fluidized beds. FCC-catalyst 

beds show no indication of slugging. 
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bubble size remains essentially unchanged as U G increases beyond 20 
cm/sec, suggesting a dynamic balance of coalescence and splitting of 
bubbles in the turbulent flow. Recently Yamazaki et ai (Y6) have ob¬ 
served the bubble-size distribution in a FCC-catalyst bed (8.1 cm in 
diameter with a quiescent bed height of 83 cm). They used a multichannel 
hot-wire system with a resolving power of 0.5 cm in bubble size. Figure 
46a shows how the bubble size distribution at a given bed section changes 
with the height of the section z above the gas distributor (a canvas-coated 
sieve plate with 1-mm hole size). At the lower bed section, the distribution 
is unimodal, but with increasing z it shifts gradually to bimodal distribu¬ 
tion as a result of bubble coalescence. Figure 46b shows the volume- 
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Fig. 46. (a) Bubble size distribution at various heights z from the gas distributor, (b) 
Volume-surface mean bubble diameter^ as a function of z. D T = 8.1 cm, U G = 11 cm/sec, 
L q = 83 cm; air-fluidized FCC-catalyst bed (Y6). 
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surface mean bubble size calculated from the distributions; the mean size 
becomes constant withz > 3 D T . 

Clift et al. (C6), in their study of bubbles in fluidized beds, indicate that 
instead of having a discrete “maximum stable bubble size” we can expect 
bubble splitting to occur over a relatively broad and continuous range of 
bubble sizes. Whether or not a particular bubble splits will depend not 
only on size but also on angular position, wavelength, and amplitude of 
disturbances of the bubble interface. It seems likely that measured maxi¬ 
mum stable bubble diameters correspond to mean diameters for systems 
in which dynamic equilibrium has been achieved between coalescence 
and splitting. 

There are three main mechanisms which determine the bubble sizes: 
coalescence of bubbles, splitting of a bubble under a given disturbance, 
and the occurrence of disturbances in the bubble-flow equipment. The 
latter two will be discussed in what follows. (Coalescence is discussed in 
C7, M10, T16, and W10). 

1. Splitting of a Bubble 

In 1950 G. I. Taylor (T8) investigated whether a small disturbance 
superimposed on the interface between two immiscible fluids of different 
densities was amplified or damped away when the fluids were accelerated 
at a constant rate. Four years later Bellman and Pennington (BIO) devel¬ 
oped this concept further to include the influence of liquid viscosity and 
surface tension. Rice and Wilhelm (R5) applied Taylor instability to the 
mechanism of bubble formation in a fluidized bed. Recently, Clift and 
Grace (C7) have shown that the first stage of bubble splitting in a fluidized 
bed is to develop an indentation in the bubble roof, which then moves 
around the bubble periphery while growing to form a curtain of particles. 
Splitting occurs if the lower edge of the curtain reaches the base of the 
bubble before the top passes the equator. It was suggested that this phe¬ 
nomenon results from instability of the type discussed by Taylor, where a 
heavy fluid overlies a lighter one. 

For a gas bubble in liquid, Henriksen and Ostergard (H7) have observed 
that the bubble is broken up by disturbances created by the downward jet 
of liquid. According to their observation, a finger of liquid projects down 
from the roof and eventually divides the bubble in two. The reason that 
bubble breakup in methanol is easier than in water is due to lower surface 
tension. Based on these observations, they support the hypothesis of Clift 
and Grace that the bubble is broken up as a result of the Taylor instability. 

Linearized stability analysis has been performed (B10) by superposing a 
sinusoidal disturbance of wavelength X (which equals 2n/k 9 with k the 
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wave number) on the interface. The disturbance is assumed to grow with 
time 6 according to exp ( nO ), where n is the growth factor. Clift et al. (C6) 
extend the analysis to the fluidized bed, where the particles and fluid 
comprising the dense phase are considered separately by treating the 
dense phase as two superimposed, continuous fluids. If the viscosity and 
density of the fluidizing fluid are very much smaller than the correspond¬ 
ing quantities for the particulate phase (i.e., for gas fluidized beds) the 
stability analysis is found to be identical with that by Bellman and Pen¬ 
nington (BIO) for real fluids with negligible interfacial tension and with the 
upper fluid much more dense and viscous than the lower. 

Predictions from these theories for a two-dimensional interface are pre¬ 
sented in Fig. 47 for v u = 0.01-10 cm 2 /sec, cr = 0 and 60 dyn/cm for the 
upper dense phase, where the lower light phase is air at room condition. 
The curves for zero surface tension are for a fluidized bed, and the curves 
for <j = 60 dyn/cm are for a bubble column of an aqueous solution. 

In the case of zero surface tension, the analysis shows that the growth 
factors is always positive for all wavelength \, hence the disturbance is 
always amplified. Increase in dense-phase kinematic viscosity results in a 



Fig. 47. Growth factor/* as a function of wavelength of disturbance, A, and the kinematic 
viscosity of the continuous phase for zero surface tension (full curves) and for 
cr = 60 dyne/cm (dotted curves) (BIO, C6). 
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reduction in the growth factor and an increase in the most sensitive wave¬ 
length, at which n is a maximum. For the gas-fluidized bed, v u is the 
apparent kinematic viscosity of the particulate phase defined (C6) by v M = 
Mp/Pp*se> where p, p is the effective Newtonian shear viscosity of particu¬ 
late fluid, p p the density of single particle, and e se the volume fraction of 
particles in the emulsion phase. Clift et al. (C6) have shown that the 
interstitial gas velocity has virtually no effect on the stability of a bubble 
roof. In their analysis the velocity is varied in the range of 1-100 cm/sec. 

When the surface tension is finite, the disturbance tends to be sup¬ 
pressed by the surface tension, the influence of which is noticeable due to 
smaller curvature of the interface as the wavelength decreases. Hence 
there is a lower limit for wavelength, below which the growth factor takes 
negative values. The wavelength \ min where the instability is neutral is 
(H7): 

= 277(<r/p,gV' 2 (5-18) 

For an air-water system at room temperature \ min equals 1.70 cm, and for 
air-methanol \ min is 1.04 cm. The influence of surface tension on growth 
factor is shown in Fig. 47, where the behavior discussed previously is 
observed clearly. 

As noted previously, disturbances initiated on the roof of a bubble are 
swept around the periphery, so that in practice a bubble does not split 
unless the disturbance has grown sufficiently before the tip of the growing 
spike reaches the side of the bubble. Clift et al. (C6) have estimated the 
likelihood of splitting by comparing the time required for a disturbance to 
grow by a given factor with the time available for growth. 

The required growth time may be provided by r e = l/n, where r e is the 
time required for a small-amplitude disturbance to grow by a factor e . 
Although the r e approach is no longer accurate for disturbances which 
have grown beyond the scale described by the linearizeed analysis, the 
estimate is retained in the absence of a better alternative. 

An estimate of the time available for growth, r a , may be obtained from 
the dense-phase tangential velocity Utjj (equal to r b dty/dO, with i// the 
angle measured from the vertical) at the bubble-emulsion interface: 

1-a = /b f^ 2 (l/f/J (5-19) 

where the disturbance originates at \fj — t/zj. Thus r a becomes large if the 
disturbance originates very close to the nose of the bubble. Observations 
of splitting bubbles suggest that disturbances usually develop on either 
side of the nose. 

Two cases have been studied. Case A has the bubble nose a node when 
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the disturbance originates, and case B has a node located X/4 from the 
bubble nose (so that the nose is an antinode in the initial disturbance). 
With these the maximum time available for growth, r am , is calculated from 
Eq. (5-19). A bubble is liable to be split by a disturbance for which r am > 
r e ; here, only disturbances with wavelength less than the arc length from 
the nose to the equator, X =£ \ raax = nrjl, are considered, since a distur¬ 
bance with wavelength greater than X max represents a gross deformation of 
the bubble rather than a perturbation on the interface. 

Figure 48 shows the calculation for a bubble with a radius of 2 or 5 cm in 
a gas-fluidized bed. In the bed with = 4 cm 2 /sec, the bubble withr b = 
2 cm shows r am > r e for X in the range 0.35-3.1 cm, so that a disturbance in 
this range may cause splitting. However, the same bubble in the bed with 
I'm = 10 cm 2 /sec always shows r am < r e , and therefore should not split 
whatever the wavelength of the disturbance. By contrast, the bubble of 
5-cm radius in either bed is liable to be split by a broad range of X. The 
most sensitive wavelength (minimum r e ; point m in Fig. 48) does not 
correspond to the X most likely to cause splitting; in some cases X max is 
shorter than the most sensitive wavelength. When the most sensitive 
wavelength is within the range of possible disturbance, the ratio r am /r e is a 
maximum for a wavelength less than the most sensitive. 

An important conclusion of the above approximate Analysis is that the 
effective kinematic viscosity of the emulsion is the dominant factor de¬ 
termining both the initial growth of instabilities and the most sensitive 
wave number. Thus, prediction of the effect of system properties on bub¬ 
ble stability depends on prediction of the eflFect on the effective kinematic 



Fig. 48. Comparison of maximum time available for growth, r am , with time for a distur¬ 
bance to grow by a factor e , r c , for a gas-fluidized bed; disturbance is case B (after C6). 
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viscosity. Based on this concept, Clift et al. (C6) have suggested that 
bubbles split more readly in a small-particle system and that fluidization is 
more aggregative as the ratio p p /p g is increased. As for particle size dis¬ 
tribution, Tsutsui (T27) has shown that the wide size distribution of a 
standard FCC catalyst gives better fluidization than the FCC catalyst 
having a very narrow size cut with the same equivalent mean diameter. 
Geldart (G4, G5) indicates that fine particles of Group A (see Fig. 3) show 
good fluidity. Better fluidity of given particles is primarily determined by 
the volume-surface mean diameter of the particles and is not much influ¬ 
enced by their size distribution, according to Geldart. 

Basic understanding of the effective kinematic viscosity of the emulsion 
is potentially important from the viewpoint of planning and operating 
industrial fluidized beds. There are mechanisms which lead to the forma¬ 
tion of very small bubbles; these are omitted here since the performance 
of larger bubbles usually dominates the rate processes under high rates of 
aeration. 


2. Onset of Disturbances Effective in Bubble Splitting 

As explained previously Henricksen and 0stergaard (H7) have ob¬ 
served that a bubble in water or methanol is broken up by the disturbances 
created by the downward jet of the liquid. Plate A in Fig. 49 shows a 
bubble that is about to break up because of the disturbances created by 
two liquid jets. 

For a bubble to break up, disturbances should take place in the continu¬ 
ous phase, induced by the interaction between bubbles and the continuous 
phase. If the disturbances induced by an ascending bubble are almost 
completely damped away before the arrival of the next bubble, the suc¬ 
ceeding bubble will hardly be broken up by the Taylor instability. If not, 
the bubble is liable to be split by the residual disturbances. As the extent 
of disturbance increases, bubbles split to smaller sizes and finally attain a 
steady mean size and size distribution as a result of the dynamic balance 
between splitting and coalescence (cf. Fig. 49). The decay of distur¬ 
bances, however, depends on factors such as the strength of disturbances, 
viscosity of the continuous phase, frequency of bubble passage, and col¬ 
umn dimensions. 

When bubbles are successively fed to the bubble column filled with 
quiescent liquid, the first bubble will rarely be broken up due to the 
absence of disturbances on the bubble roof. The bubble rises as a slug or a 
spherical-cap bubble, depending on the gas flow rate and the column 
diameter. However, the first bubble leaves disturbances behind so that 
the succeeding bubbles will be broken up when the disturbances persist at 



FLUIDIZED CATALYST BEDS 


357 





Fig. 49. Splitting of bubble by fluid-dynamic disturbances: (a) from Henricksen and 
0stergaard (H7); (b) and (c) from T. Kikuchi. (b) Air-water system, D T - 8 cm, U G ~ 2.15 
cm/sec, continuous bubbling, (c) Air-aqueous glycerol system, D T = 8 cm, U G - 4 cm/sec, 
continuous bubbling. 
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a certain high level; this is clearly observed in plate C of Fig. 49. Plate B in 
the figure shows a large bubble about to be split by the turbulence induced 
by continuous bubbling. 

Figure 50 shows the influence of molecular kinematic viscosity v M of 
liquid on the mean bubble size, when a 15-cm-diam. bubble column is 
operated at the superficial air velocity of U G = 6.7-12.7 cm/sec (see data 
in K10). The mean bubble size is seen to increase only slightly as v M 
increases from 0.04 to 0.5-0.7 cm 2 /sec (aqueous glycerol solution); the 
flow properties here are well into the recirculation-flow regime. As 
increases beyond 0.7 cm 2 /sec the mean bubble size starts to increase 
rapidly, transferring finally to the high-viscosity branch PQ of insufficient 
breakup due to disturbances of low level. A similar phenomenon has also 
been observed for a larger-diameter bubble column by Ueyama and 
Miyauchi (U4), where a different viscosity is obtained for the flow transi¬ 
tion effective to bubble splitting. 

The mean bubble size that concerns us here is on the order of 5 cm, so 
that the Eotvos number E 0 (equal to dlgpi/cr) is well over 40 for usual 
bubble-column liquids. The bubbles are of spherical-cap type under this 
condition, which is essentially equivale nt to a Weber-number criterion We 
(equal to d b p ( «|/cr) > 20, since u s = VgdJ2 (H4, H5). The bubbles in a 
fluidized catalyst bed satisfy the above criterion, since <r ~ 0. Conse¬ 
quently, surface tension has relatively little effect, and instead the splitting 
is closely related to disturbances induced by the bulk turbulence, the 
intensity and the scale of which are mainly governed by the fluidity of the 
continuous phase and the operating gas velocity. 

Figure 51 shows the observed bubble diameter d b in fluidized beds as a 



Fig. 50. Change of mean bubble size with liquid viscosity under constant aeration. 
Aqueous glycerol solution, D r = 15 cm, U G = 6.7-12.7 cm/sec. Data by Kimura (K10). 
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Fig. 51. Observed bubble diameterversus particle terminal velocity u t ; data from 
Horio and Wen (H21). Mean bubble size by Morooka et al . (M43) and that by Yamazaki 
et al. (Y6) are added. 


function of the particle terminal velocity u t . The data are mostly taken 
from Horio and Wen (H21). Values of mean steady bubble sizes under 
turbulent aeration are from Morooka et al. (M43) and Yamazaki et al. 
(Y6). As the size of particles decreases while good fluidity is retained, 
d b tends to approach the steady bubble diameter d bs observed for bubble 
columns of low-viscosity liquids (Fig. 34). In this domain where d b d bs , 
dynamic equilibrium exists between bubbles of various sizes as a result 
of turbulent motion prevailing in the emulsion; there is a steady mean 
bubble size here rather than the maximum stable bubble size. 

The maximum stable bubble diameter d bms defined by Davidson and 
Harrison (D3) seems to apply for an emulsion of large particles, where the 
turbulent motion is weak. Bubbles tend to coalesce with each other to 
grow ultimately to d bms . The observed bubble diameter d h is closely re¬ 
lated to bubble splitting and coalescence as a result of turbulence. The 
data in Fig. 51 are expressed by an approximation that d b is the sum of d bs 
and d bms or 

d b ^bs ^bms 

= d bs + (« t /0.71 \) 2 /g 


(5-20) 
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Scientific approaches to improve bed fluidity are potentially important 
for fluidized bed technology. Also, further quantitative relations between 
bubble splitting and bed properties would be very helpful in planning and 
scaling-up fluidized catalyst beds. 


VI. Heat and Mass Transfer in Fluidized Catalyst Beds 

Heat and mass transfer constitute fundamentally important transport 
properties for design of a fluidized catalyst bed. Intense mixing of emul¬ 
sion phase with a large heat capacity results in uniform temperature at a 
level determined by the balance between the rates of heat generation from 
reaction and heat removal through wall heat transfer, and by the heat 
capacity of feed gas. However, thermal stability of the dilute phase de¬ 
pends also on the heat-diffusive power of the phase (Section IX). The 
mechanism by which a reactant gas is transferred from the bubble phase 
to the emulsion phase is part of the basic information needed to formulate 
the design equation for the bed (Sections VII-IX). These properties are 
closely related to the flow behavior of the bed (Sections II-V) and to the 
bubble dynamics. 

A. Bubble Dynamics 

Although gas bubbles ascending through the emulsion of fine catalyst 
particles are constantly splitting and coalescing (Sections II, III, and V), 
they are largely free of particles (H14, K13, T19). Such a bubble, may be 
pictured as essentially spherical, with the lower i-i of its volume occupied 
by particles (Fig. 52). As the bubble rises, it displaces solid particles 
around it and carries some particles upward in its wake. Its rise velocity w s 
is proportional to the square root of its frontal diameter. If w s is lower than 
the velocity of the interstitial gas w mf = t/ mt /e mf , the gas from the emulsion 
enters the lower part of the bubble and leaves through the roof; however, 
for small particles, u s is usually larger than w mf , and the circulation pattern 
as shown in Fig. 52 is encountered. Gas circulates up the central core of 
the bubble and, upon emerging from the roof, encounters drag from the 
particles streaming past. Consequently this gas is swept downward rela¬ 
tive to the bubble and is re-entrained at the bottom because of the prevail¬ 
ing pressure gradient there. 

It follows that as the bubble rises more quickly, the gas which emerges 
from its roof will penetrate outward a smaller distance before being swept 
downward; i.e., the limit of penetration will be nearer to the bubble wall. 
The total volume enclosed by the limit of penetration is called the cloud, 
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Fig. 52. (a) Gas and particle flow pattern near a bubble, a = 2.5 and (b) a photograph 

showing cloud size r c and bubble size r b by using N0 2 -containing-bubbIe technique, 
a = 2.5, 230 fx m ballotini (after R17). 


and the region between the bubble-cavity wall and the limit of penetration 
is called the cloud overlap. This region and part of the wake are the only 
regions where the gas in the bubble can contact particles. 

These physical pictures of bubble dynamics have been developed by 
Davidson and Harrison (D3), Murray (M46, M47), Pyle and Rose (P9), 
Rowe et al . (R17) and others. Jackson (Jl) considered that a mantle 
of bed with increased voidage exists near the roof of the bubble. Most of 
the work on fluid-mechanical theories of aggregative fluidization have 
been reviewed by Jackson (in D5). 

The radius of the cloud r c has been given by Davidson and Harrison (D3) 
for a = uju mt > I: 

rjr* - [(a + 2)/(a - l)] 1 ' 3 (6-1) 

Alternatively, Murray (M47) proposes for a > 1: 

{a - 1 )(rJr h Y - a{rjr h ) = cos 6 (6-2) 

The experiments of Stewart (S20) show (Fig. 53) that the radius of an 
observed bubble cloud at 6 = 0 falls between Eqs. (6-1) and (6-2). Figure 
54 shows the thickness of the cloud-overlap region estimated by Eqs. (6-1) 
and (6-2) for a fine microspherical catalyst fluidized by ambient air, where 
the minimum fluidization velocity U mf is calculated by Wen and Yu’s 
equation (W4). The cloud-overlap region is seen as being limited to at 
most a few layers of fine particles (M30). Rieke and Pigford (R8) observed 
experimentally for a two-dimensional fluidized bed that the gas in the 







Fig. 53. Ratio of cloud radius r c to bubble radius r b on vertical axis above three- 
dimensional bubbles. Comparison of experimental values with various theoretical predic¬ 
tions. The curve “Jackson (modified)” refers to results obtained by Jackson’s type of analy¬ 
sis, but with the Davies-Taylor type rise velocity kVgr b , where k is chosen to give the best 
fit to the experimental rise velocity (from S20 and D5). 



Fig. 54. Thickness of gas cloud. p p = 1.0g/cm 3 , € mf = 0.5, fluidized by ambient air. 
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bubble wake does not return to the bubble cavity while circulating. This is 
in conformity with the observation by Row tet al. (R17); see Fig. 52. As a 
consequence, the observed gas-flow patterns suggest that there is no di¬ 
rect gas communication between the wake and the cloud-overlap region. 

Progress in understanding the bubble dynamics has made it possible to 
formulate transport equations for heat and mass transfer through the bub¬ 
ble wall, which we now consider. 


B. Heat and Mass Transfer through the Bubble Wall 

Most of the experimental work so far has been concerned with the 
performance of an isolated bubble; few publications are available on 
fluidized catalyst beds under a high aeration rate. In 1961 van Deemter 
(VI) analyzed the transient and steady-state gas mixing data by Mason 
(given in VI) taken in a 7.6-cm-diam. cracking catalyst bed. Van Deemter 
based his calculation of the overall mass transfer coefficient k oh a h on the 
two-phase theory of fluidization. Further, axial mixing of gas and solid 
particles has been studied for fluidized catalyst beds by de Groot (D7), 
Botton (B13), van Swaay and Zuiderweg (V8), and Morookae/ al. (M42). 

For crushed silica fluidized at ambient temperature and pressure in beds 
with diameter 0.3-1.5 m, van Swaay and Zuiderweg (V8) have reported 
the apparent HTU: 

(tfob)app = = (l-8 - o^)( 3 -5 - JoTs) (6-3) 

where (// 0b ) ap p, D r , and L, are in meters. This relation is expected to apply 
for D t and L f up to 10 m, with 15% fines content of the solid (d p < 44 /am). 
The use of microspherical particles with a larger fraction of fines showed 
somewhat better mass transfer; but the dependence of HTU or of k ob a b /i b 
on bed dimensions was the same, as shown in Fig. 55. The coefficients are 
less dependent on gas velocity and bed height for particles with good 
fluidity. The data by de Groot (D7) indicate a doubtful effect of bed height, 
in contrast to Eq. (6-3). 

Morookae/ al. (M42) studied the effect of gas adsorption on mass trans¬ 
fer between bubbles and emulsion phase, while measuring the residence 
time distributions of tracer gases for helium, carbon dioxide, Freon 12, 
and Freon 22 in 12- and 19-cm-diam. free and baffled beds of cracking 
catalyst. The k ob a b values are calculated from the distributions for differ¬ 
ent gases according to the two-phase model, providing for the adsorption 
equilibrium. 

The quantity k ob a b increases with increasing superficial gas velocity U G \ 
it shows a higher value when gas is more strongly adsorbed by the parti- 
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Fig. 56. Effect of adsorption equilibrium constant on /: ob a b /€ b VD^ in free and multistep 
fluid beds (after M42). 
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Fig. 57. Effect of fines on k ob a b in fluid bed (data taken from D8). 

cles (m larger). The effect of increasing gas velocity or adding horizontal 
baffles is mainly to increase the mean bubble holdup in the bed. 

The group i ob fl b A’ b V^ is plotted in Fig. 56 as a function of the gas 
partition ratio m s . Obviously k ob increases with m s , owing to decreased 
particle-side mass-transfer resistance. Data of Yamazaki and Miyauchi 
(Y4) are plotted in Fig. 56 and match well as an extension of the Morooka 
data. Using a quick-response thermoelement, Yamazaki measured the 
temperature distributions of the bubble and emulsion phases, from which 
the overall heat-transfer coefficient is calculated for 7.9- and 19-cm-diam. 
cracking catalyst beds. Since the heat capacity of the emulsion phase is 
much higher than that of the bubble phase, the overall coefficient is nearly 
equal to the film coefficient h b a b for the bubble side. The heat-transfer 
coefficient reduces to the mass-transfer coefficient according to the equal- 
ity h b ajc pg p g = k b a b . 

The effect of added fines content in increasing k ob a b , measured by de 
Vries et al. (D8), is shown in Fig. 57. Other work on heat and mass transfer 
for teeter-type beds is reviewed by Kunii and Levenspiel (K24) and in 
Davidson and Harrison’s book (D5). 


C. Mass Transfer between Bubble and Emulsion Phase 

Gas exchange during catalytic reaction between bubbles and the emul¬ 
sion of catalyst particles is essentially a diffusional phenomenon, with 
simultaneous adsorption and reaction in the emulsion. Based on this con¬ 
cept, the overall mass transfer has been analyzed by Miyauchi and 
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Morooka (M30), Chiba and Kobayashi (C3), and Drinkenburg and 
Rietema (D17). According to this approach, the bubble-side film coeffi¬ 
cient k h a h tends to provide the main resistance to mass transfer when gas 
adsorption onto the particles is strong and the reaction rate constant is 
high. The following theory is by Miyauchi and Morooka (M30). 

1. The Underlying Concept and Its Formulation 

As stated in Section VI,A, bubbles ascending through the usual fluid 
catalyst bed show a sufficiently large a (equal to ujU mi ) to make the 
thickness of the cloud-overlap region very thin, as illustrated in Fig. 54. 
Consequently the streamlines for gas and particles are essentially parallel 
to the bubble surface. Convective bulk flow of “cloud” gas across the 
bubble interface is negligible. Hence it is assumed that only the portion of 
cloud gas which ascends along the bubble axis region flows into the roof of 
the bubble at a volumetric flow rate q f , then descends through the cloud- 
overlap region and flows out of the bottom of the region to recirculate 
again into the bubble void (see Fig. 58). The recirculating gas flowing 
through the cloud-overlap region exchanges the reactant gas by diffusion 
from the bubble void to the bulk emulsion phase. 

With a simplifying assumption that local adsorption equilibrium is in¬ 
stantaneously attained between gas and particles, the mass-transfer pro¬ 
cess is expressed by Fig. 58 for the cloud-overlap region. Here the influ¬ 
ence of bubble wall curvature is neglected, since the region is very thin. 
When no catalyst is suspended in the bubble void, the equations of con¬ 
tinuity for the reactant gas are as follows (M30): 

dcjdd = D g d 2 c b /dx 2 (6-4) 


convection 



Fig. 58. Schematic diagram of mass transfer near a bubble in fluid bed (M30). 
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for the bubble void; 

m dc e /dS = D eff d 2 c c /dx 2 — k^Cc (6_5) 

for the cloud-overlap region; 

m dc e /dd = D ef{ d 2 c e /dx 2 - k r c e (6-6) 

for the emulsion phase, where m = e fe + m s e se , with m s = (c s /c f ) equiMbrium . 
c s is moles of adsorbed gas per unit volume of particles including intra¬ 
particle pore volume. Also, a first-order irreversible reaction is assumed 
to take place in the particulate phase. 

The initial and boundary conditions are as follows: 

for 0 = 0, 


for 0 > 0, 

x 


Cb 

— 

C c = 

^"cO* ^eO 

= — oc; 

<?h = 

c b0 


jc = 0: 

~Aj 

dc h /dx - 

= -D eff dcjdx. 

x = 3: 

-£> eff dcjdx 

= -D ett dcjdx. 

= +oo; 

Ce 

f'eO 



(6-7) 


The initial concentration of the cloud-overlap region c C0 is obtained from 
the reactant gas balance taken at the roof of the bubble, where the catalyst 
particles are fed to the cloud-overlap region from the emulsion above at 
volumetric flow rate q s : 

c b 0<?f + "2s<?sCe0 = (<7f + "*s<7s)Cc0 (6-8) 

When a » 1, the slip velocity of particles relative to the gas is negligible 
in comparison with the particle velocity, so that qje. fe is nearly equal to 
qje se . With this equality Eq. (6-8) is modified to the form: 

C c o (€feCbo "1” ^ts€ se C e o)/ m (6-9) 

The concentration distributions in each phase and the mass flux across 
the bubble surface have been solved to satisfy Eqs. (6-4)-(6-6) under the 
restrictions of Eqs. (6-7) and (6-9) (M26, M30). The overall mass-transfer 
coefficient between the bubble cavity and the emulsion phase k ob has been 
given as follows: 

l/k ob = lAb + 1/0A (6-10) 


where 


ft = £ - (e fe / m)J . 


( 6 - 11 ) 
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The film mass-transfer coefficients for the bubble and the emulsion phase 
(k h and k e , respectively) are given by 

= (2/7 r'' 2 )(D G /r b )^ (6-12) 

K = (2/ TT U2 )(mD e!t / r b ) 1/2 (6-13) 

where r b is the time necessary for local surface renewal; f3 is the Hatta 
number (or reaction factor) for unsteady gas absorption with a first-order 
irreversible reaction, as given by Danckwerts (Dl): 

0 * ( m " + SSj) erf (^) + 5 exp (- 4J ?) <6 - ,4) 

with w H = ( k t D ett ) m /k e .J in Eq. (6-11), associated with the cloud-overlap 
region, is plotted in Fig. 59 and conforms to the relation: 

-r%k exp [-1 1 ? 14 ?)] dx (6 - ,s) 

where Pe = m8 2 u s /4d b D eff . J is approximated accurately enough by 
the following equation for 0 ^ Pe ^ 0.1 and 0 s m H ^ 2, the usually 
encountered domain for fluidized catalyst beds of fine particles: 


J = (tt Pe) 1/2 - Pe - 0.45 W 40 Pe 0 84 


(6-15a) 


The physical data needed to compute k ob are D a , m, k T , U mf , d b , 
and e fe (e fe can be approximated by e mt ). With the Higbie penetration 
theory for bubbles, T b included in Eqs. (6-12) and (6-13) is approximated 
by d b /u s , so that Eq. (6-10) is modified to 

* ob = 1 + (fr)-'( X /nte le ) 




P f = 'mS 1 Uj4d b D e ff 
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Fig. 59. Integral J as a function of Pe and (M26). 
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Here, the tortuosity factor x is approximately 1.5, as given by Hoogscha- 
gen (M23). When Pe 0.01 and m H ^ 3, Eq. (6-11) reduces to 
I3 r *= fi «m H . Consequently, Eq. (6-10) is modified to 

(**)-> = (*>,)“ 1 + {krD e «r' 12 (6-17) 

A ob is independent of k e under these circumstances. 

The gas flow velocity through the emulsion phase is close to the mini¬ 
mum fluidization velocity U mf . When the particles are spherical and have 
diameters of several tens of microns, this flow condition gives a quite 
small particle Peclet number, d p U m( /D G . For example, the Peclet number 
is estimated as 0.1-0.01 when 122-^m-diam. cracking catalyst is fluidized 
by gas, with U mt = 0.73 cm/sec and D a = 0.09 cm 2 /sec; and it is estimated 
as 0.001-0.01 for 58-ptm-diam. particles, with U ml = 0.16 cm/sec. The 
mechanism of mass transfer between fluid and particles in packed beds is 
controlled by molecular diffusion under such low Peclet numbers, and the 
particle Sherwood number k f d v /D G is well over 10 (M24). Consequently 
with intraparticle diffusion shown to be negligible (M21), instantaneous 
equilibrium is established to be a good approximation [see Eq. (6-24)]. 

2. Comparison with Other Theories 

Davidson and Harrison (D3) have assumed that both convective and 
diffusional flows contribute to gas exchange between bubble and emulsion 
phases. Partridge and Rowe (P2) have developed a boundary-layer equa¬ 
tion for the transfer from cloud to emulsion phase. Kunii and Levenspiel 
(K22), in their model for estimating the gas-exchange coefficient, assume 
two transfer steps—between bubble void and cloud-particle overlap re¬ 
gion, and between cloud-particle overlap region and emulsion phase. The 
mass-transfer coefficient for the former step is assumed of the form given 
Davidson and Harrison, and for the latter step of the form of the Higbie 
penetration model. In terms of mass-transfer coefficients, the equation of 
Kunii and Levenspiel is: 

(* 0 b)- 1 = (he)-' + (Ace)' 1 (6-18) 

where 

he = iU m{ + 0.975D^(g/d b ) , '“ (6-19) 

he = (2/7T' l2 ){el ( D Cl uJd h y- ( 6 - 20 ) 

where u b is given by Eq. (5-8), with /3 = 1 and w s = w s0 . 

Chiba and Kobayashi (C3) have presented the following equation, 
based on the Murray stream function (M47): 


( 6 - 21 ) 
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They further introduce the equilibrium influence of physical adsorption on 
to the particles. In terms of the present notation and with replacement of 
€ mf by the nearly equal term e fe , their relation is written: 

(*ob)m s M>/(*ob)in s -0 = T7 t"l/e fe ) ’ 72 (6-22) 

where 

i) = [1 + $[1 - (€ fe /m)](a - l)~ l ] 1/2 (6-22a) 

The relation between proposed equations (6-10) and (6-18) merits 
discussion. When /3 r = 1 (no reaction) and m = e mf (no partition to parti¬ 
cles), k oh as calculated by Eq. (6-10) or (6-16) is smaller than that by Eq. 
(6-18) for fine particles, since the former takes w s for bubble velocity and 
the latter uses w b , which is larger than w s . Equations (6-20) and (6-13) are 
generally different because m and € mf are not necessarily equal. The 
bubble-void resistance to mass transfer has been assumed negligible in 
Eq. (6-21). This equation is rendered applicable to the case of arbitrary m 
by utilizing Eq. (6-22). Equation (6-13) can be rewritten in a form similar 
to Eq. (6-22), with the observations that m = e fe + m s e se , and c fe =« € mf : 

(Um s ,o/0Um s =O = (™/€ fe ) 1/2 (6-23) 

The correction factor r? to Eq. (6-22) is nearly equal to unity for a > 10, so 
that Eq. (6-22) is almost equivalent to Eq. (6-23) for smaller particles. 
Equation (6-21) is independent of m H or rate of chemical reaction. 

Drinkenburg and Rietema (D17) have presented a numerical computa¬ 
tion of k ob based on the stream functions given by Davidson and Harrison 
(D3) and by Murray (M47). The bubble-void resistance to mass transfer 
has been neglected. Enhancement of gas transfer rate by diffusion with 
simultaneous chemical reaction (Fig. 5 of D17) is reasonably well ex¬ 
pressed by Eq. (6-11), the enhancement being expressed as the Hatta 
number. Enhancement by physical adsorption (Fig. 2 of D17) is also ap¬ 
proximated by Eqs. (6-22) or (6-23) for smaller particles. 

When the reaction data by Lewis et aL (LI2) are analyzed by utilizing 
Eq. (6-10), it turns out that /3 r amounts to 1.45 (free-flow bubbles) for the 
highest reaction rate constant. Hence it seems reasonable to take into 
consideration the influence of f3 r on k oh . Also, it has been shown experi¬ 
mentally that/c b is not necessarily negligible for fluid beds (Y4). 

If the adsorption equilibrium is not attained instantaneously, a different 
analysis is needed. Toei et al. (T18) studied the mechanism of heat and 
mass transfer between bubbles and emulsion phase under such circum¬ 
stances. The dependence of diffusion rate on bulk flow across the bubble 
interface also becomes important when coarse particles are fluidized 
(H16). For two-dimensional bubbles Chavarie and Grace (C7a) compared 
various interphase mass-transfer models. 
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3. Applicability of the Theories 

Many experimental tests have been made on the theories previously 
given, although most workers have fluidized particles coarser than the 
typical cracking catalyst under relatively low gas velocities. When the gas 
component is not adsorbed, the observed mass-transfer coefficients [see 
Kunii and Levenspiel (K22, K24), Chiba and Kobayashi (C3), and Drink- 
enburg and Rietema (D18)] agree with those obtained by the theories. 
Miyauchi (M26, M30) has shown that the influence of chemical reaction on 
k oh is expressed adequately by Eq. (6-16). Under relatively high aeration 
rates Morooka et ai (M42) measured the bubble diameter (cf. Section 
II,B) and calculated k oh and & ob tf b /4 V/> G from Eq. (6-16). As shown in 
Fig. 56, the prediction is in good agreement with the experimental results, 
when helium is used as the tracer gas. However, the prediction form s > 1 
is much smaller than the observed data, though the adsorption equilibrium 
is taken into account in Eq. (6-16). Nguyen and Potter (N2) mention the 
same effect, but details are not reported. 

The reason that k b a b is higher than calculated from Eq. (6-12) may be 
explained qualitatively by three effects: (1) splitting, coalescence, and 
rupture of bubbles (T18, T20); (2) direct contact of gas and particles in the 
transition zone from dense phase to dilute phase (FI8); (3) the influence of 
the particle capacitance effect (M21, M22) as a result of a small steady 
interchange of particles between the bubble void and the emulsion. An 
example of this is the case where particles are raining through the bubble 
(D18, R8, Wl) and (4) asphericity of the bubbles (D18). If the particle 
capacitance effect (discussed in the next section) is responsible for high 
experimental values for k b a b , such values should not be applied to the 
usual catalytic reactions, where m is on the order of unity and particle 
capacitance has little effect on k b a b . For design purposes it is normally 
better to use experimental mass-transfer coefficients obtained by a prop¬ 
erly sized fluid bed for the reaction system of interest. 

D. Particle Capacitance Effect 

As is well known, the temperature in a fluidized catalyst bed is nearly 
uniform even when considerable heat is generated in the bed (G8, Lll). 
This comes from the bed’s large content of solid particles, which disperse 
the heat axially as a result of particle heat capacity. Similarly, the gas 
concentration in the bed becomes uniform if the partition of transferring 
gas component is favorable to the particle phase. The circulating particles, 
holding a large amount of transferring component, locally exchange the 
component with the surrounding gas phase; the larger the partition ratio is 
of the component, the higher the rate of concentration equalization in the 
gas phase of the bed. Enhancement of heat and mass transport in the bed 
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as a result of particle movement is named the particle capacitance effect; a 
general formulation has been presented by Miyauchi (M21, M22). 

When each catalyst particle is in adsorption equilibrium locally with the 
gas phase, the axial-dispersion term of the emulsion phase gas in the equa¬ 
tions of continuity is ( E e{ + n%E es ) d 2 c fe /dz 2 , where E et and £ es are the 
dispersion coefficients in the z direction for gas phase and particles, re¬ 
spectively. The emulsion of fine particles entrains interstitial gas without 
appreciable relative motion, giving E ef = € fe £* and £ es = e se £^, where 
E z s is the dispersion coefficient of the emulsion in the z direction. As a 
consequence, the axial-dispersion term is expressed by (e fe + m^e^E^ 
d 2 c fe /dz 2 or mEzs d 2 c fe /d 2 z. In other words, as a result of the capacitance 
effect, the axial dispersion coefficient of the adsorptive gas is now mE^, 
which is much larger than E e f when m » 1. 

Essentially the same enhancement takes place for the transport term by 
convection. That term is ultimately given by -mu e dc {e /d z, where w e is the 
mean velocity of the emulsion in the z direction. 

When the particles move relative to the gas phase, as when they rain or 
shower through a gas bubble, they can transport the adsorptive gas rap¬ 
idly to or from the emulsion phase. The same is true for heat transport 
(see Section VI,C,3). 

The time constant r p for a particle of radius r v placed in the emulsion 
phase approaching the adsorption equilibrium with the surrounding gas 
has been estimated (M21) to be (in cm • sec): 

t p - r 2 m/20D e (6-24) 

where D e is the effective diffusivity of adsorptive gas in the particle. For 
r p = 30 fim, when m 10, r p is on the order of 10 -3 -10~ 4 sec, so that local 
partition equilibrium is well established in the usual fluidized catalyst 
beds. This has been shown experimentally by measuring the mean resi¬ 
dence times of adsorptive tracer gases in a fluidized cracking catalyst bed 
(M39). In the work of Nguyen and Potter (Nl) with coarser particles, 
adsorption equilibrium was not attained. Gilliland and Mason (G9) men¬ 
tion the influence of adsorption on the bed transient response early in the 
1950s. 

Few studies have been performed on the physical adsorption of reactant 
gases at higher temperatures. Eberly (El, E2), Eberly and Kimberlin 
(E3), and Tam and Miyauchi (T4) measured the adsorption equilibria of 
hydrocarbons on catalysts. The last-named authors have obtained high- 
temperature equilibria of benzene and nine normal paraffins (C 6 H 14 to 
C 14 H 30 ) for a silica-alumina cracking catalyst at 150-450°C. Their results 
suggest that a fair amount of hydrocarbon is physically adsorbed on the 
cracking catalyst in high-temperature operations. 
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The particle capacitance effect in bubble mass transfer was shown ear¬ 
lier (see Section VI,C) for the streaming emulsion outside a bubble, so 
that m is included in the emulsion-side film coefficient k e . Chiba and 
Kobayashi (C3) and Drinkenburg and Rietema (D17) introduce the same 
effect. Yokota et al. (Y13), in studies of mass transfer from submerged 
surfaces in a gas fludized bed, find that the rate is strongly enhanced by 
adsorption of the transferring gas component on fluidized particles. The 
role of the particle capacitance effect in heat transfer has been discussed 
by Mickley and Fairbanks (M14), Mickley et al. (M16), Drinkenburg 
(D16), Yoshidac/ al. (Y18), and Kunii and Levenspiel (K24). 

E. Axial and Radial Mixing of Heat and Mass 

1 . Overall Mixing of Nonadsorptive Gas 

The extent of longitudinal mixing of nonadsorptive gas has been mea¬ 
sured by Gilliland and Mason (G8, G9), Mason (in R4), Stemerding (in 
R4), May (M12), Overcashier ^ al. (Oil), De Maria and Longfield (DIO), 
Miyauchi et al. (M33), Muchi et al. (M49), and Ogasawara et al. (012). All 
these experiments were carried out under relatively high gas velocities of 
practical interest. The mixing process in the beds is approximated by the 
one-dimensional diffusion model: 

dc/dO = E ? d 2 c/dz 2 - U G dc/dz (6-25) 

where c is the mean concentration of gas, E z is the superficial longitudinal 
dispersion coefficient of gas, and U G is the superficial gas velocity. 

Experimental values for E z available so far for fluidized catalyst beds 
are summarized in Fig. 60, where the full curve has been calculated by 
combining Eqs. (6-31) and (6-34) (see Section VI,E,3). In obtaining £* 
experimentally there have been two kinds of methods, one of which 
utilizes a step response and the other a steady backmixing of a nonadsorp¬ 
tive tracer gas. In Fig. 60, the data obtained by the step-response method 
(solid keys) are seen generally to agree with the calculated curve, where 
the response curves by Gilliland and Mason (G9) and that by May (Ml2) 
are treated by the step-response theory of Yagi and Miyauchi (Yl) to 
obtain E Z /U G . The same quantity obtained by the steady back-mixing 
method (open keys) is seen to scatter considerably, giving lower EJ U G for 
smaller D T and higher values for larger D r when compared with the calcu¬ 
lated curve. Gilliland and Mason (G9) have indicated the inadequacy of 
the steady back-mixing method for measuring axial-mixing of gas, al¬ 
though the method suggests information as to flow properties of the beds. 



374 


MIYAUCHI, FURUSAKI, MOROOKA, AND IKEDA 


5 

4 

T 3 

lHi 
4 2 

3 

d[ 


Im* 

£ 

■D 

C 

o 

o 

3 


- : Calc. Eqs.(6-31) & (6-34) 


Crocking catalyst,He-Air System, 
U G = 20 cm/ s, m = 0.75 , ?b=0.22. 
Kb Ob = 0.35 sec -1 . L c f m is varied 
with D T cm by L t = 50/137 

1 | i i i i [ —'-‘“l-r—1‘ | i i i i | 



x Calc. Ez/U g by Eqs.(6-31) 
and (6-34); He-Air 


/ 

\ 


mr t E 2S /Uo 


Key 

Investigator (Ref) 

Tracer 

Method 

• 

De Maria et al.(D-10) 

He, COj 

Step 

▲ 

Gilliland % 

(G-9) 

He 

> 


May 

(M-12) 

He 

% 

▼ 

Tellis et al. 

(T-30) 

CQ,30CfC 


A 

Gilliland > 

(G-9) 

He 

SBM 

CD 

Mason 

(R-4) 

He 

♦ 

V 

Miyauchi et al. (M-33)| 

Extrapolated to Hel * 

0 

Ogasawara * 

(0-12) 

O^COz 

* 

o 

Overcashier * 

(0-11) 

He 

4 

© 

Stemerding 

(R-4) 

_ H; 

4 


3 4 5 


Step (Step response); SBM(Steady back mixing) 

Lilli-.—i_i i 1 i ■ ■ » i ■ 1 l l l ■ i ■ 

7 tO 2 34571? 2 

Column diam. D T [cm] 


3 4 5 7 10 


Fig. 60. Longitudinal dispersion of gas in fluid beds (after Miyauchi). The full curve 
is calculated from Eqs. (6-31) and (6-34) for He-air system. 


Other works on overall axial and radial mixing of nonadsorptive gases in 
fluidized beds have been reviewed by Kunii and Levenspiel (K24) and 
Potter (in D5). 


2. Mixing of Solid Particles 

Axial mixing in fluidized catalyst beds has been explained in Section IV, 
where bed particles of good fluidity are shown to give a fair amount of 
dispersion as a result of the Taylor dispersion mechanism. Porous parti¬ 
cles with diameter larger than about 150 fxm or heavy particles such as 
glass beds show considerably different flow properties from the fluidized 
beds of good fluidity. Morooka et al. (M40) find that particle-caused 
dispersion approaches total dispersion, as size and density decrease and 
as the size distribution broadens. They explain the deviations of data 
from Shrikhande (S12) and de Groot (D7) from their correlation, which 
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applies mainly to broad size distributions of porous particles smaller than 
100 ^m in mean diameter and to equal-sized glass beds smaller than about 
20-30 fim. 

De Vries et al. (D8) have studied the effect of fines content on the axial 
dispersion coefficient of the particles. As shown in Fig. 61, good fluidiza¬ 
tion is obtained when at least 10% of fines (-44 /im) are present. Axial 
dispersion of particles has also been studied by other workers (L8, M5, 
P5, S6, T3, W14). Lateral dispersion of particles is covered by studies 
performed under relatively limited conditions (B16, Gl, H15, Lll, 
M37). 

3. Axial Dispersion of Fluid with Particle Capacitance Effect 

The overall dispersion coefficient of gas has been observed to increase 
when a more adsorptive gas is utilized as a tracer for transient response 
under constant aeration (Stemerding in R4; M33, M42). Figure 62 shows 
such examples taken for a fluidized cracking catalyst bed (M33), where 
the partition ratios of adsorptive gas m (equal to e fe + m s e se ) are measured 
as 0.6, 4.5 and 10 for hydrogen, carbon dioxide, and Freon 12, respec¬ 
tively. Enhancement of gas dispersion by adsorption has also been 
studied by Yoshida and Kunii (Y15), Yoshida et al. (Y17), Yates and 
Constants (Y9), Zalewski and Hanesian (Z3), and Nguyen and Potter 
(N2). 

Overall longitudinal dispersion of an adsorptive gas is obtained by solv¬ 
ing the interaction between several rate processes and the particle capaci¬ 
tance effect. Morooka et al. (M39) have analyzed the behavior of the 
fluidized catalyst bed with recirculation flow as given in Fig. 2. The 
simplifying assumptions for modeling the bed behavior are essentially the 
same as in Section VII,B,2, where the influence of directly contacting 


Ez S m 2 /sec 



Fig. 61. Longitudinal dispersion coefficient of solid particles as a function of size fraction 
<44 jun. Z) T = 30 cm/sec, L f - 2-2.5 m, and superficial gas velocities are: (O) 10 cm/sec, 
(•) 20 cm/sec (D8). 
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Uf Ccm/secD 

Fig. 62. Influence of particle capacitance effect on overall longitudinal dispersion coeffi¬ 
cient of gas (M33). 

particles with bed gas has been neglected, since the influence is usually 
small for transient response of tracer gas at a moderate partition ratio. 

The simplifications taken here are, first, that the catalyst particles are 
usually several tens of /xm in mean diameter, so that the interstitial gas 
velocity through the emulsion phase is about u m( (equal to C/ mf /e mf ) and is 
neglected in comparison with U G and emulsion-phase recirculation veloc¬ 
ity. Also, the particles and the gas in the emulsion are in local adsorption 
equilibrium the partition ratio m (equal to € fe + m s e se ) applying for unit 
volume of the emulsion phase. Second, the central upflow and the periph¬ 
eral downflow recirculate in the bed as ideal plug flows at approximately 
the same linear velocities. Furthermore, the bubble phase ascends only 
through the central upflow emulsion. 

With these simplifying assumptions, the equations of continuity are 
given for transient response of a tracer gas as follows (M38): 

e b dcjdd = - U G dcjdz - k ob a b (c b - c feu ) (6-26a) 

for the bubble phase; 

mi eu dc te Jd6 = -mU e dc {eu /dz + k ob a b (c b - c feu ) 
mk ex a eK (c f( , u — Cf e( j) 


(6-26b) 
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for the centrally ascending emulsion phase; 


mi ed dc f e d /d0 = dc fe Jdz + mk ex a ex (c feu - c fed ) (6-26c) 

for the peripherally descending emulsion phase, where /^ b a b is the overall 
coefficient of mass transfer between bubbles and emulsion, and k ex a ex is 
the exchange rate coefficient between upflow and downflow portions of 
emulsion phase as a result of radial mixing (Fig. 2). The € eu and € ed are the 
volume fractions of ascending and descending emulsion phases, related by 
the equation € eu + e ed = e e . U e = € eu « e u is the superficial circulation veloc¬ 
ity of emulsion phase, where w eu is the interstitial velocity of the ascending 
emulsion. Also t/ e = €e<i« ed , as a result of continuity of the recirculating 
emulsion [see Eq. (3-26)]. 

The initial and boundary conditions to solve Eqs. (6-26) for an impulse 
response of the adsorptive gas are: 

0 0. c b Cf eu Cf ed 0 

0 — 0: x = 0; c b 6(0), Cf eu Cf €d (6-27) 

x = Lf\ Cf eu — Cf ed 


The variance of the residence times of the tracer gas with respect to 
mean residence time is obtained from Eqs. (6-26) and (6-27), according 
to van der Laan (V3), as follows: 


si- JLi 

< mi e \ 

i 2 1 t 

2 N ob ' 

Ub + rnij 

I** 

h 


N v + 


- m *e V 

2 (€ b + mi e ) ) 


N 2 V (Xi z Ml ~ e~ k ')(\ - e~^) 
KbKx ~ e~ K2 ) 


(6-28) 


where A4x ^^ex^ex^f/^Vob ^ob^b^f/and 
At = N ob (l + 1/N V )(1 + /8)/2, A, = N ob (l + 1/Af v )(l - /5)/2 
P = [1 + 4^/(1 + AT?)AU ,/2 


Here, we note that the influence of particle motion on an impulse response 
has been treated by van Deemter (V2), Yoshida and Kunii (Y15), Fryer 
and Potter (F10, Fll), and Nguyen and Fryer (N2), but their models are 
all different from the one treated above. 

Morookaet aL (M42) further solved the impulse response of a tracer gas 
for a fluidized catalyst bed according to the one-dimensional two-phase 
diffusion model (V1), where the influence of the particle capacitance effect 
was considered under the assumption of local adsorption equilibrium. The 
equations of continuity for the tracer gas are: 


€ b dcjdd = - U G dcjdz - k ob a b (c b - c e ) 


(6-29a) 
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for the bubble phase; 

mi e dc e /dO = E e d 2 c e /dz 2 + k ob a h (c b - c e ) (6-29b) 

for the emulsion phase, where E e is the apparent longitudinal dispersion 
coefficient of emulsion phase. Since the slip velocity of gas through the 
particles is negligible for the emulsion phase of small particles, E e is con¬ 
nected with E^ [cf. Eqs. (4-16) and (4-17) and Section VI,D] with reason¬ 
able accuracy: 

E e = mt e E zs (6-30) 

Under the same boundary conditions as given by van Deemter (VI) the 
variance of residence times is given by 

2!= -L /—mee—\ 2 _1_f _ <7 / cosh k - cosh(7V nh /2) \' 

2 N ob \i b + miJ (PeB) s |_ (PeB) s \ sinh A )_ 

(6-31) 

where JV ob = k ob a b LjU 0 , (PeB) s = U Q L { /mi e E^ and 

q = [1 + 4(PeB) s //V ob ] 1/2 , X = qN 0 J2 

For the present simplified recirculation model, the axial dispersion 
coefficient is given by the following approximate equation for arbitrary m\ 

( mU e ) 2 /mk ex a ex = E e (6-32) 

This relation is derived by considering a steady-state tracer exchange 
between the ascending and descending emulsions and the bubbles, and 
comparing the resulting equation with that of the diffusion model. Since 
E e = mi e Eg s , the above equation is equivalent to the following relation 
from van Deemter (V2): 

U 2 e /k ex a ex = ieEgs (6-33) 

Once the variance of the residence time distribution has been obtained, 
the axial dispersion coefficient of the tracer gas E z is calculated by combin¬ 
ing the following equation for the one-dimensional diffusion model (V3) 
with Eq. (6-28) or Eq. (6-31): 

T " (SB* [' ‘ (WbT, " -exp[-(PeB),]}] (6-34) 

where (PeB) f = U G L ( /E Z , the column Peclet number for the tracer gas [cf. 
Eq. (6-25)]. The full curve given in Fig. 60 is calculated by combining Eqs. 
(6-31) and (6-34) for a helium-air system, where the numerical values 
necessary to the calculation are given in the figure and the dispersion 
coefficient of the emulsion has been taken from Fig. 41. Calculation 
gives good mean values for the data obtained by step response (solid 
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keys), but deviates considerably from those by steady back-mixing (open 
keys). The quantity EJU G is reported to be little influenced by changing 
U G widely (G9, R4). 

The apparent axial dispersion coefficient of the emulsion phase, 
mieEzs/Uc, is also shown in Fig. 60 as a dotted curve. Axial dispersion of 
gas is seen to be larger than that of emulsion for smaller D T , but is not 
necessarily larger for larger-diameter beds. With the operating variables 
chosen here, E Z /U G seems to approach me^E^/U G for > 200 cm. De 
Maria and Longfield (DIO) suppose that E Z /U G can be considerably larger 
than mlJZzslU G at increasing D T . 

Figure 60 indicates that the overall mass-transfer coefficient k ob a b is 
obtained from the use of transient-response methods, and this approach 
has been utilized extensively. However, the approach seems to be more 
appropriate to small-diameter beds. In fact, E Z /U G for large-diameter beds 
is mostly governed by the term me^E^/UQ, but only little influenced by 

^ob^b* 

The influence of longitudinal dispersion on the extent of a first-order 
catalytic reaction has been studied by Kobayashi and Arai (K14), 
Furusaki (F13), van Swaay and Zuiderweg (V8), and others. They use the 
one-dimensional two-phase diffusion model, and show that longitudinal 
dispersion of the emulsion has little effect when the reaction rate is low. 
Based on the circulation flow model (Fig. 2) Miyauchi and Morooka (M29) 
have shown that the mechanism of longitudinal dispersion in a fluidized 
catalyst bed is a kind of Taylor dispersion (G6, T9). The influence of the 
emulsion-phase recirculation on the extent of reaction disappears when 
the term defined by Eq. (7-18) (see Section VII) is greater than about 
10. For large-diameter beds, where <p does not satisfy this restriction, 
their general treatment includes the contribution of Taylor dispersion for 
both the reactant gas and the emulsion (M29). 

Mixing and dispersion of gas and particles in the transition zone and in 
the freeboard region are important to know, in relation to the mechanisms 
of the reactions taking place (see Sections VII-IX). However, little work 
has thus far been done in these areas. 


F. Review of Wall Heat Transfer in Fluid Beds 

Numerous measurements of heat transfer between the fluid bed and 
immersed surface have been carried out; these have been reviewed by 
Kunii and Levenspiel (K24), Davidson and Harrison (D5), Botterill (B12), 
and Zabrodsky et al . (Zl, Z2). Wen and Leva (W3) and Wender and 
Cooper (W5) correlated heat-transfer data at the walls of fluidized beds. 
However, the data utilized for their correlation were obtained with a 
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fluidized bed less than 10.2 cm in diameter, and measurements under fluid 
bed conditions were not included. Heat transfer between fluidized beds 
and immersed vertical tubes was correlated by Wender and Cooper (W5). 
This correlation includes data with fine porous catalyst particles by Olin 
and Dean (04) and Mickley and Fairbanks (M14): 

^ = 0.01844C r (1 - i t ) )° W 

* (^r&nsr <-> 

for d p p g U G /fx g = lO^-lO 2 , where c pg p g //c g is in sec/cm 2 . The quantity C R 
represents the correlation factor for nonaxial tube location, given in Fig. 
63. 

The time-averaged heat-transfer coefficient h w between the vertical wall 
and fluidized beds, using fine particles, is controlled by the unsteady heat 
transfer due to packet renewal at the heat-transfer surface (M14, M16, 
Y18). According to this mechanism, /i w is expressed as: 

K = (^effPeCpe/7rf) 1/2 (6-36) 

where i is the proper characteristic contact time of packets. Therefore, 
^w/V^ffPeCpe is a function of t or of U G , as shown in Fig. 64; data on 
wall-to-bed heat transfer in bubble columns are given in the figure. In the 
case of bubble columns, corresponding values for the water-air system 
are used in calculating (k^pic^) 112 . The correlation by Kato (K5) includes 
data by Fair et al. (FI) and Kolbelef al. (K18, K19). The rate of the packet 

Center of vessel Wall of vessel 



Dimensionless position 


Fig. 63. Correction factor C R for nonaxial location of immersed tubes (V14). 
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Fig. 64. Comparison between bed-to-surface heat transfer coefficient of fluid bed and 
bubble column, (a) and (b) Olin and Dean (04); (c) Mickley and Fairbanks (M14), (d) and (e) 
Mickley et al. (M16); (1) Kato (K5); (2) Yoshitome et al. (Y23). 


renewal on the vertical heat-transfer surface in fluid beds agrees with the 
data in bubble columns. The larger the particle size that is used in 
fluidized beds, the smaller the rate of the packet renewal becomes com¬ 
pared with that in bubble columns. Vreedenburg (V13) correlated data on 
heat transfer between horizontal tubes and the fluidized bed, including 
data for fluid beds; the data are widely scattered, and further study ap¬ 
pears to be needed. 

The bed-to-wall heat-transfer coefficient in a fluidized bed at high tem¬ 
peratures is larger than at room temperature (Y19). Questions have been 
raised about the effect of radiative heat transfer at high temperatures 
(B12, Y19), and more studies are necessary on this problem. 

In the transition zone and the freeboard region, heat transfer between 
bed and wall is a function of bed density. Shirai et al. (S9, Sll) studied 
heat transfer from a sphere immersed in the fluidized bed and showed the 
trend of decreasing heat-transfer coefficient with decreasing bed density. 


VII. The Successive Contact Mechanism for Catalytic Reaction 


A. Experimental Facts and Reactor Models 

Early attempts to approximate gas-solid contacting in fluid catalyst 
beds were based on the assumption either of isothermal plug flow of the 
fluidizing gas through the bed with the catalyst uniformly distributed or of 
isothermal complete mixing of the gas within the bed. The simple disper¬ 
sion model, falling between the above two cases, was also used (G8, R4). 
Evidence from both large-scale and laboratory observations (G9a, LI2), 
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however, indicated conversions substantially below those predicted by 
the completely mixed case. Due to this, a number of models to describe 
fluidized reactor behavior based on the two-phase theory of fluidization 
(G9b, J2, S7) have been proposed over the last 20 years. Most assume 
with this theory that all gas in excess of that necessary to produce mini¬ 
mum fluidization passes through the bed as the bubble phase. For the fluid 
catalyst beds, the net flow of gas through the emulsion phase may be 
negligible because of its relatively small magnitude in comparison with the 
bubble-phase gas. In what follows this simplification has been made con¬ 
sistently. 


1. Overall Rate Constant of Reaction 

When a fixed bed of catalyst is operated isothermally as an ideal piston- 
flow reactor without radial concentration gradients and without change 
in the gas density, the differential mass balance for reactant along the 
bed is given by 

~U G dc/dz - Kc = 0 (7-1) 

where U G is the superficial gas velocity, c the reactant concentration, z the 
axial distance from the reactor inlet, and a first-order irreversible reaction 
with the rate constant/:,, is assumed to take place in the bed. This equation 
is integrated to give the bed outlet concentration c 0 at z = L q , the fixed bed 
height: 

( c o/c°) fixedbed = exp(-krLjU G ) (7-2) 

When the bed is not fixed, but is fluidized freely at the same gas velocity 
as above, with U G much greater than the minimum fluidization velocity 
U m( , the bed becomes aggregative and deviates from the piston-flow reac¬ 
tor. As a consequence, the apparent overall rate constant of reaction K oR 
for the fluidized bed is smaller than k r , and the extent of reaction is 
expressed by 

(c 0 /c°) flujd bed = exp(— K oR Lq/U G ) (7-3) 

K oR is the same physical quantity as the specific converting power Q of 
Lewis et ai (LI2). 

Usually, the fluidized catalyst bed constitutes an aggregative dense 
phase forz between 0 and L u and a dilute phase forz > L f . Hence, another 
apparent overall rate constant k oR is defined on the basis of L f . Taking L ( 
instead ofL q , Eq. (7-3) is rewritten: 

(c 0 /c°) fluid 5ed = exp(—k oR L f /U G ) 


(7-4) 
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where obviously the relation 

= k oK L { (7-5) 

holds. 

The object of the following treatment is to establish a physically sound 
reactor model to obtain k oR , based on the flow and transport properties of 
fluidized catalyst beds. Bed performance for chemical kinetics other than 
the first-order reaction may be computed after a sound bed performance 
has been established. 


2. General Properties of Reactor Models 

Many investigations have been performed to make clear the nature of 
gas flow through fluidized particles by studying gas mixing, residence time 
distribution, and gas bypassing. Various kinetic reactor models have been 
proposed to describe gas-solid contacting in fluidized reactors (C9, D3, 
F10, F12, G7-9, G9a, H16, 113, K4, K14, K24, L5, L12, M8, M12, M29, 
M48, 06, PI, P2, P9, S7, VI, V2). Essentially these models are variations 
of the two-phase concept (J2, S7) of a gas bubble phase and an emulsion 
phase, constituting together a dense phase, with gas being interchanged 
between the bubble and emulsion phases. Some models take into consid¬ 
eration the gas-cloud region associated with each bubble (K4, K12, K24, 
P2, P9). 

The main differences between the models lies in whether or not some 
fraction of the catalyst is in direct contact with the bubble gas, and in the 
extent of axial mixing in each phase. Properties of various models have 
been discussed extensively by Gilliland and Knudsen (G7) in relation to 
the extent of reaction in experimental fluidized bed reactors, considering 
that allowance for direct contact between bubble gas and a certain amount 
of catalyst in it is the sole way to account for the contact efficiency. Unless 
a fraction of the catalyst particles is assumed to be entrained in the bubble 
gas, the bubble size calculated to fit the reaction data is found to decrease 
with increasing catalyst activity at otherwise identical fluidization condi¬ 
tions, in which the bubble size should remain constant. Essentially the 
same decrease in bubble size was observed by Miyauchi and Morooka 
(M29) in their analysis of the data by Lewis et al. (LI2), and by Furusaki 
(F14) in his fluidized bed data for the Deacon reaction. 

The general two-phase model of fluidization contains such parameters 
(see Fig. 65) as the volume fraction of bubbles € b , the volume fraction of 
particulate phase e e (equal to 1 - e b ), the overall mass transfer coefficient 
k oh a b (sometimes also the bubble-side and emulsion-side film coefficients 
k b a b and k e a b , respectively), the fraction of catalyst directly contacting 
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Fig. 65. Schematic expression of general two-phase dense bed model and the parameters 
included (homogeneous return flow is by F10-12, K24, L5). 

with bubble gas v, the cloud-wake fraction/ w € b , and the axial dispersion 
coefficient of the emulsion E m . 

In the case of fluid catalyst beds, the mean bubble size stays approxi¬ 
mately constant axially, so that the above parameters are treated as re¬ 
maining unchanged axially. Also, the interstitial gas flow through the 
emulsion is neglected in comparison with the feed gas flow U G , so as to 
considerably simplify the treatment. Usually the bubble phase is assumed 
to be unmixed axially. 

Under the above simplifications, the two-phase consecutive model by 
Shen and Johnston (S7) with vertically unmixed emulsion is written for a 
differential bed height: 

- U Q dcjdz - k ob a h (c h - c e ) = 0 


(7-6a) 
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with 


^ob^b(^b ^*e) ^e^r^*e ^ (7 - 6b) 

where the original capacity coefficient is expressed as the product of the 
overall coefficient k ob and the specific surface area of the bubbles a b in¬ 
cluded in the bubble-emulsion mixed phases. A first-order irreversible 
reaction takes place in the emulsion. Solving the equations, the overall 
rate constant as defined by Eq. (7-4) is given by 

*oR = [(*ob0b) -1 + (€e*r)- i r (7-7) 

When a part of the emulsion volume v is included in bubbles and con¬ 
tacts freely with the bubble gas, the effective fraction of the emulsion 
phase is e e - v , and Eq. (7-6) is rewritten: 

- U G dcjdz - k ob a h (c h - c e ) - vk T c b = 0 (7-8a) 

^ob^b(^b ^e) (^e v)k v C & 0 (7-8b) 

This case is the direct-contact model corresponding to the vertically un¬ 
mixed emulsion (VUE) by Lewis et at (L12), a special case of the model 
by Mathis and Watson (M8). Solving the equations, the overall rate con¬ 
stant is 

+ [(4 - (7-9) 

The bubble flow model by Orcutt^r al. (C9, 06) uses the film coefficient 
k b a b between the bubble gas and the emulsion. In their vertically unmixed 
emulsion k oR is given, with negligible gas flow through the emulsion, by 
Eq. (7-7) with k b a h in place of k ob a b . When the emulsion is mixed per¬ 
fectly, the extent of reaction is given by 

c 0 /c° = + (1 - e“*)/[l + € e iV r /(l - e ~ Nb )] (7-10) 

where N b = k b a b LjU Q and N r = krL { /U G . Hence, k oR is obtained by 
equating Eqs. (7-10) and (7-4). 

In the bubbling bed model of Kunii and Levenspiel (K24), there are two 
transfer steps for the bubble mass transfer, namely, the transfer between 
bubble void and cloud-particle overlap region k b a b and that between the 
cloud-particle overlap region and the emulsion phase k e a b . They further 
assume that the cloud-particle overlap region and the bubble wake are 
mixed perfectly, and contact freely with the cloud gas. Their basic equa¬ 
tions in the present notation are (for their case 2): 

-U G dcjdz - k b a h (c b - c c ) = 0 (7-11 a) 

k^d b {^c b c c ) f\N^\)kfC c k e ci b (c c c e ) 0 (7-lib) 

k e u b(c c c e ) (€ e fw^x^kfCe 0 (7-lie) 
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where/ w e b is the fraction of catalyst located in the cloud-wake region, and 
the catalyst directly contacts gas of concentration c c . Equation (7-1 lb) 
applies for the cloud-wake region, and Eq. (7-1 lc) for the emulsion not 
including/ w € b . These equations lead to 

1/Aor = 1/Abflb + 1/A. (7-12) 

with 

k ot = {(A: e « b ) -1 + [(«e -/we b )^ r ] -, } _1 + f w i b k r (7-13) 

Here k b is given by Davidson and Harrison (D3), and k e by the Higbie 
penetration mechanism (see Section VI where k be and k ce are utilized in 
place of k b and k e , respectively). 

It is interesting to observe the limiting cases where one particular 
mechanism dominates the whole reactor performance. One extreme is the 
case where kj « k ob a b , leading to (for all models): 

k oR = e e k r for k t « k ob a b (7-14) 

Obviously, model identification is not possible under this condition. An¬ 
other extreme is k r much larger than the bubble mass-transfer coefficient. 
The extremes differ from one another, as follows: 

k 0 R = k ob a b (7-15) 

for the two-phase consecutive model, Eq. (7-7); 

* 0 r = k b a b (7-16) 

for the bubble flow model, Eq. (7-10), and bubbling bed model, Eq. (7-13); 

k oR = vkf (7-17) 

for the direct contact model (VUE), Eq. (7-9). Here we note that k oR for 
the models not including directly contacting catalyst are upper-end limited 
by the mass-transfer coefficient k ob a b or k b a b . Only the direct-contact 
model shows k oR increasing linearly with k T under a given flow condition. 
These tendencies are more clearly visualized from Fig. 66, where k oR is 
shown as a function of k T at constant gas velocity. Numerical values given 
to various parameters are those for an ethylene hydrogenation run by 
Lewis et al. (L12). 

The models show considerably different k oR when ( r >1 sec" 1 . The 
bubble flow model (BFM) is for perfectly mixed emulsion, but a k oR only 
slightly larger is obtained for BFM when the emulsion is vertically un¬ 
mixed. For the bubbling bed model (BBM) k oR is fairly sensitive to differ¬ 
ent assumptions for/ w ; an f w of about unity is recommended (FI 1, K24) to 
fit the reaction data available. The value f w = 0.35 is taken from Rowe 
(D5) for 75-Atm-diam. spherical particles. 
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Fig. 66. Overall reaction rate constant k oR as a function of reaction rate constant k T for 
various reactor models; U G = 25 cm/sec, e b = 0.27, k oh a b = 0.37 sec -1 , kya h = 0.94 sec -1 , 
k e a h = 0.61 sec -1 , v = 0.10,/ w = 1.0 and 0.35; data are for a fluidized catalyst bed. 


The direct-contact model with vertically unmixed emulsion (VUE) 
shows considerably different behavior from other models for k T s 5 
sec -1 ; k oH increases approximately linearly with k r , but the rest of the 
models are upper-end limited by k h a b or k oh a h . As a consequence, the 
models are best identified with one another by comparing their perfor¬ 
mance with the data obtained for& r > 5 sec -1 . 

3. Comparison of Models with Experiments 

Catalytic hydrogenation of ethylene by nickel- or copper-impregnated 
cracking catalyst is taken here for comparison. Figure 67 shows typical 
experimental k oH values taken under a constant superficial gas velocity U G 
by varying k r . Curve LGG is based on the data by Lewis et al. (LI2), GK 
by Gilliland and Knudsen (G7), and FKM those by Furusaki et al. (F18). 
The calculation ofk oH will be explained later. The dotted curves are calcu¬ 
lated by the two-phase consecutive model (TCM) and by the bubbling bed 
model (BBM) for U G = 20 and 25 cm/sec, where the mean bubble size is 
4.5 cm and the wake fraction/ w = 1.0. 

Comparing Fig. 67 with Fig. 66 shows that only a direct contact model 
such as VUE accounts for the experimental data. For other models to 
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Fig. 67. Overall rate constant k oR for experimental ethylene hydrogenation runs by Ni- 
or Cu-impregnated cracking catalyst beds. Dotted curves were calculated by the two-phase 
consecutive model (TCM) and by the bubbling bed model (BBM). Full curves were calcu¬ 
lated by the successive contact model. 

account for the data, k b a b or k ob a b should be increased with increasing Ic?; 
this would imply that the bubble size decreases with increasing catalyst 
activity at otherwise identical fluidization conditions, whereas the bubble 
size should remain constant. A similar tendency is also observed for 
catalytic ozone decomposition by a fluidized catalyst bed (see Fig. 68), 
although not so decisively. 

The direct contact model has some difficulties, however. In fluidized 
beds, gas bubbles of very low solid content are usually considered to exist 
in the dense phase (H14, K13, T19). Also, the cloud layer is negligibly 
thin, due to small U mf for the usual fluid catalyst beds, according to equa¬ 
tions of Davidson and Harrison (D3) and Murray (M47). The streamlines 
of gas phase through a bubble have been observed to pass through the 
cloud, but not through the bubble wake (R17). Thus there seems little 
possibility of believing that the bubble gas is in direct contact with a sub¬ 
stantial amount of catalyst in the bubble phase (see also Section VI,A). 
Furthermore, the direct contact model is applied to the data by Gilliland 
and Knudsen, and v in Eq. (7-9) is calculated to fit the data. Calculation 
(M26) shows that the volume of catalyst, with an apparent density the 
same as for the emulsion, which contacts the bubble gas freely exceeds 
the volume of bubble gas itself {v/l b = 3.3, 2.0, and 1.5, respectively, for 
U G = 10, 20, and 30 cm/sec). This seems to be unsound physically. 





FLUIDIZED CATALYST BEDS 


389 



Fig. 68. Summary of catalytic reaction data by fluid beds for ethylene hydrogenation and 
ozone decomposition; curves were calculated by the successive contact model. 


Similarly the bubbling bed model may be visualized as a kind of direct 
contact model when k h a b is much greater than& or in Eq. (7-12), since the 
equation is now reduced to Eq. (7-9) with an apparent equality of/ w e b = v 
under this extreme. Actually, however, the transfer of bubble gas to the 
cloud-wake region is limited by k h a bi so that the amount of catalyst/ w e b 
should be greater than v to account for the above data; such a large / w e b 
again seems unreasonable. 

So far, the models explained here view the fluidized catalyst bed as 
being composed only of dense phase, so that there is difficulty in locating 
directly contacting catalyst. This difficulty may be avoided by placing the 
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catalyst somewhere outside the dense phase. Based on the axial distribu¬ 
tion of bed density, Miyauchi (M25) located the catalyst in the dilute 
phase and developed the concept of the successive-contact mechanism. A 
part of the catalyst may be placed in the jetting zone above the gas dis¬ 
tributor, as explained in Section VIII. Catalyst erosion could be excessive 
with too much jetting, however. Also, such a large amount of directly 
contacting catalyst as observed for the Gilliland and Knudsen data is 
difficult to locate solely in the jetting zone. 

Perhaps the influence of dilute phase on the progress of reaction must 
have appeared in the minds of many investigators, but it was never formu¬ 
lated. It was stated (M33) that “Visually the particles in the dilute phase 
are dispersed rather uniformly, so that under these flow conditions this 
portion of the particles may take part in increasing the catalytic conver¬ 
sion.” Interesting discussions by Riley (R12) are another example. 

4. Other Reactions 

Fluidized catalytic reactions have been industrially operated in the 
“fluid bed” conditions, but most of the research has been carried out for 
the “teeter bed.” Several studies of fluidized catalytic reaction are listed 
in Table VI, which are of interest in considering transport phenomena in 
fluidized catalyst beds. 

B. The Successive Contact Mechanism 

A reactor model is developed to include reaction taking place in the 
dilute phase, and to be reasonably consistent with the known flow proper¬ 
ties of fluidized catalyst beds operated under relatively high gas velocity. 
According to this model, reaction proceeds successively in the dense 
phase and in the dilute phase. 

1. Flow Properties of Fluidized Catalyst Beds 

As stated previously, fluid beds are operated under high gas velocities 
with small particles (U G /U m{ ^ 100, V G /u t = 1-3). The apparent density 
of particles is rather small, i.e., usually less than 1.5 g/cm 3 (and preferably 
less than 1.0 g/cm 3 ). 

The bed consists of the dense phase and the dilute phase, and the 
former constitutes the emulsion and bubble phases (Fig. 2). In many re¬ 
spects the flow behavior resembles that in gas bubble columns operated at 
about equivalent gas velocity (Sections II-V). Intense circulation of the 
dense phase takes place by the buoyant force induced between the cen¬ 
trally ascending bubble-rich phase and the peripherally descending 



TABLE VI. Catalytic Reactions in Fluidized Beds' 


Author 

Reaction 

[/tm] 

D t 

[cm] 

Vo 

[cm/sec] 

u mf 

[cm/sec] 

Reaction rate 
constant [sec -1 ] 

Refer¬ 

ences 

Pansing 

Regeneration of cracking catalyst 

44.5-79 
(4 types) 

25 

3-18 

— 

28.5 Cr at U G = 18 6 

PI 

Askins et al. 

Regeneration of cracking catalyst 

— 

1220 

47 

— 

— 

A12 

Mathis and 
Watson 

Dealkylation of cumene by 
Si0 2 -Al 2 0 3 catalyst 

74-149 

5-10 

1.5-2.5 

0.6 

~1 

M8 

Lewis et al. 

Hydrogenation of ethylene Ni on 
MS catalyst 

80-188 
(av. 122) 

5 

6-45 

0.73 

1.1-14.3 

L12 

May 

Catalytic cracking 

80-150 

5-150 

3-60 

— 

— 

M12 

Gometzplata 

and 

Catalytic cracking of cumene, 
Si0 2 -AI 2 O a catalyst 

74-149 

7.6 

1.8-7.3 

— 

-0.77 

G18 

Shuster 

Massimilla and 
Johnstone 

Oxidation of ammonia by 
alumina catalyst 

44-149 
(av. 105) 

11.4 

2-16 

0.27 

0.086 

M4 

Orcutt et al. 

Ozone cracking by Fe20 3 on FCC 
catalyst 

20-60 

10.2-15.2 

3.6-15 

0.3 

0.05-7 

06 

Ishii and 

Isomerization of cyclopropane 

74-105 

2.3-15 

0.9-20 

0.3 

— 

Ill 

Osberg 

Echigoya et al. 

Dealkylation of cumene 
Hydrogenation of benzene 

105-149 

5.3 

1.2-14.2 

0.25 

— 

E4, E5 

Gilliland and 
Knudsen 

Hydrogenation of ethylene Cu on 
FCC catalyst 

44-149 
(av. 52, 120) 

5.2 

3-49 

— 

0.06-0.95 

G7 

de Vries et al. 

Oxidation of HC1 


30-150 

—20 

— 

-0.5 

D8 

van Swaaij and 

Ozone cracking by Fe20 3 


5-60 

-20 

1 

<1 

V7 

Zuiderweg 

Furusaki 

HC1 oxidation by CuC 1 2 -KC1- 
SnCl 2 on MS Si0 2 

Av. 84 

5.5 

10-60 

-0.6 

— 

F14 

Tone et al. 

Cracking of methyl cyclohexane 
by FCC catalyst 

88-105 

4.5-5.2 

1-3 

0.25-0.3 

— 

T21 

Furusaki et at. 

Hydrogenation of ethylene 

62 

5.3 

10 - 30 

0.2 

4.3 - 21 

F18 


° Selected for fluid beds. 6 Cr = gm-coke/gm-catalyst. 






392 


MIYAUCHI, FURUSAKI, MOROOKA, AND IKEDA 


bubble-lean phase. Mean bubble size stays relatively unchanged axially; 
the size seems to be characteristic of flow intensity in the bed. The upflow 
and downflow emulsions exchange with each other by radial eddy mixing. 
Thus the general flow features may be visualized as in Fig. 2. 

In the dilute phase the catalyst population decreases with increasing 
axial height from the dense-bed surface (Section II). It has been shown 
(M26) that the amount of directly contacting catalyst is approximately 
equal to “a” of Lewis et al. (LI2), if one takes the amount as the volume 
of catalyst existing above L f . The data are compared in Fig. 69. Here, L { is 
taken as the height above the distributor where the volume fraction of the 
emulsion equals that of the bubbles, i.e., i e = e b ; e e becomes meaningless 
in the dilute phase or in the transition zone, since e b becomes dubious. 
However, i e6 (instead of i e ) is used as the hypothetical volume fraction if 
the dispersed particles in the dilute phase are concentrated into the same 
density as the emulsion. This treatment is convenient in calculating con¬ 
version in the dilute phase. 

One important point is that the phase boundary which separates the 
dilute phase from the dense phase is somewhat arbitrary to define and is 
located with difficulty. Instead of defining the phase boundary, it might be 
more reasonable to place a transition zone between the above two phases. 
In what follows, however, the concept of phase boundary has been 
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Fig. 69. Comparison of experimental “a” with calculated values based on the successive 
contact model (M26). 
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utilized, owing partly to the simplicity of developing a reactor model and 
partly to the lack of sufficient information to define a transition zone. 
When the dense phase height L f is taken at e e = 0.50, the bed density 
distributions show that L f remains approximately unchanged for different 
gas velocities (M25). 


2. Formulation of the Model 


The previously mentioned flow properties of the beds lead to the follow¬ 
ing formulation for the successive-contact model (M25). Simplifying as¬ 
sumptions additional to those given in Section VII,A,2 are, for the dense 
phase (M29): 

(a) Ascending or descending velocity constant for bubble phase or for 
circulating emulsion phase, respectively. 

(b) Bubbles ascend mostly with the upflowing dense phase, so that they 
are included only in this phase (see footnote on p. 345). 

(c) The upflow and downflow emulsions exchange a part of the emul¬ 
sion with each other at the exchange rate coefficient k ex a ex (Fig. 2). 

(d) A small quantity of freely suspended particles has been observed in 
the bubble phase (H14, K13, T19). These particles, with the volume frac¬ 
tion v , are allowed to directly contact the bubble gas. 

(e) Physical adsorption equilibrium is almost instantaneously attained 
between particles and fluid in the emulsion phase with the partition ratio 
m = c fe + m s € se , with m s = c se /c fe . 

(f) An isothermal and irreversible first-order reaction takes place stead¬ 
ily in the bed. 

With these premises, analytical solutions have been presented for the 
dense phase (M25, M29). The solutions show essential features of Taylor 
dispersion with chemical reaction, similar to the case treated by Cleland 
and Wilhelm and others (C8, S2, W15) for cylindrical-pipe flow (see M29). 
Here, the axial dispersion coefficient of gas affecting the steady reaction 
diminishes as the rate of chemical reaction increases, compared with the 
dispersion coefficient affecting axial mixing without accompanying 
chemical reaction. These solutions are general, but inconvenient for 
computation. Several simplifications have been discussed; one simplifica¬ 
tion potentially applicable to the usual fluid-bed operations is to adopt 
the restriction: 


<P = 


(i + 4 W + ^s/k.) > 10 

mU e \ ^ob^b ^ob^b/ 


(7-18) 


With this behavior of <p the influence of the emulsion-phase circulation 
apparently disappears (U e is the superficial circulation velocity of the 
emulsion phase) and the computation is greatly simplified. 
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With ip > 10, the following equations of continuity are obtained for the 
dense phase: 

-U G dcjdz - k Qb a h (c h - c feu ) - vk T c h = 0 (7-19) 

^ob^b(Q> ^feu) /??& ex fl ex (Cf eu ^*fed) (^e ^)^r^feu 0 (7-20) 

^^ex^ex(Qeu ^fed) ^e^r^fed 0 (7-21) 

where half of the emulsion phase is in ascending flow and the other half is 
in descending flow. Equation (7-19) is for the bubble phase; Eqs. (7-20) 
and (7-21) are for the ascending and descending emulsion phase, respec¬ 
tively. The term (ie e - v) is the fraction of the ascending emulsion and U e is 
that of the descending emulsion. 

When the exchange rate of emulsion between the upflow and the 
downflow is high enough, the emulsion gas concentrations c eu and c ed 
become nearly equal, so that Eqs. (7-20) and (7-21) are combined and 
reduced to Lewis’ VUE model, Eq. (7-8.b). 

Equations (7-19)-(7-21) are combined by eliminating c eu and c ed , yield¬ 
ing 

~U G dc h /dz - (/(„ + vK)c b = 0 (7-22) 

where \/k or = l/k oh a b + l/€i e k r , and £ is given in Eq. (7-28). For large- 
diameter beds, could be smaller than 10 (see M29). 

The bubble gas, with initial concentration c°, leaves the dense phase at 
z = Lf with concentration c Lp and enters the dilute phase. For the dilute 
phase the diffusion-model approach is more general, since a fair amount of 
gas mixing is observed in a large-diameter bed (HI9). Here, however, the 
usual piston-flow assumption is made for simplicity, since in small-scale 
beds the particles in the dilute phase are suspended rather uniformly. 
Actually the observed flow properties of the phase, including the transi¬ 
tion zone, seem to be more complicated. 

The equation of continuity with the piston-flow assumption is 

-U G dc/dz - i ed k r c = 0 (7-23) 

where the physical meaning of € ed has been explained in Section VII,B,1. 

The reactant concentration c 0 of the gas leaving the dilute phase at z = 
Lx is obtained by integrating Eqs. (7-22) and (7-23) as follows: 

c 0 /c° = exp{-[* or + (i> + e)k r ]Lx/U G ] (7-24) 


where 


= (Lf ) -1 ( U € ed dz 

J L, 


(7-25) 
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Accordingly, eL { is the total fraction of catalyst (with the same density as 
the emulsion) suspended in the dilute phase. The total fraction of catalyst 
in the dense phase is e e L t , so that the following equality exists for the 
successive contact model: 


L q = (e + e e )L f (7-26) 

Comparing Eqs. (7-24) and (7-4), k oR can be given by 

* 0 R = [(*obtfb) -1 + (€ijcr)-'lr l + iy + e)K (7-27) 

where defined by Eq. (7-28) is the fraction of catalyst in the dense phase 
effectively utilized for reaction: 

tf = * - (*v*e) + [2 + (7-28) 

Equation (7-27) is reduced to the VUE model by Lewis et al, Eq. (7-9), 
when e = 0 and iekr/mk ex a ex « 2; v is usually small in comparison with e 
(Section VIII). In this case, with f = 1, Eq. (7-27) is reduced to the 
simplest expression of the model: 

k 0 R = [(fcobflb)-' + (aA) -1 ]" 1 + ekr (7-29) 

3. Experimental Evidence 

Ethylene hydrogenation runs are summarized in Fig. 68, where the 
data by Lewises al. are taken from their smoothed curves (Figs. 7 and 8 of 
L12). For these, approximate numerical values for and £ are <p = 25-38 
and£ - 0.95-0.73,for U G = lOcm/sec,and^ = 52-63and^ = 0.98-0.83 
for U G = 40 cm/sec. Also, the simplest expression [Eq. (7-29)] is utilized 
to calculate k oH . The Lewis-Gilliland-Glass plot (see Section VII,C,2) has 
been applied to obtain k oh a h and e from the experimental data; the other 
data are similarly processed. 

The data by Orcutt et al. (06) for catalytic ozone decomposition have 
been processed in the same manner. Those by van Swaay and Zuiderweg 
(V7, V8) for ozone decomposition are treated as follows. Their data are 
presented in terms of an apparent HTU, {H oh ) app , as defined by 

(tfob) aP p = *7 gAor - U G /iA (7-30) 

where U G /k oR equals // oR , the overall height of a reaction unit by Hurt 
(H18). Because (// ob ) aPP equals U G /{k ob a b ) ai)p , they presume Eq. (7-7) 
holds. Now k oR is calculated using Eq. (7-30) by knowing the experimen¬ 
tally given (H ob ) app ; see Fig. 70. 

In processing the above data, v is consistently assumed to be negligible 
in comparison with* 3 , and Eq. (7-29) is utilized in calculating k oR , including 
the full curves given in Fig. 68. 
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Fig. 70. Comparison of the calculated (H 0b ) app with the data of van Swaay and Zuider- 
weg (V8). 


In the figure the data obtained by Gilliland and Knudsen from the use of 
copper-impregnated cracking catalyst (quiescent bed density p mf = 0.33 
g/cm 3 ) show considerably higher & oR than those by Lewis et al ., who used 
nickel-impregnated cracking catalyst (p mf = 0.52 g/cm 3 ). Since the ex¬ 
perimental runs have been performed under nearly isothermal conditions, 
the higher k oK by Gilliland seems mostly to come from their using less 
dense catalyst than Lewis et al. used. In other words, at least qualita¬ 
tively, a fair amount of catalyst is suspended in the dilute phase in con¬ 
formity with higher e (or a). 

Furusaki et al. use a standard cracking catalyst of wide size distribution 
with smaller mean particle size, higher e y and higher U G than those of 
Lewis et al. (cf. Fig. 68). 

The successive contact model seems to be sound in accounting for the 
fluid-bed performance given in Fig, 68, since the model satisfies the flow 
and transport properties of the beds as well. The model is also applied 
successfully to catalytic oxidation of HC1 (the Deacon reaction) in a fluid 
bed (F14). 

Recently, Yates and Rowe (Y10) have observed, on the basis of their 
model for catalyst distribution in the freeboard region, that this region can 
usually exert a considerable influence on the course of the reaction. Their 
observation is essentially parallel with the concept of the successive con¬ 
tact mechanism. However, they use the bubbling bed model in calculating 
the reaction in the dense phase, so that the effect of directly contacting 
catalyst seems to be corrected two times, first partially in the dense phase 
and then in the freeboard region (see Section VII,A,3). 
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4. Relative Contribution to the Overall Exten t of Reaction 

As explained in Section VI, the bubble mass-transfer coefficient k ob a b is 
given by 

Otobtfb )- 1 = (Mb )' 1 + (frMb )' 1 (7-31) 

where ft r is the modified Hatta number. Also, the variables affecting the 
reaction in a fluid bed have been formulated as Eq. (7-27). It is important 
to know their relative contributions, i.e., /3 r , the amount of catalyst in the 
dilute phase e, the fraction of catalyst directly contacting with the bubble 
gas v , and the jetting zone. Of these, v is difficult to measure directly by a 
physical method, but is usually small in comparison withe (Section VIII). 

For a typical example we take the data from Lewis et al for the system 
C 2 H 4 -H 2 , where U G = 16 cm/sec, d p = 122 (jl m and D G ~ 0.891 cm 2 /sec. 
Then, the mean bubble size is approximately 5.0 cm (Fig. 51), so that k ob a b 
is obtained from Eq. (7-31) (Section VI). With these and £ « 1, k oH is 
calculated from Eq. (7-29) by taking k r and e as variables. 

The results (M28) are given in Fig. 71, where H oH = U G /k oR . From this it 



Fig. 71. Relative contribution of parameters to // oR — UJk oR ); P u P 2 > and P$ are the 
respective locations where k ob a b , e , and fi T start to be significant (M28). 
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is obvious that e is most significant; /3 r is important only for very large k r 
(>20 sec -1 , point P 3 ). In the region of very small k r (<0.1 sec -1 ) the 
reaction is the rate-determining step. Points where k Qh a h and e begin to 
affect H oR are shown as points P t and P 2 , respectively, for an approximate 
estimate. Point P 2 for an e which is starting to be significant changes 
considerably as e changes. 

The properties of point P 2 are more clearly observed from Fig. 70, for 
the experimental apparent HTU by van Swaay and Zwiderweg (V7, V8). 
The HTU decreases as k Y increases beyond about 1.5 sec -1 , showing an 
apparent enhancement of bubble mass transfer due to ek T (M28). This k T 
corresponds to point P 2 . The full curves are calculated by Eqs. (7-29) and 
(7-30) from the use of numerical values given in Fig. 70. The equations 
give two extremes: 

(^ob)app = ^g/ ^ob^b (7-32a) 

for negligible ek T \ and 

(tfob)app = U G /ek r (7-32b) 

for k T » k ob a b . 

Axial distribution of k ob a b has been shown to have only a minor effect on 
the performance of fluid catalyst reactors (K14, M28). It has been shown 
in Section II that (a) bubbles from a single nozzle break up in rising a 
certain distance to attain a final size; (b) bubbles from a perforated plate 
associate together when rising; and (c) d h stays fairly constant axially 
thereafter. 

Basov et ai (B6) measure the longitudinal-bed density distribution for 
crushed cracking catalyst (average d v = 120-130 fx m). They observe that 
near the distributor (0-20 cm above it), there is a region of varying density 
with height, then stays unchanged. The density is low near the distributor, 
since dense-phase circulation is low there and particles may not be easy to 
supply from the emulsion above. This lower region is called the jetting 
zone. Here d b may be smaller or larger than the average d b of the bed, 
depending on the type of distributor and on energy input to the jet. 

To see the influence of the jetting zone on the extent of reaction, H oR 
(equal to U G /k oR ) has been calculated under the assumptions that (a) k ob a b 
is five times greater in the jetting zone than in the dense phase above, (b) 
the height of the jetting zone is one-fifth of the bed height L f , and (c) the 
other four-fifths has k ob a b such that the mean k ob a b averaged over L f 
equals that in the example given in Fig. 71. Calculation gives the dotted 
curves given in Fig. 71. The effect of the jetting zone appears insignificant, 
as far as k ob a b is concerned. However, a fraction of directly contacting 
catalyst seems to be located in the jetting zone, although it is not very 
significant (see Section VIII). 
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Behie and Kehoe (B9) state that the effect of the jetting zone is salient, 
especially for the case of very fast reaction. They use a very high mass- 
transfer coefficient in their calculation (k 0] = 57 cm/sec, u } = 30 m/sec) 
(B8). On the other hand, €„ could be very small in the jetting zone if the 
dense phase holds only the jets of high speed and not bubbles, since e b = 
U G /u b = U G /it) « 1 due to u } » 0. Actually, the fraction of bubble phase 
is high in this zone (B6, E8). In case of fluid beds, the spout above the 
nozzle of the distributor is quite unsteady and splits into bubbles within a 
very short distance. As for this, the observation by van Krevelen and 
Hoftizer (V6) for a gas jet submerged in liquid is quite suggestive for 
practical values of U G . 


C. Overall Rate Constant K oR Based on L q 

So far, the overall rate constant has been based on the fluidized bed 
height Lf. This definition of A oR has some advantages, since the parameters 
which appear in formulating the reactor theory are directly related to flow 
properties of the bed and are thus easier to understand physically. How¬ 
ever, K oR , based on quiescent bed height L q , is more convenient for design 
purposes, since L q is known once the catalyst inventory is known. In 
contrast, L ( changes with U G , and may be difficult to define when the bed 
is aerated with large gas velocity. In such a case L f may even be zero when 
the catalyst inventory is small. Also, K oR has the definite advantage that, 
as stated in what follows, the Lewis-Gilliland-Glass plot is applicable to 
the successive contact model without any trial calculations. 

1. Reactor Models Based on K oR 

Equation (7-5) gives the relation that K oR equals /c oR L f /L q . For the suc¬ 
cessive contact model the ratio L b /L, equals (i e + e) from Eq. (7-26), so 
that we have: 

K„ r = k oR /(i e + e) (7-33) 

For the rest of the models there is no dilute phase. Hence e = 0 and L q = 
€ e Lf, or 

K oR = W*e (7-34) 

Equation (7-33) is combined with Eq. (7-27), so that a K oR is obtained for 
the successive contact model: 

K oR = (1 - a)[F* 1 + k r 1 ]- + ak, 
with F = k ob a b /{i e - v) and a - (v + e)/(i e + e). 


(7-35) 
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When e — 0 in Eq. (7-35), the above model is reduced to the direct 
contact model (VUE) of Lewis et al. This relation is also obtained by 
combining Eqs. (7-34) and (7-9). In an essentially similar manner the other 
models are reduced to the form of Eq. (7-35) and these are summarized in 
Table VII. Various extreme cases of chemical reaction, bubble mass trans¬ 
fer, or directly contacting catalyst being controlling are easily obtained 
from this table. 

Figure 72 shows a numerical example taken from the catalytic hydro¬ 
genation of ethylene by Gilliland and Knudsen (G7). Reaction data are 
shown at U G = 30 cm/sec. The rest of the parameters are given in Fig. 72, 
and these make it possible to calculate K oR for different reactor models. 
The experimental data are first processed by the Lewis-Gilliland-Glass 
plot to obtain F and a , from which e and k ob a h are calculated for the 
successive contact model (SCM, v ~ 0). This example perhaps constitutes 
one of the most severe tests of different reactor models. In Fig. 72 
DCM(VUE) approximates the data equally well. 

Except for the mechanistic concepts, there is little difference between 
the two models as far as the capability of correlating data is concerned. 
The differences are that (a) L f /L q is different for the two models due to 
existence of the dilute phase, and (b) k oh a h as calculated from F is 0.166 

TABLE VII 

K oR for Various Reactor Models 8 


Reactor model 


K oR = (1 -«)/(l/F+ \/k r )+ak r 


^or/^oR 


Two-phase consecutive 
model (S7) 

Bubble-flow model (VUE) b 
(06) 

Direct contact model (VUE) ft 
(LI 2) 

Successive contact model 
(usually v « e) 

(M25, M26) 

Bubbling bed model 
(K22-24) 


^ob^b/^e 


k 0 b a b/(*e ~ *0 


^ob^b __ ^ob^b V € __ € 

€ e V € e € e + e € e + e 

\/K oR = ie/Mb + !/*or 
*or = 0 - a)/(\/F + 1 IK) + ak r 
F — k e C Ib/(€ e fv/€ b)» ^ — fw^b/^e 


° U m ,« U 0 ; e, = (1 - €„); e = (1 /L t ) f k £%„ dz 

JLf 

b VUE, vertically unmixed emulsion. 
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TCM 

Two-phase consec. model 

BFM 

Bubble-flow model (VUE) 

BBM 

Bubbling bed model 

DCM 

Direct contact model (VUE) 

SCM 

Successive contact model 


K VUE : Vertically unmixecft 
emulsion / 


Direct contact 
controlling, K^a*, 


it- 


Reaction controlling 
K0R = ft r 






/ ^ORT ^b°fa/£ 




<TCM 


5.\s)- 


Kqr = ^obQb/ ft 


0.05 l 




0.2 0-3 04 05 0.7 


O Data by Gilliland-Knudsen 
at U G = 30 cm/sec (G- 7 ) 


_L 
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Fig. 72. Overall rate constant K on based on the quiescent bed height L q calculated by 
various reactor models; U G = 30 cm/sec, e b = 0.31, k ob a b = 0.17 sec -1 , k b a b = 0.42 
sec -1 , k e a b = 0.27 sec -1 , a = 0.66, m = 1 ,/ w = 1.0 and 0.35. 


sec 1 for SCM and 0.057 sec 1 for DCM; the latter value seems too small. 
From Table VII one has 

F ~ \kob a b/(*e~ ^)]dCM(VUE) = (^ob fl b/€ e )sCM(i/=0) 

so that 


(^ob^b)DCM(VUE)/(^ob fl b)sCM(v=0) *“ (*e v)/*e “1 a (7-36) 

In the present example a = 0.657 and 1 - a ~ J (see also discussion given 
in Section VII,A,3). 

2. Evaluation of e and k ob a b —the Lewis-Gilliland-Glass Plot 

In evaluating the transport properties in fluid catalyst beds during reac¬ 
tion, it is necessary to utilize reaction data obtained at relatively high 
reaction rate. The reactor models of different mechanisms have been re¬ 
duced to the form of Eq. (7-35), as shown in Table VII, including the 
bubbling bed model when k b a b » K m . Eq. (7-35) is equivalent to one 
developed by Lewis et al. (L12) for their direct contact model of vertically 
unmixed emulsion (VUE). As a consequence, Eq. (7-35) is transformed 
(LI2) to: 


krK oR /(k r K 0 k) — ^oft) 4“ F 


(7-37) 
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Fig. 73. Typical Lewis-Gilliland-Glass plot (after LI2). 


The plot of krKon/ikr - K oR ) versus k^/ik? — K oR ) for the data taken at 
constant U G should give a straight line of slopes and intercept F, as shown 
in Fig. 73 (L12). In this way, one can estimate a and F by reaction data for 
several catalysts of different activity. This evaluation method, named the 
Lewis-Gilliland-Glass plot (F18), gives reliable F and a during reaction, 
since the original data are obtained from the reaction itself. For the suc¬ 
cessive contact model, k ob a b and e are calculated fromF and a t since v is 
usually small in comparison with e (Section VIII). 


VIII. Further Properties of the Successive Contact Mechanism 

The concept of the successive contact mechanism has been given its 
simplest form by dividing the fluidized catalyst bed into two parts—dense 
phase and dilute phase. The concept has been found to apply to bed 
performance, as shown in the preceding section. The reactor model has 
been developed on the basis of several simplifying assumptions, partly to 
retain mathematical simplicity as a workable design equation accounting 
for the relative effects of the variables, and partly due to a relative lack of 
information about bed performance. Further properties of the mechanism 
are examined here, particularly as to axial distribution of reactivity inside 
the bed. 

A. Axial Distribution of Reactivity in a Fluid Bed 

The dilute phase as defined in Section VII,B,1 partly includes the transi¬ 
tion zone. Gas-solid contacting there is much more complicated than is 
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indicated by the simplifying assumptions for the successive contact 
model. 

Tsutsui (T29) measured the axial bed density distribution inside a 
2-inch-diam. fluid bed with the purpose of reproducing the runs by Gilli¬ 
land and Knudsen (G7). The fluid-flow experiment was intended to deter¬ 
mine whether or not so large an amount of particles was suspended in the 
dilute phase. Since the catalyst utilized by Gilliland was not available, 
Tsutsui used microspherical carbon and, glass “baloons” ( ballotini ) and 
mixtures of them with cracking catalyst as the fluidizing particles to adjust 
the quiescent bed density. He found that the quantity of particles sus¬ 
pended in the dilute phase was qualitatively parallel with those observed 
for the runs by Gilliland, but not always quantitatively. 

Later, Furusaki et al. (F17) studied the hydrogenation of ethylene by 
fluidized Ni catalyst to obtain the axial reactivity distribution. Here the 
samples of bed gas were removed by a traveling sampler placed at the 
center of the bed during steady reaction, so that the sample taken in the 
dense phase shows an average of the concentration in the bubble and 
emulsion phase. Figure 74 shows an example of the axial concentration 
profile. 

Apparently the reaction seems to have almost ended near the dis¬ 
tributor; this is because the sample has been mostly taken from the emul¬ 
sion phase. The calculated concentration profile, assuming (€ b ) sample = 
0.2, is close to the observed profile. However, the axial reactivity dis¬ 
tribution inside the bed is not always clear, although this kind of experi¬ 
ment does give useful information. A similar experimental approach has 
been utilized by other investigators (C7a, FI2). 



Fig. 74. Axial concentration profile of bed gas, observed by taking out the gas by an 
axially traveling sampler (FI7). 
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An alternative to the above method is to introduce one of the reactants 
at a given vertical bed height and to measure steady-state conversion at 
the bed outlet by varying the height. This method, named the differential 
reactivity test, was suggested by T. Kikuchi and applied experimentally to 
catalytic hydrogenation of ethylene by Furusaki et al. (FI8). 

1. The Differential Reactivity Test 

When a fluid bed is operated as an ideal piston-flow reactor as in the 
simplest case of the successive contact model [Eq. (7-29)], the equation of 
continuity is given by 

— U G dc/dz - r(c) = 0 (8-1) 

If the reaction rate r(c) is the product of a function of vertical position 
k oR (z) and that of concentration/(c), Eq. (8-1) is integrated to 

f"' (k oR (z)/U G ) dz = - pdc/f(c) (8-2) 

where one of the reactants at initial concentration c°, is introduced stead¬ 
ily into the bed at height z measured from the distributor, and leaves the 
bed at z = L t with the concentration c 0 . Differentiating Eq. (8-2) by z, we 
have: 

k oR (z)/U G = (d/dz) f Co dc/f{c) (8-3) 

Jc° 

This is the general relation to obtain the local overall rate constant k oR (z) 
from experimental runs. When the reaction is of first order,/(c) = c, then 

k 0 n(z)/U G = c/[ln(c 0 /c 0 )]/dz (8-4) 

Thus, the local slope of the plot of ln(c 0 /c°) versus z for the data taken 
under a constant U G will give k oR (z)/U G , and from this k oR {z ). 

2. Application of the Test to a Fluidized Catalyst Bed 

Distribution of the local reactivity k oR {z) was tested by hydrogenation of 
ethylene (F18). Reaction proceeded in a fluid bed 5.3 cm in diameter and 
130 cm in height. Nickel-impregnated cracking catalyst was fluidized by 
hydrogen, introduced through the gas distributor at a chosen superficial 
velocity. Ethylene was injected into the fluidized bed through the injection 
nozzle at several vertical positions. Conversions thus obtained are plotted 
against vertical position z in Figs. 75 and 76. In these figures, the slope is 
large near the distributor and at the transition zone; point/corresponds to 
the dense bed height L { at i e = 0.5 (M25). Thus, local reactivity is large at 
these regions. The dense bed may be divided into three sections: the 



FLUIDIZED CATALYST BEDS 


405 



Fig. 75, Longitudinal distribution of reactivity for ethylene hydrogenation by Ni- 
impregnated cracking catalyst, k T = 10 sec -1 , catalyst 1000 cm 3 (FI8). 



Fig. 76. Effect of the reaction rate constant k T on the longitudinal distribution of reactiv¬ 
ity, ethylene hydrogenation, catalyst 600 cm 3 , V G = 30.5 cm/sec. Nozzle designs a and b 
refer to Fig. 3 of ref. FI8. 
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jetting zone near the distributor, the main dense phase, and the transition 
zone between the dense and dilute phases. Besides these three zones, the 
dilute phase must also be considered. 

From the differential reactivity test, k oR is obtained as a measure of 
reactivity. Another measure is to define the local contact efficiency by 
the following relation: 

Vo = k oR (z)/i e k r (8-5) 

where € ed is taken instead of e e in applying r) c to the dilute phase. In the 
case of the dense phase, the fraction of catalyst v is directly contacting 
with the bubble gas, so that/: oR (z) equals k or + vk T from Eq. (7-22); then t? c 
for this case is given by 

Vc = + (fCe)~‘]“' + ") (8-6) 

Values of r) c are given in Fig. 77 for the data of Fig. 76. The line of the 
dense phase in the figure is calculated by Eq. (8-6) assuming £ = 1 and v = 
0. The term k ob a b is 0.4 sec -1 at U G = 30.5 cm/sec and is obtained from the 
use of the Lewis-Gilliland-Glass plot (Section VII,C,2). 

The contact in the dilute phase and the transition zone is different from 
that in the dense phase. The former is related to mass transfer between the 
gas phase and an agglomerate of solid particles, whereas the latter is 
mainly related to mass transfer between bubbles and emulsion including a 
certain amount of directly contacting catalyst. Upon consideration of hin¬ 
dered settling of the swarm of particles (S16, Z7), we also find contact 
efficiency to be a function of the population density of particles. Normaliz¬ 
ing by the € e of the main dense phase, € e , de , i e /e eAe is chosen as a variable 



Fig. 77. Dependence of t) c on the height from the distributor, catalyst 600 cm 3 , 
U G = 30.5 cm/sec (F18). Point a indicates the upper limit of the dense phase. 
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Fig. 78. Correlation of the contact efficiency with € e /€ e , de for the dilute phase including 
the transition zone (F18). 


(€ ed /€ efde for the dilute phase) to affect r) c because these are primary data 
which can be obtained by measuring the solid density in the bed. 

Figure 78 shows this relation. The data are rather scattered, but most of 
the efficiencies are inside the shaded area of the figure. The most probable 
value is given by the solid line, expressed by: 

Vc = 1 - 0.75(€ e /€ e , de )°- 4 (8-7) 

The equation shows that the strong interaction of particles affects the 
contact efficiency. The interaction seems to increase rapidly with increas¬ 
ing particle population. Figure 78 can be used to estimate local contact 
efficiency when the density distribution of solid catalyst is known. 


B. Axial Distribution of Contact-Mechanism Contributions 

So far, the local reactivity distribution has been explained in terms of 
overall rate constant k oR and overall contact efficiency r] C9 following 
Furusaki et al. (F18). The overall rate constant is further split into two 
parts, the local mass-transfer term and the local fraction of directly con¬ 
tacting catalyst, by developing a concept of the local Lewis-Gilliland- 
Glass plot (M27a). The relative contribution of the variables will be ex¬ 
plained here according to (M27a). 

1. Axial Distribution of Local Overall Rate Constant 

Figure 76 has shown the distribution of local reactivity. To see the 
distribution more clearly, the smoothed curves which connect the data in 
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the figure are drawn and differentiated graphically with respect to the axial 
bed height z at which one of the reactants, ethylene, has been injected. 
The differentiation gives, by Eq. (8-4), the local overall rate constant k oR : 

& oR = 2.303 C/ G </[logio(c 0 /c 0 )]/fi?z (8-8) 

Figure 79 shows the axial distribution of k uR obtained in this manner. 
The local reactivity is high in the distributor region and in the transition 
region (z * L f ) as well. Also, the reaction proceeds in the freeboard 
region, indicating the progress of reaction by freely suspended catalyst. 
The reactivity is rather low in the main dense phase, in contrast to that 
anticipated from the direct-contact model (LI2) or the bubbling-bed 
model (K24). More reaction takes place in the transition zone than in the 
distributor region. 

The local reactivity distribution, Fig. 79, is further processed in the 
following sections to determine the relative contribution of directly and 
indirectly contacting catalyst to the progress of the reaction. 

2. Local Lewis-Gilliland-Glass Plot 

As stated already in Section VII,B,2, Eqs. (7-19)—(7-21) hold for a given 
cross section of the dense phase (see Fig. 2). These equations have been 



Fig. 79. Axial distribution of the overall rate constant k 0H for different catalyst activities, 
catalyst 600 cm 3 , U c = 30.5 cm/sec (M27a). 
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combined, leading ultimately to Eq. (7-22) or 

- U G dcjdz - k l)R c b = 0 (8-9) 

where 

k OR = k or + vk r = {(^obflb)" 1 + [de ~ *')*r] _I }~ 1 + (8-10) 

For the usual experimental beds, i e k T /mk ex a ex « 2, so that f as given by 
Eq. (7-28) is assumed here to be 

£ = 1 " (Wi e ) (8-11) 

For a given cross section of the dilute phase (this phase includes a part 
of the transition zone) the particles contact the ascending gas in a compli¬ 
cated way. Swarms of suspended particles may show a mass-transfer 
resistance for gas-particle contact, whereas a very dilute suspension of 
catalyst will not involve any appreciable mass-transfer resistance. Ac¬ 
cordingly, one can assume that the fraction directly contacts the reac¬ 
tant gas; the rest of the catalyst e ed - y d , in dense clusters, indirectly 
contacts the gas with the overall mass-transfer coefficient k^a^. Under the 
simplifying assumption of ideal plug flow of gas through the dilute phase, 
the equations of continuity are given as follows: 

- U G dcjdz — k^adc - c c ) — v^c = 0 (8-12a) 

for free-flowing gas at concentration c, and 

^oc^c(^* C c ) (^ed F d )/t r C c 0 (8- 12b) 

for dense-cluster gas at concentration c c . 

Eliminating the concentration c c for Eqs. (8-12) we obtain 

-U G dcjdz - k onc c = 0 (8-13) 

where 

*orc = {{k oc a c )-' + [(e ed - i^r] -1 }' 1 + (8-14) 

Equations (8-10) and (8-14) are essentially the same type of equations. 
Also, they are each equivalent to Eq. (7-9), the direct contact model of 
VUE by Lewis et al. (L12). As a consequence, the local mass transfer 
term ( k ob a h or k oc a c ) and the local fraction of directly contacting catalyst (v 
or F d ) should be obtained from the use of the Lewis-Gilliland-Glass plot. 

At a given bed section, k oH or k oRc is obtained from Fig. 79 for each run 
of different catalyst activity under constant aeration. Consequently, the 
local parameters are determined by this plot. In contrast to Eq. (7-9), 
which is for the overall bed performance, Eqs. (8-10) and (8-14) are for the 
local performance. In this sense the plot as applied to the latter equations 
is called the local Lewis-Gilliland-Glass plot (M27a). 
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Combining Eq. (7-37) with a and F as given in Table VII for the direct 
contact model (VUE) or directly modifying Eq. (8-10), one has the follow¬ 
ing local relation for the dense phase section (with fe e = e e - v): 


k oR — vk x + /3f (1 ^or/^ e^r)(^ob^b)/3 r =l/(1 v /*e) (8-15) 

where /3* is defined [see also Eq. (7-31)] by: 


o* — ^ob^b _ \J_k b l/^e 

Pr (^ob«b)^ r =i lAb + l/ft*e 


(8-16) 


Calculation shows for the data of Fig. 79 that ft* ==1.21 and 1.35 for k v — 
10 and 20 sec -1 , respectively. 

In processing data by Eq. (8-15), first assume ft* = 1 and determine 
(A ob a b )^ r =i, from which/c b and k e are obtained (Section VI). With thek b and 
k e , ft* is calculated as a function of A: r . Usually, further iteration is not 
needed, because ft* = 1 is a good approximation. 

The plot U(1 - £o R /€ e £r)ft* versus krf{\ - for data such as 

those in Fig. 79 at a given cross section should give a straight line of slope 
v and intercept (k ob a h ) 0r=1 /(l - v/i e ) as shown in Fig. 80a. In this way, one 
can estimate the local v and (/r 0 b«b)/ 3 r =i from the reaction data for the dense 
phase. 

Similarly, the relation for the dilute phase is obtained by modifying Eq. 
(8-14). Equation (8-15) again applies by taking /c oRc , k oc a c , e ed , and i/ d , 
respectively, in place of k oR , k ob a b9 i e , and v . Also, simply assume ft* = 1 
for the dilute phase, since the mass transfer term is usually negligible 
here. 


3. Axial Distribution of Local Mass-Transfer Coefficient and Directly 
Contacting Catalyst 

Figure 80a is a plot of Eq. (8-15) for the mean k oR of the main dense 
phase (z = 10-20 cm) given in Fig. 79. Figure 80b is the same plot for the 
dilute phase data (z = 50 cm). For the dilute phase the latter plot shows 
that the straight line passes through the origin, indicating that the mass 
transfer term is negligible; for the dense phase the intercept remains al¬ 
ways finite. Similar plots give the axial distribution of the mass-transfer 
term (/^ >b ^b)/ 3 r =i and the fraction of directly contacting catalyst v (Fig. 81). 

Having in mind the possibility of inaccuracy inherent to data smoothing 
and graphical differentiation, it is still quite interesting to see the charac¬ 
teristic distributions of (^b^bV-i and v . Here the dense phase height L f is 
approximately 35 cm. The term remains approximately con¬ 

stant in the dense phase, and drops rapidly to zero above L f . Mass transfer 
seems somewhat better in the transition zone and in the jetting zone than 
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Fio. 80. Local Lewis-Gilliland-Glass plot for the data of Fig. 79: (a) at z = 10-20 cm; 
(b) at z = 50 cm (M27a). 

in the main dense phase, but not very different. As a consequence, mass 
transfer in the dense phase can be effectively expressed by a mean value 
for 

In contrast to this, the fraction v distributes in a complicated manner. 
Of the total directly contacting catalyst (the area enveloped by the v 
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Fio. 81. Axial distribution of local mass transfer term & ob a b and fraction of direct contact 
catalyst v for the data of Fig. 79 (M27a). 

versus z curve, Fig. 81), about 15% is located in the jetting zone (z = 0-7.5 
cm), another 15% in the main dense phase (z = 7.5-30 cm), about 40% in 
the transition zone (z = 30-40 cm), and the remaining 30% is in the dilute 
phase (z > 40 cm). The v distribution curve implies that direct contacting 
of catalyst with the reactant gases is most noticeable in the transition zone 
and in the dilute phase, less so in the jetting zone, and rather lacking in the 
main dense phase. We note that the relative contribution of variables given 
here is based on only one experimental example that would allow separa¬ 
tion of v and k ob a b . More data are needed for further progress. 

The kinetic approach so far presented as the successive contact mecha¬ 
nism, in its simplest form, has been applied to very complicated fluid-bed 
behavior. Nevertheless the model has consistently paralleled the observa¬ 
tions. A fair amount of directly contacting catalyst is shown to exist in the 
transition zone and in the freeboard region, with less in the jetting zone, 
under aeration with relatively high gas velocity. The relative location of 
the directly contacting catalyst will certainly influence the selectivity of 
complex reactions. Directly contacting catalyst in the freeboard region 
may sometimes produce a drastic effect on thermal stability of the bed 
(R12; also Section IX). 

The successive contact mechanism seems to provide a reasonable ap- 
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proach to fluid catalyst bed design, by making it feasible to take into 
consideration the combined influence of bed design and reaction kinetics 
of a given chemical system on both optimum selectivity and bed stability. 

Fluid beds with internals are frequently utilized for exothermic reac¬ 
tions. Qualitative and quantitative effects of the internals design have 
been discussed extensively (see Section II; 12, 15, LI2). The internals are 
believed to increase k oh a h and perhaps v (not e ), and also to decrease the 
catalyst content in the dilute phase by reducing both the circulation rate of 
the dense phase and the ascending velocity of bubbles (M26). These ef¬ 
fects are still under investigation. 


IX. Nonisothermal Effect on the Bed Performance 

In the dilute phase the contact efficiency is rather high but the rate of 
heat transfer is low, and hence the temperature may not remain uniform in 
this region. Thus, the temperature effect on conversion and selectivity 
becomes important when a substantial part of the entire reaction occurs in 
the dilute phase. This chapter discusses salient features of the tempera¬ 
ture effect on fluid bed reactions. 

A. Effect on Steady Reaction 

1. Bed Design and Local Reactivity 

Several types of internals have been proposed so far. Some studies are 
presented by Volket al . (V12) and Grekel et al. (G15), who studied several 
arrangements of tubular internals and baffle trays. Volk suggested vertical 
tubes to increase the contact efficiency. For fluidized beds with diameter 
of 5-198 inches, conversions for beds of the same equivalent diameter (cf. 
Section I,C) were found equal. A large heat-exchange surface in the fluid 
bed is necessary for non-isothermal reactions, so the use of vertical tubes 
is quite practical. 

Grekel et al. (G15) pursued the idea of vertical tube internals, but also 
recognized the effect of the horizontal grid structure. They increased con¬ 
tacting efficiency by the use of spaced and staggered horizontal tubes, 
which could have the effect of increased direct contact below and just 
above the grid. However, care must be taken in applying such a design, 
because an unstable hot spot may form in a region of good gas-solid 
contact and poor thermal conduction. This instability in the dilute phase, 
which is discussed later, is more extreme in the vicinity of a grid. Horizon¬ 
tal internals tend to decrease the flow circulation rate and to produce 
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underlying freeboard space, thus sometimes permitting occurrence of a 
temperature increase. 

Grekel et al. also discussed the effect of the region of vicinity of the 
distributor. This region is important, since there is some catalyst directly 
contacting the entering gas phase (cf. Section VIII). Designs for the dis¬ 
tributor region are proposed in many patents. However, the effect of the 
distributor disappears within a few decimeters because of the violent 
turbulence within the dense phase. 

Furusaki et al. (FI8) presented an increase of temperature in the bottom 
part of the dilute phase for the reaction by activating fine particles. Re¬ 
sults for homogeneous catalysts are shown in Fig. 82. Here, the tempera¬ 
ture rise is not so significant as the case of activated fine particles (shown 
in FI8) because of the effective cooling through the wall of the reactor. 
However, if the cooling surface area is small compared with the reactor 
volume, the temperature rise will be more significant, especially in the 
upper part of the dilute phase. In the lower part, the intensive longitudinal 
mixing of solid particles prevents temperature from ascending signifi¬ 
cantly. The necessity of cooling devices in the dilute phase will be shown 
later. In some cases the internal cooler or an emergency shot of coolant is 
provided. The effects of internals are also discussed by Overcashier et al. 
(Oil), Morooka et al. (M42), and Nishinaka et al. (N6, N8, N9). 

Heat transfer between the bed and wall is important in considering 
temperature rise in the dilute phase (F16). This is discussed briefly in 
Section VI,G. 

2. Overall Conversion 

The effect of the dilute phase on overall conversion of the reactant is 
straightforward. Conversion in the bed increases if the contact efficiency 
increases due to suspended catalyst in the dilute phase. If temperature 



Fig. 82. Temperature profile in a fluid bed. Standard catalyst 600 cm 3 . Bed diameter 
5.5 cm. Solid line shows calculated value using Eqs. (9-7) and (9-8). T c = temperature at 
the axis. 
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increases in the dilute phase, conversion will further increase. Thus, from 
the viewpoint of conversion of the reactant, it is recommended to use the 
direct contact effect in the dilute phase and transition zone. Stability and 
selectivity must now be discussed more thoroughly. 


3. Effect on Selectivity 

Industrially, selectivity is often as important as conversion in consider¬ 
ing the efficiency of the reactor. In isothermal reactions, the dilute phase 
and transition zone may cause better selectivity due to better contact in 
that region. But in nonisothermal reactions, the effect will be different 
because of the temperature effect. Mixing of gas and solids in the dilute 
phase is not sufficient, and this may cause a temperature distribution for 
exo- or endothermic reactions. 

As an illustration, a simplified model will be considered here to show 
the importance of the nonisothermal effect in the dilute phase. We assume 
that <p > 10, reaction in the bubble phase is negligible, and temperature in 
the dense phase is uniform. Then the material balance equation for the 
dense phase is: 


U t (dc b /dz ) + k„ b a b (c b - c e ) = 0 

(9-1) 

^■ob^b(^b t-e) 6 e ^pC e 0 

(9-2) 

and for the dilute phase. 


U t {dc/dz) + T) c ^A t e- E ' RT c = 0 

(9-3) 

where the temperature is a radially averaged value. The above equations 
are rearranged into dimensionless forms: 

(dCJdZ) + N ob (C b - C e ) = 0 

(9-4) 

N ob (C b - C e ) - e e N r C e = 0 

(9-5) 

(dC/dZ) - r h e e6 N Ar e- rie C = 0 

(9-6) 


In calculating temperature distribution in the dilute phase, solid motion 
must be accounted for. Solid motion in the dilute phase is shown in 
Sections II and VI. Laboratory-scale fluid beds exhibit a circulating 
flow of solid particles with ascending central core and descending 
peripheral region. The enthalpy balances for both ascending and de¬ 
scending zones for the steady state are 

^pgPgf^O 4* Km)(dT u /dz) 

+ Hc€ed (-M*)A r e- EIRT uc - h ex a ex (T u - 7 d ) = 0 


(9-7) 
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\mc pfS p g U[(dT A /dz) + ii? c £ed( - ^ H)A r e~ EIRTi c 

+ h ex a ex (T u ~ T d ) — h w a w (T d — T w ) = 0 (9-8) 

where kU f is the superficial flow of solid particles; h vx a n is the 
volumetric heat exchange coefficient between the ascending and de¬ 
scending emulsions; measures heat transfer between the descending 
emulsion and the wall. In deriving the above equations, the radial 
concentration distribution and the flow of the descending gas are 
neglected. Converting to dimensionless forms, 

-(1 + \m\dOjdZ) + ir) c € ei SlN Ar e- rl °“C - N Hex (6 u - 0 d ) = 0 (9-9) 

\m(dO d /dZ) + ir7 c e ed niV Ar e“ r,6d C 

+ (V„ex(0 u - 0 d ) - N Hw (e a - ej = 0 (9-10) 

where fl [equal to (-A//)c 0 /c P gpgF de ] denotes the dimensionless heat of 
reaction and F (equal to E/RT Ae ) is the dimensionless activation energy. 
For an adiabatic condition, N Hw = 0. Also, for /V Hl , x » 1, 0 U becomes 
equal to 0 d . Thus, 

-(de/dZ) +-n c e ed {lN M e- rle C = 0 (9-11) 

For JV H ex = 0, the temperature of the ascending zone is given by 

-(1 + \m){deJdZ) + = 0 (9-12) 

In the actual bed, solid exchange between the ascending and descending 
zone is significant, and the circulation is seen as a series combination of 
localized recirculation. If this scheme of solid mixing is more realistic, the 
temperature profile may be suitably expressed in terms of an effective 
thermal diffusivity, which will be used later for discussion of instability in 
the dilute phase. 

In this section, calculations were carried out for the case of tj c = 1, 
N Hex » 1, and e ed = (Z - Z,)e e jde /(l “ Z t ). The last relation means 
that catalyst density decreases linearly with bed height from the top of 
the dense phase to some point (Z t ) in the dilute phase. This Z t is not the 
total bed height, but a hypothetical intermediate height where the amount 
of catalyst particles becomes negligible. 

a. Consecutive Reactions. The problem of selectivity for B in con¬ 
secutive reactions (A B C) is referred to as selectivity of type III by 
Wheeler (Wll). Wheeler’s analysis concerned the effect of pore diffusion 
on selectivity of catalysis. According to him, selectivity decreases along 
with the increase of diffusion resistance. In case of fluid bed reactors, the 
mass-transfer resistance between bubble and emulsion phases causes 
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similar effects; the selectivity of B is greater for the case of larger N oh . 
Also, in case of isothermal reactions it will be greater ife is chosen larger, 
because direct contact is assured in the dilute phase. For nonisothermal 
reactions the aforementioned expectation is not true because of the tem¬ 
perature distribution existing in the dilute phase. 

For this reaction system, rates of increase of A, B, C are given by R A = 
-k tl c A , R B = k T iC A - k t2 c B , and R c = k r2 c B , respectively. The k r 's may 
be expressed by the Arrhenius equation k r = A T exp(-E/RT). Calculations 
were made according to the equations given above. Details of the equa¬ 
tions for this special case are shown elsewhere (M28). Results for the 
isothermal reactions are given in Fig. 83. Here, the rate of reaction 2 is 
assumed to be smaller than that of reaction 1 by a factor of 10. For N ob < 
3, the yield of B is higher for Z t = 2 than that at the exit of the dense 
phase, i.e., Z t = 1. If Z t is larger, the amount of catalyst in the dilute 
phase is large, and the yield of B becomes large, as is obvious from Fig. 
83. Thus the use of the dilute phase improves selectivity for isothermal 
consecutive reactions. 

For nonisothermal reactions, the previous discussion does not hold. 
Figure 84 shows the yield of B with respect to the dimensionless heat of 
reaction fi. If fi is positive, the reaction is exothermic; if negative— 
endothermic; and if zero—isothermal. Values of fi for real systems may 
sometimes be even larger, but because of solid mixing the effective fi 
would be reduced. From the figure, it is seen that yield of B decreases 
significantly with increasing fi, and especially so for large activation 
energy of reaction 2 (B -* C) which proceeds more rapidly at higher tem¬ 
peratures in the dilute phase. Many oxidation reactions operated in fluid 



I 2 

Fig. 83. Selectivity of isothermal consecutive reactions (A B ->C). 
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a 

Fig. 84. Selectivity of nonisothermal consecutive reactions (A -> B —>C).N 0b = 1, 
Z t = 2, E t = 83.6 kJ/mole, W Arl = 2 x 10 8 ,7V Ar2 = A/ Arl /10. 

beds are exothermic with £ 2 > £, and E 2 » 10 kcai/mole. In these reac¬ 
tions it is profitable to suppress the role of the catalyst in the dilute phase. 

In case of endothermic reactions, the yield of B does not vary signifi¬ 
cantly from isothermal reactions. For E 2 > 30 kcal/mole, the use of the 
dilute phase even becomes profitable. Therefore, it may be desirable to 
use the dilute phase in case of endothermic reactions. 

The case of solids mixing with consecutive reactions is shown in Fig. 
85. The magnitude of solid mixing is considerable (V Pe = 0.1), but the 
selectivity is affected strongly by the heat of reaction, especially for the 
case of highly exothermic reactions. The qualitative effect of dilute phase 
on selectivity is not affected by solid mixing; therefore the effect will be 
discussed for the case of negligible solid mixing, at smaller values of 
effective ft. 

b. Denbigh’s System with Optimal Temperature Distribution. Denbigh 
(D11) proposed the following reaction system as a general case for organic 
reactions; 
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N^i = 2 x 10 8 , N Ar2 = 2 X 10 7 , n 2 = a u N P , = 0.1, = E 2 = 83.6 kJ/mole. 

This is a system with an optimal temperature distribution, while the sys¬ 
tem in the previous section is one with an optimal residence time. In this 
system, the cases of (1) E x <E 2 and E 3 > E 4 or (2) E x > E 2 and E 3 < E 4 are 
especially interesting. Several calculations were made for these cases; 
details are not shown here (cf. M28). Generally speaking, the use of the 
dilute phase is preferable for the case of the Denbigh system, except in the 
case of exothermic reactions for E x > E 2 and E 3 < E 4 . In this case, high 
conversion in the dense phase is preferable, but increasing N ob does not 
give significant improvement because the yield of P increases while that of 
Q decreases. Therefore, operation with a large U f may possibly be the 
economically optimal step, even for the cases mentioned above. Care is 
needed if Y decomposes further to form by-products; in this case, for 
exothermic reaction of Y it is preferable to suppress the dilute phase for 
the same reason as stated above for consecutive reactions. 

c. Parallel Reactions with an Equilibrium. The parallel reaction 
[A —> X, A —» Y] is another important reaction system. If the orders of 
the two reactions are equal, selectivity does not depend upon the type of 
reactor. An example of industrially important parallel reactions is 
[A y X, A 1 Y] with X the required product (D12). Examples of this 
reaction system are hydrocarbon and methanol synthesis reactions, where 
thermodynamically favorable side reactions are suppressed by the use of 
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appropriate catalyst. Packed-bed reactors with an internal cooling system 
have been used for this type of reaction. As expected, X should be re¬ 
moved from the reactor as soon as it is produced. In fluid beds, if reaction 
1 is exothermic (A//, < 0), the equilibrium is unfavorable for high tem¬ 
peratures. Thus, use of the dilute phase for exothermic reaction is un¬ 
favorable and a large N ob is necessary in order for the reaction to proceed 
in the dense phase. On the other hand, if reaction 1 is endothermic 
(A Hi > 0) the equilibrium is more favorable at higher temperature 
(f l > 0). Assuming flj = fl 3 , the yield of the unwanted Y is plotted 
against A//, or N ob in Figs. 86 and 87. Here, input values of 
IV Arl = 1-387 x 10 12 and E t = 126 kJ/mole give k n L f /U f = 5.0 at 
T = 573°K. If ft = 0.1 then A# » -17 kJ/mole at c° = 2.1 x 10“ 7 mole/ 
cm 3 (~10%), and T de = 573°K. It is shown that yield of X will decrease for 
exothermic reactions with small values of/V ob . Thus, in this reaction sys¬ 
tem, a large N ob is preferred in order to obtain more desired product (X). 

4. Discussion of Selectivity 

In discussing the yield from a reactor, the temperature distribution 
inside the reactor must be investigated. In the dense phase of fluid beds, 
the heat-transfer coefficient between the bed and wall has been widely 
studied (L10, M14, M15, M16, T22, V5, W3, W5). BotteriU (B12) has 
reviewed the recent literature; studies of heat transfer in the dilute phase 
are quite limited in number. Shirai (S9, Sll), Furusaki (F15), and 
Morooka et al. (M50) studied the heat-transfer coefficient in the dilute 
phase as well as in the dense phase. They found that the heat-transfer 
coefficient between the bed and the wall decreases as the bed density 
decreases, which will cause an axial distribution of temperature in bed. 



Fig. 86. Effect of heat of reaction on selectivity for X in competitive reactions with an 

equilibrium: A X, A -» Y. Parameters are same as in Fig. 87, except iV otl = ]. 

2 
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Fig. 87. Effect of N ob on yield of byproduct Y in the competitive-reaction system 

A i X, A -4 Y. Napj = 1.387 x 10 12 , Af Ar3 = N Arl /I0, E t = E 3 = 128 kJ/mole, Z t « 3, 
2 

= 10 . 

The influence of the temperature distribution on selectivity varies ac¬ 
cording to the reaction scheme. Among such schemes, the consecutive 
reaction (A —> B —> C) qualitatively represents many organic reactions 
with by-products. As shown in the previous section, the use of dilute 
phase is recommended for endothermic reactions, but prohibited for 
exothermic reactions. This conclusion agrees with the development of 
fluid bed reactors for partial oxidations (exothermic) and cracking (en¬ 
dothermic). This knowledge may help one to design or develop new fluid 
bed contactors. 

B. Stability of Fluid Bed Reactors 

In discussing the stability inside reactors, we must deal with several 
stability problems, such as multiplicity of steady states, local stability 
against perturbation, sensitivity to external conditions, oscillation, etc. 
(F19, S5), Froment (F8) and Endoh et at. (Ell) discussed sensitivity in 
packed-bed reactors. Froment (F8) showed that multiple steady states and 
oscillation are rare for catalytic packed-bed reactors, when (PeB) f » 1 and 
N Pe 2S> 1. In case of fluid bed reactors longitudinal mixing of solid particles 
is sometimes much larger in magnitude, so N Pe becomes much smaller 
than (PeB) f . This will introduce the possibility of multiple steady states 
and of instability. On the other hand, stability against perturbation is in¬ 
creased by solid mixing. Conversely, with less solid mixing, the steady 
state is essentially unstable and perturbations lead to random fluctuations 
(F15). Stability in the dense phase is discussed in other articles (B18, B19, 
E10). 

The most important stability problem in fluid beds is that of runaway 
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phenomena in the freeboard and also in the spaces under buffle plates 
inside the dense bed—the so called dilute-phase regions. Good contact 
and low heat-transfer rates are the major causes of runaway. The most 
significant temperature rise is considered to occur by a coupling effect of a 
medium degree of temperature rise due to good contact in the dilute phase 
(including the transition zone) and of noncatalytic reactions which are 
initiated by the temperature rise. Thus a model reaction to consider the 
possibility of runaway is: 



D 


Here, A is the raw material, B is the required product, C and D are 
by-products, but D is produced by noncatalytic reactions (3-5), such as 
combustion or polymerization. The production of D is highly exothermic, 
and also the contributing reactions have large activation energies. Hence 
the production of D tends to give rise to violent reaction. 

The material balances and enthalpy balance in the dilute phase are given 
by the following equations in dimensionless form: 

(dCJdZ) + vN Atl e- r '">C A + N Ar3 e~™C A = 0 (9-13) 

(dC B /dZ) + v(N Ari e-™°C B - N An e- r ' le C A ) + N AT4 e~^C B = 0 (9-14) 

(dCJdZ) - vN At2 e~ rile C B + N Ari e~™C c = 0 (9-15) 

(N Pe )~'(d 2 d/dZ 2 ) - (dd/dZ) + v{fliN At ie~ r ' le C A 
+ Cl 2 N Ar2 e~™C B ) + (Cl 3 N Ar3 e-™C A 

+ Sl 4 N AT4 e- r < ie C B + fW Ar5 e _r3,s C c ) - N Hw (6 - 9 C ) = 0 (9-16) 

The boundary conditions for these equations are (at Z = 1) C A = C A0 , 
C B = C B o, C c = Cco, 0 = 1 and (at Z = Z t ) dd/dZ = 0. For simplicity, 
N Ar3 = N At4 = 7V Ar5 , r 3 = r 4 = r 5 , and Tj = T 2 are assumed. The Peclet 
number N Pe accounts for the temperature diffusion due to solid mixing. If 
N Pe is zero, the temperature in the dilute phase is completely uniform; 
N Hw is the dimensionless heat-transfer coefficient; and sometimes the ef¬ 
fect of radiative transfer must also be accounted for. 

An example of concentration and temperature distribution is given in 
Fig. 88. Reaction 1 is an ordinary reaction with the activation energy of 
83.6 kJ/mole (20 kcal/mole); the rate of reaction 2 is chosen as one-tenth of 
that for reaction 1. The noncatalytic reactions 3-5 are rather violent with 
the activation energy of 167.2 kJ/mole and heats of reaction (A —* D) of 
3 x 10 3 kJ/mole. This reaction does not occur at the temperature of 
the dense phase, but is quite active at higher temperatures because of the 
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Fig. 88. Temperature rise by noncatalytic reaction with axial mixing of solid particles. 
N m = 2 x IO 8 , /V Ar2 = N Arl /10, N Ar3 = 1.08 x IO 13 , E x = E 2 = 83.6 kJ/moie, E 3 = 167 
kJ/mole, N Pe = 0.1, N„ w = 50, B c = 0.9, H, = (i 2 = = 50. 

large activation energy. The value N H w = 50 is that obtained for the 
dilute phase with an effective diameter of about 5 cm. The values 
A^Ari = 2 x 10 s and E x = 83.6 kJ/mole give k n L ( /U f = 5; 0 3 = 50 means 
-A H 3 = 2800 kJ/mole at c® = 6.4 x 10“ 7 mole/cm 3 (~-30%) at 573°K 
and 1 atm. From Fig. 88 it is obvious that there is considerable temperature 
rise in the dilute phase, especially due to the noncatalytic reactions. 
The reaction system is very sensitive to 7V Pe and N Hw . The stabilizing 
effect of the dense phase, due to good thermal conductivity, is completely 
lost in the dilute phase. If N Pe is larger, the temperature rise at the bottom 
of the dilute phase becomes so large as to be uncontrollable. 

The case of large N Ve may be studied by calculation for the case of 
unmixed solid particles. Calculation of this case shows that cooling of the 
dilute phase is essential for steady-state operation of the reactor for such 
unstable reactions. It is hard to recommend using the dilute phase, be¬ 
cause side reactions should be avoided (Fig. 89). 

The extreme case of small /V lv is the case of the thermally completely 
mixed dilute phase. As shown above, multiple steady states are possible. 
The analyses by heat generation and rejection curves (V4) are shown in 
Figs. 90 and 91. g is the dimensionless heat being generated or rejected, 
and 8 is the dimensionless temperature in the dilute phase. The value of 
Af Hw (L, - Lf)/L, is 100-200 for the transition zone and 30-50 for the dilute 
phase. There are two stable steady states and one unstable point for E 3 of 
167 and 293 kJ/mole. If E 3 is reduced to 40 kJ/mole, only one stable point 
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Fig. 89. Runaway in the dilute phase. ,V Arl = 2 x 10 8 , ;V ArZ = ;V Arl /10, N Ar3 = 2.92 x 
10 24 , Np, = n, = n, = 1, fls = 50, r c = 100°C, N Hw = 1.17 £, = £ 2 = 83.6 kJ/tnole, 
£3 = 293 kJ/mole. 



FIg. 90. Thermal effect in the dilute phase, with thermally complete mixing. 
= E 2 = 83.6 kJ/mole £ 3 = 167 kJ/mole, T de = 30(fC, ft, = ft 2 = 1, ft 3 = 50, 
= 2 x 10“, N Ar2 = Nam/ 10 , N Ar3 = 1 x 10 13 , LjL, = 3.42. 8 C = T/T c . 



Fig. 91. Thermal effect in the dilute phase, thermally complete mixing. Parameters 
are same as those in Fig. 90 except £ 3 = 293 kJ/mole N Ar3 = 2.9 x 10 24 . 
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is possible. Thus, spontaneous ignition is possible for large values of E 3 , 
and instability is probable for these unstable reaction systems even in the 
case of thermal homogeneity. 

In conclusion, the possibility of highly exothermic noncatalytic reac¬ 
tions must be carefully eliminated, for all values of solid mixing. This is 
done by the control of composition of the feed mixture so as, for example, 
to suppress an excess of oxygen. Also, appropriate cooling is necessary in 
the dilute phase. 


X. Discussion and Summary 

A. Applicability of Reactor Models 

The main advantages of the reactor models are: 

i. Reaction performance can be expressed by the minimum number 
of measurable parameters. 

ii. The relationship between the parameters and variables, e.g., 
catalyst properties, reactor design, and operational variables, be¬ 
comes clear and easy to apply. 

iii. The equations obtained are simple and easy to use. 

Most of the models for fluidized catalytic reactions have not devoted 
enough attention to flow properties of FCBs. The important features of the 
FCB are as follows: (a) Bubbles grow much more slowly than in teeter 
beds; (b) A circulating flow exists, centrally upward and peripherally 
downward; (c) Above the dense phase are the transition region and the 
dilute phase, where particle density decreases gradually with height. 

These properties introduce another uncertainty in developing a large- 
scale FCB, which must be operated at high superficial velocity (about 50 
cm/sec) and at a large bed height (5-10 m), with more than 30 percent of 
fines fraction. The successive contact mechanism (M25, M26) is the 
simplest theory dealing with FCB flow properties. The necessary param¬ 
eters to calculate reactor performance are as follows: (a) bubble diameter ; 
(b) particle distribution through the bed height, which may be obtained 
from static pressure distribution; (c) contact efliciency distribution in the 
transition region and the dilute phase. If relationships between these three 
parameters and the operational variables are obtained from FCB perfor¬ 
mance in more than two laboratory steps, it is possible to calculate the 
same reaction schemes in large-scale fluidized catalyst beds. 

The direct contact model of Lewis et al. (L12) is a special case of the 
successive contact mechanism. If the effect of circulation of the emulsion 
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on reaction can be ignored, and contact efficiency in the dilute phase is 
considered to be 100%, then the overall contact efficiencies by the two 
models approximately coincide. 

The successive contact mechanism and simplified theory of recircula¬ 
tion provide much useful information concerning the FCB. For example, 
Furusaki et al. (F18) showed experimentally, in hydrogenation of 
ethylene, that the dilute phase plays an important role in the progress of 
the reactions, and affects conversion and selectivity significantly. They 
also showed that the fines fraction promoted the reaction in the dilute 
phase, as well as improved the fluidity. Variables such as fraction of 
catalyst in direct contact, improvement of contact efficiency, and temper¬ 
ature control in the dilute phase were found to affect significantly the 
extent of reaction in FCB. This result gives important perspective for 
reactor design, as to size distribution of catalyst particles, control of activ¬ 
ity distribution with respect to particle sizes, selection of superficial veloc¬ 
ity of gaseous flow, and improvement of the internals arrangement. 

The effect of dilute phase on selectivity depends on the type of reaction. 
Generally, reaction systems with exothermic side reactions should avoid 
use of the dilute phase. On the other hand, it is advantageous to enhance 
the use of dilute phase for isothermal or endothermic reactions. Discus¬ 
sions on this subject by Miyauchi and Furusaki (M28) are pertinent in the 
design of FCBs. 

According to the simplified theory of recirculation, the turbulent vis¬ 
cosity of the fluid bed determines its flow pattern. Turbulent viscosity for 
FCC particles may be given by a function of the bed diameter, as for 
bubble columns of low-viscosity liquids. This relation will provide useful 
information for practical design of FCBs, such as control of backmixing of 
particles and gas, gas distribution from the distributor, design of the 
sparger, control of aging of the catalyst, and prevention of erosion. 

B. Development of Industrial Fluidized Catalyst Beds 

1. Fluid Catalytic Cracking of Petroleum 

The initial application of fluidized beds in the petroleum industry was 
the upflow dilute-phase reactor (M45). The obvious disadvantage of this 
design is that all of the flowing catalyst passes overhead and must be 
removed in dust-removal equipment. Later, the basic design which finds 
widest application is the downflow dense-bed reactor (M2), which has the 
following major advantages (K26): 

i. Catalyst load to the cyclone decreases, and the cyclone may be 
made smaller. Loss of catalyst and rate of corrosion decrease. 
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ii. Catalyst inventory in the reactor is large enough to stabilize the 
operation, so that liquid oil may be introduced. 

iii. Plant size becomes smaller, and the cost of the construction de¬ 
creases. 

Catalyst also serves as a heat-transfer medium between the reactor and 
the regenerator, circulating in a high flow rate between the two units. 

Development of the microspherical catalyst in 1946, from Al 2 0 3 -Si0 2 sol 
by means of spray drying, contributed to major advances in fluidized 
catalyst-bed technology, especially for improvement of catalyst fluidity, 
decrease of attrition loss, and decrease of erosion in transfer lines. 

Recently, new upflow operation (riser cracking) has become popular, 
through the development of highly active zeolite catalyst (V15). 


2. Fluid Catalytic Reforming 

Fluid catalytic reforming is a process of catalytic isomerization of a 
naphtha fraction, obtained by direct crude distillation, to a high-octane- 
number gasoline. The catalyst used is molybdena-alumina with a mean 
particle diameter ~60 /im . Superficially this process appears similar to 
FCC, but there are some important differences. This process is operated 
at a much higher pressure (about 14 atm); because the pressure drop in 
catalyst recirculation is small compared with total pressure, control of 
solid handling is sometimes difficult. Compared with catalytic cracking, 
reaction rates are slow. Consequently the reactor is considerably larger 
than the catalyst regenerator, and the resulting low catalyst recirculation 
rate gives poor thermal efficiency (G3). 

3. Production of Phthalic Anhydride 

Catalytic oxidation of naphthalene to phthalic anhydride is the second 
application of FCB which was initiated in 1945. Riley (R12) reported 
problems on afterburning and on the control of bed temperature, and 
introduced many improvements in the fluidized bed. However, the most 
important change to make scale-up easier and to achieve good perfor¬ 
mance was the use of microspherical catalyst, or moderately active 
German-type catalyst (B11, G14). 

This was the first application of a fluidized bed to a process that necessi¬ 
tates removal of large heat of reaction (about 450 kcal/gm-mole 
naphthalene) and high yield. The fluidized process surpassed fixed-bed 
processes in safe operation at high concentration, in yield, in reduced 
pollution, and in plant cost—probably because the reaction was rather 
simple and the products were stable. Fluid bed catalysts currently in use 
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consist principally of vanadium oxide on a silica gel base, and have a 
particle-size range of less than 300 /am (G14). 

4. Acrilonitrile by the Sohio Process 

The Sohio process is considered one of the most successful applications 
of FCB. Problems in industrial application of the reaction arose from the 
strong exothermicity of propylene ammoxidation and from the intermedi¬ 
ate production of acrylonitrile in the consecutive reactions (V9). It is par¬ 
ticularly noticeable that the catalyst gives high selectivity, and the reactor 
design aims at better fluidization and higher contact efficiency than in the 
FCC process. 

The first plant was put on stream in 1960. Since then, catalysts have 
been modified, i.e., CAT-A (P • Mo • Bi), CAT-21 (U • Sb), and CAT-41 
(P • Mo • Bi • Fe • X) have been used successively; yield of acrylonitrile 
based on propylene has also improved from about 57%, to 63%, and to 
67% due to the modifications of catalyst (A8), all microspherical particles 
with the properties of typical fluid bed catalysts (S15). 

5. Fischer-Tropsch Synthesis 

The synthesis of hydrocarbons from H 2 and CO is strongly exothermic. 
The Hydrocol process mentioned in Section I is a modified Fischer- 
Tropsch synthesis, using powdered iron catalyst in a dense-phase 
fluidized bed. In spite of elaborate scale-up based on intensive research, 
many problems arose in commercial plants, and the operation was termi¬ 
nated in 1957 for economic reasons (Z5). 

The major difficulty of this process arose from the physically and chemi¬ 
cally unstable catalyst. The iron particles broke down in size very rapidly 
under the synthesis conditions. The fluffy nature of the product made 
fluidization difficult, if not impossible. Also, catalyst particles were 
“waxed up,” i.e., coated with carbonaceous materials, and activity de¬ 
creased significantly (S22). 

Another difficulty of this process was low conversion in the commercial 
plant, which could not be predicted from the results of the pilot plants. 
Grekel et al. (G15) reported the effects of particle size distribution, gas 
inlet devices, and internals, on contact efficiency. Volk et al. (V12) also 
emphasized the effect of bed internals. These developmental studies be¬ 
came a very useful guide for applications of fluidized catalyst beds. 

The Kellogg process has been successful for its dilute-phase transfer- 
line reactor in Sasol’s South African plant. The void fraction in the reac¬ 
tion zone is more than 95%, and the superficial gas velocity ranges from 3 
to 12 m/sec (G2). Careful consideration is thus necessary in applying FCB 
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to processes where the catalyst can suffer physical and chemical attrition, 
and is so heavy that good fluidization is hard to attain. 

6. The Two Newest Applications in Japan 

Oxychlorination of ethylene to produce ethylene dichloride was put on 
stream in 1969 by Mitsui Toatsu Chemicals. Formerly, chlorine and/or 
alkyl chlorides had been produced in fluidized beds by the Shell process 
(A7, E12, F4). The previous catalyst had been made by dipping and 
calcining CuCl 2 onto various carriers. The present catalyst is made by 
spray-drying a gel of mixed CuCl 2 and A1 2 0 3 , followed by calcining, and 
has a particle size distribution suitable for fluid beds. It is very active, 
and has a long life and high attrition resistance (Ml9). 

The reasons that fluid beds are applied to this process are: (a) The high 
heat-transfer capacity is appropriate for this highly exothermic system. 

(b) The reaction product is stable, and consecutive reactions do not occur. 

(c) Operational safety can be expected. Scale-up was successful with the 
use of baffles to prevent channeling and of a gas distributor to obtain high 
contact efficiency. Several steps of pilot-plant test were examined in de¬ 
veloping the process. Performance of the commercial unit revealed the 
overall yield of 97%, which had been anticipated (M18). 

Another example is the production of maleic anhydride by Mitubishi 
Chemical Industries, Ltd. in 1970, which is oxidation of BB-fraction. 
Synthesis of maleic anhydride from butylene is a typical consecutive reac¬ 
tion, and it was considered difficult to get high yield by the use of fluid 
beds. However, it is highly exothermic and application of fluid beds is 
preferable. 

In scaling-up this process, appropriate reactor design was conducted 
elaborately by the results of several tests. The following two points are 
characteristic of the scale-up. One is the development of catalyst suitable 
for fluid beds. Selectivity should not decrease by the increase of hy¬ 
drocarbon concentration. Also, reaction rate of the secondary reaction 
should be small. These problems were solved by the development of 
rather simple P-V catalyst (K2, K3). Another device is the instantaneous 
mixing inlet mechanism for hydrocarbon and air. By this, activity decline 
of the catalyst can be prevented (T12). Thus a process has been developed 
which is equally as profitable as the benzene process. 


C. Recent Trends in Fluidized Catalyst Beds 

Recently many inventions about fluidized catalyst beds, which are use¬ 
ful in industrial applications, have been reported (16-8), initiating trends 
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counter to traditional technology since FCC. Some of the important im¬ 
provements are listed with patent references: 

(a) Improvements in use of catalyst: 

i. Effective execution of consecutive reactions by mixed fluidization 
of catalysts of different activities (German Offen 2603770, Japan 
75-30825). 

ii. Accomplishment of good fluidization by means of mixed fluidiza¬ 
tion of inactive particles of different size and of different specific 
gravity (Japan 73-31827, 74-27263). 

(b) Improvements in feed systems of reactant gases: 

i. Prevention or decrease of decline of catalyst activity by instan¬ 
taneous mixing of reactant gases (Japan 74-29166, 74-29167, 74- 
29168). 

ii. Simultaneous manufacture of plural main products by simulta¬ 
neous feed of different main reactants (Britain 1238347, Japan 76- 
16615). 

iii. Establishment of uniform fluidization by introducing a reactant 
into the middle stage of fluidized beds (South Africa 7308033, Bri¬ 
tain 1238347). 

iv. Increase of selectivity by means of split feed of reactants (U.S.A. 
3546268; Britain 1208191). 

(c) Improvements in internals: 

i. Establishment of good fluidization by a modified arrangement of 
vertical internals (Japan 75-15772, 77-7905). 

ii. Increase of contact efficiency by means of improved arrangement 
of sieve trays (Japan 74-47725, 74-47726). 

iii. Decrease of backmixing by providing horizontal ridges on the ver¬ 
tical surfaces (Britain 1359377). 

(d) . Prolonged catalyst activity: 

Providing an autoregeneration zone in fluid beds and improving its 
effect (Britain 1126617, Japan 76-29114). 

(e) Modification to decrease the carry-over of catalyst particles: 

Curtailing carry-over by arranging the internals in the upper part of 
the dense phase (i.e., the transition region) and in the dilute phase 
(U.S.A. 3859405). 

D. Technical Problems in FCB Design 

Marshall (M2) presented the following six factors in the design of 
downflow fluidized solid reactors. 

1. Required reaction volume: This is decided by experimental determi¬ 
nation of the necessary space velocity. It will be influenced by the extent 
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of gas mixing and gas backmixing and by the ratio of length to diameter of 
the bed. 

2. Desired diameter: This is determined by gas velocity, which will be 
in the range between the minimum fluidization velocity and the velocity 
determined by excessive entrainment. The most economic velocity will be 
set by balancing gas circulation cost with other costs. 

3. Type of gas distributor: There are several types such as conical 
bottom, packed bed, and grid. 

4. Freeboard above the reactor bed: Determined by the need for dust- 
removal equipment, and for free settling prior to entry to that equipment. 

5. Disengaging-space diameter: The enlarged diameter will lower the 
gas velocity, aid settling of particles, and reduce carry-out. 

6. Equipment required for heat exchange, if any. 

Even now, the above considerations are the basis for FCB design. 
Elaborate devices are installed on the gas distributor and internals for 
high-performance reactions (Section I). 

A panel discussion on fluid particle technology (Philadelphia, 1973) was 
significant in correctly recognizing the central problems in industrial ap¬ 
plication of fluidized beds to catalytic reactions (H2). Some of the com¬ 
ments are communicated in the following paragraphs. 

Optimum size distribution is important for a fluid bed reactor (Bergoug- 
nou). Models based on bubbles are not yet capable of predicting the wall 
effect (Wen). Vertical baffles are most effective in breaking up large bub¬ 
bles (Volk). The height of the bottom ends of vertical tube bundles above 
the grid will set the attainable bubble size at the bottom of the bundle. The 
bundles then essentially maintain the bubble size (Zenz). Horizontal per¬ 
forated baffle plates reduce the mean residence time of elutriable fine 
particles in a fluidized bed (Buckham). Observations on attrition in cy¬ 
clones indicate that it is an exponential function of velocity (Tenney). 

In general, industrial application of FCBs is possible from pilot-plant 
tests (including cold runs) of appropriate scale, with the 35-year experi¬ 
ence of industrial plants and research since the initiation of FCC. How¬ 
ever, the following conditions are necessary. First, the catalyst should 
have such properties and activity as to be suitable for FCB. Second, the 
heat of reaction must be appropriate for use in FCB, considering heat 
transfer and the heat capacity of fluidized beds. Third, the reaction prod¬ 
ucts must be stable, and high selectivity must not be required if consecu¬ 
tive reactions are involved. Generally, the catalyst is in an equilibrium 
state in industrial reactors due to physical and chemical impacts, and 
artificial controls from outside corresponding to those impacts. 

Problems on the optimization of industrial fluidized catalyst beds are 
still left unsolved. Certainly optimization in a rigorous sense is impossible. 
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However, approximate treatment is possible. Ikeda and Tashiro (19) re¬ 
port an optimization of catalytic reactions in fluid beds. They find that the 
maximum yield of the intermediate product decreases, and that the op¬ 
timum contact time increases for first-order consecutive and parallel reac¬ 
tion systems if contact efficiency in the reactor decreases. They also 
showed the most economical “equilibrium activity” and the optimal size 
distribution of catalyst. 

Modem technology on fluidized catalyst beds started late in the 1930s 
with the pioneer work by W. K. Lewis and E. R. Gilliland, and has found 
a place in some large-scale industrial applications. It will find further 
applications, as its phenomenological and theoretical background become 
clearer. Specific flow properties which distinguish the fluidized catalyst 
beds from the usual teeter beds have been highlighted. The study of bed 
properties has been advanced by the concept of successive contact mech¬ 
anisms. However, the science of fluid catalyst beds is still young, and 
much is still unknown about their physical and chemical behavior. The 
technology, following the trends reported in this review, has benefited 
from constantly improving technical knowledge. In particular, better fluid¬ 
ity of the beds has been found to lead to higher reactor efficiency. 
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Nomenclature 


A r Free area of baffles; also, 
frequency factor in the Ar¬ 
rhenius plot 

A t Cross-sectional area of fluid 
bed 

a Fraction of catalyst in direct 
contact with gas phase, 
Eq. (7-35) 

a b Contact area of bubbles per 
unit volume of bed 
a c Specific surface area of clus¬ 
ter phase 

a eK Area for the exchange of ma¬ 
terial between ascending 
and descending emulsion 
fl w Area of heat transfer per unit 


volume of bed 
B Width of bed 

c,c A ,c B 

C c ,C B Concentration in dilute phase 
(dimensionless) 

C b Concentration of free gas in 
bubble phase (dimension¬ 
less) 

C e Concentration of free gas in 
emulsion phase (dimen¬ 
sionless) 

c Molar concentration; also 
concentration in freely 
flowing gas in dilute phase 
c b Concentration in bubble 
phase 
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c c Concentration in cloud- 
overlap phase; also con¬ 
centration in cluster phase 
(Section VIII) 

c e Concentration in emulsion 
phase 

c ed Concentration in descending 
emulsion 

c eii Concentration in ascending 
emulsion 

c fe Concentration in fluid phase 
in emulsion 

c if Concentration at L f 
c° Concentration in inlet gas 
c 0 Concentration in outlet gas 
c pe Apparent heat capacity of 
emulsion 

c pf Heat capacity of fluid 
c p g Heat capacity of gas 
c p/ Heat capacity of liquid 
c ps Heat capacity of solid 
c se Concentration in solid phase 
in emulsion 

D e Effective gas diflFusivity in 
particle 

D eq Equivalent bed diameter 
D eff Effective gas diflfusivity in 
emulsion 

D eli Equivalent bed diameter on 
horizontal surfaces 
£> e v Equivalent bed diameter on 
vertical surfaces 
D g Gas diflfusivity 
D n Diameter of nozzle 
D r Diameter of bed 
d b Diameter of bubble 
(d b ) eff Effective bubble diameter 
d bi Initial bubble diameter 
d b M Maximum bubble diameter 
d bms Maximum stable bubble di¬ 
ameter given by Davidson 
and Harrison (D3) 
d bs Steady bubble diameter in 
turbulent bubble flow 
d p Diameter of particle 
d b Number-averaged mean 
bubble diameter 

d 32 Volume-surface mean bubble 
diameter 

E Activation energy 


£e 


£er 

E e s 

E 0 

E r 

E r 


Eg 

Egr 

EgT 

E zL 

E z , 

E 2 




F 


f(c) 

F(d b ) 


/w 

Gr c 


8 

H 


Wob) 


app 


Apparent longitudinal dis¬ 
persion coefficient of gas in 
emulsion phase based on 
empty vessel 

€ fe £*s in case of fine particles 
€ se £* s in case of fine particles 
Eotvos number, d b gp\/<r 
(dimensionless) 

Radial diffusivity 
Cross-sectionally averaged 
radial diffusivity 
Lateral dispersion coefficient 
of solids based on empty 
vessel 

Axial diffusivity defined by 
Eq. (6-25) 

Axial diffusivity by the 
Taylor dispersion 
Total axial diffusivity Eq. 
(4-2) 

E zT of liquid in bubble col¬ 
umn 

Egr of emulsion in fluidized 
bed 

Cross-sectionally averaged 
axial diffusivity 
Fraction of catalyst in dilute 
phase with respect to vol¬ 
ume of catalyst in emul¬ 
sion phase, Eq. (7-25) 
Refer to Eq. (3-20) (dimen¬ 
sionless) 

Gas exchange rate between 
the bubble and emulsion 
phase based on the volume 
of the emulsion after 
Lewis et al. (L12) 
kjg)/r(c) 

Distribution function of 
bubble sizes existing in 
bed 

Ratio of wake volume to the 
total bubble volume 
Grashof number, i b gl%/ 
(dimensionless) 
Gravitational acceleration 
Height of freeboard 
Apparent overall height of a 
transfer unit refer to Eq. 
(6-3) 
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H oR Overall height of a transfer 
unit for whole bed 
A// Heat of reaction 
h b Bubble-side heat-transfer 
coefficient 

/i ex Heat-exchange coefficient 
between ascending and 
descending regions (c.g.s. 
units) 

h ob Overall heat-transfer coeffi¬ 
cient from bubble to emul¬ 
sion phase 

h w Wall-to-bed heat-transfer 
coefficient 

J Parameter defined in Eq. 
(6-15) 

K oR Overall reaction rate con¬ 
stant based on settled bed 
K r Equilibrium constant (dimen¬ 
sionless) 

k Numerical coefficient (di¬ 
mensionless); also wave 
number 

k Wave number 
k b Mass-transfer coefficient in 
bubble phase 

k* Mass-transfer coefficient de¬ 
fined by Eq. (6-19) 
k ce Mass-transfer coefficient de¬ 
fined by Eq. (6-20) 
k e Mass-transfer coefficient in 
emulsion phase 

k eff Effective thermal con¬ 
ductivity in emulsion 
phase 

k n Mass-exchange coefficient 
between ascending and 
descending emulsion 
k { Mass transfer coefficient be¬ 
tween gas and particle 
k g Thermal conductivity of gas 
k 0 Numerical constant, Eq. 

(4-15) (dimensionless) 
k ob Overall mass-transfer coeffi¬ 
cient between bubble and 
emulsion phase 

k w Mass-transfer coefficient to 
or from cluster phase 
k OJ Mass-transfer coefficient be¬ 
tween jet and emulsion 


kor 

[(*o b «b)“ l + (flA)" 1 ]" 1 

koR 

refer to Eq. (7-4) 

k oRc 

refer to Eq. (8-14) 

k T 

Rate constant for first-order 
irreversible reaction based 
on volume of emulsion 
phase 

kr 2 . . . 

Reaction rate constant for 
reactions 1, 2 . . . 

k , 

Effective thermal diffusivity, 

c PsPs£*S € s<? 

L 

Height of mixed phases 

L* 

Equivalent height of emul¬ 
sion phase 

Lt 

Height of dense-phase fluid 
bed 

L m 

Probe position measured 
from the distributor 


Height of fluid bed at U m{ 


Height of settled bed 

U 

Total bed height 

AL 

Distance between stages 

/ 

Distance between observa¬ 
tion points; also length of 
bubble signals 

ho 

Arithmetical mean length of 
bubble signals 

M(l) 

Distribution function of bub¬ 
ble signals measured with 
a point-shaped probe 

m 

Adsorption equilibrium con¬ 
stant for emulsion, equal 

to e fe + mc se ; also, c ps p s / 
c p«Pb 

m H 

x / KD <! tfl K 

m s 

Adsorption equilibrium con¬ 
stant for catalyst particles 

(Cge/Cfe) 

N 

Number of horizontal baffle 
plates 

N Ar 

AA/Ut 

N b 


N ex 

mke^Lt/Uf 


h^Lf/VfC^pg 

A^Hex 

Lfhexa ex /UtC P gpg 

Nob 


Np e 

L f U G c m Pg/k s 

N r 

Radial mass flux in Eq. (4-4) 

N r 

WC/i 

N rb 

V^Lf/Uf 
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N r mUjU G 

n Growth factor of distur¬ 
bances; also constant de¬ 
fined by Eq. (2-13) 
n a Number of holes of perfo¬ 
rated plate 
P Static pressure 
Pe Peclet number, m 8 2 uJAd b D eft 
(PeB) f UME 9 
(PeB) s U G Lf/mE «€ e 

AP Pressure drop of bed 
Q Specific converting power; 
also net transport defined 
by Eq. (4-7); also dimen¬ 
sionless heat generated or 
rejected in Figs. 90-91 
q { Flow rate of gas in gas cloud 
phase 

q s Flow rate of solids in gas 
cloud phase 

R Radius of bed; also gas con¬ 
stant; also column radius 
/? A - C Reaction rates 

r Coordinate of radial position 
r* r at u - 0 
r b Radius of bubble 
r(c) reaction rate 
r c Radius of gas cloud 
r p Radius of particle 
T Temperature; also radially 
averaged temperature in 
dilute phase 

T c Temperature of coolant 
T d Temperature in descending 
zone of dilute phase 
T de Temperature in dense phase 
T u Temperature in ascending 
zone of dilute phase 
T w Temperature at heat-transfer 
well 

i Characteristic contact time 
of pockets 

U Superficial gas velocity as 
defined by Eq. (3-26) 

U* Velocity as defined by Eq. 
(5-14) 

U e Superficial circulation veloc¬ 
ity of emulsion e eu c eu 
U { , U G Superficial gas velocity 
U fe Superficial circulation veloc¬ 


ity of gas in emulsion 
phase 

U L Superficial net liquid velocity 
U mb Minimum bubbling velocity 
U m{ Minimum fluidization veloc¬ 
ity 

f/s Superficial intermixing ve¬ 
locity of solids through 
baffle plate 

U se Superficial circulation veloc¬ 
ity of solids in emulsion 
phase 

U*t> Tangential velocity along the 
bubble-emulsion interface 
u Time-averaged interstitial 
velocity of liquid 
u Interstitial mean liquid ve¬ 
locity, Eq. (4-15) 
u b Ascending velocity of bub¬ 
bles 

u b D G /€ b , mean bubble velocity 
u b0 Bubble velocity along the 
column axis 

w b0 Rising velocity of finite-size 
bubble swarm 

u e Circulation velocity of emul¬ 
sion 

// e0 Circulation velocity of emul¬ 
sion along column axis 
Wj Velocity of jet 
w, Circulation velocity of liquid 
u jo Circulation velocity of liq¬ 
uid along column axis of 
bed 

Area-averaged circulation 
velocity of liquid 

m 1u Mean interstitial velocity of 
upflow, Eq. (5-9) 

u m{ Interstitial velocity of gas in 
emulsion phase 
u Q u along the column axis 
// s Slip velocity of bubble rela¬ 
tive to liquid 

w s Mean slip velocity of bubble 
« s0 Free-rising velocity of single 
bubble 

w t Terminal velocity of a parti¬ 
cle 

|u w | Absolute liquid velocity at 
column wall 
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u ' Radial velocity fluctuation of 
liquid 

«i Axial velocity fluctuation of 
liquid 

Wg Velocity at y - 8, Eq. (3-7) 

V b Volume of a bubble 
v 0 gD%/ 192^,, characteristic ve¬ 
locity 

u* Frictional velocity 
We Weber number, d h pii4/a- 
(dimensionless) 
jc Coordinate of position 
y R - r 
Z z/L, 

Z, z t IL f 

z Coordinate of bed height 
z‘ Length of space existing di¬ 
rectly under horizontal 
baffle plate 
Total bed height 

Greek Letters 

a uju mf ; also numerical coeffi¬ 
cient of order unity (di¬ 
mensionless) 

(3 Hatta number; also numeri¬ 
cal coefficient of order 
unity (dimensionless) 
p T Modified Hatta number for 
the emulsion 
/3* refer to Eq. (8-16) 

T E/RT ae 

8 Thickness of gas cloud; also 
thickness of laminar sub¬ 
layer 

e Entrainment rate 
€ b Local gas-bubble holdup 
€ b Averaged value of c b 
e e Volume fraction of emulsion, 
€ e + € b = l 

€ e Averaged value of c e 
€ ed Volume fraction of descend¬ 
ing emulsion; also € e in di¬ 
lute phase 

£<* Averaged e e in dilute 
phase; also averaged value 
of € ed 

i e , de Averaged € e in dense phase 


e eu Volume fraction of ascending 
emulsion, «e U + € ed = € e 
€ f Volume fraction of gas, 

€ f + e s = 1 

€ fe Volume fraction of gas in 
emulsion, c fe + e se = 1 
€ l Local liquid holdup (dimen¬ 
sionless), € b + t L = 1 
€ L Averaged value of e L 
c m Rate of energy dissipation 
per unit mass 

€ mf Volume fraction e { at l/ mt 
€ s Volume fraction of solids, 
€ f + € s = 1 

€ se Volume fraction of solids in 
emulsion, c fe + e se = 1 
tj Correction factor defined by 
Eq. (6-22a) 

Vc Contact efficiency 
0 Polar coordinate with origin 
at bubble center, also di¬ 
mensionless temperature 
(r/r de ), also time 
X Wavelength, 2ir/k ; also ratio 
of superficial flow of solids 
to that of gas in dilute 
phase 

X min Minimum wavelength, Eq. 
(5-18) 

X 0 Minimum eddy size 
p Volume ratio of catalyst in 
bubble phase 

ix b Apparent viscosity of fluid 
bed 

Viscosity of gas 
p L Viscosity of liquid 

Effective Newtonian shear 
viscosity of particulate 
fluid 

fi t Ibrbulent viscosity 
v Fraction of catalyst particles 
contacting directly with 
gas 

v b Fraction of catalyst in direct 
contact with the bubble 
gas 

y d v in the dilute phase 
p m Turbulent diffusivity of mass, 

I'm = otv t 
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v M Molecular kinematic viscos¬ 
ity 

v x Turbulent kinematic viscos¬ 
ity 

£ Defined by Eq. (7-28) 
p b Bed density 

p e Density of emulsion phase in 
fluid bed 

p f Density of fluid 
p g Density of gas 
p, Density of liquid 
p p Density of particles including 
inner pore volume 
p q Density of settled bed 
p s Density of solids 
a Interfacial tension 
(t 2 Variance 
r Shearing stress 
r a Time available for growth 
T am Maximum value for 7 a 
T b Local surface renewal time 
T e Growth time of disturbances 
7 P Time constant for particle 
7 W Shear stress at column wall 
<P(c) Rate of reaction or mass 
transfer 

4> Radial coordinates r/R (di¬ 
mensionless) 

<f)* Radial coordinates r*/R (di¬ 
mensionless) 


V 

Parameter defined by 
(7-18) 

X 

Tortuosity 

* 

Angle measured away 
the vertical (radians) 

a 

(“A/flCfVCpgpgTde 

0) 

Frequency of wave 

Subscripts 

b 

bubble 

d 

descending flow 

de 

dense phase 

di 

dilute phase 

e 

emulsion 

ex 

exchange 

f 

fluid phase 

g 

gas phase 

H 

horizontal, also heat 

L, l 

liquid 

M 

molecular 

0 

overall 

P 

particle 

r 

radial 

s 

solid, or slip 

t 

turbulent 

u 

ascending flow 

V 

vertical 

w 

wall 

z 

axial 
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Note Added in Proof 

Some related literature that appeared subsequent to the preparation of this article may 
be of interest to the reader and is therefore listed here: 

Topic Reference 


Flow in fluid beds 
Bubble phenomena 
Heat and mass transfer 
Axial dispersion 

Elutriation or dilute phase phenomena 
Reactions in freeboard or grid region 
Models 


B22, R20, XI, Y24 
D19, R18, R19, Y26 
B21, H22, K29, S23 
N10 

G21, M50, M51, Y25 
D20, G20 
V8a, WlOa 



INDEX 


A 

Absorption columns 
axial dispersion in, 114 
laboratory simulation of, 114-123 
practical selection, 116-119 
mass-transfer coefficients of, 1-133 
scale-up problems in, 112-114 
Acrilonitrile, by Sohio process, 428 
Aluminum industry, in India, 175-177 
Andhra Pradesh (India), scientific and tech¬ 
nical research in, organization chart for, 
153 

Atomic mineral industry, in India, 179 

B 

Biological systems, gas-liquid reactions in, 2 
Birla Institute of Technology and Science 
(BITS) education program at, 190-192 
Bubble(s) 

formation of, in fluidized catalyst beds, 
290-297 

effect on performance, 340-360 
size, measurement of, 37-38 
Bubble-cap column, mass-transfer coeffi¬ 
cients of, 87-88 
Bubble column 

longitudinal dispersion in, 335-338 
mass-transfer coefficients of, 75-76, 
90-93 

turbulent-flow phenomena in, 310-330 
theory compared to experiments, 317— 
326 

Bubble reactors, mechanically agitated, 
mass-transfer coefficients of, 97-107 
Bulk flow, in fluidized catalyst beds, 297- 
304 


C 

Catalytic reactions, in fluidized catalyst 
beds, 391 

Caustic soda industry, in India, 164-165 
Chemical industry, in India, 135-197 
Chlor-alkali industry, in India, 163-166 
Chlorine industry, in India, 165-166 
Coalescence frequency, in liquid-liquid dis¬ 
persions, 228-233 

Cocurrent packed columns, mass-transfer 
coefficients of, 76-87 
Copper industry, in India, 177-178 
Council of Scientific and Industrial Research 
(India), organization of, 152 
Countercurrent columns, mass-transfer coe¬ 
fficients of, 69-75 

D 

Drop(s) 

breakage rates, phenomenological mod¬ 
els, 209-215, 244-249 
daughter droplets, 214-221 
frequency, 210-214 
collision rates between, 216-221 
size 

in liquid-liquid dispersions, 223-228 
in turbulent dispersions, 207-209 

E 

Ejector reactor, mass-transfer coefficients 
of, 109-110 
Electrolytes 
diffusivity of, 32-35 
solubility of, 26-28 
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Fertilizer industry, in India, 160-163 
Film model, for gas-liquid reactors, 4 
Fiseher-Tropsch synthesis, on fluidized 
catalyst beds, 428-429 
Flow field, in agitated dispersions, 200-206 
Fluid catalytic reforming, description of, 
427 

Fluidization, various states of, 278 
Fluidized catalyst beds 
axial distribution to bed structure in, 
305-307 

axial distribution of reactivity in, 402-413 
bed internals effects, 307-310 
bubbles in 

bed performance and, 340-360 
dynamics, 360-363 
formation, 290-297 
holdup, 299-301 
mass transfer to, 365 
splitting, 350-360 
velocity, 342-345 
wake, 346-350 
bulk flow within, 297-304 
catalytic reactions in, 391 
desired catalyst particle properties, 284 
emulsion-phase expansion, 286-290 
emulsion viscosity in, 302-304 
fines effect on, 285-286 
flow features of, 280 
flow properties of, 285-310 
fluidization quality related to particle 
properties, 283 

heat and mass transfer in, 360-381 
axial and radial mixing, 373-379 
wall heat transfer, 379-381 
industrial, 426-429 

longitudinal dispersion phenomena in, 
330-340 

concept for, 338-339 
radial and axial diffusivity in, 333-335 
nonisothermal effect on performance of, 
413-425 

steady reaction, 413-421 
operation of, 297 

overall rate constant for reaction in, 382- 
383 

particle capacitance effect in, 371-373, 
375-379 


particle properties in relation to fluidity, 
285-289 

desirable properties, 288 
properties of, 277-281 
reactor models for applicability, 425-426 
recent trends of, 429-430 
scale-up ratio and reaction in, 282 
stability of, 421-425 

successive contact mechanisms in, 381- 
413 

axial distribution, 407-413 
reactor models, 383-390 
technical problems in design of, 430-432 
transport phenomena in, 275-448 
turbulent-flow phenomena in, 310-330 
turbulent kinematic viscosity in, 326 


G 

Gas holdup, measurement of, 36-37 
Gas-liquid reactors 
mass-transfer rates in, 1-133 
with chemical reaction, 7-18 
physical absorption, 3-7 
Gas scrubbing, gas-liquid reactions in, 2 
Gases, in liquids, solubility and diffusivity 
of, 20-35 


H 

Hatta number, significance of, 19-20 
Heat transfer, in fluidized catalyst beds, 
360-381 

Heavy chemical industry, in India, 157-166 
Henry constant, 21 


I 

Indian chemical industry, 135-197 
awards for progress in, 184-187 
control of, 148 

development from 1800 to 1947 
development to 1800, 137-142 
geographical locations of, 155 
for heavy chemicals, 157-166 
for iron and steel, 172-175 
licensing and financing of, 149 
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needs of, 189-195 

for nonferrous metals, 175-180 

for organic chemicals, 166-168 

for pesticides, 170 

for pharmaceuticals, 180-184 

for plastics, 170 

professional societies and education in, 
187-189 

scientific and technological research or¬ 
ganization in, 151 

since independence (1947), 154-184 
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